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An Introduction to Fermentation
Processes

'fermentation' is derived from the Latin verb
to boil, thus describing the appearance of the

yeast on extracts of fruit or malted grain. The
aplpe2Lrallce is due to the production of carbon
bubbles caused by the anaerobic catabolism of

present in the extract. However, fermenta
come to have different meanings to biochemists

inclustri:al microbiologists. Its biochemical mean
to the generation of energy by the catabolism
compounds, whereas its meaning in indus

mil~robictlo~~ tends to be much broader.
catabolism of sugars is an oxidative process

results in the production of reduced pyridine
I1Ul~lelotiljes which must be reoxidized for the process to
corltinue. Under aerobic conditions, reoxidation of re

pyridine nucleotide occurs by electron transfer,
cytochrome system, with oxygen acting as the

termill1al electron acceptor. However, under anaerobic
reduced pyridine nucleotide oxidation is

with the reduction of an organic compound,
is often a subsequent product of the catabolic

pal'h",ray. In the case of the action of yeast on fruit or
extracts, NADH is regenerated by the reduction

acid,to ethanol. Different microbial taxa are
of reducing pyruvate to a wide range of end

ptc)ducts, as illustrated in Fig. 1.1. Thus, the term
has been used in a strict biochemical

mean an energy-generation process in which
compounds act as both electron donors and

terminal electron acceptors.
production of alcohol by the action of yeast on

or fruit extracts has been carried out on a large
very many years and was the first 'industrial'

for the production of a microbial metabolite.
industrial microbiologists have extended the term

to describe any process for the produc-

CHAPTERl

tion of product by the mass culture of a micro-organism.
Brewing and the production of organic solvents may be
described as fermentations in both senses of the word
but the description of an aerobic process as a fermen
tation is obviously using the term in the broader, mi
crobiological, context and it is in this sense that the
term is used in this book.

THE RANGE OF FERMENTATION PROCESSES

There are five major groups of commercially impor
tant fermentations:

(i) Those that produce microbial cells (or bio-
mass) as the product.

(ii) Those that produce microbial enzymes.
(iii) Those that produce microbial metabolites.
(iv) Those that produce recombinant products.
(v) Those that modify a compound which is added

to the fermentation the transformation
process.

The historical development of these processes will
be considered in a later section of this chapter, but it is
first necessary to include a brief description of the five
groups.

Microbial biomass

The commercial production of microbial biomass
may be divided into two major processes: the produc
tion of yeast to be used in the baking industry and the
production of microbial cells to be used as human or
animal food (single-cell protein). Bakers' yeast has been

1
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FIG. 1.1. Bacterial fermentation products of pyruvate. Pyruvate formed by the catabolism of glucose is further metabolized by pathways
which are characteristic of particular organisms and which serve as a biochemical aid to identification. End products of fermentations are
italicized (Dawes and Large, 1982).
A Lactic acid bacteria (Streptococcus, Lactobacillus)
B Clostridium propionicum
C Yeast, Acetobacter, Zymomonas, Sarcina ventriculi, Erwinia amylovora
E Clostridia

produced on a large scale since the early 1900s and
yeast was produced as human food in Germany during
the First World War. However, it was not until the
1960s that the production of microbial biomass as a
source of food protein was explored to any great depth.
As a result of this work, reviewed briefly in Chapter 2,
a few large-scale continuous processes for animal feed
production were established in the 1970s. These
processes were based on hydrocarbon feedstocks which
could not compete against other high protein animal
feeds, resulting in their closure in the late 1980s (Sharp,
1989). However, the demise of the animal feed biomass
fermentations was balanced by ICI pIc and Rank Hovis
McDougal establishing a process for the production of
fungal biomass for human food. This process was based
on a more stable economic platform and appears to
have a promising future.

2

Microbial enzymes

Enzymes have been produced commercially from
plant, animal and microbial sources. However,
crobial enzymes have the enormous advantage of
able to be produced in large quantities by establislled
fermentation techniques. Also, it is infinitely easier to
improve the productivity of a microbial system com
pared with a plant or animal one. Furthermore,
advent of recombinant DNA technology has
enzymes of animal origin to be synthesized by micro
organisms (see Chapter 3). The uses to which mil:roltJial
enzymes have been put are summarized in Table
from which it may be seen that the majority of applica
tions are in the food and related industries. .J.:.,l.ILYIJl'-'

production is closely controlled in micro-organisms
in order to improve productivity these controls
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TABLE 1.1. Commercial applications of enzymes (Modified from Boing, 1982)

Application Enzyme Source

Reduction of dough viscosity, Amylase Fungal
acceleration of fermentation, increase in
loaf volume, improvement of crumb
softness and maintenance of freshness

Improvement of dough texture, reduction Protease Fungaljbacterial
of mixing time, increase in loaf volume

Mashing Amylase Fungal/bacterial
Chillproofing Protease Fungaljbacterial
Improvement of fine filtration j3-Glucanase Fungaljbacterial
Precooked baby foods, breakfast foods Amylase Fungal
Manufacture of syrups Amylase Fungal/bacterial
Coffee bean fermentation Pectinase Fungal
Preparation of coffee concentrates Pectinase, Fungal

hemicellnlase
Manufacture of soft centre candies Invertase, pectinase Fungaljbacterial
Manufactnre of high-maltose syrups Amylase Fungal
Production of low D.E. syrups Amylase Bacterial
Production of glucose from corn syrup Amyloglycosidase Fungal
Manufacture of fructose syrups Glucose isomerase Bacterial
Manufacture of protein hydrolysates Protease Fungaljbacterial
Stabilization of evaporated milk Protease Fungal
Production of whole milk concentrates, Lactase Yeast

icecream and frozen desserts
Curdling milk Protease Fungaljbacterial
Glucose removal Glucose oxidase Fungal
Clarification Pectinases Fungal
Oxygen removal Glucose oxidase Fungal
Detergents Protease, lipase Bacterial
Dehairing, baiting Protease Fungal/bacterial
Tenderization Protease Fungal
Digestive aids Amylase, protease Fungal
Anti-blood clotting Streptokinase Bacterial
Various clinical tests Numerous Fungal/bacterial
Recovery of silver from spent film Protease Bacterial
Manufacture Proteases Fungaljbacterial
Stabilization Glucose oxidase, Fungal

catalase
Desizing of fabrics Amylase Bacterial
Preparation of purees and soups Pectinase, amylase, Fungal

cellulase

to be exploited or modified. Such control systems
Jhcluc:tic,n may be exploited by including inducers in

medium (see Chapter 4), whereas repression con
may be removed by mutation and recombination

techniqules. Also, the number of gene copies coding for
enzyme may be increased by recombinant DNA

Aspects of strain improvement are dis
in Chapter 3.

Microbial metabolites

The growth of a microbial culture can be divided
a number of stages, as discussed in Chapter 2.

After the inoculation of a culture into a nutrient
medium there is a period during which growth does not
appear to occur; this period is referred to as the lag
phase and may be considered as a time of adaptation.
Following a period during which the growth rate of the
cells gradually increases the cells grow at a constant,
maximum rate and this period is known as the log, or
exponential, phase. Eventually, growth ceases and the
cells enter the so-called stationary phase. After a fur
ther period of time the viable cell number declines as
the culture enters the death phase. As well as this
kinetic description of growth, the behaviour of a cul
ture may also be described according to the products

3
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TABLE 1.2, Some primary products of microbial metabolism and their
commercial significance

Recombinant pnJdlllcts

inter-relationships between primary and
metabolism are illustrated in Fig. 1.2, from which
may be seen that secondary metabolites tend to
elaborated from the intermediates and products
primary metabolism. Although the primary bIC)syllthetic
routes illustrated in Fig. 1.2 are common to the
majority of micro-organisms, each secondary
would be synthesized by only a very few diller'ent
microbial species. Thus, Fig. 1.2 is a representation
the secondary metabolism exhibited by a very
range of different micro-organisms. Also, not
micro-organisms undergo secondary metabolism -
is common amongst the filamentous bacteria and
and the sporing bacteria but it is not found, for
pie, in the Enterobacteriaceae. Thus, the taxonlomic
distribution of secondary metabolism is quite different
from that of primary metabolism. It is important
appreciate that the classification of microbial pnodllcts
into primary and secondary metabolites is a
nient, but in some cases, artificial system. To
Bushell (1988), the classification "should not be
lowed to act as a conceptual straitjacket, forcing the
reader to consider all products as either primary
secondary metabolites". It is sometimes difficult
categorize a product as primary or secondary and the
kinetics of synthesis of certain compounds may
depending on the cultural conditions.

The physiological role of secondary metabolism
the producer cells has been the subject of considerable
debate, but the importance of these metabolites to the
fermentation industry is the effects they have on organ
isms other than those that produce them. Many sec
ondary metabolites have antimicrobial activity,
are specific enzyme inhibitors, some are growth
moters and many have pharmacological
Thus, the products of secondary metabolism
formed the basis of a number of fermentation pf()Cesse~s.

As is the case for primary metabolites, wild-type
micro-organisms tend to produce only low concentra
tions of secondary metabolites, their synthesis
controlled by induction, catabolite repression and feed
back systems. The techniques which have been
oped to improve secondary metabolite production
considered in Chapters 3 and 4.

The advent of recombinant DNA technology
extended the range of potential fermentation pr,odlucts.
Genes from higher organisms may be introduced

Commercial significance

'Active ingredient' in alcoholic beverages
Used as a motor-car fuel when blended

with petroleum
Various uses in the food industry
Flavour enhancer
Feed supplement
Flavour enhancers
Precursor of aspartame, sweetener
Applications in the food industry
Enhanced oil recovery
Feed supplements

which it produces during the various stages of the
growth curve. During the log phase of growth the
products produced are essential to the growth of the
cells and include amino acids, nucleotides, proteins,
nucleic acids, lipids, carbohydrates, etc. These products
are referred to as the primary products of metabolism
and the phase in which they are produced (equivalent
to the log, or exponential phase) as the trophophase
(Bu'Lock et al., 1965).

Many products of primary metabolism are of con
siderable economic importance and are being produced
by fermentation, as illustrated in Table 1.2. The synthe
sis of primary metabolites by wild-type micro-organisms
is such that their production is sufficient to meet the
requirements of the organism. Thus, it is the task of
the industrial microbiologist to modify the wild-type
organism and to provide cultural conditions to improve
the productivity of these compounds. This aspect is
considered in Chapter 3.

During the deceleration and stationary phases some
microbial cultures synthesize compounds which are not
produced during the trophophase and which do not
appear to have any obvious function in cell metabolism.
These compounds are referred to as the secondary
compounds of metabolism and the phase in which they
are produced (equivalent to the stationary phase) as
the idiophase (Bu'Lock et al., 1965). It is important to
realize that secondary metabolism may occur in contin
uous cultures at low growth rates and is a property of
slow-growing, as well as non-growing, cells. When it is
appreciated that micro-organisms grow at relatively low
growth rates in their natural environments, it is tempt
ing to suggest that it is the idiophase state that prevails
in nature rather than the trophophase, which may be
more of a property of micro-organisms in culture. The

Primary
metabolite

Vitamins

Ethanol

Citric acid
Glutamic acid
Lysine
Nucleotides
Phenylalanine
Polysaccharides

4
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The interrelationships between primary and secondary metabolism. Primary catabolic routes are shown in heavy lines and
sec'Jndarv products are italicized (Turner, 1971).

The chronological development of the fermentation
industry may be represented as five overlapping stages

include dehydrogenation, oxidation, hydroxylation, de
hydration and condensation, decarboxylation, amina
tion, deamination and isomerization. Microbial
processes have the additional advantage over chemical
reagents of operating at relatively low temperatures
and pressures without the requirement for potentially
polluting heavy-metal catalysts. Although the produc
tion of vinegar is the most well-established microbial
transformation process (conversion of ethanol to acetic
acid) the majority of these processes involve the pro
duction of high-value compounds including steroids,
antibiotics and prostaglandins.

The anomaly of the transformation fermentation
process is that a large biomass has to be produced to
catalyse a single reaction. Thus, many processes have
been streamlined by immobilizing either the whole
cells, or the isolated enzymes which catalyse the reac
tions, on an inert support. The immobilized cells or
enzymes may then be considered as catalysts which
may be reused many times.

THE CHRONOLOGICAL DEVELOPMENT OF THE
FERMENTATION INDUSTRY

Transformation processes

Micf()bi,al cells may be used to convert a compound
structurally related, financially more valuable,

COltlpou:od. Because micro-organisms can behave as
catalysts with high positional specificity and

microbial processes are more specific
chemical ones and enable the addition,

modification of functional groups at specific
a complex molecule without the use of chemi

pn)tectiIJn. The reactions which may be catalysed

mi,crclbl,ll cells such that the recipients are capable of
synthe:siz:ing 'foreign' (or heterologous) proteins. A wide

of microbial cells have been used as hosts for
including Escherichia coli, Saccharomyces

¢e",evi!,iae and filamentous fungi. Products produced by
engineered organisms include inter

human serum albumin, factors VIII and
epllderm,al growth factor, calf chymosin and bovine

soroatostatilo. Important factors in the design of these
include the secretion of the product,

miloinliz,lticm of the degradation of the product and
of the onset of synthesis during the fermenta

as maximizing the expression of the foreign
aspects are considered in more detail in

(2hllpte:rs 3 and 4.
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as illustrated in Table 1.3. The development of the
industry prior to 1900 is represented by stage 1, where
the products were confined to potable alcohol and
vinegar. Although beer was first brewed by the ancient
Egyptians, the first true large-scale breweries date from

the early 1700s when wooden vats of 1500
capacity were introduced (Corran, 1975). Even
process control was attempted in these early hrc=wl~ri'F>O

as indicated by the recorded use of thermometers
1757 and the development of primitive heat eXC:halllgers

TABLE 1.3. The stages in the chronological development of the fermentation industry

Stage Main Vessels Process Culture Quality Pilot plant Strain
products control method control facilities selection

Alcohol Wooden, up to Use of Batch Virtually nil Nil Pure yeast
1500 barrels thermometer, cultures
capacity hydrometer used at the

1 Copper used and heat Carlsberg
Pre-1900 in later exchangers brewery

breweries (1886)
Vinegar Barrels, shallow Batch Virtually nil Nil Fermentations

trays, trickle inoculated
filters with 'good'

vinegar

Bakers' yeast Steel vessels of pH electrodes Batch and Virtually nil Virtually nil Pure cultures
glycerol, citric up to 200 m3 for with off-line fed-batch used
acid, lactic acid acetone/butanol control systems

2 and acetone / Air spargers used Temperature
1900-1940 butanol for bakers' yeast control

Mechanical
stirring used
in small
vessels

Penicillin, Mechanically Sterilizable pH Batch and Very Becomes Mutation and
streptomycin, aerated and oxygen fed-batch important common selection
other antibiotics, vessels, operated electrodes. common programmes

3 gibberelin, amino aseptically-true Use of con- Continuous essential
1940-date acids, fermenters trolloops culture

nucleotides, which were introduced for
transformations, later brewing and
enzymes computerized some primary

metabolites

Single-cell Pressure cycle Use of Continuous Very Very Genetic
4 protein using and pressure jet computer culture important important cngineering
1964-date hydrocarbon vessels developed linked with of producer

and other to overcome gas control medium strains
feedstocks and heat exchange loops recycle attempted

problems

Production of Fermenters Control and Batch, fed- Very Very 1ntroduction of
heterologous developed in sensors batch or important important foreign genes
proteins by stages 3 and 4. developed continuous into microbial

5 microbial and Animal cell in stages Continuous and animal
1979-date animal cells reactors 3 and 4 perfusion cell hosts. In

Monoclonal developed developed vitro recom-
antibodies for animal binant DNA
produced by cell techniques
animal cells processes in the

ment of stage
3 products
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mid-1800s the role of yeasts in alcoholic
been demonstrated independently by

llIilLU".w",vu>, Schwann and Kutzing but it was Pas-
eVlen1:uaily convinced the scientific world of

role of these micro-organisms in the
the late 1800s Hansen started his pio

at the Carlsberg brewery and developed
isolating and propagating single yeast cells

OflJdtlce pure cultures and established sophisticated
the production of starter cultures. How

of pure cultures did not spread to the British
br(~w(~ri(:s and it is true to say that many of the

ale-producing breweries still use
cultures at the present time but, neverthe
in producing high quality products.

,r;_~.,~r was originally produced by leaving wine in
bowls or partially filled barrels where it was

oxi:di2~ed to vinegar by the development of a
flora. The appreciation of the importance of air

eventually led to the development of the
'}I;eneratbr' which consisted of a vessel packed with an

m<:ltelrial (such as coke, charcoal and various types
shavings) over which the wine or beer was

to trickle. The vinegar generator may be con
as the first 'aerobic' fermenter to be developed.

late 1800s to early 1900s the initial medium was
pm;tellfi2~ed and inoculated with 10% good vine-
make it acidic, and therefore resistant to con

tarnination, as well as providing a good inoculum (Bio
1921). Thus, by the beginning of the twentieth

the concepts of process control were well es
tablIslled in both the brewing and vinegar industries.

the years 1900 and 1940 the main new
pt<Jdulcts were yeast biomass, glycerol, citric acid, lactic

acetone and butanol. Probably the most impor
during this period were the develop

in the bakers' yeast and solvent fermentations.
pnJdtlcti.on of bakers' yeast is an aerobic process

was soon recognized that the rapid growth of
cells in a rich wort led to oxygen depletion in the

ll1<~dill1m which, in turn, resulted in ethanol production
expense of biomass formation. The problem was

111111irrlizc~d by restricting the initial wort concentration
the growth of the cells was limited by the

tW,1il2lbiljty of the carbon source rather than oxygen.
S1.l1Jseqwent growth of the culture was then controlled

further wort in small amounts. This tech
now called fed-batch culture and is widely used
fermentation industry to avoid conditions of
limitation. The aeration of these early yeast
was also improved by the introduction of air

An Introduction to Fermentation Processes

through sparging tubes which could be steam cleaned
(de Becze and Liebmann, 1944).

The development of the acetone-butanol fermenta
tion during the First World War by the pioneering
efforts of Weizmann led to the establishment of the
first truly aseptic fermentation. All the processes dis
cussed so far could be conducted with relatively little
contamination provided that a good inoculum was used
and reasonable standards of hygiene employed. How
ever, the anaerobic butanol fermentation was suscepti
ble to contamination in the early stages by aerobic
bacteria, and by acid-producing anaerobic ones once
anaerobic conditions had been established in the later
stages of the process. The fermenters employed were
vertical cylinders with hemispherical tops and bottoms
constructed from mild steel. They could be steam steril
ized under pressure and were constructed to minimize
the possibility of contamination. Two-thousand-hecta
litre fermenters were commissioned which presented
the problems of inoculum development and the main
tenance of aseptic conditions during the inoculation
procedure. The techniques developed for the produc
tion of these organic solvents were a major advance in
fermentation technology and paved the way for the
successful introduction of aseptic aerobic processes in
the 1940s.

The third stage of the development of the fermenta
tion industry aroSe as a result of the wartime need to
produce penicillin in submerged culture under aseptic
conditions. The production of penicillin is an aerobic
process which is very vulnerable to contamination. Thus,
although the knowledge gained from the solvent fer
mentations was exceptionally valuable, the problems of
sparging a culture with large volumes of sterile air and
mixing a highly viscous broth had to be overcome. Also,
unlike the solvent fermentations, penicillin was synthe
sized in very small quantities by the initial isolates and
this resulted in the establishment of strain-improve
ment programmes which became a dominant feature of
the industry in subsequent years. Process development
was also aided by the introduction of pilot-plant facili
ties which enabled the testing of new techniques on a
semi-production scale. The development of a large-scale
extraction process for the recovery of penicillin was
another major advance at this time. The technology
established for penicillin fermentation provided the
basis for the development of a wide range of new
processes. This was probably the stage when the most
significant changes in fermentation technology took
place resulting in the establishment of many new
processes over the period, including other antibiotics,
vitamins, gibberellin, amino acids, enzymes and steroid

7
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transformations. From the 1960s onwards microbial
products were screened for activities other than simply
antimicrobial properties and screens became more and
more sophisticated. These screens have evolved into
those operating today utilizing miniaturized culture
systems, robotic automation and elegant assays.

In the early 1960s the decisions of several multi-na
tional companies to investigate the production of mi
crobial biomass as a source of feed protein led to a
number of developments which may be regarded as the
fourth stage in the progress of the industry. The largest
mechanically stirred fermentation vessels developed
during stage 3 were in the range 80,000 to 150,000 dm3.

However, the relatively low selling price of microbial
biomass necessitated its production in much larger
quantities than other fermentation products in order
for the process to be profitable. Also, hydrocarbons
were considered as potential carbon sources which
would result in increased oxygen demands and high
heat outputs by these fermentations (see Chapters 4
and 9). These requirements led to the development of
the pressure jet and pressure cycle fermenters which
eliminated the need for mechanical stirring (see Chap
ter 7). Another feature of these potential processes was
that they would have to be operated continuously if
they were to be economic. At this time batch and
fed-batch processes were common in the industry but
the technique of growing an organism continuously by
adding fresh medium to the vessel and removing cul
ture fluid had been applied only to a very limited
extent on a large scale. The brewers were also investi
gating the potential of continuous culture at this time,
but its application in that industry was short-lived.
Several companies persevered in the biomass field and
a few processes came to fruition, of which the most
long-lived was the ICI Pruteen animal feed process
which utilized a continuous 3,000,000-dm3 pressure cy
cle fermenter for the culture of Methylophilus meth
ylotrophus with methanol as carbon source (Smith, 1981;
Sharp, 1989). The operation of an extremely large
continuous fermenter for time periods in excess of 100
days presented a considerable aseptic operation prob
lem, far greater than that faced by the antibiotic indus
try in the 1940s. The aseptic operation of fermenters of
this type was achieved as a result of the high standards
of fermenter construction, the continuous sterilization
of feed streams and the utilization of computer systems
to control the sterilization and operation cycles, thus
minimizing the possibility of human error. However,
although the Pruteen process was a technological tri
umph it became an economic failure because the
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product was out-priced by soybean and fishmeal. Even_
tually, in 1989, the plant was demolished, marking the
end of a short, but very exciting, era in the fermenta.
tion industry.

Whilst biomass is a very low-value, high-volume
product, the fifth stage in the progress of the industry
resulted in the establishment of very high-value, low,
volume products. The developments in in vitro genetic
manipulation, commonly known as genetic engineering,
enabled the expression of human and mammalian genes
in micro-organisms, thereby enabling the large scale
production of human proteins which could then be
used therapeutically. According to Dykes (1993) it was
the small, venture-capital biotechnology companies that
pioneered the development of heterologous proteins
for therapeutic use. The established pharmaceutical
companies used the new genetic engineering tech
niques to help in the discovery of natural products and
in the rational design of drugs; for example, mam
malian receptor proteins have been cloned and used in
in vitro detection systems.

Table 3.8 (Chapter 3) lists the recombinant proteins
licensed for therapeutic use. According to Dykes (1993),
insulin and human growth hormone have been the two
most successful products but other products have far
greater potential. Erythropoietin and the myeloid
colony stimulating factors (CSFs) control the produc·
tion of blood cells by stimulating the proliferation,
differentiation and activation of specific cell types. Ery,
thropoietin has been used to treat renal-failure anaemia
and may have application in the treatment of the
platelet deficiency associated with cancer chemother
apy; it is expected to become the top-selling therapeu
tic protein by the mid-1990s with annual sales of around
$1200 million (Dykes, 1993). Granulocyte-colony stimu
lating factor (G-CSF), which is used during cancer
chemotherapy, generated sales of over $230 million in
1991 and, due to other uses, its sales could reach $1000
million by 1996. A number of different growth factors
are involved in wound healing and recombinant forms
of these proteins would be expected to yield significant
returns during the 1990s.

The commercial exploitation of recombinant pro
teins has necessitated the design of contained produc
tion facilities. Thus, these processes are drawing on the
experience of vaccine fermentations where pathogenic
organisms have been grown on relatively large scales.
Also, recombinant proteins have been classified as bio
logicals, not as drugs, and thus come under the same
regulatory authorities as do vaccines. The major dif
ference between the approval of drugs and biologicals



for the production of a biological
j)r(~Cisety specified and carried out in a facility

insloected and licensed by the regulatory
is not the case for the production of

'a111;ibi,otic:s, for example) (Bader, 1992). Thus,
a manufacturer wishes to incor

licc~ns:ed process must receive regulatory
drugs, only major changes require ap

implementation. The result of these
regulatory requirements is that the

a recombinant protein process is
Buckland (1992) illustrated this point
"It now costs as much to build a 3000

for Biologics as for a 200,000 dm3

for an antibiotic. Also, even though titres
for a recombinant protein (1 g

cost of manufacture kg-I of bulk drug is
orders of magnitude higher than that of an

ritibio,tic at 10 g dm -3 titre". Also, the development
a recombinant protein is considerably longer
for an antibiotic. For example, Bader (1992)

that it is feasible for an antibiotic plant to
Pf()dllctlon four years after the initiation of the

whereas seven years would be required
recombinant protein could be produced.

exploitation of genetic engineering approxi
coincided with another major development in

l)i~lte(;I1D.ol()gy which influenced the progress of the
f¢ttl1ent,lticlll industry - the production of monoclonal

The availability of monoclonal antibodies
the door to sophisticated analytical techniques

hopes for their use as therapeutic agents.
f\lthc)ug;h the promise of therapeutic agents has yet to

re,}l!2:ed (only one monoclonal antibody has been
clinical use, OKT3, used in the treatment

renal allograft rejection (Webb, 1993», their
in biological research has increased expo

j1CHltia.lly. Thus, animal cell culture processes were es
to produce monoclonals on a commercial

animal cells were also used as
the production of some human proteins, espe

post-translational modification was essen
protein activity. Although these animal cell

pt()cessc:s were based on microbial fermentation tech
number of novel problems had to be solved 

are extremely fragile compared with mi
cells, the achievable cell density is very much

in a microbial process and the media are very
c()lupllex. Tliese aspects are considered in Chapters 4

outstanding developments in recombinant fer
rn~:nt,Hicllls (stage 5) have tended to overshadow the
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progress which has been made in recent years in es
tablishing new fermentations based on conventional
microbial products (the continuing development of
stage 4). However, the appreciation by the pharmaceu
tical industry that the activity of microbial metabolites
extended well beyond antibacterials has resulted in a
number of new microbial products reaching the mar
ketplace in the late 1980s and early 1990s. Buckland
(1992) listed four secondary metabolites which were
launched in the 1980s: cyclosporin, an immunoregulant
used to control rejection of transplanted organs;
imipenem, a modified carbapenem which has the widest
antimicrobial spectrum of any antibiotic; lovastatin, a
drug used for reducing cholesterol levels and
ivermectin, an anti-parasitic drug which has been used
to prevent 'African River Blindness' as well as in vet
erinary practice. Buckland summarized these develop
ments succinctly, "One of the best kept secrets (unin
tentionally kept as a secret) in the 1980s in Biochemi
cal Engineering was that working on secondary
metabolites was a fascinating, important and rewarding
experience. Furthermore the four products listed added
together have higher sales than all of the recombinant
products added together". Thus, it is still relevant to
heed Foster's warning (1949) "never underestimate the
power of the microbe".

THE COMPONENT PARTS OF A FERMENTATION
PROCESS

Regardless of the type of fermentation (with the
possible exception of some transformation processes)
an established process may be divided into six basic
component parts:

(i) The formulation of media to be used in cultur
ing the process organism during the develop
ment of the inoculum and in the production
fermenter.

(ii) The sterilization of the medium, fermenters
and ancillary equipment.

(iii) The production of an active, pure culture in
sufficient quantity to inoculate the production
vessel.

(iv) The growth of the organism in the production
fermenter under optimum conditions for
product formation.

(v) The extraction of the product and its purifica
tion.

(vi) The disposal of effluents produced by the
process.
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FIG. 1.3. A generalized schematic representation of a typical fermentation process.

The interrelationships between the six component
parts are illustrated in Fig 1.3.

However, one must also visualize the research and
development programme which is designed to gradually
improve the overall efficiency of the fermentation. Be
fore a fermentation process is established a producer
organism has to be isolated, modified such that it
produces the desired product in commercial quantities,
its cultural requirements determined and the plant
designed accordingly. Also, the extraction process has
to be established. The development programme would
involve the continual improvement of the process or
ganism, the culture medium and the extraction process.

The subsequent chapters in this book consider the
basic principles underlying the component parts of a
fermentation. Chapter 2 considers growth, comprehen
sion of which is crucial to understanding many aspects
of the process, other than simply the growth of the
organism in the production fermenter. The isolation
and improvement of commercial strains is considered
in Chapter 3 and the design of media in Chapter 4. The
sterilization of the medium, fermenters and air is con
sidered in Chapter 5 and the techniques for the devel
opment of inocula are discussed in Chapter 6. Chapters
7, 8 and 9 consider the fermenter as an environment
for the culture of micro-organisms; Chapter 7 considers
the design and construction of fermenters including
contained systems and animal cell fermenters, Chapter
8 discusses the instrumentation involved in monitoring
and maintaining a controlled environment in a fer-
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menter, while the provision of oxygen to a culture
investigated in Chapter 9. The recovery of tenmel!lta·
tion products is dealt with in Chapter 10 and
disposal of effluents of processes is covered in
11. Finally, the economics of fermentation
are discussed in Chapter 12. Throughout the
examples are drawn from a very wide range of
tations to illustrate the applications of the te<;hnliql1es
being discussed but it has not been attempted to
detailed considerations of specific processes as this
well covered elsewhere, for example in the
nology series edited by Rehm and Reed. We hope
the approach adopted in this book will give the
an understanding of the basic principles underlying
techniques used for the large-scale production of mi·
crobial products.
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FiG. 2.1. Growth of a typical microbial culture in batch conditions.

On taking natural logarithms, equation (2.2) becomes:

In Xt = In Xo + /Lt. (2.3)

Thus, a plot of the natural logarithm of biomass con
centration against time should yield a straight line, the
slope of which would equal JL. During the exponential
phase nutrients are in excess and the organism is
growing at its maximum specific growth rate, /Lrnax' for
the prevailing conditions. Typical values of /Lrnax for a
range of micro-organisms are given in Table 2.1.

It is easy to visualize the exponential growth of
single celled organisms which replicate by binary fis
sion. Indeed, animal and plant cells in suspension cul
ture will behave very similarly to unicellular micro
organisms (Griffiths, 1986; Petersen and Alfermann,
1993). However, it is more difficult to appreciate that

(2.2)

(2.1)dx/dt = /LX

BATCH CULTURE

Xo is the original biomass concentration,
is the biomass concentration after the time
interval, t hours,

e is the base of the natural logarithm.

X is the concentration of microbial biomass,
t is time, in hours
/L is the specific growth rate, in hours -1.

mt(~gr:ati(lll equation (2.1) gives:

VV1JA"~'~ in Chapter 1, fermentations may be car
batch, continuous and fed-batch processes.
opi~ration is, to a large extent, dictated by

product being produced. This chapter will
kinetics and applications of batch, contin

teCj-batc:n processes.

culture is a closed culture system which con
initial, limited amount of nutrient. The inocu

will pass through a number of phases, as
in Fig. 2.1. After inoculation there is a

which it appears that no growth takes
period is referred to as the lag phase and

considered as a time of adaptation. In a
CCllnlrlen;ial process the length of the lag phase should

as much as possible and this may be
llctlie,red by using a suitable inoculum, as described in

6. Following a period during which the growth
cells gradually increases, the cells grow at a

COllstamt, maximum, rate and this period is known as
or exponential, phase. The exponential phase

described by the equation:
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TABLE 2.1. Some representative values of /Lmax (obtained under the
conditions specified in the original reference) for a range of organisms

X = Y(SR - s)

It is possible for new pellets to be generated by
fragmentation of old pellets and, thus, the behaviour
a pelleted culture may be intermediate between expo
nential and cube root growth.

Whether the organism is unicellular or mycelial th
foregoing equations predict that growth will continu
indefinitely. However, growth results in the consum
tion of nutrients and the excretion of
products; events which influence the growth of
organism. Thus, after a certain time the growth rate
the culture decreases until growth ceases. The
tion of growth may be due to the depletion of
essential nutrient in the medium (substrate linlit'ltioln).
the accumulation of some autotoxic product of
organism in the medium (toxin limitation) or a
nation of the two.

The nature of the limitation of growth may be
plored by growing the organism in the presence
range of substrate concentrations and plotting the
mass concentration at stationary phase against the
tial substrate concentration, as shown in Fig. 2.2.
Fig. 2.2 it may be seen that over the zone A to B
increase in initial substrate concentration gives a
portional increase in the biomass produced at
ary phase. The situation may be described by
equation:

Eagon (1961)
Dostalek et al.

(1972)
Trinci (1969)
Trinci (1969)
Trinci (1992)
Petersen and

Alfermann (1993)
Lavery (1990)

Reference

4.24
0.53

0.01-0.05

0.36
0.12
0.28
0.01-0.046

Aspergillus nidulans
Penicillium chrysogenum
Fusarium graminearum Schwabe
Plant cells in suspension

culture
Animal cells

Organism

Vibrio natriegens
Methylomonas methanolytica

mycelial organisms which show apical growth also grow
exponentially. Plomley (1959) was the first to suggest
that filamentous fungi have a 'growth unit' which is
replicated at a constant rate and is composed of the
apex of the hypha and a short length of supporting
hypha. Trinci (1974) demonstrated that the total hyphal
length of a mycelium and the number of tips increased
exponentially at approximately the same rate. Thus,
when the volume of the hyphal growth unit exceeds a
critical volume a new branch, and hence, a new growing
point, is initiated. This is equivalent to the division of a
single cell when the cell reaches a critical volume.
Hence, the rate of increase in hyphal mass, total length
and number of tips is dictated by the specific growth
rate and:

FIG. 2.2. The effect of initial substrate eoncentration on the
mass eoneentration at the onset of stationary phase, in
culture.

where X is the concentration of biomass prcldulce,d,
Y is the yield factor (g biomass produced

substrate consumed),
SR is the initial substrate concentration, and
s is the residual substrate concentration.

Over the zone A to B in Fig. 2.2, s equals zero at
point of cessation of growth. Thus, equation (2.4)
be used to predict the biomass which may be prclduced

dx/dt = /-LX,

dH/dt = /-LH,

dA/dt = /-LA

where H is total hyphal length and A is the number of
growing tips.

In submerged culture (shake flask or fermented a
mycelial organism may grow as dispersed hyphal frag
ments or as pellets (see also Chapters 6 and 9). The
growth of pellets will be exponential until the density
of the pellet resvlts in diffusion limitation. Under such
limitation the central biomass of the pellet will not
receive a supply of nutrients, nor will potentially toxic
products diffuse out. Thus, the growth of the pellet
proceeds from the outer shell of biomass which is the
actively growing zone and was described by Pirt (1975)
as:

M I/ 3 = kt + MJ / 3

where Mo and M are the mycelium mass at time 0 and
t, respectively. Thus, a plot of the cube root of mycelial
mass against time will give a straight line, the slope of
which equals k.
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Referenees

15

6.8 x 10 - 2 Shehata and
Marr (1971)

25.0 Pirt and
Kurowski (1970)

0.7 Harrison
(1973)

Substrate K s (mg dm -3)Organism

TABLE 2.2. Some representative values of K s for a range of
micro-organisms and substrates

(i) The balanced phase; equivalent to the early to
middle exponential phase.

(it) The storage phase; equivalent to the late expo
nential phase where the increase in mass is due
to the accumulation of lipid and carbohydrate.

Microbial Growth Kinetics

growth-limiting concentration which will not support
/.Lmax ' If the organism has a very high affinity for the
limiting substrate (a low K s value) the growth rate will
not be affected until the substrate concentration has
declined to a very low level. Thus, the deceleration
phase for such a culture would be short. However, if
the organism has a low affinity for the substrate (a high
K s value) the growth rate will be deleteriously affected
at a relatively high substrate concentration. Thus, the
deceleration phase for such a culture would be rela
tively long. Typical values of K, for a range of organ
isms and substrates are shown in Table 2.2, from which
it may be seen that such values are usually very small
and the affinity for substrate is high. It will be appreci
ated that the biomass concentration at the end of the
exponential phase is at its highest and, thus, the decline
in substrate concentration will be very rapid so that the
time period during which the substrate concentration is
close to K s is very short.

The stationary phase in batch culture is that point
where the growth rate has declined to zero. However,
as Bull (1974) pointed out, the stationary phase is a
misnomer in terms of the physiology of the organism,
as the population is still metabolically active during this
phase and may produce products called secondary
metabolites, which are not produced during the expo
nential phase. Bull suggested that this phase be termed
the maximum population phase. The metabolic activity
of the stationary phase has been recognized in the
physiological descriptions of microbial growth pre
sented by Borrow et al. (1961) and Bu'Lock et al.
(1965). Borrow et al. investigated the biosynthesis of
gibberellic acid by Gibberella jUjikuroi and divided the
growth of the organism into several phases:

Saccharomyces Glucose
cerevisiae

Pseudomonas sp. Methanol

Escherichia coli Glucose

(2.5)

BIIA
I

limiting substrate concentration

effect of residual limiting substrate concentration on
rate of a hypothetical bacterium.

of substrate. Over the zone C to
initial substrate concentration

Of(JPc)rtional increase in biomass. This
the exhaustion of another subs

aCC;UlTml<lticm of toxic products. Over the
utiliz,lticm of the substrate is deleteri

the accumulating toxins or the
qri"H,pr substrate.

is a measure of the efficiency of
one substrate into biomass and it

predict the substrate concentration
pflJdtlCe a certain biomass concentration.

iInpOlrtaJllt to appreciate that Y is not a
vary according to growth rate, pH,

limiting substrate and the concentra-
sul)strat1es in excess.

in growth rate and the cessation of
the depletion of substrate, may be
relationship between /.L and the resid

IVtncurnmmg substrate, represented in equation
2.3 (Monad, 1942):

residual substrate concentration,
substrate utilization constant, numeri-

equal to substrate concentration when
/.Lmax and is a measure of the

of the organism for its substrate.
A to B in Fig. 2.3 is equivalent to the

phase in batch culture where substrate
;~Jitra.tion is in excess and growth is at /.Lmax ' The

in Fig. 2.3 is equivalent to the deceleration
culture where the growth of the organ

re~iUllted in the depletion of substrate to a



formation is growth associated the specific
product formation increases with specific
Thus, productivity in batch culture will be greatest
p.rnax and improved product output will be actlle1fed
increasing both p. and biomass concentration.
growth linked product formation is related to bioDl
concentration and, thus, increased productivity in ba
culture should be associated with an increase in
mass. However, it should be remembered that n
growth related secondary metabolites are produced b

under certain physiological conditions primarily
der limitation of a particular substrate so thatt
biomass must be in the correct 'physiological sta
before production can be achieved. The elucidation
the environmental conditions which create the cort
'physiological state' is extremely difficult in batchc
ture and this aspect is developed in a later section.

Thus, batch fermentation may be used to prod
biomass, primary metabolites and secondary me
bolites. For biomass production, cultural conditi
supporting the fastest growth rate and maximum
population would be used; for primary metabolite pt
duction conditions to extend the exponential pha
accompanied by product excretion and for secon
metabolite production, conditions giving a short e
nential phase and an extended production phase,
conditions giving a decreased growth rate in the
phase resulting in earlier secondary metabolite
tion.

Exponential growth in batch culture may be
longed by the addition of fresh medium to the
Provided that the medium has been designed such t
growth is substrate limited (i.e. by some component
the medium), and not toxin limited, exponential gro
will proceed until the additional substrate is exhauste
This exercise may be repeated until the vessel is fu
However, if an overflow device were fitted to the fe
menter such that the added medium displaced an equ
volume of culture from the vessel then continuo
production of cells could be achieved. If medium is f
continuously to such a culture at a suitable rate,
steady state is achieved eventually, that is, formation
new biomass by the culture is balanced by the loss
cells from the vessel. The flow of medium into t
vessel is related to the volume of the vessel by the te
dilution rate, D, defined as:

D =FjV

where F is the flow rate (dm3 h - 1)

CONTINUOUS

(2.6)

(2.7)

(2.8)

dpjdx = I;J!x

dpjdt = qp'x

From equation (2.8) it may be seen that when product

Principles of Fermentation Technology, 2nd Edn.

where p is the concentration of product
and qp is the specific rate of product formation (mg

product g-I biomass h - 1)

Also, product formation is related to biomass produc
tion by the equation:

(iii) The maintenance phase; equivalent to the sta
tionary phase.

Gibberellic acid (a secondary metabolite) was syn
thesized only towards the end of the storage phase and
during the maintenance phase. As discussed in Chapter
1, Bu'Lock et al. (1965) coined the terms trophophase,
to refer to the exponential phase, and idiophase to
refer to the stationary phase where secondary
metabolites are produced. The idiophase was depicted
as the period subsequent to the exponential phase in
which secondary metabolites were synthesized. How
ever, it is now obvious that the culture conditions may
be manipulated to induce secondary metabolism during
logarithmic growth, for example by the use of carbon
sources which support a reduced maximum growth rate
(see Chapter 4).

Pirt (1975) has discussed the kinetics of product
formation by microbial cultures in terms of growth-lin
ked products and non-growth-linked products.
Growth-linked may be considered equivalent to pri
mary metabolites which are synthesized by growing
cells and non-growth-linked may be considered equiva
lent to secondary metabolites. The formation of a
growth-linked product may be described by the equa
tion:

where I;J!x is the yield of product in terms of biomass
(g product g-I biomass)

Multiply equation (2.7) by dxjdt, then:

dxjdt· dpjdx = I;J!x' dxjdt

and dpjdt = I;J!x' dxjdt.

But dxjdt = p.x and therefore:

dpjdt = I;J!x' p.x

and

and therefore:
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substrate concentration in the vessel will

D = J..tmaxs/(Ks + S)
the steady-state concentration of substrate
the chemostat, and

(2.14)

17

where i is the steady-state cell concentration in the
chemostat.

By combining equations (2.13) and (2.14), then:

i=Y[SR-{KsD/(J..tmax D)}]. (2.15)

rise because fewer cells are left in the vessel to
consume it.

(iii) The increased substrate concentration in the
vessel will result in the cells growing at a rate
greater than the dilution rate and biomass con
centration will increase.

(iv) The steady state will be re-established.

Microbial Growth Kinetics

Thus, a chemostat is a nutrient-limited self-balancing
culture system which may be maintained in a steady
state over a wide range of sub-maximum specific growth
rates.

The concentration of cells in the chemostat at steady
state is described by the equation:

Thus, the biomass concentration at steady state is
determined by the operational variables, SR and D. If
SR is increased, i will increase but s, the residual
substrate concentration in the chemostat, will remain
the same. If D is increased, J..t will increase (J..t = D)
and the residual substrate at the new steady state
would have increased to support the elevated growth
rate; thus, less substrate will be available to be con
verted into biomass, resulting in a lower steady state
value.

An alternative type of continuous culture to the
chemostat is the turbidostat, where the concentration
of cells in the culture is kept constant by controlling
the flow of medium such that the turbidity of the
culture is kept within certain, narrow limits. This may
be achieved by monitoring the biomass with a photo
electric cell and feeding the signal to a pump supplying
medium to the culture such that the pump is switched
on if the biomass exceeds the set point and is switched
off if the biomass falls below the set point. Systems
other than turbidity may be used to monitor the bio
mass concentration, such as CO2 concentration or pH
in which case it would be more correct to term the
culture a biostat. The chemostat is the more commonly
used system because it has the advantage over the
biostat of not requiring complex control systems to
maintain a steady state. However, the biostat may be
advantageous in continuous enrichment culture in
avoiding the total washout of the culture in its early
stages and this aspect is discussed in Chapter 3.

The kinetic characteristics of an organism (and,

(2.11)

(2.12)

J..tx =Dx

J..t=D.

growth rate of the cells will be less than
dilution rate and they will be washed out of
vessel at a rate greater than they are being

resulting in a decrease in biomass
concentfCltion.

= growth - output

dx/dt = J..tX - Dx. (2.10)

conditions the cell concentration
dx/dt = 0 and:

(dm3).

eX1Jresse:o in the units h ~ 1.

in cell concentration over a time
eXj:lresseo as:

ste:aO'v-sl:are conditions the specific growth
by the dilution rate, which is an

variable. It will be recalled that under
conditions an organism will grow at its

growth rate and, therefore, it is
continuous culture may be operated only

below the maximum specific growth
certain limits, the dilution rate may
the growth rate of the culture.

of the cells in a continuous culture of
controlled by the availability of the growth

ch(~mical component of the medium and, thus,
described as a chemostat. The mechanism

the controlling effect of the dilution rate is
relationship expressed in equation (2.5),

l(jh:straeted by Monod in 1942:

J..t = J..tmaxs/(Ks + s).

state, J..t = D, and, therefore,

s = KsD/( J..tmax D). (2.13)

predicts that the substrate concentra-
deltefluirled by the dilution rate. In effect, this

of the cells depleting the substrate to
(;()O¢tmtJratiion that supports the growth rate equal to

rate. If substrate is depleted below the
supports the growth rate dictated by the

the following sequence of events takes
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therefore, its behaviour in a chemostat) are described
by the numerical values of the constants Y, JLmax and
K s • The value of Y affects the steady-state biomass
concentration; the value of JLmax affects the maximum
dilution rate that may be employed and the value of K s

affects the residual substrate concentration (and, hence,
the biomass concentration) and also the maximum dilu
tion rate that may be used. Figure 2.4 illustrates the
continuous culture behaviour of a hypothetical bac
terium with a low K s value for the limiting substrate,
compared with the initial limiting substrate concentra
tion. With increasing dilution rate, the residual subs
trate concentration increases only slightly until D ap
proaches JLmax when s increases significantly. The dilu
tion rate at which x equals zero (that is, the cells have
been washed out of the system) is termed the critical
dilution rate (DedI) and is given by the equation:

DCril = JLmaxSR/(Ks + SR)' (2.16)

;-------------
/

/
/

/
/

/
/

Dilution rate

FIG. 2.5. The effect of dilution rate on the steady-state
and residual substrate concentrations in a chemostat of a
organism with a high K s value for the limiting substrate,
pared with the initial substrate concentration.
___ Steady-state biomass concentration,
- - - Steady-state residual substrate concentration,
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FIG. 2.6. The effect of the increased initial substrate
tion on the steady-state biomass and residual substrate
tions in a chemostat.
___ Steady-state biomass concentrations.
- - - Steady-state residual substrate concentrations.
SRI, SR2 and SR3 represent increasing concentrations of the
ing substrate in the feed medium.

on i and s. As SR is increased, so i increases,
residual substrate concentration is unaffected.
DedI increases slightly with an increase in SR'

The results of chemostat experiments may
from those predicted by the foregoing theory.
reasons for these deviations may be anomalies assO
ated with the equipment or the theory not predict'
the behaviour of the organism under certain
stances, Practical anomalies include imperfect
and wall growth. Imperfect mixing would
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FIG. 2.4'. The effects of dilution rate on the steady-state biomass
and residual substrate 'concentrations in a chemostat culture of a
micro-organism with a low K s value for the limiting substrate,
c:ompared with the initial substrate concentration.
___ Steady-state biomass concentration.
- - - Steadv-state residual substrate concentration.

Thus, DedI is affected by the constants, JLmax and K\.,
and the variable, SR; the larger SR the closer is DedI to
JLmax . However, JLmax cannot be achieved in a simple
steady state chemostat because substrate limited condi
tions must always prevail.

Figure 2.5 illustrates the continuous culture be
haviour of a hypothetical bacterium with a high K, for
the limiting substrate compared with the initial limiting
substrate concentration. With increasing dilution rate,
the residual substrate concentration increases signifi
cantly to support the increased growth rate. Thus,
there is a gradual increase in s and a decrease in x as
D approaches DedI' Figure 2.6 illustrates the effect of
increasing the initial limiting substrate concentration

c
.2....
~
c
OJ
u
c
o
u

'"'"'"E
.2
.0

~

'"1;:;
>

"'0

'"OJ

U;



heterogeneity in the fer
ou(aniSUls being subject to nutrient

under severe limitation. This
paJrticulaxly relevant to very low dilu

the flow of medium is likely to
pn)blem may be overcome by

'ee(H)aCl\. S~ISH;IU:S, as discussed later in this
another commonly encoun
which the organism adheres

of the reactor resulting, again, in
helterlog(~ne:lty. The immobilized cells are
rerno'val from the vessel but will consume

l'e$llltmg in the suspended biomass concen
than predicted. Wall growth may be

the inner surfaces of the vessel with

,...h<,erl1ation in carbon and energy limited
the biomass concentration at low

than predicted. This is attributed
of micro-organisms utilizing a

bl'()p()rtjlon of substrate for maintenance at low
Eflfectiv(;IV, the factor decreases at

Bull has reviewed the major
de\{ialtiOllS from basic chemostat theory.

ch(~m()st,lt may be modified in a number of
COlnmlon modifications are the addi

stages (vessels) and the feedback of bio-

Multistage systems

tIlUlltis,ta~~e system is illustrated in Fig. 2.7. The
a multistage chemostat is that different

in the separate stages. This may be

Culture effluent

Culture effluent
.--''--11---, to eff Iuen t

collection or to
subsequent stages

i----+-i----,

multistage chemostat.

Microbial Growth Kinetics

advantageous in the utilization of multiple carbon
sources and in the production of secondary metabolites.
Harte and Webb (1967) demonstrated that when Kleb
siella aerogenes was grown on a mixture of glucose and
maltose only the glucose was utilized in the first stage
and maltose in the second. Secondary metabolism may
occur in the second stage of a dual system in which the
second stage acts as a holding tank where the growth
rate is much smaller than that in the first stage. The
adoption of multistage systems in research and industry
has been extremely limited, due to the complexity of
the systems. One example of the industrial application
of the technique is in continuous brewing which is
described in a later section.

Feedback systems

A chemostat incorporating biomass feedback has
been modified such that the biomass in the vessel
reaches a concentration above that possible in a simple
chemostat, that is, greater than Y(SR - s). Biomass
concentration may be achieved by:

(i) Internal feedback. Limiting the exit of biomass
from the chemostat such that the biomass in
the effluent stream is less concentrated than in
the vessel.

(ii) External feedback. Subjecting the effluent
stream to a biomass separation process, such as
sedimentation or centrifugation, and returning
a portion of the concentrated biomass to the
growth vessel.

Pirt (1975) gave a full kinetic description of these
feedback systems and this account summarizes his
analysis.

INTERNAL FEEDBACK

A diagrammatic representation of an internal feed
back system is shown in Fig. 2.8a. Effluent is removed
from the vessel in two streams, one filtered, resulting in
a dilute effluent stream (and, thus, a concentration of
biomass in the reactor) and one unfiltered. The propor
tion of the outflow leaving via the filter and the effec
tiveness of the filter then determines the degree of
feedback. The flow rate of incoming medium is desig
nated F (dm3 h -1) and the fraction of the outflow
which is not filtered is designated c; thus the outflow
rate of the unfiltered stream is cF and that of the
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x = Y/A(SR - S).

If the term 'cO - h) + h' is represented by 'A',

Jk =AD.

When the filtered effluent stream is cell free then
oand A = c. However, if the filter removes
biomass then h will approach I, and when h
there is no feedback and A = h. Thus, the
values of A is c to h and when feedback occurs
less than I, which means that Jk is less than D.

The concentration of the growth limiting sut)str;at~1

in the vessel at steady state is then given by:

s = KsAD/( Jkmax - AD)

and the biomass concentration at steady state
by:

EXTERNAL FEEDBACK

A diagrammatic representation of an external
back system is shown in Fig. 2.Sb. The effluent
the fermenter is fed through a separator, such
continuous centrifuge or filter, which produces
effluent streams - a concentrated biomass stream a
a dilute one. A fraction of the concentrated stream
then returned to the vessel. The flow rate from t
medium reservoir is F (dm3 h- I); the flow rate of
effluent upstream of the separator is Fs (dm3 h -I) a
the concentration of biomass in the stream (and in t
fermenter) is x; a is the proportion of the flow whic
fed back to the fermenter and g is the factor by wh
the separator concentrates the biomass. Biom
balance in the system will be:

Change = growth - output + feedback

or dx/dt = JkX - F,.x/V + aFsgx/V.

The culture outflow (before separation),
chemostat is:

Fs=F+aFs

or Fs=F/(I-a),

substituting F/0 - a) for Fs in equation (2.21)
remembering that D = FIV:

dx/dt = JkX - Dx/(I - a) + agDx/(1 - a).

If all the cells are returned to the fermenter
biomass will continue to accumulate in the
However, if the feedback is partial then a steady
may be achieved, dx/dt = 0 and:

Jk = BD

where B = 0 - ag)/O - a).

(2.17)

cF
5
gx

Separator

sx

hx
5

F1jjf(1.ClFcF

~_ 5 ~
1-

F

(b)

filtered stream is 0 - c)F. The concentration of the
biomass in the fermenter and in the unfiltered stream
is x and the concentration of biomass in the filtered
stream is hx. The biomass balance of the system is:

Change in biomass = Growth - Output in unfil
tered stream - Output in filtered stream,

which may be expressed as:

and

FIG. 2.8. Diagrammatic representations of chemostats with feed
back (Pirt, 1975).
(a) Internal feedback.
F = flow rate of incoming medium (dm 3 h -1)

C fraction of the outflow which is not filtered
x = biomass concentration in the vessel and in theunfiltered stream
hx = biomass concentration in the filtered stream
(b) External feedback.
F = flow rate from the medium reservoir (dm 3 h - I)

Fs = flow rate of the effluent upstream of the separator
x = biomass concentration in the vessel and upstream of the sepa·
rator
hx = biomass concentration in the dilute stream from the separa
tor
g= factor by which the separator concentrates the biomass
a = proportion of the flow which is fed back to the fermenter
s ~ substrate concentration in the vessel and effluent lines
SR substrate concentration in the medium reservoir

(a)

dx/dt = JkX - D{c(1 - h) + h}x.

At steady state dx/dt = 0, thus:

JkX = D{c(1 - h) + h}x

Jk = D{c(1 - h) + h}.

dx/dt = JkX - cDx - (I - c)Dhx

or:

20
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(2.26)

and

scribed as the output of biomass per unit time of the
fermentation. Thus, the productivity of a batch culture
may be represented as:

Rbatch = (xmax - xo)/(ti tiJ

where R is the output of the culture (g biomass
dm- 3 h- J),

xmo' is the maximum cell concentration
achieved at stationa1y phase,
is the initial cell concentration at inocu
lation,
is the time during which the organism
grows at }.LmO"

is the time during which the organism is
not growing at }.Lmax and includes the
lag phase, the deceleration phase and the
periods of batching, sterilizing and har
vesting.

The productivity of a continuous culture may be repre
sented as:

Microbial Growth Kinetics

I D
erit

R = Di(l tiT) (2.27)cant· III

where R cont is the output of the culture (g biomass
dm -3 h -1),

tiii is the time period prior to the establish
ment of a steady state and includes ves
sel preparation, sterilization and opera
tion in batch culture prior to continuous
operation,

and T is the time period during which steady
state conditions prevail.

The term Di increases with increasing dilution rate
until it reaches a maximum value, after which any
further increase in D results in a decrease in Di, as
illustrated in Fig. 2.9. Thus, maximum productivity of
biomass may be achieved by the use of the dilution rate
giving the highest value of Di.

than growth rate.
in the vessel is in-

biomass concentrations
are then given by the

than }.L, the critical dilution
rate at which washout occurs)

Dilution rate

FIG. 2.9. The effect of dilution rate on biomass productivity in
of a culture system may be de- steady-state continuous culture.

~ D), (2.24)

- s). (2.25)

}.L, sand i (2.18, 2.19,
fel'mt~ntl~r with either exter

be appreciated that:

bic)m:ass concentration results in
residual substrate compared

Comparison of batch and continuous
culture in industrial processes

is applied widely in effluent treat
the advantages of feedback con
the process efficiency. The outlet

is considerably less and the
may improve stability in effluent

where mixed substrates of varying
used. The system will also result in

of microbial products as illus-
Bull (1989) who reported very high

PrlJdtlctivities in laboratory biomass recycle
processes are particularly

continuous culture because the ele
susceptible to oxygen limitation.

seem particularly attractive for
where low growth rates and low cell

pfCJdtlctivity. A number of internal feed
been developed based on im

either hollow fibres or microcarriers
7) and it is claimed that with the

in centrifuge design, centrifugal
fe(~dl)ack in suspension cultures may be

1992). The potential for continu
is considered in the next



is the concentration of product
is the specific rate of product formation
product g- 1 biomass h - I).

At steady state, dp/dt = 0, and thus:

p = qp ·x/D

where p
and qp

or:

The argument against continuous biomass
is that the duration of a continuous fermentati
very much longer than a batch one so that there
greater probability of a contaminating organism e
ing the continuous process and a greater probabili
equipment failure. However, problems of contam
tion and equipment reliability are related to equip
design, construction and operation and, prOVided
ficiently rigorous standards are applied, these probl
can be overcome. In fact, the fermentation industry
recognized the superiority of continuous culture for
production of biomass and several large-scale proces
have been established. This aspect is considered
more detail in a later section of this Chapter.

METABOLITE PRODUCTIVITY

Theoretically, a fermentation to produce
metabolite should also be more productive in contin
ous culture than in batch because a continuous cult
may be operated at the dilution rate which mainta
product output at its maximum, whereas in batch
ture product formation may be a transient
menon during the fermentation. The kinetics
formation in continuous culture have been re\'ievved b
Pirt (1975) and Trilli (1990). Product formation
chemostat may be described as:

Change in product concentration = production 

output:

where p is the steady-state product concentration.
If qp is strictlyrelated to /L, then as D increases so
qp; thus, the steady-state product concentration
and product output (Dp) will behave in the same
as x and Dx, as shown in Fig 2.lOa. If qp is inrlpnen>

dent of /L then it will be unaffected by D and
concentration will decline with increasing D but
will remain constant, as shown in Fig. 2. lOb. If
formation occurs only within a certain range of
rates (dilution rates) then a more complex relatil)nshll1
is produced.

Thus, from this consideration a chemostat
for the production of a product can be designed
optimize either output (g dm- 3 h- 1) or product
centration. However, as Heijnen et al. (1992) exp,laillea,
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The output of a batch fermentation described by
equation (2.26) is an average over the period of the
fermentation and, because the rate of biomass produc
tion is dependent on initial biomass (dx/dt = /Lx),
the vast proportion of the biomass is produced towards
the end of the fermentation. Thus, productivity in
batch culture is at its maximum only towards the end of
the process. For a continuous culture operating at the
optimum dilution rate, under steady-state conditions,
the productivity will be constant and always maximum.
Thus, the productivity of the continuous system must
be greater than the batch. A continuous system may be
operated for a very long time period (several weeks or
months) so that the negative contribution of the unpro
ductive time, tiii , to productivity would be minimal.
However, a batch culture may be operated for only a
limited time period so that the negative contribution of
the time, tii , would be very significant, especially when
it is remembered that the batch culture would have to
be re-established many times during the time-course of
a continuous run. Thus, the superior productivity of
biomass by a continuous culture, compared with a
batch culture, is due to the maintenance of maximum
output conditions throughout the fermentation and the
insignificance of the non-productive period associated
with a long-running continuous process.

The steady state achievable in a continuous process
also adds to the advantage of improved biomass pro
ductivity, as discussed by Hospodka (1966). Cell con
centration, substrate concentration, product concentra
tion and toxin concentration should remain constant
throughout the fermentation. Thus, once the culture is
established the demands of the fermentation, in terms
of process control, should be constant. In a batch
fermentation, the demands of the culture vary during
the fermentation - at the beginning, the oxygen de
mand is low but towards the end the demand is high,
due to the high biomass and the increased viscosity of
the broth. Also, the amount of cooling required will
increase during the process, as will the degree of pH
control. In a continuous process oxygen demand,
cooling requirements and pH control should remain
constant. Thus, the use of continuous culture should
allow for the easier introduction of process automation.

A batch process requires periods of intensive labour
during medium preparation, sterilization, batching and
harvesting but relatively little during the fermentation
itself. However, a continuous process results in a more
constant labour demand in that medium is supplied
continuously sterilized (see Chapter 5), the product is
continuously extracted and the relative time spent on
equipment preparation and sterilization is very small.



D

Dp

D

of D on steady-state product concentration
(Dp) when:

Q:rclwth-relateet the advantage of high pro
at high dilution rates must be

the disadvantage of low product con
res:ulting in increased downstream process

arguments presented for the supe
<;oJltiJ1UClUS culture for biomass production

product synthesis ease of automa-
th(~,a,dv<lJ1tagf~s of steady state conditions. The

arises is 'Why has the fermentation
adiClpt:ed continuous culture for the manu

mi(;rolJial products?' It can be appreciated
arg;uJftents cited previously against continuous

(cc)ntamiJ12ltictn and equipment reliability) are
difficulties have been overcome in

COJltiJ1UClUS biomass processes. The an-
qu,estion lies in the highly selective nature

We have already seen that t-t is
in a steady state chemostat and that

to substrate concentration accord-
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The effect of substrate concentration on specific growth
rate for two organisms, A and B, is shown in Fig. 2.11.
A is capable of growing at a higher specific growth rate
at any substrate concentration. The self-balancing
properties of the chemostat mean that the organism
reduces the substrate concentration to the value where
t-t = D. Thus, at dilution rate X, organism A would
reduce the substrate concentration to Z. However, at
this substrate concentration, organism B could grow
only at a t-t of Y. Therefore, if organisms A and B were
introduced into a chemostat operating at dilution rate
X, A would reduce the substrate concentration to Z at
which B could not maintain a t-t of X and would be
washed out at a rate of (X - Y) and a monoculture of
A would be established eventually. The same situation
would occur if A and B were mutant strains arising
from the same organism. Commercial organisms have
been selected and mutated to produce metabolites at
very high concentrations (see Chapter 3) and, as a
result, tend to grow inefficiently with low t-tmax values
and, possibly, high K, values. Back mutants of produc
tion strains produce much lower concentrations of
product and, thus, grow more efficiently. If such back
mutants arise in a chemostat industrial process, then
the production strain will be displaced from the fer
mentation as described in the foregoing scenario.

Calcott (1981) described this phenomenon as "con
tamination from within" and this type of 'contamina
tion' cannot be solved by the design of more 'secure'
fermenters. Thus, it is the problem of strain degenera
tion which has limited the application of large scale
continuous culture to biomass and, to a lesser extent,
potable and industrial alcohol. The production of al
cohol by continuous culture is feasible because it is a
byproduct of energy generation and, thus, is not a drain
on the resources of the organism. However, it is possi-

Organism A

~__ Organism B

D

x

y

Residual substrate
concentration

FIG. 2.11. Competition between two organisms in a chemostat.
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TABLE 2.3. Comparison of the performance of different operational modes of an animal
cell fermentation (After Griffiths, 1992)

Cell No. Product yield
(x 10~6 cm~3) (mg day~l) (mg month~l)

100
200
200

3000
300

7
21
14

> 30
> 100

Length of run
(days)

200
600
500

12000
1200

is difficult to monitor the genetic stability of
are immobilized in a large reactor system. Thus
scale (kg quantities) animal cell products are stili
duced by batch methods. However, where very
value products are required and production ca
satisfied on a small scale, the continuous per
system is a very attractive proposition (Griffiths,

Continuous brewing and biomass pnJdllction
are the major industrial applications of
microbial culture will now be considered in
tail.

(i) The cascade or multistage system.
(ii) The tower system.

CONTINUOUS BREWING

The brewing industry in the United Kingdom
had a relatively brief 'courtship' with continuous
ture. Two types of continuous brewing have been

Hough et al. (1976) described the cascade
lized at Watneys' Mortlake brewery in London.
process utilized three vessels, the first two for
tation and the third for separation of the yeast b
mass. The specific gravity of the wort was reduced fr
1040 to 1019 in the first vessel and from 1019 to 1011
the second vessel. The residence time for the syst
was 15 to 20 hours, using worts in the specific grav'
range of 1035 to 1040, and it could be run continuou
for 3 months. However, it is believed that the syste
was abandoned due to problems of excessive biom
production. This process appears to have been use
widely in New Zealand with greater success (Kirsop
1982), but apparently newer installations are of th
batch type.

A typical tower fermenter for brewing is iIIustrat
in Fig. 2.12. The system is partially closed in

3
3
6

30 +
2

Operational
mode

Batch
Semi~continuous

Fed~batch

Perfusion
Continuous

culture

Principles of Fennentation Technology, 2nd Edn.

ble that the technique could be exploited for other
products provided strain degeneration is controlled;
this may be possible in certain genetically engineered
strains. It has been reported that the development of a
continuous process for the manufacture of polyhydroxy
butyrate, a biopolymer. Other processes have been
developed using chemostat culture.

The adoption of continuous culture for animal cell
products is even more complex than for microbial
systems. Griffiths (1992) compared the following process
options for producing an animal cell product:

The characteristics of all five modes of operation are
shown in Table 2.3, from which it may be seen that the
perfusion continuous system appears extremely attrac
tive. However, the practicalities of running a large scale
continuous perfusion system present considerable dif
ficulties. The process has to be reliable and able to
operate aseptically for the long periods necessary to
exploit the advantage of a continuous process. Also,
the licensing of a continuous process may present some
difficulties where a consignment of product must be
traceable to a batch of raw materials. In a long-term
continuous process several different batches of media
would have to be used which presents the problem of
associating product with raw material. Furthermore, it

(i) Batch culture.
(ii) Semi-continuous culture where a portion of the

culture is harvested at regular intervals and
replaced by an equal volume of medium.

(iii) Fed-batch culture where medium is fed to the
culture resulting in an increase in volume (see
later section)

(iv) Continuous perfusion where an immobilized
cell population is perfused with fresh medium
and is equivalent to an internal feedback cont
inuous system.

(v) Continuous culture.

24



Microbial Growth Kinetics

may be achieved. Following the establishment of a high
biomass in the fermenter the system is operated such
that the wort is converted to beer with the formation of
approximately the same amount of yeast as would be
produced in the batch process. The beer produced
during the 3-week start-up period is usually below
specification and would have to be blended with high
quality beer. Thus, more than 3 months' continuous
operation is necessary to compensate for the initial
losses of the process.

The major advantage of the continuous tower process
was that the wort residence time could be reduced
from about 1 week to 4 to 8 hours as compared with
the batch system. However, the development of the
cylindro-conical vessel (initially described by Nathan in
the 1930s, but not introduced until the 1970s, see also
Chapter 7) led to the shortening of the batch fermenta
tion time to approximately 48 hours. Although this is
still considerably longer than the residence time in a
tower fermenter, it should be remembered that beer
conditioning and packaging takes considerably longer
than the fermentation stage, so that the difference in
the overall processing time between the tower and the
cylindro-conical batch process is not sufficient to justify
the disadvantages of the tower. The major disadvan
tages of the tower system are the long start-up time,
the technical complexity of the plant, the requirement
for more highly skilled personnel than for a batch
plant, the inflexibility of the system in that a long time
delay would ensue between changing from one beer
fermentation to another and, finally, the difficulty in
matching the flavour of the continuously produced
product with that of the traditional batch product.
Thus, the continuous-tower system has fallen from use,
with virtual universal adoption of the cylindro-conical
batch process.

25

CONTINUOUS CULTURE AND BIOMASS
PRODUCTION

Microbial biomass which is produced for human or
animal consumption is referred to as single cell protein
(SCP). Although yeast was produced as food on a large
scale in Germany during the First World War (Laskin,
1977) the concept of utilizing microbial biomass as food
was not thoroughly investigated until the 1960s. Since
the 1960s, a large number of industrial companies have
explored the potential of producing SCP from a wide
range of carbon sources. Almost without exception,
these investigations have been based on the use of
continuous culture as the growth technique.

As previously discussed, continuous culture is the

Sight glass

Sample points

Attemporator
jacket

I
I
I Attemporator
I jacket
I

I I
I Baffle I
~------1

I I
I I

schem:atic representation of a tower fermenter for
(Royston, 1966).

!f~~~~~'JIlBeer outlet

leaves the fermenter due to the
nature of the strains employed. Thus,

a type of internal feed-back. Wort is
the base of the tower and passes

plug of yeast. As the wort rises
it is progressively fermented and

ferme;ntt~r via a yeast-separation zone, which
diameter of the rest of the tower. Hough et

descrilJed the protocol employed in the es
yeast plug in the tower and the subse
conditions. Prior to the fermentation,

th()rougll1lv cleaned and steam sterilized,
being more important for the contin

the batch one. The vessel is filled
wort and inoculated with a labora-

initial stages are designed to encour
01C)I11:JSS production by the periodical addition

a 9-day period. A porous plug of
\iellelt:lps at the base of the tower. The flow rate

gradually increased over a further 9
time an approximate steady state
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ideal method for the production of microbial biomass.
The superior productivity of the technique, compared
with that of batch culture, may be exploited fully and
the problem of strain degeneration is not as significant
as in the production of microbial metabolites. The
selective pressure in the chemostat would tend to work
to the advantage of the industrialist producing SCP, in
that the most efficient strain of the organism would be
selected, although this is not necessarily the case for
mycelial processes. The development of SCP processes
generated considerable research into large-scale
chemostat design and the behaviour of the production
organism in these very large vessels. Many 'novel' fer
menters have been designed for SCP processes and
these are considered in more detail in Chapter 7.

A very wide range of carbon sources have been
investigated for the production of SCPo Whey has been
used as a carbon source for biomass production since
the 1940s and such fermentations have been shown to
be economic in that they provide a high-grade feed
product, whilst removing an, otherwise, troublesome
waste product of the cheese industry (Meyrath and
Bayer, 1979). Cellulose has been investigated exten
sively as a potential carbon source for SCP production
and this work has been reviewed by Callihan et al.
(1979) and Woodward (1987). The major difficulty asso
ciated with the use of cellulose as a substrate is its
recalcitrant nature.

An enormous amount of research has been con
ducted into the use of hydrocarbons as sources of
carbon for biomass processes; the hydrocarbons investi
gated being methane, methanol and n-alkanes. A large
number of commercial firms were involved in this re
search field but very few created viable, commercial
processes based on SCP production from hydrocarbons
because of the economic difficulties involved (Sharp,
1989). At the start of this research, hydrocarbons were
relatively cheap but, following the 1973 Middle East
War, oil prices escalated and transformed the economic
basis of biomass production from petroleum sources.
ICI were successful in developing a commercial process
for production of bacterial biomass (Pruteen) from
methanol at an annual rate of 54,000 to 70,000 tonnes.
The process utilized a novel air-lift, pressure cycle
fermenter, of 3000 m3 capacity, and was the first
commercial process to produce SCP from methanol
(King, 1982). The fermentation was run successfully for
periods in excess of 100 days without contamination
(Howells, 1982). Regrettably, the economics of the
process were such that when the price of soya and
fish meal declined Pruteen could not compete as an
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animal feed. SeIling in bulk ceased in
1989) and the 3000 m3 vessel was
molished.

The expertise developed by ICI during the
project and RHM's research into the use of a
Fusarium gramineamm, for the production of
food formed the basis of a joint venture Oe1tw(~en

two companies. The ICI pressure cycle PlIIO{-lDJalnf

used to produce the fungal biomass
marketed as Quom) in continuous culture. The
tage of fungal biomass is that it may be processe
give a textured protein which is acceptable for hu
consumption. The low shear properties of the air
vessel conserve the desirable morphology of the fun
The process is operated at a dilution rate of be
0.17 and 0.20 h ~ 1 (/Lmax is 0.28 h ~ 1). The phenome
of mutation and intense selection in the chemostat
proved to be problematical in Myco-protein ferment
tion, because highly branched mutants have arisen
the vessel resulting in the loss of the desirable 1ll
phology. However, the process may stilI be operated
chemostat culture for 1000 hours on the full sc
(Trinci, 1992).

Comparison of batch and continuo
culture as investigative too

Although the use of continuous culture on an indd
trial scale is very limited it is an invaluable investigati
technique. The principle characteristic of batch cult
is change. Even during the log phase cultural COll.
tions are not constant and it is only the const~

maximum specific growth rate which gives the se
blance of stability - biomass concentration, substr
concentration and microbial products all change ex
nentially. During the deceleration phase the onset
nutrient limitation causes the growth rate to decr
from its maximum to zero in a very short time, so it
virtually impossible to study the physiological effects
nutrient limitation in batch culture. As TriIli (19
pointed out, adaptation of an organism to change is
instantaneous, so that the activity of a batch culture
not in equilibrium with the composition of its enviro
ment. Physiological events in a batch culture may ha
been initiated by a change in the environment who
took place some significant time before the change
observed. Thus, it is very difficult to relate 'cause
effect'. The major feature of continuous culture,
other hand, is 'the steady state' - biomass,
and product concentration should remain COllst:ant
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(2.30)

(2.31)

x, =xo + Y(SR s)

The kinetics of variable volume fed-batch culture
have been developed by Dunn and Mor (1975) and Pirt
(1974, 1975, 1979). The following account is based on
that of Pirt (1975). Consider a batch culture in which
growth is limited by the concentration of one substrate;
the biomass at any point in time will be described by
the equation:

0) The same medium used to establish the batch
culture is added, resulting in an increase in
volume.

(ii) A solution of the limiting substrate at the same
concentration as that in the initial medium is
added, resulting in an increase in volume.

(iii) A concentrated solution of the limiting subs
trate is added at a rate less than in (i) and (ii),
resulting in an increase in volume.

(iv) A very concentrated solution of the limiting
substrate is added at a rate less than in 0), (ii)
and (iii), resulting in an insignificant increase
in volume.

Yoshida et a!. (1973) introduced the term fed-batch
culture to describe batch cultures which are fed contin
uously, or sequentially, with medium, without the re
moval of culture fluid. A fed-batch culture is es
tablished initially in batch mode and is then fed accord
ing to one of the following feed strategies:

Fed-batch systems employing strategies 0) and (ii) are
described as variable volume, whereas a system em
ploying strategy (iv) is described as fixed volume. The
use of strategy (iii) gives a culture intermediate between
the two extremes of variable and fixed volume.

The kinetics of the two basic types of fed-batch
culture, variable volume and fixed volume, will now be
described.

FED·BATCH CULTURE

Variable volume fed-batch culture

where x, is the biomass concentration after time, t
hours,

and X o is the inoculum concentration.
The final biomass concentration produced when s = 0
may be described as xmax and, provided that X o is
small compared with xmax :

growth rate is con
is nutrient limited.

to exaggerate the signifi-
l-.~An ••~~ a constant biomass

eCeS~arlly mOlCalll: that the culture is
et a!., 1988). It is possible

rate and other envi
example temperature, pH

COI1CI~ntrat:iOll. Furthermore, be-
of substrates may be used to

the effects of f.t and
be distinguished.
generate valuable physio

industrial strain which may
pfiJmi,mtllon of the commercial process.

is the effect of growth rate and
ml~tabollte formation. The inter

metabolites as compounds pro
idiopha:se of batch culture may lead one

specific production rates (qp) of
inv'eniely linked to specific growth

of this supposition may be
cp,¢l1lOstat culture and it has been shown to

and thienamycin synthesis
(Lilley et a!., 1981) and

Gil)bel'·ellt1.fitiik~lroi(Bu'Lock et ai., 1974).
relationships have been demon

:;y:;Ll:ll'L:;. Pirt and Righelato (1967) and
[pstfOdlca (1980) showed that the qp of peni

correlated with f.t up to a specific
h - 1, after which it is independent

that the apparent negative
related to penicillin degradation.
suggest that the growth rate in a

pel1i<;illiin process should not decline below
cQ1'relatilJns between f.t and qp have

chlortetracycline production by
a/A,reoJracl;ens (Sikyta et a!., 1961), oxytetra

rimosus (Rhodes, 1984) and
Streptomyces erythraeus (Trilli et at.,

selective nature of the chemostat, which
for industrial production,

tool for the isolation and im-
l111Icro,-01·ganisms. The use of continuous

is considered in Chapter 3, from
that continuous enrichment cul

COllSi(:lerabJte advantages over batch enrich
:pnjcHles and that continuous culture may be
($llGcessfullv to select strains producing higher

microbial enzymes.
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t

------ S(GLS)

o

o

(b)

FIG. 2.13. Time profiles of fed-batch cultures.
J-L = specific growth rate
x = biomass concentration
S(GLS) = growth limiting substrate
SN = any other substrate than S(GLS)
(a) Variable volume fed-batch culture.
(b) Fixed volume fed-batch culture.
(Pirt, 1979).

strictly growth related then it will change as Jh
with D and, thus, the product concentration
main constant. However, if qp is constant and
dent of Jh, then product concentration will
the start of the cycle when Dp is greater than
will rise with time as D decreases and qpx
greater than Dp. These relationships are shown
2.14a. If qp is related to Jh in a complex
the product concentration will vary according
relationship. Thus, the feed strategy of a
system would be optimized according to the
ship between qp and Jh.

C:::====.S(GLS)

t-------- SN

Fixed volume fed-batch

(a)

dxjdt = GY

t-------- x

Pirt (1979) described the kinetics of fixed
fed-batch culture as follows. Consider a batch
in which the growth of the process organism
pleted the limiting substrate to a limiting level.
limiting substrate is then added in a COJtlCtmtlrat(~d

such that the broth volume remains almost
then:

(2.32)

(2.33)D = F j (Va + Ft)

If, at the time when x = xmax ' a medium feed is started
such that the dilution rate is less than Jhmax , virtually
all the substrate will be consumed as fast as it enters
the culture, thus:

dpjdt = qpx - Dp.

where Va is the original volume. Thus, according to
Monod kinetics, residual substrate should decrease as
D decreases resulting in an increase in the cell concen
tration. However, over most of the range of Jh which
will operate in fed-batch culture, SR will be much
larger than K s so that, for all practical purposes, the
change in residual substrate concentration would be
extremely small and may be considered as zero. Thus,
provided that D is less than Jhmax and K s is much
smaller than SR' a quasi steady state may be achieved.
The quasi steady state is illustrated in Fig. 2.13a. The
major difference between the steady state of a chemo
stat and the quasi steady state of a fed-batch culture is
that Jh is constant in the chemostat but decreases in
the fed-batch.

Pirt (1979) has expressed the change in product
concentration in variable volume fed-batch culture in
the same way as for continuous culture (see equation
2.28):

where F is the flow rate of the medium feed,
and X is the total biomass in the culture, described

by X = xV, where V is the volume of the
culture medium in the vessel at time t.

From equation (2.32) it may be concluded that input
of substrate is equalled by consumption of substrate by
the cells. Thus, (ds j dt) "'" O. Although the total
biomass in the culture (X) increases with time, cell
concentration (x) remains virtually constant, that is
(dxjdt) "'" 0 and therefore Jh "'" D. This situation is
termed a quasi steady state. As time progresses the
dilution rate will decrease as the volume increases and
D will be given the expression:

Thus, product concentration changes according to the
balance between production rate and dilution by the
feed. However, in the genuine steady state of a chemo
stat, dilution rate and growth rate are constant whereas
in a fed-batch quasi steady state they change over the
time of the fermentation. Product concentration in the
chemostat will reach a steady state, but in a fed-batch
system the profile of the product concentration over
the time of the fermentation will be dependent on the
relationship between qp and Jh (hence D). If qp is
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(b)

p

Time

,nC,Hl!ral1<Jll (p) in fed-batch culture when qp
) or non-growth related, i.e. qp

sul)stituting for dx/dt in equa-

(2.35)

does not exceed JLmax then the
be consumed as soon as it enters

ds/dt == O. However, dx/dt may
zero, as in the case of variable

the biomass concentration,
amount of biomass in the fer

with time. Biomass concentration

(2.36)

biomass after operating in fed batch

concentration at the onset of
r¢cl-l)at(;h culture.

IlCl'eases then the specific growth rate will
equation (2.35). The behaviour of

recl-l)atc;h culture is illustrated in Fig.
may be seen that JL declines

eCHlatJLOn (2.35)), the limiting substrate
n';l11d.'l1" virtually constant, biomass in
COllcentl'ation of the non-limiting nutri-

(:iescril)ed the product balance in a fixed
as:

Microbial Growth Kinetics

but substituting for x from equation (2.36) gives:

dp/dt = qp(x" + GYt).

If qp is strictly growth-rate related then product con
centration will rise linearly as for biomass. However, if
qp is constant then the rate of increase in product
concentration will rise as growth rate declines, i.e. as
time progresses and x increases. These relationships
are shown in Fig. 2.14b. If qp is related to JL in a
complex manner then the product concentration will
vary according to that relationship. As in the case of
variable volume fed-batch the feed profile would be
optimized according to the relationship between qp
and JL.

Cyclic fed-batch culture

The life of a variable volume fed-batch fermentation
may be extended beyond the time it takes to fill the
fermenter by withdrawing a portion of the culture and
using the residual culture as the starting point for a
further fed-batch process. The decrease in volume re
sults in a significant increase in the dilution rate (as
suming that the flow rate remains constant) and thus,
eventually, in an increase in the specific growth rate.
The increase in JL is then followed by its gradual
decrease as the quasi steady state is re-established.
Such a cycle may be repeated several times resulting in
a series of fed-batch fermentations. Thus, the organism
would experience a periodic shift-up in growth rate
followed by a gradual shift-down. This periodicity in
growth rate may be achieved in fixed volume fed-batch
systems by diluting the culture when the biomass
reaches a concentration which cannot be maintained
under aerobic conditions. Dilution results in a decline
in x and, thus, according to equation (2.35) an increase
in JL. Subsequently, as feeding continues, the growth
rate will decline gradually as biomass increases and
approaches the maximum sustainable in the vessel once
more, at which point the culture may be diluted again.
Dilution would be achieved by withdrawing culture and
refilling to the original level with sterile water or
medium not containing the feed substrate.

Application of fed-batch culture

The use of fed-batch culture by the fermentation
industry takes advantage of the fact that the concentra
tion of the limiting substrate may be maintained at a
very low level, thus avoiding the repressive effects of
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high substrate concentration. Furthermore, the fed
batch system also gives some control over the organ
isms' growth rate, which is also related to the specific
oxygen uptake rate giving some control over the oxygen
demand of the fermentation (see Chapter 9). Both
variable and fixed volume systems result in low limiting
substrate concentrations, but the quasi steady-state of
the variable volume system has the advantage of main
taining the concentrations of both the biomass and the
non-limiting nutrients constant. Pirt (1979) cites this as
an important feature because the concentrations of
substrates other than those which limit growth can
have a significant effect on biomass composition and
product formation.

The obvious advantage of cyclic fed-batch culture is
that the productive phase of a process may be extended
under controlled conditions. However, a further advan
tage lies in the controlled periodic shifts in growth rate
which may provide an opportunity to optimize product
synthesis. Dunn and Mor (1975) pointed out that
changes in the rates of chemical processes can give rise
to increases in intermediate concentrations and similar
effects may be possible in microbial systems. This
observation is particularly relevant to secondary
metabolite production which is maximal in batch cul
ture during the deceleration phase. Bushell (1989) sug
gested that optimum conditions for secondary
metabolite synthesis may occur during the transition
phase after the withdrawal of a volume of broth from
the vessel and before the re-establishment of the
steady-state following the resumption of the nutrient
feed. During this period the dilution rate will be greater
than the growth rate but, according to Bushell, the rate
of uptake of the growth-limiting substrate should re
spond immediately to the increased substrate concen
tration. Thus, an imbalance results between the subs
trate uptake rate and the specific growth rate - this
imbalance then contributing to a diversion of interme
diates into secondary metabolism.

The advantages of cyclic fed-batch culture must be
weighed against difficulties inherent in the system. Care
has to be taken in the design of cyclic fed-batch
processes to ensure that toxins do not accumulate to
inhibitory levels and that nutrients other than those
incorporated into the feed medium become limiting
(Queener and Swartz, 1979). Also, a prolonged series
of fed-batch cycles may result in the accumulation of
non-producing or low-producing variants.

The early fed-batch systems that were developed did
not incorporate any form of feedbaek control and re
lied on the inherent quasi steady state to maintain
process stability. However, the use of concentrated
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feeds resulting in very high biomass cOllCenti'atiollil
the development of more sophisticated
grammes has necessitated the introduction of
control techniques. In such feedback
mentations a process parameter directly related
organism's physiological state is monitored co
ously by an on-line sensor. The signal generated
sensor is then used in a control loop (see Chapter
control the medium feed rate. Parameters which
been utilized in this way include dissolved Oxygell
centration, pH, effluent gas composition and litil
substrate concentration. Examples of these contro
tems are included in the next section and in Chap

Examples of the use of fed-batch cn

Fed-batch culture was used in the productio
bakers' yeast as early as 1915. It was recognized tta
excess of malt in the medium would lead to too
growth rate resulting in an oxygen demand in exc
that which could be met by the equipment. This
suited in the development of anaerobic conditions
the formation of ethanol at the expense of bio
production (Reed and Nagodawithana, 1991). Thus
organism was grown in an initially weak medi
which additional medium was added at a rate les
the maximum rate at which the organism could us
Thus, this process fulfils the criteria stipulated in l'
(1975) kinetic description for the establishment
quasi steady state, that is, a substrate limited cui
and the use of a feed rate equivalent to a dilution
less than JLmax' It is now recognized that bakers'
is very sensitive to free glucose and respiratory act
may be repressed at a concentration of about 5
dm- 3 (Crabtree, 1929). Thus, a high glucose conce
tion represses respiratory activity as well as giving
to a high growth rate, the oxygen demand of
cannot be met. In modern fed-batch processes for
production the feed of molasses is under strict con
based on the automatic measurement of traces
ethanol in the exhaust gas of the fermenter. Altho
such systems may result in low growth rates, the
mass yield is near the theoretical maximum obtai
(Fiechter, 1982).

It is interesting to note that the production ()
combinant proteins from yeast may be achieved
fed-batch culture techniques very similar to that
oped for the bakers' yeast fermentation. Gu
(1991) reported the production of hepatitis B s
antigen (HBsAg) in a 0.9 dm3 fed-batch reactor
the feed rate was increased exponentially to



HBsAg production was
strain and good productivity

rtlaint,ammg a high growth rate whilst
below that which

reslpidltOlY activity. Ibba et al. (1993)
tecl-batc:n process for recombinant

cel'eVlSl(le, under the control of a con
cyclic fed-batch process gave

activity of a continuous fermen
pr10dlllctivity being due to increased

a genetic explanation of the
offered.

ferme:ntclticm provides an excellent exam
systems in the production of a
The fermentation may be di

- the 'rapid-growth' phase,
grows at fLmax' and the 'slow-

'pf(JdUlcti,on' phase. Glucose feeds may be
metabolism of the organism during

the rapid-growth phase an excess
an accumulation of acid and a bio

UClilCl.HU greater than the aeration capacity
fel·rtl(~nter, whereas glucose starvation may result

nitro~(en in the medium being used as a
resulting in a high pH and inadequate

fonmal:ion (Queener and Swartz, 1979). The
l1utation of hexose may be prevented by the use of

carbohydrate such as lactose in
culture (Matelova, 1976). However, ac

Queeiller and Swartz, considerable increases
have been achieved by the use of com

,ontroltled feeding of glucose during the rapid
such that the dissolved oxygen or pH is

within certain limits. Both control parame
:(;)~:;el1ltially measure the same activity in that both

cOlllce:ntl-ation and pH will fall when glucose is
to an increased respiration rate and the
of organic acids when the respiration

ex,cec~as the aeration capacity of the fermenter.
appear to work well in controlling feed

the rapid-growth phase.
the production phase of the penicillin fer

j)i(~tit,lticm the feed rates utilized should limit the growth
oxygen consumption such that a high rate of
synthesis is achieved, and sufficient dissolved
available in the medium. The control factor

is normally dissolved oxygen because pH
respOllsi,,'e to the effect of dissolved oxygen on

p¢rlicililin synthesis than on growth. As the fed-batch
proceeds then the total biomass, viscosity and

increase until, eventually, the fermen
oxygen limited. However, limitation may be
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delayed by reducing the feed rate as the fermentation
progresses and this may be achieved by the use of
computer controlled systems.

Suzuki et al. (1987) developed a pH feedback fed
batch system for the production of thiostrepton from
Streptomyces laurentii. When glucose was exhausted in
the fermentation the pH rose immediately and this
event was used as the signal for the addition of more
feed which consisted of a concentrated glucose, corn
steep liquor, soy bean meal and mineral mixture. This
process maintained a biomass level of 157 g dm ~3 and
a thiostrepton concentration of 10.5 g dm ~3 with a
productivity nine times that of a conventional batch
culture.

Many enzymes are subject to catabolite repression,
where enzyme synthesis is prevented by the presence of
rapidly utilized carbon sources (Aunstrup et al., 1979).
It is obvious that this phenomenon must be avoided in
enzyme fermentations and fed-batch culture is the ma
jor technique used to achieve this. Concentrated
medium is fed to the culture such that the carbon
source does not reach the threshold for catabolite
repression. For example, Waki et al. (1982) controlled
the production of cellulase by Trichoderma reesei in
fed-batch culture utilizing CO2 production as the con
trol factor and Suzuki et al. (1988) achieved high lipase
production from Pseudomonas fluorescens also using
CO2 production to control the addition of an oil feed.

Shioya (1990) developed a method for the optimiza
tion of fed-batch systems based on the relationship
between fL and qp' the product specific production
rate. Once the relationship between the two parame
ters was established a computer control system was
used to maintain the fed-batch at the optimum specific
growth rate (feed rate). The system was tested for a
number of fermentations including histidine (Brevibac
terium flavum), acid phosphatase and glutathione (s.
cerevisiae), and lysine (Corynebacterium glutamicum).
Specific growth rate was maintained constant using a
feed-forward control profile which was updated
throughout the fermentation as data were collected.
Very promising results were obtained but difficulties
were experienced in generating sufficiently accurate
data to up-date the control system and maintain the
specific growth rate constant.
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The Isolation, Preservation and
Improvement of Industrially
Important Micro...organisms

THE ISOLATION OF INDUSTRIALLY
IMPORTANT MICRO·ORGANISMS

publicized advances in biotechnology over
ten years have been those in recombinant

tec:hnolclgy. Whilst these advances have resulted
de'"eJ,oplue:nt of extremely valuable new commer

and have improved many others, it is
WQrthlNhlJe reiterating Buckland's (1992) comment that

COlub:ined sales of four new microbial secondary
j1I~tat)olites introduced in the 1980s was greater than

of all the recombinant products added
togetl1ler. Thus, the diversity of micro-organisms may be
tJ*F,Joilted still by searching for strains from the natural
¢mnrcmnlerlt able to produce products of commercial

The first stage in the screening for micro
Qt~~anisrrls of potential industrial application is their

Isolation involves obtaining either pure or
cultures followed by their assessment to de

which carry out the desired reaction or pro
desired product. In some cases it is possible to

the isolation procedure in such a way that the
of producers is encouraged or that they may be

tec;og.ni2~ed at the isolation stage, whereas in other
organisms must be isolated and producers recog
at a subsequent stage. However, it should be

T()rrtelub,ere:d that the isolate must eventually carry out
process economically and therefore the selection of
culture to be used is a compromise between the

ptc)ductil/itv of the organism and the economic con-

CHAPTER 3

straints of the process. Bull et ai. (1979) cited a number
of criteria as being important in the choice of organ
ism:

1. The nutritional characteristics of the organism.
It is frequently required that a process be carried
out using a very cheap medium or a pre-de
termined one, e.g. the use of methanol as an
energy source. These requirements may be met
by the suitable design of the isolation medium.

2. The optimum temperature of the organism. The
use of an organism having an optimum tempera
ture above 40° considerably reduces the cooling
costs of a large-scale fermentation and, there
fore, the use of such a temperature in the isola
tion procedure may be beneficial.

3. The reaction of the organism with the equipment
to be employed and the suitability of the organ
ism to the type of process to be used.

4. The stability of the organism and its amenability
to genetic manipulation.

5. The productivity of the organism, measured in its
ability to convert substrate into product and to
give a high yield of product per unit time.

6. The ease of product recovery from the culture.

Points 3, 4, and 6 would have to be assessed in detailed
tests subsequent to isolation and the organism most
well suited to an economic process chosen on the basis
of these results. However, before the process may be
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TABLE 3.1. Major culture collections The above account implies that culturesisolated, in some way, from natural
However, the industrial microbiologist
late' micro-organisms from culture
and Doyle (1991) have provided a cornpl'eh,ensivicollections and Table 3.1 cites some
collections may provide organisms of known chistics but may not contain those possessing tdesirable features, whereas the environment comyriad of organisms, very few of which may be story. It is certainly cheaper to buy a cultureisolate from nature, but it is also true that a suorganism may be found after an exhaustive seatcrange of natural environments. The economic coations are discussed in more detail in ChapHowever, it is always worthwhile to purchase cdemonstrating the desired characteristics, hweakly, as they may be used as model systedevelop culture and assay techniques which maybe applied to the assessment of natural isolates.The ideal isolation procedure commences witenvironmental source (frequently soil) which is ltiprobable to be rich in the desired types, is so desias to favour the growth of those organisms possethe industrially important characteristic (j.e. the jtrially useful characteristic is used as a selective faand incorporates a simple test to distinguish thedesirable types. Selective pressure may be usediisolation of organisms which will grow on partisubstrates, in the presence of certain compoununder cultural conditions adverse to other types.ever, if it is not possible to apply selective pressurethe desired character it may be possible to desigprocedure to select for a microbial taxon whicknown to show the characteristic at a relativelyfrequency, e.g. the production of antibiotics bytomycetes. Alternatively, the isolation procedurebe designed to exclude certain microbial 'weeds' aencourage the growth of more novel types. Indeed,pointed out by Bull (1992) for screening programme§continue to generate new products it is becomingcreasingly more important to concentrate on Ieknown microbial taxa or to utilize very specific scring tests to identify the desired activity. During1980s significant advances have been made in thetablishment of taxonomic databases describingproperties of microbial groups and these databahave been used to predict the cultural conditions wwould select for the growth of particular taxa. Tthe advances in the taxonomic description ofallowed the rational design of procedures for thetion of strains which may have a high priJb,lbiillty
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desired organism is dominant.
an organism in a batch enrich

on its maximum specific
with the maximum specific

other organisms capable of growth
provided that the enrichment

the correct times, the dominant
fastest growing of those capable of

growth. However, it is not necessarily true that the
organism with the highest specific growth rate is the
most useful, for it may be desirable to isolate the
organism with the highest affinity for the limiting subs
trate.

The problems of time of transfer and selection on
the basis of maximum specific growth rate may be
overcome by the use of a continuous process where
fresh medium is added to the culture at a constant rate.
Under such conditions the selective force is maintained
at a constant level and the dominant organism will be
selected on the basis of its affinity for the limiting
substrate rather than its maximum growth rate.

The basic principles of continuous culture are con
sidered in Chapter 2 from which it may be seen that
the growth rate in continuous culture is controlled by
the dilution rate and is related to the limiting substrate
concentration by the equation:

f.L = f.Lmaxsj(Ks + s). (3.1)

Equation (3.1) is represented graphically in Fig. 3.1. A
model of the competition between two organisms capa
ble of growth in a continuous enrichment culture is
represented in Fig. 3.2. Consider the behaviour of the
two organisms, A and B, in Fig. 3.2. In continuous
culture the specific growth rate is determined by the
substrate concentration and is equal to the dilution
rate, so that at dilution rates below point Y in Fig. 3.2
strain B would be able to maintain a higher growth rate
than strain A, whereas at dilution rates above Y strain
A would be able to maintain a higher growth rate.
Thus, if A and B were present in a continuous enrich
ment culture, limited by the substrate depicted in Fig.
3.2, strain A would be selected at dilution rates above
Y and strain B would be selected at dilution rates
below Y. Thus, the organisms which are isolated by
continuous enrichment culture will depend on the dilu
tion rate employed which may result in the isolation of

P max

I
I
I
I
I/Ks

Residual substrate concentration

FIG. 3.1. The effect of substrate concentration 011 the specific
growth rate of a micro-organism,
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fresh medium and the subsequent
stabilization of the enrichment performed in
ous culture. The continuous system should be
cally inoculated with soil or sewage which may
be a source of potential isolates but should also e
that the dominant flora is extremely resistant to
tamination.

Harrison (1978) proposed two solutions to the p
lem of early washout in continuous isolation proce
The first uses a turbidostat and the second us
two-stage chemostat (see Chapter 2). A turbidosta
continuous-flow system provided with a photoe
cell to determine the turbidity of the culture and
tain the turbidity between set points by initiating
terminating the addition of medium. Thus, washo\l
avoided as the medium supply will be switched 0

the biomass falls below the lower fixed point. The
of a turbidostat will result in selection on the bas"
maximum specific growth rate as it operates at
levels of limiting substrate. Thus, although the us
the turbidostat removes the danger of washout it is
as flexible a system as the chemostat which may
used at a range of dilution rates. The two-stage che
stat described by Harrison (1978) is very simila
Johnson's (1972) procedure. The first stage of the
tem was used as a continuous inoculum for the sec
stage and consisted of a large bottle containing a
medium inoculated with a soil infusion. Contin
inoculation was employed until an increasing a
bance was observed in the second stage. Bull (1
advocated the use of feed-back continuous system
the isolation of strains with particularly high affini
substrate and this approach would also guard ag
premature washout.

The use of continuous enrichment culture has
quently resulted in the selection of stable, mixed
tures presumably based on some form of symt>
relationship. It is extremely unlikely that such III
stable systems could be isolated by batch techniqu
that the adoption of continuous enrichment may
in the development of novel, mixed culture fermy
tions. Harrison et al. (1972) isolated a mixed. cui
using methane as the carbon source in a con@
enrichment and demonstrated that the mixture
tained one methylotroph and a number of non-ill
otrophic symbionts. The performance of tM
ylotroph in pure culture was invariably poorer
mixture in terms of growth rate, yield and
stability.

Continuous enrichment has also been used
isolation of organisms to be used in systems

~---A

£------8

t

Residual substrate concentration

FiG. 3.2. The effect of substrate concentration on the specific
growth rates of two micro-organisms A and B.
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organisms not so readily recovered by batch tech
niques.

Continuous enrichment techniques are especially
valuable in isolating organisms to be used in a continu
ous-flow commercial process. Organisms isolated by
batch enrichment and purification on solid media fre
quently perform poorly in continuous culture (Harrison
et al., 1976), whereas continuous enrichment provides
an organism, or mixture of organisms, adapted to cont
inuous culture. The enrichment procedure should be
designed such that the predicted isolate meets as many
of the criteria of the proposed process as possible and
both Johnson (1972) and Harrison (1978) have dis
cussed such procedures for the isolation of organisms
to be used for biomass production. Johnson empha
sized the importance of using the carbon source to be
employed in the subsequent commercial process as the
sole source of organic carbon in the enrichment
medium, and that the medium should be carbon limited.
The inclusion of other organic carbon sources, such as
vitamins or yeast extract, may result in the isolation of
strains adapted to using these, rather than the principal
carbon source, as energy sources. The isolation of an
organism capable of growth on a simple medium should
also form the basis of a cheaper commercial process
and should be more resistant to contamination - a
major consideration in the design of a commercial
continuous process. The use of as high as possible an
isolation temperature should also result in the isolation
of a strain presenting minimal cooling problems in the
subsequent process.

The main difficulty in using a continuous-enrichment
process is the washout of the inoculum before an
adapted culture is established. Johnson (1972) sug
gested that the isolation process should be started in
batch culture using a 20% inoculum and as soon as
growth is observed, the culture should be transferred to
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selective advantage which may
an isolation procedure. Exam-

pn)dtictilon of antibiotics and growth
a pool of organisms has to be

I:jse:qu1ently tested for the desired charac
pr()blem faced by industrial microbi-

slttlatlion is the reisolation of strains
screened many times before.

'rell),renltioln of the wheel' syndrome may
ways:

pf()Cedures to favour the isolation
are less likely to have

(ij) Identifying selectable features correlated with
the unselectable industrial trait thus enabling
an enrichment process to be developed.

Much use has been made of numerical taxonomic
data bases to design media selective for particular taxa.
For example, Williams' group at Liverpool University
(U.K.) used such databases to design isolation media to
either encourage the growth of uncommon strep
tomycetes or to discourage the growth of Streptomyces
albidoflavus (Vickers et al., 1984; Williams and Vickers,
1988). Several groups of workers have taken advantage
of the antibiotic sensitivity information stored in tax
onomic databases to design media selective for particu
lar taxa, as shown in Table 3.2. The incorporation of
particular antibiotics into isolation media may result in
the selection of the resistant taxa. Such techniques are
reviewed by Goodfellow and O'Donnell (1989) and Bull
(1992). Bull emphasized that the taxonomic approach
may be optimized and developed according to Fig. 3.1.
The isolates from an isolation procedure would be
screened for activity and then the growth requirements
of the positive cultures determined. This knowledge
can then be used to optimize the isolation medium and
the cycle begins again.

Whilst taxonomic databases are a convenient source
of information, it is important to appreciate Huck et
a!.'s (1991) observation that these systems were de
signed to provide information for taxonomic differen
tiation within a group. Thus, some of the diagnostic
data may not be applicable to isolation systems. More
significantly, the reactions of organisms outside the
taxon in question would not be listed. Of course, an
environmental sample contains a vast variety of organ
isms and the design of isolation media based on
knowledge of only one taxon may inadvertently result
in the preferential isolation of undesirable types. Huck
et al. (1991) used the statistical stepwise discrimination
analysis (SDA) technique to design media for the posi
tive selection of antibiotic producing soil isolates. This
was achieved by characterizing a collection of eubacte
rial and actinomycete soil isolates according to 43
physiological and nutritional tests. Certain features
were identified which, when used as selective factors,
enhanced the probability of either isolating acti
nomycetes or antibiotic producing actinomycetes. These
features are shown in Table 3.3. Using this approach
several media were developed which enhanced the
isolation of antibiotic producers.

The most desirable isolation medium would be one
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TABLE 3.2 Antibacterial compounds used in selective media for the isolation of actinomycetes
(Goodfellow and O'Donnell, 1989)

Screening methods

Reference

Preobrazhenskayai et al.
(J 975)
Tomita et al. (l980)
Bibikova et al. (1981)
Chormonova (1978)
Yoshioka (1952)
Sveshnikova et al. (1976)
Willoughby (1971)
Wakkisaka et al. (1982)

1. Prepare a range of media in which different types
of nutrients become growth-limiting e.g. C, N, P, a

2. For each type of nutrient depletion use different
forms of the growth-sufficient nutrient

3. Use a polymeric or complexed form of the grc)wth-Jllmlung
nutrient

4. Avoid the use of readily assimilated forms of carbon
or nitrogen (NHt) that may cause catabolite repression

5. Ensure that known cofactors are present (Co H , Mg 2
+,

Fe2+).
6. Buffer to minimize pH changes.

TABLE 3.4 Guidelines for 'ove/production media' (Nisbet,

screens serves as an excellent illustration of the
opment of more precise, targeted systems.

Antibiotics were initially detected by growing
potential producer on an agar plate in the presen
an organism (or organisms) against which antimicr
action was required. Production of the antibiotic
detected by inhibition of the test organism(s). Alt
tively, the microbial isolate could be grown in.Jj
culture and the cell-free broth tested for activity.
approach was extended by using a range of organ
to detect antibiotics with a defined antibacterials
trum. For example, Zahner (1978) discussed the us
test organisms to detect the production of antibiQ
with confined action spectra. The use of Bacillus
tilis and Streptomyces viridochromogenes or Clostli
pasteurianum allows the identification of antibiotics
a low activity against B. subtilis and a high act'
against the other test organisms. Such antibiotics
be new because they would not be isolated by the rn
common tests using B. subtilis alone. The kirrorn
group of antibiotics were discovered using metho
this type.

In the 15 years prior to 1971, no novel
occurring ,B-lactams were discovered
Porter, 1989). However, the advances made

Micromonospora

Target organism

Microtetraspora
Micromonospora
Actinomadura
Streptomyces
Micromonospora
Actinoplanes
Micromonospora

Proline
Glucose (1.0%)
Glycerol
Starch
Humic acid (0.1 %)

Zinc
Alanine
Potassium
Vitamins
Cobalt (0.05%)
Phenol (0.01 %)
Asparagine

Substrates selective for
antibiotic-producting

actinomycetes

Bruneomycin

Selective agent

Dihydroxymethylfuratriazone
Gentamycine
Kanamycin
Nitrofurazone
Novobiocin
Tellurite
Tunicamycin

TABLE 3.3 Selective substrates for the isolation of actinomycetes and
antibiotic-producing actinomycetes
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which selects for the desired types and also allows
maximum genetic expression. Cultures grown on such
media could then be used directly in a screen. How
ever, it is more common that, once isolated, the organ
isms are grown on a range of media designed to en
hance productivity. Nisbet (1982) put forward some
guidelines for the design of such media and these are
summarized in Table 3.4.

Early screening strategies tended to be empirical,
labour intensive and had relatively low success rates.
As the number of commercially important compounds
isolated increased, the success rates of such screens
decreased further. Thus, new screening methods have
been developed which are more precisely targeted to
identify the desired activity. The evolution of antibiotic

Substrates selective
for Actinomycetes
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Proline
Glucose (1.0%)
Glycerol
Starch
Humic acid (0.1%)
Propionate (0.1 %)
Methanol
Nitrate
Calcium
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be incorporated with ampicillin
agent. Samples were

to increase the inhibitory effect
producing Klebsiella

resulted in the discovery of
examples of targeted antibiotic

the excellent review by Nisbet and

the inhibition of enzymes as a
was pioneered by Umezawa

for microbial products inhibiting
metabolism. His approach was

if a compound inhibits a key
it may have a pharmacological

screens have been applied to a
targets and have re

jscilation of several important drugs. From
et al. (1980) isolated mevinolin

tlhihitt)j' of hydroxy-methyl-glutaryl reduc
step in the biosynthesis of sterols.

as an agent to lower high choles
list the following clinical situa-

)11icrclbi;l! products have been shown to
tl7'VI11f'~' hypercholesterolaemia, hyperten
llitlanlmati,on, muscular dystrophy, benign

and systemic lupus erythemosus.
example is provided by the work of

The activity of carbapenem
therapy due to renal dehydropepti-

dase activity. These workers isolated microbial products
capable of inhibiting the enzyme which could then be
administered along with the antibiotic to maintain its
clinical activity.

The detection of pharmacological agents by recep
tor-ligand binding assays has been developed rapidly
by pharmaceutical companies (Bull, 1992). These are
extensions of the enzyme inhibitor approach but agents
which block receptor sites are likely to be more effec
tive at very low concentrations. The gastrointestinal
hormone cholecystokinin (CCK) controls a range of
digestive activities such as pancreatic secretion and gall
bladder contraction. Receptor screening identified a
fungal metabolite, aperlicin (from Aspergillus alliaceus)
that had a very high affinity for CCK receptors. Al
though the fungal product did not prove to be a suit
able drug it was used as a model for the design of
analogues which were receptor binders and pharmaco
logically acceptable.

The progress in molecular biology, genetics and im
munology has also contributed extensively to the devel
opment of innovative screens, by enabling the construc
tion of specific detector strains, increasing the availabil
ity of enzymes and receptors and constructing ex
tremely sensitive assays. Bull (1992) summarized the
major contributions as follows:

(i) The provision of test organisms that have in
creased sensitivities, or resistances, to known
agents. For example, the use of super-sensitive
strains for the detection of l3-lactam antibi
otics.

(ii) The cloning of genes coding for enzymes or
receptors that may be used in inhibitor or
binding screens makes such materials more
accessible and available in much larger
amounts.

(iii) The development of reporter gene assays. A
reporter gene is one which codes for an easily
assayable product so that it can be used to
detect the activation of a control sequence to
which it is fused. Such systems have been used
in the search for metabolites that disrupt viral
replication.

(iv) Molecular probes for particular gene se
quences may enable the detection of organisms
capable of producing certain product groups.
This information may be used to focus the
search on these organisms in an attempt to
find novel representatives of an already known
commercially attractive chemical family.
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(v) The development of immunologically based as
says such as ELISA.

It is important to appreciate at this stage that the
advances in the biological sciences which have enabled
the design of sophisticated screening tests have been
paralleled by the development of robotic automation
systems. This means that the engineering now exists to
automate such tests, resulting in an enormous through
put. Indeed, Nisbet and Porter (1989) claimed that "the
modern microbial discovery programme must achieve
rates of 105 tests per year, for as many as 20 different
assay systems, to compete in the race for novel thera
peutics."

THE PRESERVATION OF INDUSTRIALLY
IMPORTANT MICRO-ORGANISMS

The isolation of a suitable organism for a commer
cial process may be a long and very expensive proce
dure and it is therefore essential that it retains the
desirable characteristics that led to its selection. Also,
the culture used to initiate an industrial fermentation
must be viable and free from contamination. Thus,
industrial cultures must be stored in such way as to
eliminate genetic change, protect against contamina
tion and retain viability. An organism may be kept
viable by repeated sub-culture into fresh medium, but,
at each cell division, there is a small probability of
mutations occurring and because repeated sub-culture
involves very many such divisions, there is a high
probability that strain degeneration would occur. Also,
repeated sub-culture carries with it the risk of contami
nation. Thus, preservation techniques have been devel
oped to maintain cultures in a state of 'suspended
animation' by storing either at reduced temperature or
in a dehydrated form. Full details of the techniques are
given by Kirsop and Doyle (1991).

Storage at reduced temperature

STORAGE ON AGAR SLOPES

Cultures grown on agar slopes may be stored in a
refrigerator (5°) or a freezer (- 20°) and sub-cultured
at approximately 6-monthly intervals. The time of sub
culture may be extended to I year if the slopes are
covered with sterile medicinal grade mineral oil.

STORAGE UNDER LIQUID NITROGEN

The metabolic activities of micro-organisms may be
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reduced considerably by storage at the very low tem
peratures (-150° to -196°) which may be achieved
using a liquid nitrogen refrigerator. Snell (1991) claimed
that this aproach is the most universally applicable of
all preservation methods. Fungi, bacteriophage, viruses,
algae, yeasts, animal and plant cells and tissue cultures
have all been successfully preserved. The technique
involves growing a culture to the maximum stationary
phase, resuspending the cells in a cryoprotective agent
(such as 10% glycerol) and freezing the suspension in
sealed ampoules before storage under liquid nitrogen.
Some loss of viability is suffered during the freezing
and thawing stages but there is virtually no loss during
the storage period. Thus, viability may be predictable
even after a period of many years. Snell (1991) sug
gested that liquid nitrogen is the method of choice for
the preservation of valuable stock cultures and may be
the only suitable method for the long term preservation
of cells that do not survive freeze-drying. Although the
equipment is expensive the process is economical on
labour. However, the method has the major disadvan
tage that liquid nitrogen evaporates and must be re
plenished regularly. If this is not done, or the apparatus
fails, then the consequences are the loss of the collec
tion.

Storage in a dehydrated form

DRIED CULTURES

Dried soil cultures have been used widely for culture
preservation, particularly for sporulating mycelial or
ganisms. Moist, sterile soil may be inoculated with a
culture and incubated for several days for some growth
to occur and then allowed to dry at room temperature
for approximately 2 weeks. The dry soil may be stored
in a dry atmosphere or, preferably, in a refrigerator.
The technique has been used extensively for the storage
of fungi and actinomycetes and Pridham et al. (1973)
observed that of 1800 actinomycetes dried on soil about
50% were viable after 20-years storage.

Malik (1991) described methods which extend the
approach using substrates other than soil. Silica gel and
porcelain beads are suggested alternatives and detailed
methods are given for these simple, inexpensive tech
niques in Malik's discussion.

LYOPHILIZATION

Lyophilization, or freeze-drying, involves the freez
ing of a culture followed by its drying under vacuum,
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results in the sublimation of the cell water. The
technique involves growing the culture to the maximum
stationary phase and resuspending the cells in a protec
tive medium such as milk, serum or sodium glutamate.
A few drops of the suspension are transferred to an
ampoule, which is then frozen and subjected to a high
vacuum until sublimation is complete, after which the
ampoule is sealed. The ampoules may be stored in a
refrigerator and the cells may remain viable for 10
years or more (Perlman and Kikuchi, 1977).

Lyophilization is very convenient for service culture
collections (Snell, 1991) because, once dried, the cul
tures need no further attention and the storage equip
ment (a refrigerator) is cheap and reliable. Also, the
freeze dried ampoules may be dispatched as such, still
in a state of 'suspended animation' whereas liquid
nitrogen stored cultures begin to deteriorate. However,
freeze-dried cultures are tedious to open and revitalize
and several sub-cultures may be needed before the
cells regain their typical characteristics. Overall, the
technique appears to be second only to liquid nitrogen
storage and even when liquid nitrogen is used makes
an excellent insurance against the possibility of the
breakdown of the nitrogen freezer. The technique is
considered in detail by Rudge (1991).

Quality control of preserved stock cultures

Whichever technique is used for the preservation of
an industrial culture it is essential to be certain of the
quality of the stocks. Each batch of newly preserved
cultures should be routinely checked to ensure their
quality and such a procedure has been outlined by
Lincoln (1960): a single colony of the culture to be
preserved is inoculated into a shake flask and the
growth of the culture observed to ensure a typical
growth pattern; after a further shake-flask sub-culture
the broth is used to prepare a large number of storage
ampoules. At least 3% of the ampoules are reconsti
tuted and the cultures assessed for purity, viability and
productivity. If the samples fail anyone of these tests
the entire batch should be destroyed. Thus, by the use
of such a quality-control system stock cultures may be
retained, and used, with confidence.

THE IMPROVEMENT OF INDUSTRIAL
MICRO-ORGANISMS

Natural isolates usually produce commercially im
portant products in very low concentrations and there-

fore every attempt is made to increase the productivity
of the chosen organism. Increased yields may be
achieved by optimizing the culture medium and growth
conditions, but this approach will be limited by the
organism's maximum ability to synthesize the product.
The potential productivity of the organism is controlled
by its genome and, therefore, the genome must be
modified to increase the potential yield. The cultural
requirements of the modified organism would then be
examined to provide conditions that would fully exploit
the increased potential of the culture, while further
attempts are made to beneficially change the genome
of the already improved strain. Thus, the process of
strain improvement involves the continual genetic mod
ification of the culture, followed by reappraisals of its
cultural requirements.

Genetic modification may be achieved by selecting
natural variants, by selecting induced mutants and by
selecting recombinants. There is a small probability of
a genetic change occurring each time a cell divides and
when it is considered that a microbial culture will
undergo a vast number of such divisions it is not
surprising that the culture will become more heteroge
neous. The heterogeneity of some cultures can present
serious problems of yield degeneration because the
variants are usually inferior producers compared with
the original culture. However, variants have been
isolated which are superior producers and this has
been observed frequently in the early stages in the
development of a natural product from a newly isolated
organism. An explanation of this phenomenon for
mycelial organisms may be that most new isolates are
probably heterokaryons (contain more than one type of
nucleus) and the selection of the progeny of uninucle
ate spores results in the production of homokaryons
(contain only one type of nucleus) which may be supe
rior producers. However, the phenomenon is also
observed with unicellular isolates which are certainly
not heterokaryons. Therefore, it is worthwhile to peri
odically plate out the producing culture and screen a
proportion of the progeny for productivity; this practice
has the added advantage that the operator tends to
become familiar with morphological characteristics as
sociated with high productivity and, by selecting 'typi
cal' colonies, a strain subject to yield degeneration may
still be used with consistent results.

Therefore, selection of natural variants may result in
increased yields but it is not possible to rely on such
improvements, and techniques must be employed to
increase the chances of improving the culture. These
techniques are the isolation of induced mutants and
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FIG. 3.4. The spread in chlortetracycline productivity of the sur
vivors of a UV-treated population of Streptomyces uilidifaciens
(Dulaney and Dulaney, 1967).

tions are deleterious to the yield of the desired product
but, as shown in Fig. 3.3, a minority are more produc
tive than the parent. The problem of obtaining the
high-yielding mutants may be approached from two
theoretical standpoints; the number of desirable mu
tants may be increased by 'directed mutation', i.e. the
use of a technique which will preferentially produce
particular mutants at a high rate; or techniques may be
developed to improve the separation of the few desir
able types from the large number of mediocre produc
ers.

Inherent in the concept of directed mutation is the
assumption that a mutation programme can be op
timized to produce mutants of a particular kind. The
choice of mutagen was demonstrated to affect the
success of mutation programmes early in the history of
strain improvement schemes. For example, Hostalek
(1964) claimed that ultraviolet radiation was the most
effective mutagen for increasing the yield of tetracy
cline by strains of Streptomyces aureofaciens. DeWitt et
ai. (1989) emphasized that as well as certain mutagens
being more beneficial, the dose will affect the genera
tion of the desired types. Despite these observations it
is frequently the case that it is difficult to predict what
type of mutation is required at the molecular level to
improve a strain, and therefore it is extremely unlikely
that the concept of directed mutation can be applied in
these circumstances. Thus, it is the second approach
specified above that is likely to provide the solution to
this type of problem, i.e. the development of selection
techniques.
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recombination. The most dramatic examples of strain
improvement come from the applications of recombi
nant DNA technology which has resulted in organisms
producing compounds which they were not able to
produce previously. Furthermore, the advances in these
techniques have resulted in very significant improve
ments in the production of conventional fermentation
products. However, it should be remembered that these
methods have not replaced mutant isolation but have
made an invaluable addition to an impressive reper
toire. The techniques of mutant isolation have con
tributed enormously to the development of present-day
industrial strains and these techniques will be con
sidered first. The applications of recombination systems
will then be discussed along with the interactions
between mutant isolation and recombination in strain
improvement advances.

Dulaney and Dulaney (1967) compared the spread in
productivity of chlortetracycline of natural variants of
Streptomyces viridifaciens with the spread in productiv
ity of the survivors of an ultraviolet treatment. The
results of their comparison are shown in Figs 3.3 and
3.4, from which it may be seen that although there are
more inferior producers amongst the survivors of the
ultraviolet treatment there are also strains producing
more than twice the parental level, far greater than the
best of the natural variants. The use of ultraviolet light
is only one of a large number of physical or chemical
agents which increase the mutation-rate - such agents
are termed mutagens. The reader is referred to Baltz
(1986) and Birge (1988) for accounts of the modes of
action of mutagens. The vast majority of induced muta-

o 20 60 100 140 180

Productivity (% of parent)

FIG. 3.3. The spread in productivity of chortetracycline of natural
variants of Streptomyces uiridifaciens (Dulaney and Dulaney, 1967).
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sion. Feedback inhibition is the situation where the end
product of a biochemical pathway inhibits the activity
of an enzyme catalysing one of the reactions (normally
the first reaction) of the pathway. Inhibition acts by the
end product binding to the enzyme at an allosteric site
which results in interference with the attachment of
the enzyme to its substrate. Feedback repression is the
situation where the end product (or a derivative of the
end product) of a biochemical pathway prevents the
synthesis of an enzyme (or enzymes) catalysing a reac
tion (or reactions) of the pathway. Repression occurs at
the gene level by a derivative of the end product
combining with the genome in such a way as to prevent
the transcription of the gene into messenger RNA,
thus resulting in the prevention of enzyme synthesis.

Feedback inhibition and repression frequently act in
concert in the control of biosynthetic pathways, where
inhibition may be visualized as a rapid control which
switches off the biosynthesis of an end product and
repression as a mechanism to then switch off the
synthesis of temporarily redundant enzymes. The con
trol of pathways giving rise to only one product (i.e.
unbranched pathways) is normally achieved by the first
enzyme in the sequence being susceptible to inhibition
by the end product and the synthesis of all the enzymes
being susceptible to repression by the end product, as
shown in Fig. 3.5.

The control of biosynthetic pathways giving rise to a
number of end products (branched pathways) is more
complex than the control of simple, unbranched se
quences. The end products of the same, branched
biosynthetic pathway are rarely required by the micro
organism to the same extent, so that if an end product
exerts control over a part of the pathway common to
two, or more, end products then the organism may
suffer deprivation of the products not participating in
the control. Thus, mechanisms have evolved which en
able the level of end products of branched pathways to
be controlled without depriving the cell of essential
intermediates. The following descriptions of these
mechanisms are based on the effect of the control,
which may be arrived at by inhibition, repression or a
combination of both systems.

r--------- ---1• •A-B-C-D-E
T r TTl

___J Feedback inhibition

-.--r Feedback repression

FIG. 3.5. The control of a biosynthetic pathway converting precur
sor A to end product E via the intermediates B, C and D.
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FIG. 3.6. Thc control of a biosynthetic pathway by the concerted
effects of products D and F on the first enzyme of the pathway.

Concerted or multivalent feedback control. This con
trol system involves the control of the pathway by more
than one end product the first enzyme of the
pathway is inhibited or repressed only when all end
products are in excess, as shown in Fig. 3.6. . . .

Co-operative feedback control. The system IS sImIlar
to concerted control except that weak control may be
effected by each end product independently. Thus,. the
presence of all end products in excess resul~s .m a
synergistic repression or inhibition. The system IS Il.lus
trated in Fig. 3.7 and it may be seen that for efficIent
control to occur when one product is in excess there
should be a further control operational immediately
after the branch point to the excess product. Thus, the
reduced flow of intermediates will be diverted to the
product which is still required.

Cumulative feedback control. Each of the end
products of the pathway inhibits the first enzyme by a
certain percentage independently of the other end
products. In Fig. 3.8 both D and F independe~tly

reduce the activity of the first enzyme by 50%, resultmg
in total inhibition when both products are in excess. As
in the case of co-operative control, each end product
must exert control immediately after the branch point
so that the common intermediate, B, is diverted away
from the pathway of the product in excess.

Sequential feedback control. Each end product of the
pathway controls the enzyme immediately after the

,- -----l

I x-x-x-x I
I / \ I
I + /C-~ I

k' / e- _J)- I
A--B -.J

'\ \e-------"
\ E-l

x-x-x-x

- - - ... Complete control

-x- Partial control

FIG. 3.7. The control of a biosynthetic pathway by the co-oper
ative control by end products D and F.
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FIG. 3.8. The control of a biosynthetic pathway by the cumulative
control of products D and F.

branch point to the product. The intermediates which
then build up as a result of this control earlier enzymes
in the pathway. Thus, in Fig. 3.9, D inhibits the conver
sion of B to C, and F inhibits the conversion of B to E.
The inhibitory action of D, F, or both, would result in
an accumulation of B which, in turn, would inhibit the
conversion of A to B.

Lsoenzyme control. Isoenzymes are enzymes which
catalyse the same reaction but differ in their control
characteristics. Thus, if a critical control reaction of a
pathway is catalysed by more than one isoenzyme, then
the different isoenzymes may be controlled by the
different end products. Such a control system should be
very efficient, provided that control exists immediately
after the branch point so that the reduced flow of
intermediates is diverted away from the product in
excess. An example of the system is shown in Fig. 3.10.

Thus, the levels of microbial metabolites may be
controlled by a variety of mechanisms, such that end
products are synthesized in amounts not greater than
those required for growth. However, the ideal indus
trial micro-organism should produce amounts far
greater than those required for growth and, as sug-

,-------l
\ I
\ c-or-lY

AL'B

""E-F
I I

L .-J

Feedback control

FIG. 3.9. The control of a biosynthetic pathway by sequential
feedback control.
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3.10, The control of two isoenzymes (catalysing the conver·
of A to B) by end products D and F.

earlier, an understanding of the control of pro
of a metabolite may enable the construction of

'blueprint' of the most useful industrial mutant, i.e.
one where the production of the metabolite is not
restricted by the organism's control system. Such postu
lated mutants may be modified in three ways:

1. The organism may be modified such that the end
products which control the key enzymes of the
pathway are lost from the cell due to some
abnormality in the permeability of the cell mem
brane.

2. The organism may be modified such that it does
not produce the end products which control the
key enzymes of the pathway.

3. The organism may be modified such that it does
not recognize the presence of inhibiting or re
pressing levels of the normal control metabolites.

glutamate suggested the possibility of the genetic modi
fication of permeability to achieve high levels of pro
ductivity. Thus, it is relevant at this stage to consider
the physiology of glutamate production by biotin-limited
culture.

Kinoshita's isolate was not only deficient in its ability
to produce biotin but also in the level of a-keto
glutarate dehydrogenase, which normally converts a

ketoglutarate to succinate in the tricarboxylic acid cy
cle. Thus, a metabolic block results in the accumulation
of a large concentration of a-ketoglutarate which the
organism converts to glutamic acid. Oxaloacetate is
regenerated in glutamate producers by the activity of
the glyoxylate pathway as shown in Fig. 3.11.

When C glutamicum was grown in a medium con
taining a high concentration of biotin, the organism
synthesized glutamate at a level of 25-36 JLg mg -1 dry
weight of cells, further production being assumed to be
prevented by some form of feedback control by gluta
mate of its own synthesis (Demain and Birnbaum,

Glucose

J,
J

Acetate

I
Acetyl coenzyme A.

Succinate

Glyoxylate

Fumarate

!
Malate

(

Citrate

\
Isocitrate

I
~- KetoglutaraterNH

:

Glutamate

FIG. 3.11. Biosynthesis of glutamate by C. glutamicum. Heavy
lines indicate the route to glutamate and the light lines indicate
the route in the regeneration of oxaloacetate via the glyoxylate
cycle.

MODIFICATION OF THE PERMEABILITY

The best example of the modification of the perme
ability of a micro-organism is provided by the glutamic
acid fermentation. Kinoshita et al. (l957a) isolated a
biotin-requiring, glutamate-producing organism, subse
quently named Corynebacterium glutamicum, the
permeability of which could be modified by the level of
biotin. Provided that the level of biotin in the produc
tion medium was below 5 JLg dm- 3 then the organism
would excrete glutamate, but at concentrations of bi
otin optimum for growth the organism produced lac
tate (Kinoshita and Nakayama, 1978). Thus, the perme
ability of C glutamicum may be controlled by the
composition of the culture medium and, as such, is not
an example of strain improvement in the sense that the
term has been used in this chapter. However, the
isolation of C glutamicum was a major advance in the
microbial production of amino acids and the demon
stration of the role of permeability in the production of
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1968). Under conditions of biotin limitation, glutamate
was released from the cells and accumulated to a level
of up to 50 g dm -3. The increased permeability of the
biotin-limited cells to glutamate corresponds with a
change in the fatty acid and phospholipid content of
the cell envelopes. The crucial factor in the control of
permeability appears to be the synthesis of membranes
deficient in phospholipids (Nakao et aI., 1973).

The role of biotin in the glutamate fermentation
obviously necessitates the inclusion of limiting levels of
biotin in the medium. Thus, the use of crude carbon
sources such as cane molasses, which are rich in biotin,
presented difficulties which have been overcome by the
modification of the permeability by means other than
biotin limitation. The inclusion of penicillin or fatty
acid derivatives such as polyoxyethylene sorbitan
mono-oleate (Tween 80) during logarithmic growth in
biotin-rich medium caused an aberration of the cell
envelope permeability resulting in the release of gluta
mate (Udagawa et ai., 1962).

The production of glutamate from hydrocarbons (as
carbon sources) has also presented difficulties in the
control of permeability, in that the assimilation of
hydrocarbons results in the production of fatty acids
which effectively bypasses the site of biotin control
(Nakao et ai., 1972). The permeability of the producing
organism may be controlled by the addition of peni
cillin (Wang et ai., 1979) but a genetic solution to this
problem has also been found. Nakao et al. (1970)
isolated a glycerol requiring auxotrophic mutant of
COlynebacterium aikanoiyticum in which phospholipid
synthesis was controlled by the supply of glycerol. The
mutant produccd about 40 g dm -3 glutamate when
grown on n-paraffins in the presence of 0.01% glycerol
(Nakao et ai., 1972). Thus, an understanding of the
mode of action of biotin limitation in the glutamate
fermentation has led to the use of genetic modification
of permeability as a method to overcome the normal
control mechanisms of the producing organism.

THE ISOLATION OF MUTANTS WHICH DO
NOT PRODUCE FEEDBACK INHIBITORS
OR REPRESSORS

Mutants which do not produce certain feedback
inhibitors or repressors may be useful for the produc
tion of intermediates of unbranched pathways and in
termediates and end products of branched pathways.
Demain (1972) presented several 'blue-prints' of hypo
thetical mutants producing intermediates and end
products of biosynthetic pathways and these are illus
trated in Fig. 3.12. The mutants illustrated in Fig. 3.12
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do not produce some of the inhibitors or repressors
the pathways considered and, thus, the control of
pathway is lifted, but, because the control factors
also essential for growth, they must be
into the medium at concentrations which will
growth to proceed but will not evoke the normal
trol reactions.

In the case of Fig. 3.12(1) the unbranched pathway
normally controlled by feedback inhibition or
sion of the first enzyme of the pathway by the
product, E. However, the organism represented in Fig.
3.12(1) is auxotrophic for E due to the inability to
convert C to D so that control of the pathway is
and C will be accumulated provided that E is mc;!U<jed
in the medium at a level sufficient to maintain growth
but insufficient to cause inhibition or repression.

Figure 3.12(2) is a branched pathway controlled by
the concerted inhibition of the first enzyme in the
pathway by the combined effects of E and G. The
mutant illustrated is auxotrophic for E due to an inabil
ity to convert C to D, resulting in the removal of the
concerted control of the first enzyme. Provided that E
is included in the medium at a level sufficient to allow
growth but insufficient to cause inhibition then C will
be accumulated due to the control of the end product
G on the conversion of C to F. The example shown in
Fig. 3.12(3) is similar to that in Fig. 3.12(2) except that
it is a double auxotroph and requires the feeding of
both E and G. Figure 3.12(4) is, again, the same path
way and illustrates another double mutant with the
deletion for the production of G occurring between F
and G, resulting in the accumulation of F.

Figure 3.12(5) illustrates the accumulation of an end
product of a branched pathway which is normally con
trolled by the feedback inhibition of the first enzyme in
the pathway by the concerted effects of E and 1. The
mutant illustrated is auxotrophic for I and G due to
inability to convert C to F and, thus, provided G and I
are supplied in quantities which will satisfy
requirements without causing inhibition, the end
product, E, will be accumulated.

All the hypothetical examples discussed above are
auxotrophic mutants and, under certain circumstances,
may accumulate relatively high concentrations of inter
mediates or end products. Therefore, the isolation of
auxotrophic mutants may result in the isolation of
high-producing strains, provided that the mutation for
auxotrophy occurs at the correct site, e.g. between C
and D in Figs 3.12(1) and (2). The recovery of aux
otrophs is a simpler process than is the recovery of high
producers, as such, so that the best approach is to
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utilizing penicillin as the inhibitory agent. The survivors
of a mutation treatment were first cultured in complete
medium, harvested by centrifugation, washed and re
suspended in minimal medium plus penicillin. Only the
growing prototrophic cells were susceptible to the peni
cillin and the non-growing auxotrophs survived. The
cells were harvested by centrifugation, washed (to re
move the penicillin and products released from lysed
cells) and resuspended in complete medium to allow
the growth of the auxotrophs, which could then be
purified on solid medium. The nature of the aux
otrophs isolated may be determined by the design of
the so-called complete medium; if only one addition is
made to the minimal medium then mutants aux
otrophic for the additive should be isolated.

Abe (1972) described the use of Davis' technique to
isolate auxotrophic mutants of the glutamic acid pro
ducing organism C. glutamicum. The procedure is out
lined in Fig. 3.13.

Advantage has also been taken of the fact that the
ungerminated spores of some organisms are more re
sistant to certain compounds than are the germinated
spores. Thus, by culturing mutated spores in minimal
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of micro-organisms.

an enrichment technique

t"n.'()¢e,dUl'e to select relevant auxotrophs from
a mutation and subsequently screen

for productivity. Productive
auxotrophs may be detected by

<:;ollonies of the mutants with agar suspen
aw(otlrophic for the required product.

pt()dJ.:lcirlg mutants may be identified by the
around the producer. The most

methods for the recovery of aux
are the use of some form of enrich
the use of a technique to visually

()y,~rprodlucltion of primarymetabolites by decreasing the concentration of a repressing or inhibiting end product.· .. Site of
iCtrll1tllticons; ----,,ree'ooacK regulation; -> overproduced product (Demain, 1972).



EXAMPLES OF THE USE OF AUXOTROPHS
FOR THE PRODUCTION OF PRIMARY
METABOLITES

Many auxotrophic mutants have been produced
C. glutamicum for the synthesis of both amino
and nucleotide related compounds. C. glutamicum is a
biotin-requiring organism which will produce glultaluic
acid under biotin-limited conditions but it is importa:nt
to remember that mutants of this organism, errlpl;Dy,~d

for the production of other amino acids, must be
plied with levels of biotin optimum for growth.
limited conditions will result in these mutants
ing glutamate and not the desired amino acid.

Auxotrophic mutants of C. glutamicum have
used for the production of lysine. The control of
production of the aspartate family of amino acids in
glutamicum is shown in Fig. 3.14. Aspartokinase,

The visual identification of auxotrophs is based
the alternating exposure of suspected colonies to
plemented and minimal media. Colonies which grow
supplemented media, but not on minimal, are
otrophic. The alternating exposure of colonies to
plemented and minimal medium has been achieved
replica plating (Lederberg and Lederberg, 1952).
technique consists of allowing the survivors of a
tion treatment to develop colonies on petri dishes
supplemented medium and then transferring a
of each colony to minimal medium. The transfer
may be 'mechanized' by using some form of reI>!icatc)r.
For bacteria the replicator is a sterile velvet pad
tached to a circular support and replication is aclue'ved
by inverting the petri dish on to the pad, thus
an imprint of the colonies on the pad which may
used to inoculate new plates by pressing the plates
to the pad. It may be possible to replicate fungal
streptomycete cultures using a velvet pad, but, if
isfactory results are obtained, a steel pin replicator
be more appropriate.

Visual identification of auxotrophs has also
achieved by the so-called 'sandwich technique'.
survivors of a mutation treatment are seeded in a
of minimal agar in a petri dish and covered with a
of sterile minimal agar. The plate is incubated for 1
2 days and the colonies developed are marked on
base of the plate, after which a layer of SUIJpl,emented
agar is poured over the surface. The colonies
then appear after a further incubation period are aux
otrophic, as they were unable to grow on the llllllllll'"

medium.
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FIG. 3.13. The use of the penicillin selection method for the
isolation of auxotrophic mutants of C. glutamicum (Abe, 1972).
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~
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medium only the prototrophs will germinate and subse
quent treatment of the spore suspension with a suitable
compound would kill the germinated prototrophic
spores but leave the ungerminated auxotrophic spores
unharmed. The auxotrophic spores may then be isolated
by washing, to remove the inhibitor, and cultured on
supplemented medium. Ganju and Iyengar (1968) de
veloped a technique of this type using sodium pen
tachlorophenate against the spores of Penicillium
chrysogenum, Streptomyces aureofaciens, S. olivaceus and
Bacillus subtilis.

The mechanical separation of auxotrophic and pro
totrophic spores of filamentous organisms has been
achieved by the 'filtration enrichment method'
(Catcheside, 1954). Liquid minimal medium is inocu
lated with mutated spores and shaken for a few hours,
during which time the prototrophs will germinate but
the auxotrophs will not. The suspension may then be
filtered through a suitable medium, such as sintered
glass, which will tend to retain the germinated spores
resulting in a concentration of auxotrophic spores in
the filtrate.
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Isoleucine

FIG. 3.14. The control of the aspartate family of amino acids in C.
glutamicum.

- - - .... Feedback inhibition
_ Biosynthetic route

FIG. 3.15. The control of the biosynthesis of arginine in C. glu
tamicum.
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N-acetyl glutamate

1----------,
N-acetylglutamyl phosphate
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N-acetylglutamic semialdehyde
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N-acetylornithine
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l
Argino iuccinate I

Arginine -- - - --- J

concerted feedback inhibition of aspartokinase. Ki
noshita and Nakayama (1978) quoted the homoserine
auxotroph, C. glutamicum 901, as producing 44 g dm- 3

lysine.
The control of the production of arginine in C.

glutamicum is shown in Fig. 3.15. The major control of
the pathway is the feedback inhibition of the second
enzyme in the sequence, acetylglutamic acid phospho
rylating enzyme, although the first enzyme may also be
subject to regulation.

Kinoshita et al. (1957b) isolated a citrulline requiring
auxotroph of C. glutamicum which would accumulate
ornithine at a molar yield of 36% from glucose, in the
presence of limiting arginine and excess biotin. The
mutant lacked the enzyme converting ornithine to cit
rulline which resulted in the cessation of arginine syn
thesis and, therefore, the removal of the control of the
pathway.

Inosine monophosphate has been shown to demon
strate flavour-enhancing qualities and is produced
commercially by the chemical phosphorylation of ino-

Aspartate

!
Aspartyl phosphate

~

Lysine

Aspartyl semi-aldehyde

~ '\-------"
Dihydrodipicolinate Homoserine I

l I \ i
I I Homooc- ® I

I! I Thre\onine __J

Methionine! (X- Ketobutyrate

I \
I \
I \

\
- Biosynthetic route
--- .... Feedback inhibition
_ Feedback repression

first enzyme in the pathway, is controlled by the
concerted feedback inhibition of lysine and threonine.
Homoserine dehydrogenase is subject to feedback in
hibition by threonine and repression by methionine.
The first enzyme in the route from aspartate semialde
hyde to lysine is not subject to feedback control. Thus,
the control system found in C. glutamicum is a rela
tively simple one. Nakayama et al. (1961) selected a
homoserine auxotroph of C. glutamicum, by the peni
cillin selection and replica plating method, which pro
duced lysine in a medium containing a low level of
homoserine, or threonine plus methionine. The mutant
lacked homoserine dehydrogenase which allowed as
partic semi-aldehyde to be converted solely to lysine
and the resulting lack of threonine removed the
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(iv) Adenylosuccinate synthase is repressed
AMP but is not significantly inhibited.

Mutants which are auxotrophic for AMP or
auxotrophic for AMP and GMP have been
which will excrete inosine at levels of up to 15 g
(Demain, 1978). AMP auxotrophs, lacking adl~n)'los:uc
cinate synthase activity, require the addition of
quantities of adenosine but will accumulate inosine
to the removal of the inhibition and co-operative
pression of PRPP amidinotransferase, as shown in
3.17. AMP and GMP double auxotrophs will produce
inosine due to the removal of the controls normally
imposed by the two end products, as illustrated in
3.18. Such double auxotrophs require the addition of
both adenosine and guanosine, in small concentrations.
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FIG. 3.17. The control of the synthesis of purine nucleotides in a
mutant with a defective adenylosuccinate synthase.
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FIG. 3.18. The control of the synthesis of purine nucleotides in a
mutant defective in adenylosuccinate synthase and IMP dehydro
genase activities.

(i) Phosphoribosyl pyrophosphate (PRPP)
amidinotransferase (the first enzyme in the se
quence) is feedback inhibited by AMP but only
very slightly by GMP.

(ii) The synthesis of PRPP amidinotransferase is
repressed by the co-operative action of AMP
and GMP, as are the syntheses of the other
enzymes indicated in Fig. 3.16.

(iii) IMP dehydrogenase is feedback inhibited and
repressed by GMP.

- Biosynthetic route
- - - .. Feedback inhibition
- Feedback repression

FIG. 3.16. Control of the biosynthesis of the purine nucleotides in
Bacillus subtilis. 1. Reaction catalysed by PRPP amidinotrans
ferase. 2. Reaction catalysed by IMP dehydrogenase. 3. Reaction
catalysed by adenylosuccinate synthase. AMP = Adenosine
monophosphate. IMP = Inosine monophosphate. XMP =
Xanthine monophosphate. GMP = Guanosine monophosphate.

sine (Shibai et al. 1978) which is produced from aux
otrophic strains of Bacillus subtilis The control of the
production of purine nucleotides is shown in Fig. 3.16.
The main sites of control shown in Fig. 3.16 are:
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of the production of an end product P.

Mutants may be isolated which are resistant to the
inhibitory effects of the analogue and, if the site of
toxicity of the analogue is the mimicing of the control
properties of the natural product, such mutants may
overproduce the compound to which the analogue is
analogous. To return to the example of the biosynthesis
of P where P* is inhibitory due to its mimicing the
control properties of P; a mutant may be isolated which
may be capable of growing in the presence of P* due
to the fact that the first enzyme in the pathway is no
longer susceptible to inhibition by the analogue. The
modified enzyme of the resistant mutant may not only
be resistant to inhibition by the analogue but may also
be resistant to the control effects of the natural end
product, P, resulting in the uninhibited production of
P. If the control system were the repression of enzyme
synthesis, then the resistant mutant may be modified
such that the enzyme synthesis machinery does not
recognize the presence of the analogue. However, the
site of resistance of the mutant may not be due to a
modification of the control system; for example, the
mutant may be capable of degrading the analogue, in
which case the mutant would not be expected to over
produce the end product. Thus, analogue resistant mu
tants may be expected to overproduce the end product
to which the analogue is analogous provided that:

(i) The toxicity of the analogue is due to its mimic
ing the control properties of the natural product.

(ii) The site of resistance of the resistant mutant is
thc site of control by the end product.

Resistant mutants may be isolated by exposing the
survivors of a mutation treatment to a suitable concen
tration of the analogue in growth medium and purify
ing any colonies which develop. Sermonti (1969) de
scribed a method to determine the suitable concentra
tion. The organism was exposed to a range of concen
trations of the toxic analogue by inoculating each of a
number of agar plates containing increasing levels of
the analogue with 106 to 109 cells. The plates were
incubated for several days and examined to determine
the lowest concentration of analogue which allowed
only a very few isolated colonies to grow, or completely
inhibited growth. The survivors of a mutation treat
ment may then be challenged with the pre-determined
concentration of the analogue on solid medium.
Colonies which develop in the presence of the ana
logue may be resistant mutants.

Szybalski (1952) constructed a method of exposing
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the survivors of a mutation to a range of analogue
concentrations on a single plate. Known as the gradient
plate technique, it consists of pouring 20 cm3 of molten
agar medium, containing the analogue, into a slightly
slanted petri dish and allowing the agar to set at an
angle. After the agar has set, a layer of medium not
containing the analogue is added and allowed to set
with the plate level. The analogue will diffuse into the
upper layer giving a concentration gradient across the
plate and the survivors of a mutation treatment may be
spread over the surface of the plate and incubated.
Resistant mutants should be detected as isolated
colonies appearing beyond a zone of confluent growth,
as indicated in Fig. 3.20. Whichever method is used for
the isolation of analogue-resistant mutants, great care
should be taken to ensure that the isolates are genuinely
resistant to the analogue by streaking them, together
with analogue-sensitive controls, on both analogue-sup
plemented and analogue-free media. The resistant
isolates should then be screened for the production of
the desired compound by overlayering them with a
bacterial strain requiring the compound; producers may
then be recognized by a halo of growth of the indicator
strain.

Sano and Shiio (1970) investigated the use of lysine
analogue-resistant mutants of Breuibacterium flauum
for the production of lysine. The control of the biosyn
thesis of the aspartate family of amino acids in B.
flauum is as illustrated for C. glutamicum in Fig. 3.14.
The main control of lysine synthesis is the concerted
feedback inhibition of aspartokinase by lysine and thre
onine. Sano and Shiio demonstrated that S-(2 ami
noethyI) cysteine (ABC) completely inhibited the
growth of B. flauum in the presence of threonine, but
only partially in its absence. Also, the inhibition by
AEC and threonine could be reversed by the addition
of lysine. This evidence suggested that the inhibitory
effect of ABC was due to its mimicing lysine in the
concerted inhibition of aspartokinase. AEC-resistant
mutants were isolated by plating the survivors of a
mutation treatment on minimal agar containing 1 mg
cm- 3 of both ABC and threonine. A relatively large
number of the resistant isolates accumulated lysine, the
best producers synthesizing more than 30 g dm- 3.

Investigation of the lysine producers indicated that
their aspartokinases had been desensitized to the
concerted inhibition by lysine and threonine.

The development of an arginine-producing strain of
B. flauum by Kubota et al. (1973) provides an excellent
example of the selection of a series of mutants resistant
to increasing levels of an analogue. The control of the
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medium

Medium supplemented
with analogue.

Decreasing analogue concentration in the upper layer
Side view of an agar plate prepared for
the isolation of analogue-resistant mutants

Zone of 'no growth' ---1---
due to the high level
of toxic analogue

A possible
resistant mutant ----\..--

Confluent growth below
the critical inhibitory
level of the analogue

Surface view of a gradient plate after
inoculation and incubation.

FIG. 3.20. The gradient plate technique for the isolation of ana·
logue-resistant mutants.

biosynthesis of arginine in B. flavum is similar to that
shown for C. glutamicum in Fig. 3.15. Kubota et al.
selected mutants resistant to the arginine analogue,
2-thiazolealanine, and the genealogy of the mutants is
shown in Fig. 3.21. Strain number 352 produced 25.3 g
dm -3 arginine. Presumably, the mutants were altered
in the susceptibility of the second enzyme in the path
way to inhibition by arginine.

A classic example of the rationale of analogue resis
tant mutant isolation is seen in the development of
biotin overproducing strains. Currently, biotin is pro
duced commercially by chemical synthesis, but con
siderable effort has been (and is being) expended to
develop a competitive biotechnological process. The
screening of natural isolates for their ability to accumu
late biotin-vitamers led to the isolation of Bacillus
sphaericus (Ogata et al., 1965). Repression by biotin
was shown to be an important control mechanism and,
thus, attempts were made to isolate mutants resistant
to biotin analogues. Mutants of B. sphaericus resistant
to acidomycin (ACM) and/or 5-(2-thienyI)-n-valeric
acid (TVA) were capable of synthesizing up to 11 times
(0.4 mg cm -3) the biotin level of the wild-type (Tanaka
et al., 1988). More recently, Sakurai et al. (1993) isolated
dual ACM/TVA resistant strains of Serratia marcescens
capable of synthesizing 20 mg cm -3 biotin. The use of
genetic engineering techniques to further develop these
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B. flavum ATCC 14067

1 X-ray irradiation

No. 33038 (guanine-)

1 NG treatment, selection with TA at 5 mg dm-3

No. 112 (guanine -, TA resistant)

! NG treatment, selection with TA at 10 mg dm-3

No. 179 (guanine-, TA resistant) L-arginine producer at 14.3 9 dm-3

! Diethyl sulphate treatment

No. 352 (guanine-, TA resistant) L-arginine producer at 25.3 9 dm-3

3.21. The genealogy of L-arginine-produeing mutants of B. flavum. TA, thiazolealanine; NG, N-methyl-N'-nitro-N-nitroso-guani
(Kubota et al., 1973).

is considerd in a later section of this chapter.
The second technique used for the isolation of mu

altered in the recognition of control factors is the
of revertant mutants. Auxotrophic mutants

revert to the phenotype of the mutant 'parent'.
f'~_";.~d~ the hypothetical pathway illustrated in Fig.
3.19 where P controls its own production by feedback
inhibiting the first enzyme (a) of the pathway. A mu
tant does not produce the enzyme, a, and is, therefore,
auxotrophic for P. However, a revertant of the mutant
produces large concentrations of P. The explanation of
the behaviour of the revertant is that, with two muta
tions having occurred at loci concerned with the pro
duction of enzyme a, the enzyme of the revertant is
different from the enzyme of the original prototrophic
strain and is not susceptible to the control by P. Rever
tants may occur spontaneously or mutagenic agents
may be used to increase the frequency of occurrence,
but the recognition of the revertants would be achieved
by plating millions of cells on medium which would
allow the growth of only the revertants, i.e. in the
above example, on medium lacking P.

Shiio and Sano (1969) investigated the use of pro
totrophic revertants of B. flavum for the production of
lysine. These workers isolated prototrophic revertants
from a homoserine dehydrogenase-defective mutant.
The revertants were obtained as small-colony forming
strains and produced up to 23 g dm- 3 lysine. The
overproduction of lysine was shown to be due to the
very low level of homoserine dehydrogenase in the
revertants which, presumably, resulted in the synthesis
of threonine and methionine in quantities sufficient for
some growth, but insufficient to cause inhibition or
repression.

Mutant isolation programmes for the improvement

of strains producing primary metabolites have not re
lied on the use of only one selection technique. Most
projects employed a number of methods including the
selection of natural variants and the selection of in
duced mutants by a variety of means. The selection of
bacteria overproducing threonine provides a good ex
ample of the use of a variety of selection techniques.
Attempts to isolate auxotrophic mutants of C. glu
tamicum producing threonine were unsuccessful de
spite the fact that productive auxotrophic strains of
Escherichia coli had been isolated. Huang (1961) de
monstrated threonine production at a level of 2-4 g
dm -3 by a diaminopimelate and methionine double
auxotroph of E. coli. Kase et al. (1971) isolated a triple
auxotrophic mutant of E. coli which required diami
nopimelate, methionine and isoleucine and produced
between 15 and 20 g dm- 3 threonine. The control of
the production of the aspartate family of amino acids
in E. coli is shown in Fig. 3.22 and that in C. glu
tamicum in Fig. 3.14. The mechanism of control in E.
coli involves a system of isoenzymes, three isoenzymic
forms of aspartokinase and two of homoserine dehy
drogenase, under the influence of different end
products. However, in C. glutamicum control is effected
by the concerted inhibition of a single aspartokinase by
threonine and lysine; by the inhibition of homoserine
dehydrogenase by threonine and the repression of ho
moserine dehydrogenase by methionine. Thus, the con
trol of homoserine dehydrogenase may not be removed
by auxotrophy without the loss of threonine produc
tion. However, in E. coli methionine auxotrophy would
remove control of the methionine-sensitive homoserine
dehydrogenase and aspartokinase which would allow
threonine production, despite the control of the threo
nine-sensitive isoenzymes by threonine. E. coli mutants
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FIG. 3.22. Control of the aspartate family of amino acids in Escherichia coli.

also lacking lysine and isoleucine would be relieved of
the control of the lysine-sensitive aspartokinase and
the degradation of threonine to isoleucine.

The production of threonine by C. glutamicum has
been achieved by the use of combined auxotrophic and
analogue resistant mutants. A good example of the
approach is given by Kase and Nakayama (1972) who
obtained stepwise improvements in productivity by the
imposition of resistance to a-amino-f:l-hydroxy valerie
acid (a threonine analogue) and S-( f:l-aminoethyI)-L-

cysteine (a lysine analogue) on a methionine amwtroplh
of C. glutamicum. The genealogy of the mutants is
shown in Fig. 3.23. The analogue-resistant strains were
shown to be altered in the susceptibility of as!Jartokj·
nase and homoserine dehydrogenase to control,
the lack of methionine removed the repression
of homoserine dehydrogenase. The use of rec;onlbinallt
DNA technology has resulted in the construction of
more effective threonine producers and these
are considered in a later section of this chapter.

C. glutam;cum KY 9002 (wild type)

I
./KY 9159 (men~

KY 10290 (meC, AHV resistant) KY 10184 (meC, AHV resistant)

Pmd""d 0.6 9r' ,"'"00'"' Pmd""d 1.5 9r-1
,"coo",",

KY 10484 (met-, AHV resistant)
Produced 2.3 9 dm-3 threonine

1
KY 10440 (met-, AHV resistant,

AEC resistant)
Produced 9,5 9 dm-3 threonine

KY 10230 (met-, AHV resistant)
Produced 3.7 9 dm-3 threonine

t
KY 10251 (meC, AHV resistant,

AEC resistant)
Produced 9.0 9 dm-3 threonine
and 5.5 9 dm-3 lysine

FIG. 3.23. The genealogy of mutants of C. glutamicum producing L-threonine or L-threonine plus L-lysine. AHV, a-ami:no-I:J-Illym"u.y
valerie acid: AEC, S-( {>-aminoethyI)-L-cysteine (Kase and Nakayama, 1972).
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TABLE 3,5, Improvement of antibiotic yields during the first 20 years
of antibiotic development (Riviere, 1977)

12,000-15,000
12,000-15,000
12,000-15,000

3000

Improved yield in
France, 1972
(units cm - 3)

20 (1943)
50 (1945)

200 (1948)
100 (1955)

Initial yield at
time of discovery

(units cm --3)

Antibiotic

Penicillin
Stcptomycin
Chlortetracycline
Erythromycin

More rational approaches have been developed which
reduce the empirical nature of strain-improvement pro
grammes. These developments include the streamlining
of the empirical techniques and the use of more di
rected selection methods. Before discussing the at
tempts at directed selection the empirical approach will
be considered along with the attempts made to improve
this approach, including miniaturized programmes.

The empirical approach to strain improvement in
volves subjecting a population of the micro-organism to
a mutation treatment and then screening a proportion
of the survivors of the treatment for improved produc
tivity. The assessment of the chosen survivors was usu
ally carried out in shake flasks, resulting in the proce·
dure being costly, both in terms of time and personnel.
According to Fantini (1966) the two questions which
arise in the design of such programmes are:

In attempting to answer the first question Fantini
dismissed statistical approaches as impractical and
claimed that the number of colonies isolated for testing
is determined by the practical limiting factors of per
sonnel, incubator and shaker space and time. However,
Davies (1964) demonstrated that a statistical approach
could give valuable guidelines for the efficient utiliza
tion of physical resources in strain·development pro
grammes. Davies based a computer simulation of a
mutation and screening programme on the availability
of 200 shaker spaces and practical results of error
variance and the distribution of yield likely to occur
amongst the mutants. He assumed that the majority of
the progeny of a mutation would give a small, rather
than a large, increase in productivity and it would,
therefore, be more feasible to screen a small number in
the hope of obtaining a small increase rather than

(i) How many colonies from the survivors of a
mutation treatment should be isolated for test
ing?

(ij) Which colonies should be isolated?

(i) Removal of AMP inhibition of phosphoribosyl
pyrophosphate amidino transferase by adenine
auxotrophy.

(ij) Elimination of GMP reductase.
(iii) Bypassing the inhibition of IMP dehydrogenase

by GMP.

This approach is demonstrated in the work of Shiio
(cited by Demain, 1978) who obtained analogue-re
sistant mutants from an adenine auxotroph of B. sub
tilis. Mutants were isolated in two stages - first, for
resistance to low levels of 8-azaguanine (an analogue of
GMP) and then for resistance to high levels of the
analogue. The resulting mutant produced 9 g dm - 3

guanosine due to the removal of control of phosphori
bosyl pyrophosphate amidinotransferase and IMP de
hydrogenase.

development of strains producing guanosine in
levels provides a further example of the use of

auxotrophs and analogue-resistant mutants in the same
pn)gr'arrlme. Guanosine production has been achieved

auxotrophic and analogue resistant mutants of B.
The control of the production of purine nu

cleotides in B. subti/is is shown in Fig. 3.16 (Demain,
1978). The major points of control to be modified to
achieve guanosine overproduction are:

The discussion so far has considered the isolation of
mutants producing products whose biosynthesis and
control have been sufficiently understood to prepare
'blueprints' of the desirable mutants which have en
abled the construction of suitable selection procedures.
In contrast, important secondary metabolites were be·
ing produced long before their biosynthetic pathways,
and certainly the control of those pathways, had been
elucidated. Thus, strain improvement programmes had
to be developed without this fundamental knowledge
which meant that they depended on the random selec
tion of the survivors of mutagen exposure. Elander and
Vournakis (1987) described these techniques as "hit or
miss methods that require brute force, persistence and
skill in the art of microbiology". However, despite the
limited knowledge underlying these approaches they
were extremely effective in increasing the yields of
antibiotics, as illustrated in Table 3.5 (Riviere, 1977).

The isolation of induced mutants
producing improved yields of secondary

metabolites where directed selection
is difficult to apply



Best 4 conserved and re-mutated

Survivors of the mutation
treatment growing on agar
medium

rence of favourable types high, and a three-stage
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screen a large number in the hope of obtaining a large
increase. The major difficulty inherent in this approach
is the error involved in determining small increases
which implies the replication of screening tests and,
therefore, the use of more facilities.

Davies used the computer simulation to investigate
the merits of replication in screening programmes and
finally proposed the use of a two-stage scheme where
mutants were tested singly in the first stage and then
the better producers were tested in quadruplicate in
the second stage. Davies concluded that such two-stage
schemes were adequate over a wide range of condi
tions, although a one-stage screen could be used if the
testing error were small and the frequency of occur-

FIG. 3.24. A strain-improvement programme for a seeondary metabolite producing culture (Davies, 1964).
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cal variant may be a superior producer, it might require
considerable fermentation development to materialize
the increased production. Also, Alikhanian (1962)
claimed that the vast majority of morphological mu
tants of the antibiotic producing actinomycetes tested
were inferior producers. The most common type of
shake flask programme quoted is similar to that of
Davies where the choice of colonies is random. How
ever, there are now many reports of screens which
miniaturize the procedure for the improvement of sec
ondary metabolite producing strains. Such miniaturized
systems are designed to enable the productivity of all
(or a significant proportion) of the survivors to be
assessed which should eliminate (or reduce) the prob
lem of choice of colonies for assessment and increase
the throughput of cultures.

The basis of the miniaturized techniques is to grow
the survivors of the mutation treatment either in a very
low volume of liquid medium or on solidified (agar)
medium. If the product is an antibiotic, the agar-grown
colonies may be overlayed with an indicator organism
sensitive to the antibiotic produced, allowing assay to
be done in situ. The level of antibiotic is assessed by
the degree of inhibition of the overlayed indicator. The
system is simple to apply to strains producing low levels
of antibiotic but must be modified to allow the screen
ing of high producers where very large zones of inhibi
tion would be obtained. Also a system should be used
to free the superior producers from contaminating indi
cator organisms. Dulaney and Dulaney (1967) used
overlay techniques in the isolation of mutants produc
ing chlortetracycline. Mutated spores were cultured on
an agar medium in petri dishes for 6 days and then
covered with pieces of sterile cellophane. An overlay of
agar containing the indicator organism was then added
and the plates incubated overnight. The mutant colonies
were kept free from contamination by the cellophane
and the size of the inhibition zone could be controlled
by the depth of the base layer, the age of the colonies
when over-layed, the depth of the overlay and the
temperature of incubation. The system was calibrated
initially such that a single colony of a non-mutated
strain would not produce an inhibition zone but that
two such adjacent colonies would. In practice, the size
of the inhibition zone was controlled by the depth of
the overlay. Dulaney and Dulaney obtained a far greater
enrichment in the number of desired phenotypes by the
overlay technique than by random selection and testing
in liquid medium.

Ichikawa et al. (1971) screened for the increased
production of the antibiotic kasugamycin by a Strep
tomyces sp., using a miniaturized technique termed the

agar piece method. In order to prevent interference
between colonies, mutated spores were grown on plugs
of agar which were then placed on assay plates contain
ing agar seeded with the indicator organism, levels of
the antibiotic being determined by the size of inhibi
tion zones. By combining this technique with a medium
improvement programme the authors obtained a ten
fold increase in productivity. Ichikawa's method was
modified by Ditchburn et al. (1974) for the isolation of
Aspergillus nidulans mutants synthesizing improved lev
els of penicillin. These workers obtained promising
results using the technique and claimed that its poten
tial for the recovery of higher-yielding mutants, for a
given expenditure of labour time, was greater than the
shake-flask method. The level of production of peni
cillin by A. nidulans is very small compared with P.
chrysogenum and the technique would have to be modi
fied considerably for commercial use.

Ball and McConagle (1978) developed a miniatur
ized technique suitable for the assay of penicillin pro
duction by 'high-yielding' strains of P. chrysogenum
(producing up to 6000 units cm- 3). These workers
highlighted the design of the solidified medium as a
critical factor in the optimization of the method. They
claimed that the growth of a colony on agar-solidified
medium would be unlikely to modify the medium to the
same extent as the growth of the organism on the same
medium in submerged liquid culture. Thus, the nutri
ent-limiting conditions that favour the onset of antibi
otic production might not be achieved by the growth of
the culture on solid medium which would not allow the
full production potential of the culture to be detected.
However, nutrient-limiting conditions were achieved in
the solidified medium by omitting the main carbon
source and reducing the corn steep-liquor content.
Mutated spores were plated over the surface of petri
dishes of the nutrient limited medium such that ten to
twenty colonies developed per plate. The time of in
cubation of the plates was not quoted but "when the
colonies were of a size suitable for accurate measure
ment" a pasteurized spore suspension of B. subtilis
containing 0.16 units cm -3 of penicillinase (to limit the
size of the inhibition zones) was dispersed over the
surface of the dish. The plates were then incubated for
18 to 24 hours and the inhibition zones examined.
Suitable colonies were freed of contaminating B. sub
titis by culturing on nutrient agar containing sodium
penicillin and streptomycin sulphate. The use of this
technique enabled three operators to scan 15,000 sur
vivors from ultraviolet irradiated spore populations in 3
months.

The major disadvantages of the miniaturized solidi-
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TABLE 3.6. Chymosin production by NTG mutated strains of
pergillus niger val' awamori (Dunn-Coleman et al., 1991)

that they were capable of secreting a range of en:zyroes
and, thus, the strains were presumed to be modified
their secretion mechanisms. It is interesting to note
that an improved secreter of a heterologous protein
has been isolated using a traditional mutation and
selection approach which has been miniaturized
automated.

In several cases the examination of randomly se
lected high-yielding mutants has indicated that their
superiority may have been due to modifications of their
control systems. Goulden and Chataway (1969) demon
strated that a mutant of P. chrysogenum, producing
high levels of penicillin, was less sensitive to the control
of acetohydroxyacid synthase by valine. Valine is one of
the precursors of penicillin and its synthesis is con
trolled by its feedback inhibition of acetohydroxyacid
synthase. Thus, removal of the control of valine synthe
sis may result in the production of higher valine levels
and, hence, greater production of penicillin. Pruess and
Johnson (1967) demonstrated that higher-yielding
strains of P. chrysogenum also contained higher levels
of acyltransferase, the enzyme which catalyses the addi
tion of phenylacetic acid to 6-aminopenicillanic acid.
Dulaney (1954) reported that the best producer of
streptomycin amongst Streptomyces griseus mutants was
auxotrophic for vitamin B12 and Demain (1973) claimed
that this auxotrophic mutation was still a characteristic
of production strains being used in 1969. Thus, it
appears that some strains isolated by random selection,
and overproducing secondary metabolites, are altered
in ways similar to those strains isolated by directed
selection techniques and overproducing primary
metabolites.

There are many examples in the literature where a
more directed selection approach has been adopted for
the improvement of secondary metabolite producers.

Chymosin concentration
(f.tg cm - 3)

286
273
280
377
475
510
646

Shake flask

42
50
64

136
170
200
256

Microtitre
plate

Rounds of NTG
mutagenesis and
recurrent selection

Parent
First
Second
Third
Fourth
Fifth
Sixth

Principles of Fennentation Technology, 2nd Edn.

fied medium technique approach is that productivity
expressed on the solid medium may not be expressed in
subsequent liquid culture and conversely, colonies not
showing activity on solid media may be highly produc
tive in liquid medium. Despite these limitations the
above workers have demonstrated that the approach
has considerable merit and Ball (1978) claimed that the
increase in throughput may be as much as 20 times that
of a conventional shake-flask programme. Some recent
work by Bushell's group (Pickup et at., 1993) provides
an interesting insight into the problem of certain strep
tomycete isolates producing a secondary metabolite on
agar but not in liquid culture. It is important to appre
ciate that the strains were natural isolates and not the
survivors of mutation treatments but the conclusions
do have relevance to mutant development. Working on
the premise that non-production in liquid medium may
be due to a more fragmented morphology these strains
were subjected to a filtration enrichment procedure.
Liquid cultures were filtered through a linen filter and
the filtrate and retentate mycelium re-cultured in fresh
medium. The procedure was then repeated sequen
tially. The enriched retentate mycelium of several
isolates which were previously unable to produce
antibiotic in liquid culture gave rise to stable filamen
tous types synthesizing in liquid medium. Although this
approach could not be used routinely in a high
throughput mutant screen it may be applied to a few
high-producing strains which have not fulfilled their
promise (detected in an agar screen) in liquid media.

An excellent example of a miniaturized screening
programme is given by the work of Dunn-Coleman et
at. (1991) of Genencor International. These workers
developed a low-volume liquid medium system to isolate
mutants of Aspergillus niger var. awamori capable of
improved secretion of bovine chymosin. The Aspergillus
strain had been constructed using recombinant DNA
technology and this construction will be considered in a
later section of this Chapter. Mutated spore suspen
sions were diluted and inoculated into 96-well mi
crotitre plates using robots. The dilutions were such
that each well should have contained one viable spore.
The plates were incubated in a static incubator and
then harvested using a robotic pipetting station and
assayed for product. Typically, 50-60,000 mutated vi
able spores were assessed in each screen. The most
promising 10-50 strains from the miniaturized screen
were then tested in shake flask culture. The best pro
ducer from the shake-flask screen was then used as the
starter for a further round of mutagenesis. The results
of seven rounds of mutation and selection are shown in
Table 3.6. Investigation of the improved strains showed
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FiG. 3.25. Biosynthesis of benzyl penicillin and lysine in Penici/
lium chrysogenum.

penicillin synthesis and the removal of any control of
homocitrate synthase by endogenous lysine. O'Sullivan
and Pirt (1973) investigated the production of penicillin
by lysine auxotrophs of P. chrysogenum in continuous
culture but were unable to demonstrate improved pro
ductivity in a range of lysine-supplemented media. Lu
engo et al. (1979) examined the lysine regulation of
penicillin biosynthesis in low-producing and industrial
strains of P. chrysogenum. The industrial strain was
capable of producing up to 12,000 units cm -3 peni
cillin. These workers demonstrated that although the
onset of penicillin synthesis in the industrial strain was
less sensitive to lysine than in the low-producing strain,
the empirical industrial selection procedures had not
completely removed the mechanisms of lysine regula
tion of penicillin biosynthesis. Luengo et al. expressed
the possibility that overproducers of penicillin may be
obtained by the selection of mutants to lysine regula
tion. However, it should be noted that the industrial
strain employed was a representative of only one series

used include the isolation of aux
revertants and analogue-resistant mutants.

I~LILr\llV" OF AUXOTROPHIC

AlI[llCIUl!:U mutation of secondary metabolite produc
auxotrophy has resulted frequently in their pro

lower yields, cases of improved productivity
been demonstrated. For example, Alikhanian

(1959) investigated the tetracycline producing
of fifty-three auxotrophic mutants, all of which

proldUi~ed significantly less tetracycline than the parent
in normal production medium. Supplementation
medium with the growth requirement resulted in

mutant expressing productivity superior to that of
parent.

It is sometimes difficult to explain the precise reason
the effect of mutation to auxotrophy on the produc

of secondary metabolites, but in the majority of
it has been demonstrated to be an effect on the

secondary metabolic system rather than, simply, an
effect on the growth of the organism. The simplest
explanation for the deleterious effect on secondary
metabolite yield is that the auxotroph is blocked in the
biosynthesis of a precursor of the end product, for
example, Polsinelli et al. (1965) demonstrated that aux
otrophs of Streptomyces antibioticus which required any
of the precursors of actinomycin (isoleucine, valine or
threonine) were poor producers of the antibiotic.

Many secondary metabolites may be considered as
end products of branched pathways which also give rise
to primary metabolites. Thus, a mutation to auxotrophy
for the primary end product may also influence the
production of the secondary product. In P. chryso
genum, lysine and penicillin share the same common
biosynthetic route to a-aminoadipic acid, as shown in
Fig. 3.25. This biosynthetic route may explain Bonner's
(1947) observation that 25% of the lysine auxotrophs of
P. chrysogenum he isolated could not produce peni
cillin. The role of lysine in the penicillin fermentation
has also led to the investigation of lysine auxotrophs as
potential superior penicillin producers. Demain (1957)
demonstrated that lysine was inhibitory to the biosyn
thesis of pencillin. The explanation of this pheno
menon is considered to be the inhibition of homoci
trate synthase by lysine resulting in the depletion of
a-aminoadipic acid required for penicillin synthesis
(Demain and Masurekar, 1974). It may be postulated
that lysine auxotrophs blocked immediately after a

aminoadipic acid would produce higher levels of peni
cillin due to the diversion of the intermediate towards
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of penicillin producers and that other series may have
already been modified with respect to the regulatory
effects of lysine. Nevertheless, this study does indicate
the possibility that selection of strains resistant to
lysine control may be overproducers of penicillin.

It is far more difficult to explain the effect of aux
otrophy for factors not associated with the biosynthesis
of the secondary metabolite. Polsinelli et aI. (1965)
demonstrated that seven out of twenty-seven aux
otrophs of S. griseus produced more actinomycin than
did the prototrophic parent. Dulaney and Dulaney
(1967) demonstrated increased chlortetracycline yields
in eight out of eleven auxotrophs of S. viridifaciens
when grown in supplemented media. In neither of
these cases were the auxotrophic requirements directly
involved in the biosynthesis of the secondary
metabolites. Demain (1973) put forward two possible
explanations to attempt to account for the behaviour of
such auxotrophs. The first explanation is that the aux
otrophic factors were involved in 'cross-pathway' regu
lation with the secondary metabolite or its precursors.
Demain quoted several examples of cross-pathway reg
ulation in primary metabolism where the activity of one
pathway is affected by the product of an apparently
unrelated sequence. The alternative explanation is that
the effect on secondary metabolism is not due to the
auxotrophy but to a second mutation accompanying the
auxotrophy, i.e. a double mutation. Demain cited two
attempts to determine whether the effects of auxotro
phy on secondary metabolism were due to double mu
tations or to the auxotrophy. MacDonald et aI. (1963)
reverted a low-producing thiosulphate-requiring mu
tant of P. chrysogenum to thiosulphate independence
and examined penicillin productivity by the revertants.
Approximately half of the revertants re-acquired their
'grandparents' production level, whereas the other half
retained their poor productivity. Polsinelli et aI. (1965)
reverted five isoleucine-valine auxotrophs of S. antibi
oticus (which also produced low levels of actinomycin
compared with the parent strain) to prototrophy and
discovered that some were returned to normal produc
tion and others to higher production levels than the
'grandparent'. Thus, in the case of Polsinelli et aI.'s
mutants it is unlikely that the effect on secondary
metabolism was due to a double mutation, but it is
possible that this was the case for some of MacDonald
et aI.'s strains. However, it should be remembered that
both these groups of auxotrophs were poor secondary
metabolite producers blocked in routes directly in
volved with the secondary biosynthetic pathway. It may
be more relevant to examine the nature of auxotrophic
strains blocked in apparently unrelated pathways and
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produce improved levels of the secondary metabolite.
It is not possible to say whether any of the ammtJroplhic
mutants previously discussed produced superior levels
of the secondary metabolite as a result of double
mutations, but it may be possible to exploit this possi
bility in the future.

The treatment of bacterial cells with nitrosoguani
dine (NTG) has been demonstrated to result in clusters
of mutations around the replicating fork of the chro
mosome (Guerola et aI., 1971). Thus, if one of the
mutations were selectable (for example, auxotrophy) it
may be possible to isolate a strain containing the
selectable mutation along with other non-selectable
mutations which map close by. The efficient application
of this technique would depend on the accurate map
ping of the gene involved in producing the secondary
metabolite so that neighbouring mutations may be se
lected. This technique may be valuable for the selec
tion of mutants of the bacilli and streptomycetes pro
ducing high levels of antibiotics where mutations af
fecting synthesis may be mapped for each biosynthetic
step. Co-mutation by NTG may then be followed by
selection for changes to genes adjacent to those loci
known to be involved in production of the particular
secondary metabolite.

THE ISOLATION OF RESISTANT MUTANTS

The isolation of analogue-resistant mutants has al
ready been discussed in the field of primary metabolism,
where the rationale was that a mutant resistant to the
inhibitory effects of an analogue, which mimics the
control characteristics of the natural metabolite, may
overproduce the natural metabolite. This approach has
been adopted, or may be adopted, in a number of
guises in the field of secondary metabolism.

(i) Mutants may be isolated which are resistant to
the analogues of primary metabolic precursors
of the secondary metabolite, thus increasing
the availability of the precursor.

(ii) Mutants may be isolated which are resistant to
the feedback effects of the secondary
metabolite.

(iii) Mutants may be selected which are resistant to
the toxic effects of the secondary metabolite
when added to the trophophase of the produc
ing organism.

(iv) Mutants may be isolated which are resistant to
the toxic effects of a compound due to the
production of the secondary metabolite.
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(ii) Mutants resistant to the feedback effects of the sec
ondary metabolite

There are many cases in the literature of a sec
ondary metabolite preventing its own synthesis. Martin

(1978) cited the following examples: chloramphenicol,
aurodox, cycloheximide, staphylomycin, ristomycin,
puromycin, fungicidin, candihexin, mycophenolic acid
and penicillin. The precise mechanisms of these con
trols is not clear but they appear to be specific against
the synthesis of the secondary metabolite and not
against the general metabolism of the cells. The mech
anism of the control of its own synthesis by chloram
phenicol appears to be the repression of arylamine
synthetase (the first enzyme in the pathway from cho
rismic acid to chloramphenicol) by chloramphenicol.
Jones and Vining (1976) demonstrated that arylamine
synthetase was fully repressed by 100 mg dm- 3

chloramphenicol, a level of antibiotic which neither
affected cell growth nor the activities of the other
enzymes of the chloramphenicol pathway.

Martin (1978) quoted several examples of correla
tions between the level of secondary metabolite accu
mulation and the level which causes 'feedback' control,
which may imply that the factor limiting the yields of
some secondary metabolites is the feedback inhibition
by the end product. The selection of mutants resistant
to feedback inhibition by a secondary metabolite is a
far more difficult task than the isolation of strains
resistant to primary metabolic control. It is extremely
unlikely that a toxic analogue of the secondary
metabolite could be found where the toxicity lay in the
mimicking of the feedback control of the secondary
metabolite, a compound which would not be necessary
for growth. However, the detection of mutants resistant
to feedback inhibition by antibiotics may be achieved
by the use of solidified media screening techniques,
similar to the miniaturized screening techniques previ
ously described. The technique would involve culturing
the survivors of a mutation treatment on solidified
medium containing hitherto repressing levels of the
antibiotic and detecting improved producers by overlay
ing the colonies with an indicator organism. The dif
ficulty inherent in this technique is that the incor
porated antibiotic, itself, will inhibit the development
of the indicator organism. This problem may be over
come by adjusting the depth of the overlay or the
concentration of the indicator such that an inhibition
zone could be produced only by a level of antibiotic
greater than that incorporated in the original medium.
However, it is unlikely that this would be a satisfactory
solution for the selection of a high-producing commer
cial strain. Another approach would be to utilize an
analogue of the antibiotic which mimicked the feed
back control by the natural product but which did not
have antimicrobial properties. Inhibition of antibiotic
synthesis by analogues has been demonstrated in the
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'MiltW'lts re!>istant to the analogues ofprimary metabolic
the secondmy metabolite

aPlJroach has been adopted by Elander et al.
the isolation of mutants of Pseudomonas

Itthed~aClens overproducing the antibiotic pyrrolnitrin.
f'wpt(lphlan is a precursor of pyrrolnitrin and although

stilmulatc)ry to production it is uneconomic to use
addItIve in an industrial process. Thus, Elander et

isolated mutants resistant to tryptophan ana
using the gradient plate technique described

J)rc~vi,oU:'ly. A strain was eventually isolated which pro
two to three times more antibiotic than the
and was resistant to feedback inhibition by

Addition of tryptophan to the improved
would not result in higher pyrrolnitrin synthesis,

that tryptophan supply was no longer the
factor and the organism was producing suffi

endogenous tryptophan for antibiotic synthesis.
role of tryptophan in the control of the candi-

fermentation has been investigated by Martin and
(Martin, 1978). Candicidin is a polyene

macrolide antibiotic containing an aromatic p
aminoacetophenone moiety derived from chorismic
acid, a precursor of the aromatic amino acids, so that
tryptophan and candicidin may be considered to be end
products of a branched biosynthetic pathway. Tryp
tophan has been demonstrated to inhibit the biosynthe
sis of the antibiotic which led Martin et al. (1979) to
isolate mutants resistant to tryptophan analogues. Such
mutants produced more candicidin than the parent
strain, apparently due to the removal of tryptophan
control

Godfrey (1973) isolated mutants of Streptomyces lip
manU resistant to the valine analogue, triftuoroleucine.
These mutants produced higher levels of cephamycin
than the parent strain, and appeared to be deregulated
for the isoleucine, leucine, valine biosynthetic pathway,
indicating that valine may have been a rate-limiting
step in cephamycin synthesis.

Methionine has been demonstrated to stimulate the
biosynthesis of cephalosporin by Acremonium chryso
genum and superior producers have been isolated in
the form of methionine analogue-resistant mutants
(Chang and Elander, 1979). Lysine analogue resistant
mutants have yielded a greater frequency of superior
,B-Iactam antibiotic producers compared with random
selection (Elander, 1989).
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cases of aurodox (Liu et al., 1972) and penicillin
(Gordee and Day, 1972). An alternative may be to use
a mutant indicator bacterium for the overlay which is
only sensitive to levels of the antibiotic in excess of that
originally incorporated into the medium. In cases where
it has been demonstrated that feedback control by the
end product plays an important role in limiting produc
tivity it would probably be worthwhile to design such
procedures.

(iii) The isolation of mutants resistant to the toxic effects
of the secondmy metabolite in the trophophase

It has been demonstrated for many secondary
metabolite producing organisms that the secondary
metabolite is toxic to the producing cell when it is
present in the trophophase (growth phase) (Demain,
1974). Thus, it appears that a 'switch' in the metabolism
of the organism in the idiophase enables it to produce
an otherwise 'autotoxic' product. Furthermore, it has
been demonstrated that, in some cases, the higher the
resistance to the secondary metabolite in the growth
phase the higher is productivity in the production phase.
Dolezilova et al. (1965) demonstrated that the level of
production of nystatin by various strains of S. noursei
was related to the resistance of the strain to the antibi
otic in the growth phase; a non-producing mutant was
inhibited by 20 units em - 3, the parent strain produced
6000 units em - 3 and was inhibited by 2000 units em - 3

in the growth phase and a mutant producing 15,000
units cm -3 was found to be resistant to 20,000 units
cm- 3.

The possible relationship between antibiotic resis
tance and productivity may be used to advantage in the
selection of high-producing mutants by culturing the
survivors of a mutation treatment in the presence of a
high level of the end product. Those strains capable of
growth in the presence of a high level of the antibiotic
may also be capable of high productivity in the idio
phase. This approach has been used successfully for
antifungal agesterols (Bu'Lock, 1980), streptomycin
(Woodruff, 1966) and ristomycin (Trenina and Trut
neva, 1966) but without success for novobiocin
(Hoeksema and Smith, 1961).

A similar rationale was used by McGuire et al.
(1980) for the improvement of daunorubicin produc
tion, an anthracycline antitumour agent synthesized by
the red pigmented streptomycete Streptomyces peuceti
cus. The red pigment is presumably anthracycline which
shares its oligoketide origin with daunorubicin. The
directed selection was based on the ability of the
antibiotic cerulenin to suppress oligoketide synthesis.
This was indicated in S. peuceticus by the lack of the
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red pigment on cerulenin agar. Thus,
were still capable of oligoketide synthesis in
ence of the inhibitor would remain red. AI=lpn)xIln<lt
a third of the resistant mutants were superior
bicin producers.

(iv) The isolation ofmutants in which sec'ondary
synthesis gives resistance to toxic compounds

A potentially toxic compound may be
harmless by an organism converting it to a secon
metabolite or a secondary metabolite complexing
it. Ions of heavy metals such as Hg 2 +, Cu2 +

related organometallic ions are known to complex
f3-lactam antibiotics (Elander and Vournakis, 1986)
such agents have been used to select resistant muta
The logic of this selection process is that overpro
tion of a f3-lactam may be the mechanism for increa
resistance to the heavy metal. Elander and Vourna
(1986) reported that the frequency of superi
cephalosporin C producers was greater amongst ill

tants resistant to mercuric chloride than amongst ran,
dom samples of the survivors of ultraviolet treatment.

The conversion of the penicillin precursor, phenyl
acetic acid, to penicillin is thought to be an example of
detoxification by conversion to a secondary metabolite.
It appears that strains capable of withstanding higher
concentrations of the precursor may be able to synthe
size higher levels of the end product. Polya and Nyiri
(1966) applied this hypothesis in selecting phenylacetic
acid-resistant mutants of P. chrysogenum and demon
strated that 7% of the isolates showed enhanced peni
cillin production. Barrios-Gonzalez et al. (1993) investi
gated the same phenomenon and developed methods
for the enrichment of both spores and early idiophase
mycelium resistant to phenyl acetic acid. Of the resis
tant spore population, 16.7% were superior penicillin
producers as compared with 50% of the resistant idio
phase population. This suggests that the selective force
may be more 'directed' by using a population already
committed to penicillin synthesis. Although the best
mutants contained elevated levels of acyltransferase
(the enzyme that directly detoxifies PAA) they also
showed higher levels of isopenicillin N synthetase
(cyclase) which the authors claimed to be the limiting
step. Thus, it was claimed that the screening method
was not specific to selecting for acyltransferase eleva
tion but could select for strains having a faster carbon
flow through the pathway enabling them to use PAA
faster.

Ball (1978) stressed that the major difficulty in the
selection of toxic precursor resistant mutants is that
the site of resistance of a mutant may not result in the
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organism overproducing the end product - for exam-
the resistance may be due to an alteration in the

permeability of the mutant or due to the mutants'
ability to degrade the precursor to a harmless
metabolite unrelated to the desired end product. Bar
rios-Gonzalez's approach of using mycelial fragments
already committed to penicillin synthesis decreases the
likelihood of such 'false selection' occurring.

THE ISOLATION OF REVERTANT
MUTANTS

As discussed in the section on primary metabolites, a
mutant may revert to the phenotype of its 'parent', but
the genotype of the revertant may not, necessarily, be
the same as the original 'parent'. Some revertant aux
otrophs have been demonstrated to accumulate pri
mary metabolites (Shiio and Sano, 1969) and attempts
have been made to apply the technique to the isolation
of mutants overproducing secondary metabolites. Two
approaches have been used in the field of secondary
metabolites with respect to the isolation of revertants:

(i) The isolation of revertants of mutants aux
otrophic for primary metabolites which may in
fluence the production of a secondary
metabolite.

(ij) The reversion of mutants which have lost the
ability to produce the secondary metabolite

(i) The isolation of revertants of mutants auxotrophic for
primary metabolites which may influence the production
of a secondmy metabolite

As previously discussed, it is difficult to account for
some of the effects of auxotrophy on secondary
metabolism and it appears that some may be due to as
yet unresolved cross-pathway phenomena and others
due to the expression of other mutations associated
with the auxotrophy. Similarly, revertant mutants may
affect secondary metabolism in a number of ways
direct effects on the pathway, cross-pathway effects and
effects due to mutations other than the detected rever
sion.

Dulaney and Dulaney (1967) investigated the tetra
cycline productivities of a population of prototroph
revertants of S. viridifaciens derived from each of five
auxotrophs. These workers predicted that some rever
tants may be productive due to direct influence of the
mutations on tetracycline biosynthesis but that others
may be so because they contained other lesions. Supe
rior producers were obtained in all the prototroph-re-

vertant populations apart from those derived from a
homocysteine auxotroph. However, the frequency of
the occurrence of the superior producers was similar to
that obtained by the random selection of the survivors
of a mutation treatment in all but one of the popula
tions. The exceptional population was the revertants of
a methionine auxotroph, 98% of which produced
between 1.2 and 3.2 times as much tetracycline as the
original prototrophic culture. A possible explanation of
the very favourable titres of the population may be the
role of methionine as the methyl donor in tetracycline
biosynthesis and that methionine availability limited
the production of the secondary metabolite in the
original prototroph. However, addition of exogenous
methionine to the prototroph did not result in superior
productivity.

Polsinelli et al. (1965) also demonstrated that rever
sion of five mutants of an actinomycin producing strain
of S. antibioticus blocked in the isoleucine-valine path
way resulted in the isolation of some superior mutants.
Godfrey (1973) reported that the reversion of a cys
teine auxotrophic mutant of S. lipmanii resulted in
improved production of cephamycin.

These studies provide promising evidence that the
selection of revertants of auxotrophs of primary
metabolites involved in secondary metabolism may yield
a high number of productive mutants.

(ii) The isolation of revertants of mutants which have lost
the ability to produce the secondary metabolite

The reversion of non-producing strains may result in
the detection of a high-producing mutant as that mu
tant would have undergone at least two mutations
associated with the production of the secondary
metabolite. Dulaney and Dulaney (1967) plated the
progeny of a mutation of a non-producing strain of S.
viridifaciens onto solidified production medium and
screened for superior tetracycline producers by an
overlay technique. A mutant was isolated which pro
duced nine times the tetracycline yield of the original
'parent'. The major difficulty inherent in this technique
is that non-producing mutants of high-yielding strains
may be incapable of being reverted due to extreme
deficiencies in their metabolism. Indeed, Rowlands
(1992) suggested that strains which are non (or low)
producers and illustrate other effects such as poor
growth and sporulation are best discarded, but that
revertant mutants not showing pleiotropic effects are
perhaps more likely to possess genuine increases in
biosynthetic activity than those produced by any other
technique, having been mutated twice in genes directly
affecting product formation.
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FIG. 3.26. Diagrammatic representation of the mitotic division of
a eukaryotic cell containing two chromosomes. The nuclear mem
brane has not been portrayed in the figure.
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heterozygous diploid may occur in two ways:
crossing over, which results in diploid re(;Ornblinants
and haploidization, which results in haploid recombj
nants.

Mitotic crossing over is the result of an ab:nol:m~IL

mitosis. The normal mitosis of a heterozygous
cell is shown in Fig. 3.26. During mitosis, each pair
homologous chromosomes replicate to produce
pairs of chromatids and a chromatid of one pair
grates to a pole of the cell with a chromatid of
other pair. Division of the cell at the equator results
the production of two cells, both of which are het:erc)zv
gous for all the genes on the chromosome.
crossing over involves the exchange of distal se~~m(:nts

between chromatids of homologous chromosomes
shown in Fig. 3.27. This process may result in
production of daughter nuclei homozygous for a
tion of one pair of chromosomes and in the ex]pn;ssion
of any recessive alleles contained in that portion.
the clone arising from the partial homozygote will
recombinant and further mitotic crossing over in
recombinant will result in the expression of more
cessive alleles.

Haploidization is a process which results in the
equal distribution of chromatids between the nn'fY?'''U

of a mitosis. Thus, of the four chromatids of an
ogous chromosome pair, three may migrate to one
and one to another resulting in the formation of
nuclei, one containing 2n + 1 chromosomes and the
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Hopwood (1979) defined recombination, in its
broadest sense, as "any process which helps to generate
new combinations of genes that were originally present
in different individuals". The use of recombination
mechanisms for the improvement of industrial strains
has increased significantly due to the developments in
recombinant DNA technology and the necessity to
develop new methods of strain improvement as the
returns generated from mutation and selection pro
grammes decreased. However, it should be appreciated
that mutation and selection techniques are frequently
used in association with recombination systems in a
strain improvement programme. The parasexual cycle
in the filamentous fungi has been applied to strain
development as have protoplast fusion techniques in a
wide range of micro-organisms.

The use of recombination systems for the
improvement of industrial micro-organisms

THE APPLICATION OF THE PARASEXUAL
CYCLE

Many industrially important fungi do not possess a
sexual stage and therefore it would appear difficult to
achieve recombination in these organisms. However,
Pontecorvo et aZ. (1953) demonstrated that nuclear
fusion and gene segregation could take place outside,
or in the absence of, the sexual organs. The process
was termed the parasexual cycle and has been demon
strated in the imperfect fungi, A. niger and P. chryso
genum, as well as the sexual fungus A. niduZans. In
order for parasexual recombination to take place in an
imperfect fungus, nuclear fusion must occur between
unlike nuclei in the vegetative hyphae of the organism.
Thus, recombination may be achieved only in an organ
ism in which at least two different types of nuclei
coexist, i.e. a heterokaryon. The heterozygous diploid
nucleus resulting from the fusion of the two different
haploid nuclei may give rise to a diploid clone and, in
rare cases, a diploid nucleus in the clone may undergo
an abnormal mitosis resulting in mitotic segregation
and the development of recombinant clones which may
be either diploid or haploid.

Recombinant clones may be detected by their dis
play of recessive characteristics not expressed in the
heterokaryon. Analysis of the recombinants normally
demonstrates them to be segregant for only one, or a
few linked, markers and culture of the segregants re
sults in the development of clones displaying more
recessive characters than the initial segregant. The
process of recombination during the growth of the
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FIG. 3.28. Diagrammatic representation of mitosis involving hap
loidization.

Daughter cells
2n + 1 and 2n - 1

desired product. As discussed earlier, auxotrophic mu
tations have been observed to have quite unpredictable
results on the production of some secondary
metabolites. Even conidial colour markers have been
shown to have deleterious effects on product synthesis
(Elander, 1980). Even when suitable markers are avail
able, the induction of heterokaryons in some industrial
fungi has been demonstrated to be a difficult process
and specialized techniques had to be employed to in
crease the probabilities of heterokaryon formation (see
MacDonald and Holt, 1976). However, the develop
ment of protoplast fusion methods in the late 1970s
enabled efficient heterokaryon formation to be achieved
and removed the major barrier to the application of the
parasexual cycle to strain improvement. These develop
ments are considered in more detail in the next section
on protoplast fusion.

Despite the early difficulties of inducing the parasex
ual cycle in some industrial fungi it was used in two
ways to study these organisms. The cycle was used to
investigate the genetics of the producing strains as well
as to develop recombinant superior producers. Infor
mation obtained on the basic genetics of the industrial
fungi using the parasexual cycle included the number
of chromosomes (or linkage groups), the allocation of
genes, important in product synthesis, to particular
chromosomes and the mapping of important genes on a
chromosome. Sermonti (1969) and MacDonald and Holt
(1976) have described the techniques which were used
to achieve these objectives.

Initial studies on haploid strains of P. chlysogenum
derived from parasexual crosses demonstrated that most
of the progeny exhibited the genotype of one of the
parents, i.e. no recombination had occurred (Mac
Donald, 1968). MacDonald suggested that one of the

Mitotic crossing
over
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FIG. 3.27. Diagrammatic representation of mitosis including mi
totic crossing over.

other containing 2n - 1 chromosomes. The 2n - 1
nuclei tend towards the haploid state by the progressive
random loss of further chromosomes. Thus, the result
ing haploid nucleus will contain a random assortment
of the homologues of the chromosomes of the organ
ism. A representation of the process is shown in Fig.
3.28.

Therefore, the major components of the parasexual
cycle are the establishment of a heterokaryon, vegeta
tive nuclear fusion and mitotic crossing over or hap
loidization resulting in the formation of a recombinant.
In practice, the occurrence and detection of these
stages may be enhanced by the use of auxotrophic
markers. The parents of the cross are made aux
otrophic for different requirements and cultured
together on minimal medium. The auxotrophs will grow
very slightly due to the carry over of their growth
requirements from the previous media, but if a het
erokaryon is produced, by anastomoses forming
between the two parents, then it will grow rapidly. The
frequency of vegetative nuclear fusion in the het
erokaryon may be enhanced by the use of agents such
as camphor vapour or ultraviolet light; mitotic segrega
tion may be enhanced by the use of agents such as
X-rays, nitrogen mustard, p-fluorophenylalanine and
ultraviolet light (Sermonti, 1969).

The application of the parasexual cycle to industri
ally important fungi has been hindered by a number of
problems (Elander, 1980). A major difficulty is the
influence of the auxotrophic markers (used for the
selection of the heterokaryon) on the synthesis of the
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reasons for this lack of success may have been the
differences in gross chromosomal morphology between
the parents caused by certain mutagens used in the
development of the strains. Thus, one precaution to be
adopted in the development of strains which may be
used in a parasexual cross is the avoidance of mutagens
which may cause gross changes in chromosomal mor
phology. Subsequently, Ball (1978) suggested that the
careful choice of markers and the use of strains giving
similar titres and being 'not too divergent' may result
in achieving more recombinants.

Although diploids produced by the parasexual cycle
are frequently unstable, stable diploids have been re
ported to have been used for the industrial production
of penicillin. Elander (1967) isolated a diploid from a
sister cross of P. chrysogenum which was shown to be a
better penicillin producer than the parents and was
morphologically more stable (a sister cross is one where
the two strains differ only in the markers used to
induce the heterokaryon). One explanation of the supe
rior performance of the diploid may have been its
resistance to strain degeneration caused by deleterious
recessive mutations. Such mutations would only have
been expressed in the diploid if both alleles had been
modified. Calam et al. (1976) demonstrated that a
diploid strain of P. chrysogenum was more stable than
haploid mutants and mutation and selection of the
diploid gave rise to a diploid strain producing higher
levels of penicillin than the parents. Ball (1978) claimed
that the usefulness of diploids may only be short term,
presumably implying problems of degeneration, and
may best be used as stepping stones to a recombinant
haploid.

The advantages to be gained from the industrial use
of parasexual recombinants are not confined to the
amalgamation of different yield improving mutations.
Equally advantageous would be the introduction of
characteristics which would make the process more
economic, for example low viscosity, sporulation and
the elimination of unwanted products. The develop
ment of these issues will be considered in the next
section on protoplast fusion.

THE APPLICATION OF PROTOPLAST
FUSION TECHNIQUES

Protoplasts are cells devoid of their cell walls and
may be prepared by subjecting cells to the action of
wall degrading enzymes in isotonic solutions. Proto
plasts may regenerate their cell walls and are then
capable of growth as normal cells. Cell fusion, followed
by nuclear fusion, may occur between protoplasts of
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strains which would otherwise not fuse and the result
ing fused protoplast may regenerate a cell wall and
grow as a normal cell. Thus, protoplasts may be used to
overcome some recombination barriers. Protoplast fu
sion has been demonstrated in a large number of
industrially important organisms including Streptomyces
spp. (Hopwood et al., 1977), Bacillus spp. (Fodor and
Alfoldi, 1976), corynebacteria (Karasawa et al., 1986),
filamentous fungi (Ferenczy et al., 1974) and yeasts
(Sipiczki and Ferenczy, 1977).

Fusion of fungal protoplasts appears to be an excel
lent technique to obtain heterokaryons between strains
where conventional techniques have failed, or, indeed,
as the method of choice. Thus, this approach has
allowed the use of the parasexual cycle for breeding
purposes in situations where it had not been previously
possible. This situation is illustrated by the work of
Peberdy et at. (1977) who succeeded in obtaining het
erokaryons between P. chrysogenum and P. cyaneoful
uum and demonstrated the formation of diploids which
gave rise to recombinants after treatment with p-ftuo
rophenylalanine or benomy!. Although it has been
claimed that P. chrysogenum and P. cyaneofulvum are
not different species of Penicillium (Samson et al.,
1977), Peberdy et al. still demonstrated that protoplast
fusion could be successful where conventional tech
niques had failed.

A demonstration of the use of protoplast fusion for
an industrial fungus is provided by the work of Hamlyn
and Ball (1979) on the cephalosporin producer, C.
acremonium. These workers compared the effectiveness
of conventional techniques of obtaining nuclear fusion
between strains of C. acremonium with the protoplast
fusion technique. The results from conventional tech
niques suggested that nuclear fusion was difficult to
achieve. Electron microscopic examination of fused
protoplasts indicated that up to 1% underwent immedi
ate nuclear fusion. Recombinants were obtained in
both sister and divergent crosses. A cross between an
asporulating, slow-growing strain with a sporulating
fast-growing strain which only produced one-third of
the cephalosporin level of the first strain eventually
resulted in the isolation of a recombinant which com
bined the desirable properties of both strains, i.e. a
strain which demonstrated good sporulation, a high
growth rate and produced 40% more antibiotic than
the higher-yielding parent. Chang et al. (1982) utilized
protoplast fusion to combine the desirable qualities of
two strains of Penicillium ch'ysogenum. Protoplasts from
two strains, differing in colony morphology and the
abilities to produce penicillin V (the desired product)
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TABLE 3.7. The use ofprotoplast fusion for the improvement of a pencillin V producer (Lein, 1986)
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7.5
49
Deep green
Good
18.0
No

Best
recombinant

Parent B

2.5
40
Pale green
Poor
18.5
No

phy or antibiotic resistance. The introduction of such
markers is time-consuming but also they can detrimen
tally affect the synthetic capacity of the organism. Pro
toplast fusion has particular advantages over conjuga
tion in that the technique involves the participation of
the entire genome in recombination. Also, Hopwood
(1979) has developed techniques which have resulted in
the recovery of a very high proportion of recombinants
from the fusion products of Streptomyces coelicolor
protoplasts. By subjecting protoplasts to an exposure of
ultraviolet light, sufficient to kill 99% of them prior to
fusion, Hopwood has claimed a tenfold increase in
recombinant detection for strains normally giving a low
yield of recombinants (1%) and a doubling of the
recombination frequency for a cross normally yielding
20% recombinants. Such yields of recombinants means
that they would be detectable by simply screening a
random proportion of the progeny of a protoplast fu
sion and the use of selectable markers to 'force' out
the recombinants would not be necessary. Examples of
thc application of the technique to actinomycete strain
improvement include cephamycin C yield enhancement
in Nocardia lactamdurans (Wesseling, 1982) and the
improvement of lignin degradation in Streptomyces viri
dospolUs (Petty and Crawford, 1984).

Protoplast fusion has also been applied to the im
provement of amino acid producing strains. Karasawa
et al. (1986) used the technique to improve the fermen
tation rates of lysine producers developed using re
peated mutation and directed selection. Such strains
were good lysine producers but showed low glucose
consumption and growth rates, undesirable features
which had been inadvertently introduced during the
selection programme. A protoplast fusion was per
formed between the lysine producer and a fast growing
strain and a fusant was isolated displaying the desirable
characteristics of high lysine production and high glu
cose consumption rate resulting in a much faster fer
mentation. The same authors used protoplast fusion to
produce a superior threonine producing Brevibacterium

2.2
99
Green
Good
11.7
Yes

Parent ACharacteristic

Spores per slant (x 10 8)

Germination frequency (%)
Colour of sporulating colonies
Seed growth
Penicillin V yield (mg cm ~3)

Phenylacetic oxidation

OH-V penicillin (an undesirable product), were
followed by plating on a non-selective medium.

of 100 stable colonies which were scored, two
oos>sesseo the desirable morphology, high penicillin V

low OH-V penicillin productivities.
Lein (1986) reported the penicillin strain improve

programme adopted by Panlabs, Inc. This pro
included random and directed selection as

as protoplast fusion. Table 3.7 illustrates the
properties of the two strains used in a protoplast fusion
and one of the recombinants selected. To avoid any
adverse effects no selective genetic markers were used
and the regenerated colonies were screened on the
basis of colony morphology and spore colour. A total of
238 colonies judged to be recombinants were screened
for penicillin V production and the culture with the
best combination of properties is shown in the table.
Thus, the desirable characteristics of each strain were
combined in the recombinant.

Protoplasts are also useful in the filamentous fungi
for manipulations other than cell fusion. Rowlands
(1992) suggested that they may be used in mutagenesis
of non-sporulating fungi. Spores are the cells of choice
for the mutagenesis of filamentous fungi but this is
obviously impossible for non-sporulating strains.
Mycelial fragments may be used but these will be
multinucleate and very high mutagen doses are re
quired. Although some protoplasts will be non-nucleate
or multi-nucleate at least some will be uninucleate
which will express any modified genes after mutation.
Also, protoplasts will take up DNA in in vitro genetic
manipulation experiments and this aspect will be dis
cussed in a later section of this chapter.

Recombination can take place between acti
nomycetes by conjugation (Hopwood, 1976) and phage
transduction (Studdard, 1979). However, both these
mechanisms involve the transfer of only small regions
of the bacterial chromosome. Furthermore, the low
frequencies at which recombination occurs necessitate
the use of selectable genetic markers such as auxotro-
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lactofermentum strain. Lysine auxotrophy was intro
duced into a threonine and lysine overproducer by
fusing it with a lysine auxotroph the recombinant
produced higher levels of threonine due to its lysine
auxotrophy.

THE APPLICATION OF RECOMBINANT
DNA TECHNIQUES

The transfer of DNA between different species of
bacteria has been achieved experimentally using both
in vivo and in vitro techniques (Atherton et al., 1979).
Thus, genetic material derived from one species may be
incorporated into another where it may be expressed.
In vivo techniques make use of phage particles which
will pick up genetic information from the chromosome
of one bacterial species, infect another bacterial species
and in so doing introduce the genetic information from
the first host. The information from the first host may
then be expressed in the second host. Whereas, the in
vivo techniques depend on vectors collecting informa
tion from one cell and incorporating it into another,
the in vitro techniques involve the insertion of the
information into the vector by in vitro manipulation
followed by the insertion of the carrier and its associ
ated 'extra' DNA into the recipient cell. Because the
DNA is incorporated into the vector by in vitro meth
ods the source of the DNA is not limited to that of the
host organism of the vector. Thus, DNA from human
or animal cells may be introduced into the recipient
cell. Atherton et al. (1979) listed the basic require
ments for the in vitro transfer and expression of foreign
DNA in a host micro-organism as follows:

(j) A 'vector' DNA molecule (plasmid or phage)
capable of entering the host cell and replicat
ing within it. Ideally the vector should be small,
easily prepared and must contain at least one
site where integration of foreign DNA will not
destroy an essential function.

(ij) A method of splicing foreign genetic informa
tion into the vector.

(iii) A method of introducing the vectorjforeign
DNA recombinants into the host cell and se
lecting for their presence. Commonly used sim
ple characteristics include drug resistance, im
munity, plaque formation, or an inserted gene
recognizable by its ability to complement a
known auxotroph.

(iv) A method of assaying for the 'foreign' gene
product of choice from the population of re
combinants created.

70

The initial work focused on E. coli but sulJsequentlV
techniques have been developed for the
foreign DNA into a range of bacteria, yeasts, lllCllW~n_

tous fungi and animal cells. The range of vectors
been discussed by Gingold (1993) for bacteria,
and Bugeja (1993) for yeasts, Hopwood et al.
for streptomycetes, Elander (1989) for filamentous
and Murray (1993) for animal cells. The insertion
information into the vector molecule is achieved by
action of restriction endonucleases and DNA
Site-specific endonucleases produce specific DNA
ments which may be joined to another similarly
DNA molecule using DNA ligase. The modified
is then normally introduced into the recipient cell
transformation. Because the transformation process
an inefficient one, selectable genes must be
porated into the vector DNA so that the transf,ornlled
cells may be cultured preferentially from the mixture
transformed and parental cells. This is normally
plished by the use of drug-resistant markers so that
those cells containing the vector will be capable
growth in the presence of a certain antimicrobial agent.
The process is shown diagrammatically in Fig. 3.29.

Once the desired gene has been introduced into the
recipient cell the problem of expression of the gene
arises. This is particularly difficult when a eukaryotic
gene is introduced into a bacterium. In the late 1970s a
large number of mammalian genes were successfully
introduced into bacterial cells, but there was little
evidence of any gene expression (Atherton et a/., 1979).
The problem of eukaryotic gene expression in prokary
otic cells is due to the different structure of eukaryote
genes which contain non-coding segments of DNA.
Thus, the production of a eukaryotic product by a
prokaryotic cell necessitates the incorporation of the
genes coding for the product in a form that may be
translated by the recipient cell. Two approaches have
been adopted to construct eukaryotic genes in a
prokaryotic form: the first is to synthesize DNA corre
sponding to the primary structure of the protein product
of the gene, although this method is suitable only for
the construction of genes coding for small peptides of
known structure. Itakura et a/. (1977) synthesized the
gene coding for the human hormone, somatostatin, and
succeeded in incorporating it in E. coli where it was
expressed. The alternative technique is to synthesize
DNA from the messenger RNA, corresponding to the
gene, using the enzyme, reverse transcriptase. Eukary
ote messenger RNA is similar to bacterial RNA in that
it does not contain non-coding segments so that DNA
synthesized from an eukaryotic messenger RNA tem
plate should be in a form which is transcribable by a
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FIG. 3.29. A summary of the steps in in vitro genetic recombina
tion. Both plasmid vector and foreign DNA are cut by the restric
tion endonuclease, EcoRI, producing linear double-stranded DNA
fragments with single-stranded cohesive rrrojeetions. EcoRI recog
nizes the oligonucleotide sequence g~~ and will cut any dou
ble-stranded DNA molecule to yield fragments with the same
cohesive ends gAATT, 'frAAG' On mixing vector and foreign DNA,
hybrids form into circular molecules which can be covalently
joined using DNA ligase. Transformation of E. coli results in the
low-frequency uptake of hybrid molecules whose presence can be
detected by the ability of the plasmid to confer drug resistance on
the host (Atherton et al., 1979).

prokaryotic cell. Nagata et al. (1980) used the reverse
transcriptase method to produce the genes coding for
human interferon. Complementary single-stranded
DNA was prepared from a mixture of messenger RNA
extracted from virus-induced human lymphocytes. The
DNA was then introduced into E. coli at random using
a plasmid vector and the recipient cells screened for
the presence of the interferon gene. Those colonies
that contained the gene were then examined for inter
feron production. Using this method, Nagata's group
succeeded in demonstrating the expression of the inter
feron gene in E. coli. Regrettably, a detailed explana
tion of the techniques involved in gene cloning is

outside the scope of this book, but excellent accounts
of the various methods are given by Gingold (1993),
Slater (1993) and Curran and Bugeja (1993), all in the
same text (Walker and Gingold, 1993).

The most publicized application of recombinant
DNA technology in the context of fermentation is the
construction of strains capable of synthesizing foreign
proteins. Although this chapter is concerned with strain
improvement it is the obvious place to consider such
chimeric strains. The use of the technique for the
improvement of microbial product synthesis has also
been very successful and this will be discussed in a later
section.

(i) The production of heterologous proteins
The rationale for the commercial production of

foreign proteins in micro-organisms depends on the
protein under consideration. The first commercial het
erologous protein to be produced was human growth
hormone (hGH) which is used to treat hypopituitary
dwarfism and, prior to its manufacture by fermentation,
was extracted from the brains of human cadavers.
Naturally, this source was not readily available and
carried the additional disadvantage of the risk of con
tamination with human pathogens. The successful pro
duction of recombinant hGH from E. coli both satis
fied the demand for the compound and eliminatcd the
risks associated with the human source (Dykes, 1993).
Factor VIII is a blood clotting agent used in the
treatment of haemophilia. Prior to its production as a
recombinant protein it was extracted from human blood
with the associated risk of contamination with HIV, so
that the logic behind its production by fermentation is
very similar to that of hGH - availability and safety.

The logic for the development of recombinant hu
man insulin is not quite as clear because diabetes had
been treated successfully for many years with animal
insulin. However, it was assumed that the recombinant
human product would cause fewer immunological dif
ficulties and it would be pure and not contaminated
with such pancreatic peptides as proinsulin, glucagon,
somatostatin, pancreatic polypeptides and vaso-active
intestinal peptides. Furthermore, the incidence of dia
betes was also expected to increase due to changes in
diet, the improved care of pregnant diabetic women
(resulting in an increase of diabetes in the gene pool)
and the increased life expectancy of diabetics (Dykes,
1993). Recombinant human insulin was first marketed
in the UK. in 1982 and by 1989 had become the most
common form in use (Dykes, 1993).

Many other human proteins are synthesized at very
low levels and the only practical way to produce them
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suJfficierlt quantities for use as therapeutic agents is
recombinant proteins. Examples of such products

include the interferons and erythropoietin. Table 3.8
lists the recombinant proteins which have been li
censed for therapeutic use. According to Dykes (1993)
although insulin and hGH have been two of the most
successful products (in terms of sales) some newer
products have greater potential. For example, ery
thropoietin stimulates the production of erythrocytes
from immature erythroid progenitor cells and has been
used for the successful treatment of renal failure-in
duced anaemia. Predicted annual sales of the protein
in the mid-1990s are in the region of $1200 million.
The potential markets of some other recombinant hu
man proteins are considered in Chapter 1.

Hepatitis B virus causes an infection of the liver
giving rise to chronic viral hepatitis which may lead to
progressive liver disease. There is no effective cure of
the disease and, thus, vaccination is critical. The first
hepatitis B vaccine became available in 1982, prepared
from hepatitis B surface antigen (HBsAg) purified from
the plasma of human carriers of the disease. Although
the vaccine was successful its origin obviously pre
sented the same difficulties of availability and contami
nation as discussed for hGH and Factor VIII. These
difficulties provided the impetus to develop a recombi
nant vaccine which was achieved by expressing the
HBsAg gene in Saccharomyces cerevisiae.

The vast majority of the early work on recombinant
DNA technology concerned the transfer of genetic
material into E. coli and this led to the adoption of the
organism as the host for the production of several
heterologous proteins. The bacterium had several ad
vantages in its favour, primarily:

The availability of genetic knowledge.

The very wide range of vectors available.
A simple fermentation process using cheap
Promising protein yields in the range of 2-5
dm- 3.

Despite these advantages E. coli also presents several
problems for the production of heterologous proteins:

Proteins are formed as insoluble aggregates.
The proteins are not secreted.
Lack of post-translational modification.

By the mid-1980s the use of E. coli had declined
considerably and yeasts, filamentous fungi and animal
cells in culture were being investigated as alternative
hosts. However, by 1992 E. coli was once again in
favour. The protein yields obtained from animal cells
were disappointing and the understanding of secretion
and protein folding had progressed such that soluble
proteins could be secreted by engineered E. coli
(Hockney, 1994). However, mammalian cells are still
the preferred host when the protein activity depends
upon post-translational modification.

Whichever organism is used for the synthesis of an
heterologous protein it is important that the strain is
constructed such that expression of the gene may be
controlled during the fermentation process. This may
be achieved by inserting the gene into an inducible
system, such as f3-galactosidase, so that expression of
the gene may be initiated by the addition of the in
ducer. This aspect is discussed in Chapter 4.

As an example of the production of an heterologous
protein the development of the Genencor process for
the production of recombinant chymosin will be con-

TABLE 3.8. Recombinant proteins licensed for therapeutic use (Dykes, 1993)

72

Protein

Insulin
Growth hormone
Tissue plasminogen activator
Erythropoietin
G-CSF
GM-CSF
Factor VIn
Interferon a

Interferon f3

Interferon

Hepatitis B surface antigen

Clinical use

Diabetes
Hypopituitary dwarfism
Clot lysis
Anaemia
Cancer chemotherapy
Bone marrow transplantation
Haemophilia
Cancers, hepatitis B, leukaemia
Cancers, amyotrophic lateral

sclerosis, genital warts
Cancers, AIDS-related complex,

osteopetrosis
Hepatitis vaccine
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(Ward et al., 1990; Dunn-Coleman et al., 1991).
chymosin is an aspartyl protease extracted from

abomasum of unweaned calves and is used as a
mlllk-(;IOllLlllg agent in the manufacture of cheese. Its
natural source means that the enzyme is available only
in limited quantities which made the possibility of
producing it as an heterologous protein an attractive
proposition. This process utilizes the filamentous fun
gus Aspergillus niger var. awamori which was claimed
to have the following advantages as a potential host
organism:

It is capable of secreting large amounts of protein.
The organism is regarded as safe.
Transformation systems were available.

Secretion from a eukaryotic cell is achieved via the
endoplasmic reticulum and the Golgi apparatus. Entry
into the secretory pathway is determined by the pres
ence of a short, hydrophobic 'signal' sequence on the
N-terminal end of secreted proteins. The signal se
quence directs the protein to sites on the endoplasmic
reticulum (ER) from where transport into the lumen of
the ER occurs. The signal sequence is cleaved by a
luminal signal peptidase and the protein passes through
the ER and Golgi body, before being packaged into
secretory vesicles and exported beyond the cell mem
brane (Curran and Bugeja, 1993).

Several expression vectors were constructed incor
porating the organism's glucoamylase gene and prochy
mosin cDNA. The inclusion of the prochymosin cDNA
between the glucoamylase promoter and terminator
resulted in a strain which accumulated only 15 mg
dm -3 chymosin in the medium despite high intracellu
lar mRNA and chymosin levels. This implied that the
enzyme was not being secreted. To facilitate secretion,
the prochymosin cDNA was incorporated between the
glucoamylase coding region and the glucoamylase
terminator. In this case, the organism should synthesize
a 'fusion protein' consisting of chymosin attached to
the carboxyl terminus of glucoamylase. The fusion pro
tein was secreted and cleaved autocatalytically liberat
ing the chymosin which was produced at 150 mg dm- 3•

It is fascinating to appreciate that further improve
ment of this strain has been achieved by mutant induc
tion and selection. Mutagenesis followed by random
selection resulted in the isolation of a superior pro
ducer which was subsequently shown to produce very
low amounts of the native aspartyl protease. Armed
with this information the Genencor group cloned the
aspartyl protease and then deleted the gene from the
strain. Thus, the insight gained from the random screen

allowed the directed in vitro approach to be used. The
improved strain produced 250 mg dm- 3 chymosin. This
strain was then used in further mutation and selection
programmes. An automated microtitre plate screen was
developed which has already been described in an
earlier section of this chapter and the results are shown
in Table 3.6.

The strains developed using the automated screen
were then mutated and subjected to a directed screen.
Spores which survived nitrosoguanidine exposure were
plated onto glycerol media containing 1% deoxyglu
cose. Deoxyglucose is a toxic compound which Allen et
al. (1989) used to isolate resistant mutants of Neu
rospora crassa capable of producing higher levels of
extracellular enzymes normally repressed by glucose.
The best resistant strains (termed dgr) produced in
excess of 1200 mg dm -3. Parasexual crosses between
improved strains showed that two different loci were
involved in resistance to deoxyglucose.

The chymosin story is an excellent example of the
integration of recombinant DNA technology, mutant
induction and automated random selection, directed
selection and parasexual genetics in the development
of a commercial strain.

(ii) The use of recombinant DNA technology for the
improvement of native microbial products

Recombinant DNA technology has been used widely
for the improvement of native microbial products. Fre
quently, this has involved 'self cloning' work where a
chromosomal gene is inserted into a plasmid and the
plasmid incorporated into the original strain and main
tained at a high copy number. Thus, this is not an
example of recombination because the engineered
strain is altered only in the number of copies of the
gene and does not contain genes which were present
originally in a different organism. However, the tech
niques employed in the construction of these strains
are the same as those used in the construction of
chimeric strains, so it is logical to consider this aspect
here.

The first application of gene amplification to indus
trial strains was for the improvement of enzyme pro
duction. Indeed, some regulatory mutants isolated by
conventional means owed their productivity to their
containing mUltiple copies of the relevant gene as well
as the regulatory lesion. For example, the E. coli /3
galactosidase constitutive mutants isolated by Horiuchi
et al. (1963) in chemostat culture also contained up to
four copies of the lacZ gene. According to Demain
(1990), during the 1960s and early 1970s the number of
gene copies were increased by using plasmids or trans-
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ducing phage in the same species. The production of
j3-galactosidase, penicillinase, chloramphenicol
transacetylase and aspartate transcarbamylase were all
increased by transferring plasmids containing the struc
tural gene into recipient cultures, especially when the
plasmid replicated faster than the host chromosome.
The advent of recombinant DNA technology increased
the applicability of this approach by allowing the con
struction of vectors containing the desired gene and
enabling the transfer of DNA to other species. Table
3.9 includes examples of gene amplification giving rise
to improved enzyme yields.

The development of the process for the production
of a lipase for use in washing powders by Novo Industri
is an excellent example of the application of recombi
nant DNA technology to enzyme fermentations, al
though the technical details of the exercise are unavail
able (Upshall, 1992). A lipase was isolated from a
fungus which was unsuitable for commercial develop
ment. A cDNA clone coding for the lipase was pre
pared and transformed into an industrial Aspergillus
strain used for enzyme production. The recombinant
Aspergillus produced the lipase at high levels. Only 8
months elapsed between cloning the gene and the first
commercial fermentation. Thus, recombinant DNA
technology allowed the exploitation of a valuable mi
crobial enzyme by facilitating its production in a well
established commercially acceptable strain.

The first successful application of genetic engineer
ing techniques to the production of amino acids was
obtained in threonine production with E. coli. Debabov
(1982) investigated the production of threonine by a
threonine analogue resistant mutant of E. coli KI2.
The entire threonine operon was introduced into a
plasmid which was then incorporated into the organism
by transformation. The plasmid copy number in the cell
was approximately twenty and the activity of the threo
nine operon enzymes (measured as homoserine dehy-

drogenase activity) was increased 40-50 times. The
manipulated organism produced 30 g dm ~3 threonine,
compared with 2-3 g dm~3 by the non-manipulated
strain. Miwa et al. (1983) utilized similar techniques in
constructing an E. coli strain capable of synthesizing 65
g dm ~3 threonine. It is important to appreciate that
the genes which were amplified in these production
strains were already resistant to feedback repression so
that the multi-copies present in the modified organism
were expressed and not subject to control. Thus, the
recombinant DNA techniques built on the achieve
ments made with directed mutant isolation.

The application of genetic engineering to the indus
trially important corynebacteria was hampered for some
years by the lack of suitable vectors. However, vectors
have been constructed from corynebacterial plasmids
and transformation and selective systems developed.
The first patents for suitable vectors were registered by
the two Japanese companies Ajinomoto (1983) and
Kyowa Hakko Kogyo (1983) and now a range of vectors
is available with kanamycin, chloramphenicol and hy
gromycin as common selectable resistance markers
(Martin, 1989). Transformation has been achieved us
ing protoplasts and, more recently, electroporation has
been used successfully to introduce the required DNA
(Dunican and Shivnan, 1989). These systems have en
abled not only the use of recombinant DNA technology
for strain improvement but have also facilitated the
detailed investigation of the molecular biology of these
important amino acid and nucleotide producers; for
example the molecular organization of the pathway to
the aspartate family of amino acids in C. glutamicum
has been elucidated.

It is not surprising that the improvement of threo
nine productio n was the first reported use of recombi
nant DNA technology with amino acid producing
corynebacteria (Shiio and Nakamori, 1989). It may be
recalled from the discussion of the development of the

TABLE 3.9. Examples of the enhancement of enzyme production by gene amplification (After Demain, 1990)

Enzyme Gene donor Gene recipient Increase Reference
(fold)

a·Amylase Bacillus Bacillus subtilis 10 Sibakov et al. (1983)
amyloliquefaciens

a·Amylase Bacillus Bacillus 5 Aiba et al. (1983)
stearothermophilus stearothermophilus

a·Amylase Bacillus Bacillus brevis 100 Tsukagoshi et al.
stearothermophilus (1985)

Eco RI restriction E. coli E. coli 50..100 Cheng et al. (1984)
endonuclease
DNA polymerase E. coli E. coli 100 Kelley et a1. (1987)
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threonine producers that C. glutamicum was not
amenable for threonine over-production

using auxotrophs and analogue resistant mutants.
Over-production was achieved by incorporating a DNA
fragment coding for homoserine dehydrogenase from a
Brevibacterium lactofermentum threonine producer into
a plasmid and introducing the modified plasmid back
into the Brevibacterium. A similar approach was used
for homoserine kinase and a strain was developed with
remarkably increased homoserine kinase and dehydro
genase activities which produced 33 g dm - 3 threonine
(Morinaga et al., 1987).

The application of recombinant DNA technology to
the development of processes for the production of
phenylalanine is an excellent illustration of the inter
relationship between mutant development and genetic
engineering. Phenylalanine is a precursor of the sweet
ener, aspartame, and is thus an exceptionally important
fermentation product. Backman et al. (1990) described
the rationale used in the construction of an E. coli
strain capable of synthesizing commercial levels of
phenylalanine. E. coli was chosen as the producer
because of its rapid growth, the availability of recombi
nant DNA techniques and the extensive genetic
database.

The control of the biosynthesis of the aromatic family
of amino acids in E. coli is shown in Fig. 3.30. The first
step in the pathway is catalysed by three isoenzymes of
dihydroxyacetone phosphate (DAHP) synthase, each
being susceptible to one of the three end products of
the aromatic pathway, phenylalanine, tyrosine or tryp
tophan. Control is achieved by both repression of en
zyme synthesis and inhibition of enzyme activity. Within
the common pathway to chorismic acid the production
of shikimate kinase is also susceptible to repression.
The conversion of chorismic acid to prephenic acid is
catalysed by two isoenzymes of chorismate mutase,
each being susceptible to feedback inhibition and re
pression by one of either tyrosine or phenylalanine.
Each isoenzyme also carries an additional activity asso
ciated with either the phenylalanine or tyrosine branch.
The tyrosine sensitive isoenzyme carries prephenate
dehydrogenase activity (the next enzyme in the route to
tyrosine) whilst the phenylalanine sensitive enzyme car
ries prephenate dehydratase (the next enzyme in the
route to phenylalanine).

The regulation of gene expression was modified by:

(i) Both tyrosine sensitive and phenylalanine sensi
tive DAHP synthase and shikimic kinase are
regulated by the repressor protein coded by the
tyr R gene. The tyrR gene had been cloned and
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I I Dihydroxyacetone phosphate I
I I (DAHP) I
I I t I
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I I , 1
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FIG. 3.30. Control of the aromatic amino acid family in Es
cherichia coli

---0 Feedback inhibition control
---Ill Feedback repression control
CM Chorismate mutase
DS DAHP synthase
P.Dehyd Prephenate dehydratase
P.Dehydrog Prephenate dehydrogenase
SK Shikimate kinase

was subjected to in vitro mutagenesis and the
wild type gene replaced. This one mutation
then resulted in the derepression of both tyro
sine and phenylalanine DAHP synthase as well
as shikimic kinase.

(ii) The chorismic mutasejprephenate dehydratase
protein is under both repression and attenua
tion control by phenylalanine. These controls
were eliminated by replacing the normal pro
moter with one not containing the regulatory
sequences, thus giving a ten times increase in
gene expression.

The regulation of enzyme inhibition was modified by:

(i) Chorismic mutasejprephenate dehydratase is
subject to feedback inhibition by phenylalanine.
It was shown that a certain tryptophan residue
was particularly important in the manifestation
of feedback inhibition. In vitro mutagenesis was
used to delete the tryptophan codon and the
modified gene introduced along with the substi
tuted promoter referred to earlier. The enzyme
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produced by the modified gene was no longer
susceptible to phenylalanine.

(ii) The rationale was to limitOA the availability of
tyrosine such that the tyrosine-sensitive DAHP
synthase isoenzyme would not be inhibited. Al
though the other two isoenzymes would still be
susceptible to phenylalanine and tryptophan in
hibition, sufficient DAHP would be synthesized
by the third isoenzyme (in the absence of tyro
sine) to facilitate overproduction of phenylala
nine. Traditionally, this objective would have
been achieved by using a tyrosine auxotroph fed
with limiting tyrosine. However, these workers
developed an excision vector system. An exci
sion vector is a genetic element that can carry a
cloned gene and can both integrate into, and be
excised from, the bacterial chromosome. The
vector is based on the bacteriophage lambda
and the technology is explained in Fig. 3.31.
The excision of the vector can be induced by a
temperature shock. Thus, when the vector is
excised the progeny of the cell will lose the
inserted DNA. The tyrA gene was deleted from
the production strain, inserted into the excision
vector and transformed back into the organism
where the vector became integrated into the
chromosome. The fermentation could then be
conducted using a cheap medium (the organism
was not auxotrophic at inoculation) and al
lowing growth to an acceptable density. A heat
shock may then be used to initiate vector exci
sion, tyrosine auxtrophy and, hence, phenylala
nine synthesis.

These efforts should have generated a high
producing strain. However, the tyrosine-sensi
tive DAHP synthase was susceptible to inhibi
tion by high concentrations of phenylalanine. It
will be recalled that the flow of DAHP was
intended to come from the deregulated tyro
sine sensitive isoenzyme. Thus, the final step in
the development of the strain was to render
this isoenzyme resistant to phenylalanine in
hibition. This was achieved by the selection of
mutants resistant to phenylalanine analogues.
Thus, the strain was improved using a combi
nation of gene cloning, in vitro mutagenesis
and analogue resistance, indicating the impor
tance of the contribution of a range of tech
niques to strain development. The final strain
was capable of producing 50 g dm - 3 phenylala
nine at a yield of 0.23 g g-1 glucose and 2 g
g -1 biomass. The organism produced very low
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FIG. 3.31. Excision vector technology. An excision vector is
sented as a line between two boxes. Above the line and boxes
indicated those genes from bacteriophage lambda that are
on thc vector. oRpR is required for the expression of a
determined by c1. This repressor binds to oRpR and oLpL
prevent the expression of other lambda genes. The other
collectively act to form a recombination activity that allows
vector to integrate into or excise from the bacterial Ch'"OmIOS(lme
at the sites (indicated by the boxes) named alt. Other genes,
as tyrA (indicated below the excision vector), can be cloned
the excision vector prior to its introduction into a target cell
can thereby be present or absent in the cell in coordination
the vector. Upon entering a cell, the genes for recombination
xis, and int) are expressed because there is not yet any Jq."~,,ur"
As repressor accumulates, it shuts off the expression of
genes. In a fraction of the recipient cells, the rec:omlbinlati'Jn
enzymes cause the vcctor to integrate into the cell ch"omIOS(lme
before those enzymes decay away. That cell and all of its
inherit the vector and any gene it might carry (such as tyrA). If
repressor is inactivated, such as by high temperature, new
bination enzymes are formed that excise the vector from
chromosome. In such a cell and all of its progeny, the vector
the gene(s) it might carry are lost (Backman et al., 1990).

amounts of the other products and interrnecli
ates of the pathway which the workers
was due to the very precise manipulation of the
strain which avoided the concomitant adverse
characteristics associated with many highly mu
tated organisms.

Ikeda and Katsumata (1992) redesigned a tryp
tophan producing C. glutamicum strain such that it
overproduced either phenylalanine or tyrosine. The
regulation of the aromatic pathway in C. glutamicum is
shown in Fig. 3.32. Phenylalanine producers which were
resistant to phenylalanine analogues were used as
sources of genes coding for enzymes resistant to con
trol. Thus, a plasmid was constructed containing genes
coding for the deregulated forms of DAHP synthase,
chorismate mutase and prephenate dehydratase. The
vector was introduced into a tryptophan overproducer
having the following features:

(i) Chorismate mutase deficient and, therefore,
auxotrophic for both tyrosine and phenylala
nine.

(ii) Wild type DAHP synthase.
(iii) Anthranilate synthase partially desensitized to

inhibition by tryptophan.
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The transformed strain was capable of producing 28 g
dm - 3 phenylalanine and the levels of all three enzymes
coded for by the vector were amplified approximately
seven fold. If the original tryptophan producing strain
was transformed with a plasmid containing only DAHP
synthase and chorismate mutase, then tyrosine was
overproduced (26 g dm- 3). Thus, genetic engineering
techniques allowed a tryptophan producer to be re
designed into either a phenylalanine or tyrosine pro
ducer.

The development of B. sphaericus strains overpro
ducing biotin was discussed in our consideration of the
use of analogue resistant mutants. Although B. sphaeri
cus is an intrinsically good biotin producer one of the
limitations to its commercial exploitation is its complex
nutritional requirements (Brown et a!., 1991). It uses
carbon sources such as glucose inefficiently and re
quires complex organic nitrogen sources. Thus, workers
have cloned the biotin genes from B. sphaericus into E.
coli. Again, it is important to appreciate that it was the
analogue resistant genes that were cloned allowing
deregulated production in a more commercially
amenable host (Osawa et al., 1989; Brown et a!., 1991).
The two gene cassettes which were cloned were under
the control of inducible promoters so that production

could be initiated after the growth phase and therefore
maintain plasmid stability. Yields of up to 45 mg dm- 3

were achieved.
A different application of recombinant DNA tech

nology is seen in the modification of the ICI pic Pm
teen organism, Methylomonas methylotrophus. The ef
ficiency of the organisms' ammonia utilization was im
proved by the incorporation of a plasmid containing
the glutamate dehydrogenase gene from E. coli
(Windon et aI., 1980). The wild type M. methylotrophus
contained only the glutamine synthetase/glutamate
synthase system which, although having a lower K m

value than glutamate dehydrogenase, consumes a mole
of ATP for every mole of NH 3 incorporated. Gluta
mate dehydrogenase, on the other hand, has a lower
affinity for ammonia but does not consume ATP. In the
commercial process ammonia was in excess because
methanol was the limiting substrate so the expenditure
of ATP in the utilization of ammonia was wasteful of
energy. The manipulated organism was capable of more
efficient NH 3 metabolism, which resulted in a 5% yield
improvement in carbon conversion. However, the strain
was not used in the industrial process due to problems
of scale-up.

The application of in vitro recombinant DNA tech
nology to the improvement of secondary metabolite
production may not be as advanced as it is for primary
metabolites, but it has made a very significant contribu
tion. Techniques have been developed for the genetic
manipulation of streptomycetes (Hopwood et al., 1985a)
and the filamentous fungi (Elander, 1989) and a num
ber of different strategies have been devised for cloning
secondary metabolism genes (Hunter and Baumberg,
1989). In all the streptomycete systems so far studied
the genes for the biosynthesis of a secondary metabolite
are clustered. Furthermore, these clusters also contain
the genes for regulation, resistance, export and extra
cellular processing. Work of this type has not only
increased the basic understanding of the molecular
genetics of secondary metabolism, but it has also facili
tated strain improvement.

An excellent example of the application of recombi
nant DNA technology to the improvement of sec
ondary metabolite production is provided by the work
of the Lilly Research Laboratories group (Skatmd,
1992). These workers attempted to increase cephalos
porin C synthesis by Cephalosporium acremonium by
increasing the gene dosage at limiting steps in the
pathway. Four critical steps were involved:

(i) Identifying the biochemical rate limiting step
in the cephalosporin C industrial fermentation.
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FIG. 3.33. The biosynthetic route to cephalosporin C in Cephalo
sporium acremonium (Skatrud, 1992).
Abbreviations:

eef Genes coding for cephalosporin synthesis
DAC Deacetylcephalosporin C
DACS DAC synthase (commonly known as hydroxy

lase)
DAOC Deacetoxycephalosporin C
DAOCSDAOC synthase (commonly known as ex

pandase)
IPNS Isopenicillin-N-synthase
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(ii) Cloning the gene coding for the enzyme
catalysing the rate limiting step.

(iii) Constructing a vector containing the cloned
gene and introducing it into the production
strain.

(iv) Screening the transformants for increased pro
ductivity.

The biosynthetic route to cephalosporin C is shown in
Fig. 3.33. Analysis of fermentation broths showed an
accumulation of penicillin N which indicated that there
was a bottleneck at the next reaction, i.e. the ring
expansion step where the 5-membered penicillin N ring
is expanded to the 6-membered ring of deacetoxy
cephalosporin C. This step is catalysed by deacetoxy
cephalosporin C synthase (DAGCS, commonly called
expandase) coded for by the gene cefEF (already previ
ously cloned by Samson et al., 1987). cefEF also codes
for the next enzyme in the route, deacetylcephalo
sporin C synthase (DACS, commonly called hydroxy
lase). Thus, if the expandase step were rate limiting,
introduction of extra copies of cefEF should relieve
the limitation and eliminate the accumulation of peni
cillin N.

The production strain of C. aeremonium was trans
formed with a plasmid containing an exact copy of
cefEF and the transformants screened for increased
productivity. Approximately one in four transformants
were superior producers and one produced almost 50%
more antibiotic in a laboratory scale fermentation.
Analysis of the transformant showed that a single copy
of the transforming DNA had integrated into chromo
some III, whereas native cefEF resides in chromosome
II. In pilot scale fed-batch fermentations the transfor
mant showed a 15% increase in yield which is still a
very significant increase for an industrial strain. As
predicted, the transformant did not accumulate peni
cillin N and the bottleneck appeared to have been
relieved. The superior strain was among the first eight
transformants examined, whereas 10,000 survivors of a
mutagen exposure rendered no improved types. This
work illustrates the enormous potential of recombinant
DNA technology for secondary metabolite yield im
provement, but it must be appreciated that such a pro
gramme involves a very considerable financial invest
ment and the product must be sufficiently valuable to
enable a good return to be realized on that investment.

IPNE Isopenicillin-N-empimeraseThe brackets indicate
that DAOCS and DACS enzyme activities are carried on one
polypeptide coded for by the cefEF gene.
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major difficulty to be overcome in the use of
ltelJetica:Hy manipulated cultures is their potential in

in large-scale culture, especially continuous
Of()ce:SSf~S. The genetically manipulated strain of Meth
vlo,miJtl(IS methylotrophus appears to be stable in contin-

culture, but this is not surprising since the modi-
renders the cell more efficient and, thus, selec

tion force in the chemostat would tend to work to its
advalltage. However, strains which have been manipu
lated to produce products which give the cell no selec
tive advantage would be selected against in long-term
culture, especially in chemostat systems. Thus, the de
velopment of techniques to stabilize manipulated cul
tures and the incorporation of selectable marker genes
consistent with the use of cheap fermentation media
are critical to the successful fulfilment of much of the
promise of genetic-manipulation techniques. The im
proved cephalosporin C producer described earlier was
transformed with an integrating vector which means
that the transformant is stable even in the absence of
selective pressure.

The improvement of industrial strains
by modifying properties other than the

yield of product

The previous sections of this chapter have con
sidered ways of increasing the yields of metabolites
produced by industrial micro-organisms. However, the
design and economics of a commercial process are
influenced by properties of the organism other than its
productivity. For example, although a strain may pro
duce a very high level of a metabolite it would be
unsuitable for a commercial process if its productivity
were extremely unstable, or if the organism's oxygen
demand were such that it could not be satisfied in the
industrial fermenter available for the process. There
fore, characteristics of the producing organism which
affect the process may be critical to its commercial
success. Thus, it may be desirable to modify such
characteristics of the producing organism which may be
achieved by selecting natural and induced variants and
recombinants. Naturally, it is crucial that the modified
strain retains its desirable productivity so that the
screening involved in these procedures should include
assay of the yield as well as the characteristics being
selected. Some examples of the characteristics which
may be important in this context are: strain stability,
resistance to phage infection, response to dissolved
oxygen, tolerance of medium components, the produc-

tion of foam, the production of undesirable by-products
and the morphological form of the organism.

THE SELECTION OF STABLE STRAINS

The ability of the producing strain to maintain its
high productivity during both culture maintenance and
a fermentation is a very important quality. Yield decay
during culture storage may be avoided by the use of
maintenance techniques such as those discussed earlier
in this chapter, but loss of productivity during the
fermentation is far more difficult to control. A de
crease in the productivity of a commercial strain is
normally due to the occurrence of lower-yielding, spon
taneous revertant mutants which frequently have a
higher growth rate than the high-producing parent, so
that yield decay is especially problematical in long-term
fermentations such as fed-batch or continuous culture
where the faster-growing, lower producer may pre
dominate, or even replace, the high-producing original
strain. This situation is illustrated by the commercial,
amino acid-producing organisms, many of which are
insufficiently stable to be used in continuous-culture
processes. Many workers have attempted to control the
stability of amino acid-producing strains. As may be
seen from the previous section on the isolation of
mutants overproducing primary metabolites the amino
acid producers tend to be auxotrophs, analogue-re
sistant mutants or revertants; such mutations removing
the normal mechanisms controlling the production of
amino acids. The introduction of more than one muta
tion giving the same phenotype may give a more stable
strain since all the mutations would have to revert for
the strain to lose its productivity.

Woodruff and Johnson (1970) selected a double aux
otrophic mutant of Micrococcus glutamicus requiring
both homoserine and threonine and compared its ly
sine-producing properties with those of a homoserine
auxotroph. The authors claimed that the double mu
tant had a two-fold advantage in that it produced
higher levels of lysine compared with the single aux
otroph and was also less susceptible to reversion to low
productivity, the stability of the double auxotroph be
ing such that it was a suitable organism for the produc
tion of lysine by continuous culture.

Nakayama (1972) discussed the problem of strain
reversion in the lysine fermentation and cited an exam
ple of a fermentation where 87% of the cells from a
60-88-hour culture were revertants. This very high
level of revertants was probably due to the faster
growth rate of the revertant compared with the single
auxotroph in homoserine-limited culture. This situation
was controlled, to a certain extent, by the incorporation
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erythromycin, which are more
growing revertants than to the

hom()serinle limited auxotrophs. However, the use of
mlltaluts which have multiple markers appears to be a
better solution, as this considerably reduces the
probability of reversion to the wild type as reversion of
all the markers must occur, which should be an ex
tremely rare event. Sano and Shiio (1970) cited the use
of a C. glutamicum mutant for the industrial produc
tion of lysine which was auxotrophic for homoserine
and leucine and was resistant to S-(2-aminoethyO-L-cy
steine and produced 39 g dm- 3 lysine. This strain
would have had to have several reversions before it was
restored to anything approaching the wild-type.

The stability of fungal diploids used in commercial
fermentations may be controlled by a technique dis
cussed by Ball (1973). Ball claimed that it may be
possible to control the degeneration of a diploid into
haploids by incorporating non-homologous recessive
lethal mutations on separate chromosomes of an ho
mologous pair in the diploid. The deleterious effects of
the mutations would be repressed by the dominant
alleles in the diploid but would be expressed in a
haploid derived from the diploid, resulting in any hap
loids being non-viable.

A very simple but effective technique for selecting
stable strains of P. chrysogenum was used in the Pan
labs strain development programme (Lein, 1986). Final
evaluation of a culture was made using the second slant
of a slant-to-slant transfer. If the culture was unstable
then the yield of a fermentation from the second slant
would be poor, resulting in it being rejected. This
procedure was followed sequentially through the pro
gramme with the result that the later strains showed
less tendency to degenerate after subculturing.

Recombinant plasmids used as vectors in genetic
manipulation are susceptible to two types of instability.
Segregational instability is due to uneven partitioning
of the plasmids at replication resulting in the produc
tion of plasmid-free daughter cells. Structural instabil
ity is a result of recombination events occurring within
the vector, sometimes resulting in disruption of the
desired gene. It is essential for acceptable stability that
a plasmid vector contains a partitioning locus and that
segregation of the plasmid is not simply a random
event. The problem has been overcome in some sys
tems by the integration of the vector into the chromo
somal DNA, as already seen for filamentous fungal
vectors. The disadvantage of this approach is that only
one (or a few) copy of the desired gene is present
whereas the use of an autonomously replicating plasmid
would result in many gene copies.
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THE SELECTION OF STRAINS RESISTANT
TO INFECTION

Bacterial fermentations may be affected very
ously by phage infections, which may result in
of the bacteria. A possible method for reducing
of failure due to phage contamination is to
bacterial strains which are resistant to the
isolated in the fermentation plant (Hongo et al.,
It is important that the apparent resistant
isolated are not lysogenic as the carrying of a
tion of phages in the fermentation is a
potential lytic phage mutants. The use of pU,ige-re
sistant mutants does not ensure immunity from
infections because new host range phages may be
duced on to the plant or phage mutants may
Plant hygiene is essential to minimize the risk of
tamination and it is also possible to utilize cn,emlCal
agents in the fermentation which selectively
phage replication (Hongo et aI., 1972).

It may be possible to design the host organism
recombinant fermentation such that it is more re5ilstant
to phage infection. Primrose (1990) suggested that
inclusion of one or more host-restriction and ml)dlhCil
tion systems (HRM) may achieve this objective.
is a mechanism whereby foreign nucleic acids which
enter a cell may be destroyed. Most HRM systems
reduce the infectivity of bacteriophage DNA by a fac
tor of 102 to 104

• The genes for many HRM systems
have been cloned and they can be introduced into host
strains provided, of course, that they do not degrade
the foreign DNA deliberately introduced into the pro
duction strain. Also, recombinant fermentations may
be made phage-resistant by changing the host organ
ism. Although this may seem a drastic step it would be
feasible if the rationale were built into the develop
ment of the process.

Infection of some fermentations with 'wild' micro
organisms may be made more easily controlled by
selecting commercial strains which are resistant to vari
ous antibiotics. The antibiotics to which the commer
cial strain is resistant may then be used to control the
level of contaminants. The danger inherent in this
technique is that resistant contaminants will also tend
to be selected, but reasonable protection should be
given provided that stringent sterilization of a contami
nated fermenter is carried out before the vessel is used
again so that any antibiotic resistant contaminants are
removed.

THE SELECTION OF NON-FOAMING
STRAINS

Foaming during a fermentation may result in the
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cells and product via the air outlet as well
fermentation at risk from contamination

CUlapter 9). Thus, foaming is normally controlled
chemical or mechanical means (see Chapters
but this task may be made easier if a non

strain of the commercial organism can be
veJOp"'ll. Foaming which occurs early in the fermen

usually due to a component in the medium
foaming late in the fermentation is normally a

DteJPerty of the growing organism and, therefore, it is
latter type of foam which may be controlled
selection. Both mutant screening and recom
may be used to develop non-foaming types

obviously, the organisms must be tested for pro
du.:;ti\rity as well. Recombination appears to be a partic

attractive proposition especially if non-foaming
lUIHU'H~ have been isolated which are poor producers

producers which foam. Ancestral crosses using
pf()toplast fusion techniques may then render a strain
cOlnbllnHlg the desirable features of both strains.

SELECTION OF STRAINS WHICH
ARE RESISTANT TO COMPONENTS

THE MEDIUM

Some media components which are required for
product formation may interfere with the growth of the
organism and, therefore, it may be desirable to select
for strains which are resistant to the medium compo
nent. Polya and Nyiri (1966) applied this approach to
the isolation of mutants of P. chlysogenum resistant to
phenylacetic acid, a precursor of penicillin and toxic to
the organism at high concentrations. Barrios-Gonzalez
et al. (1993) used a very similar approach in isolating
superior penicillin producers. Alikhanian et at. (1959)
selected strains of the oxytetracycline producer, S.
limosus, resistant to high levels of phosphate which
prevents product synthesis. This enabled the strain to
be used in media containing high levels of corn steep
liquor (which is rich in phosphate).

Analogues of repressing media components have
been used to select resistant mutants. For example,
arsenate and vanadate have been used to isolate phos
phate resistant strains (DeWitt et at., 1989) and de
oxyglucose to isolate glucose catabolite repression re
sistant strains.

THE SELECTION OF MORPHOLOGICALLY
FAVOURABLE STRAINS

The morphology of a micro-organism in submerged
culture frequently has an effect on the economics or
ease of operation of a process. The morphological form

of a filamentous micro-organism will affect both the
aeration of the system and the ease of filtration of the
fermentation broth. As discussed in Chapter 6, the
morphology of a fungus in submerged culture may be
controlled by the level of a spore inoculum and by the
medium, but it is also possible to influence the organ
ism's morphology by altering its genotype. Backus and
Stauffer (1955) recognized the influence of the genetics
of a strain on the morphology of P. chrysogenum in
submerged culture and its role in controlling foaming
and broth filtration characteristics.

Bartholomew et at. (1977) selected strains of P.
chrysogenum (for penicillin production) which gave a
lower viscosity broth which increased the oxygen-trans
port ability of their fermentation plant equipment. The
use of mutation and screening compared with recombi
nation for the production of strains of a particular
morphological type has been discussed by Ball (1978).
Ball claimed that recombination techniques would be
at an advantage over mutation and selection because of
the large number of mutants that would have to be
screened. A recombination programme would involve
the crossing of a strain of the required morphology
with a commercial producer, which should involve the
screening of relatively few progeny. Hamlyn and Ball
(1979) applied the technique of protoplast fusion to the
construction of a desirable stain of C. acremonium for
the production of cephalosporin, as discussed in an
earlier section. A cross between an asporulating, slow
growing strain with a sporulating, fast-growing strain
which only produced one third of the cephalosporin
level of the first strain eventually resulted in the isola
tion of a recombinant which displayed the desirable
properties of both strains, i.e. a strain which demon
strated good sporulation, a high growth rate and pro
duced 40% more antibiotic than the higher-yielding
parent. The ability of a strain to sporulate profusely is
a very useful characteristic in the development of in
oculum, as discussed in Chapter 6.

Rowlands (1992) reported that genetically altering
P. chrysogenum strains to produce a pelletted rather
than a filamentous broth was an important feature in
the Panlabs penicillin improvement programme. The
pelletted form gives rise to a much lower broth vis
cosity, resulting in lower power consumption. Although
Rowlands did not indicate which genetic technique was
used (mutant selection or protoplast fusion), protoplast
fusion was certainly used to improve the sporulation
and growth of the Panlabs strain, as discussed in a
previous section (Table 3.7).

Flocculation of yeasts is the adherence of cells in
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clumps resulting in the separation of the cells from the
liquid in which they were suspended. Thus, the floccu
lating property of yeasts may be described as a morpho
logical characteristic. When flocculation occurs in a
beer fermentation the yeast will rise to the top of the
vessel if it is a 'top-fermenting' yeast or drop to the
bottom of the vessel if it is a 'bottom-fermenting' yeast.
Thus, the flocculence of a yeast will determine the time
of contact of the yeast with the wort (and hence the
conversion of the wort to alcohol) and the ease of
clarification of the beer. Although mutant selection is
rarely applied, the selection of natural variants is a very
common practice in many breweries. As discussed in
Chapter 6, the yeast produced from one beer fermenta
tion may be used to inoculate a new fermentation, a
practice which is very rarely employed in the rest of the
fermentation industry. By the careful selection of the
yeast produced during a fermentation, strains showing
the desired degree of flocculence may be selected. The
first cells to rise to the top of a top fermentation, or
drop to the bottom of a bottom fermentation, are the
most flocculent cells whereas the last to rise or drop
(depending on the type of fermentation) are the least
flocculent cells. Thus, by selecting those cells that floc
culate at an intermediate time the brewer isolates the
natural variants which have the most desirable morpho
logical properties for the inoculation of the next fer
mentation.

THE SELECTION OF STRAINS WHICH ARE
TOLERANT OF LOW OXYGEN TENSION

The provision of oxygen is frequently the limiting
factor of many fermentations and it would, therefore,
be desirable to select an organism which was capable of
producing the product at a lower oxygen tension than
normal. This may be achieved by screening for in
creased production under oxygen limited conditions.
For example, Mindlin and Zaitseva (1966) isolated a
lysine-producing strain which maintained its productiv
ity under aeration conditions which decreased the
parental strain productivity by almost a half.

THE ELIMINATION OF UNDESIRABLE
PRODUCTS FROM A PRODUCTION STRAIN

Athough an industrial micro-organism may produce
large quantities of a desirable metabolite it may also
produce a large amount of a metabolite which is not
required, is toxic or may interfere with the extraction
process. Thus, in these circumstances it would be an
advantage to alter the strain such that the undesirable
product is no longer produced. An example in the
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penicillin-producing strains is the elimination
production of the yellow pigment, chrysogenein,
selection of non-pigmented mutants which made
extraction of the antibiotic much simpler (Backus
Stauffer, 1955).

Dolezilova et at. (1965) considered the prc)ductic}fi
fungicidin (nystatin) and cycloheximide by mutants
S. noursei. These workers demonstrated that
could be isolated which produced increased
fungicidin but produced no cycloheximide. The
protoplast fusion techniques for the elimination
poOH penicillin V has been considered earlier in
chapter.

THE DEVELOPMENT OF STRAINS PRODUCING
NEW FERMENTATION PRODUCTS

The isolation of organisms from the natural enVlIion
ment synthesizing commercially useful metabolites
an expensive and laborious process. Therefore,
means of producing novel compounds which may be
some industrial significance have been
Probably the most successful alternative approach
been the semi-synthetic one where microbial pn)dlLcts
have been chemically modified, for example, the semi
synthetic penicillins. Precursor feeding has also
with some success in this context; by incorporating a
precursor of a natural product into the term(~n1;ltic}fi

medium the level of the end product may be increased,
for example, the use of phenylacetic acid in the produc
tion of penicillin G. The feeding of an analogue of the
normal precursor of a natural product frequently re
sults in the production of an analogue of the natural
product. Hamill et at. (1970) demonstrated that if 5-, 6
or 7-substituted tryptophan replaced tryptophan, the
normal precursor of the antifungal agent, pyrrolnitrin,
in cultures of Pseudomonas aureofaciens, then a series
of substituted pyrrolnitrins were obtained, some of
which had improved antifungal activity. However, the
disadvantages of the analogue-precursor technique are
that the end product tends to be very similar to the
natural product and the new product will be contami
nated with the normal product which the organism may
still synthesize from its self-produced natural precur
sors. Birch (1963) suggested that the problem of mixed
products may be overcome by isolating mutants which
would not produce the normal precursor but could
convert it into the end product. Thus, the analogue
precursor could be converted into the novel end product
without competition from the normal endogenous pre
cursor. Shier et at. (1973) succeeded in applying Birch's
idea in the study of neomycin production by Strep-
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1989).

the subsequent modification reactions which occur af
ter cyclization. McDaniel et al. (1993) have constructed
plasmids coding for recombinant PKSs and achieved
expression in Streptomyces coelicolor. Five novel polyke
tides were synthesized and the system shows great
promise for the production of new, potentially valuable,
compounds as well as providing carbon skeletons
amenable to derivatization by organic chemists.

A commercially relevant example is provided by the
Lilly Research Laboratories group (Beckman et al.,
1993) who produced a strain of Penicillium ChlYSO

genum capable of accumulating deacetoxycephalo
sporin C (DAOC), a compound which can be biotrans
formed into 7-aminodesacetoxycephalosporanic acid

from the precursor, deoxystreptamine.
plating technique, the survivors of a

were screened for the ability to
of the test organism, Bacillus subtilis,

presence of deoxystreptamine. By feeding
isolated by this method, different antibi-

synthesized.
and Demain (1975) described this tech

the isolation of new products as 'mutational
and the mutants isolated as 'idiotrophs'.

the aminoglycoside-aminocyclitol antibiotics
neomycin is an example), mutational biosyn
been applied to the macrolide antibiotics,

110votHolcm antibiotics and the f3-lactam antibiotics
and Lemk, 1979).
advent of readily available recombination tech
resulted in attempts to produce novel com
from recombinants, particularly streptomycetes.

rationale behind these experiments was that by
the genotypes of two organisms synthesizing

difter1ent metabolites then new combinations of biosyn
genes, and hence pathways, may be produced.
progress was achieved using protoplast fusion but

exploitation of recombinant DNA technology has
some significant successes.

Streptomyces coelicolor produces the polyketide acti
norlhodm (Fig. 3.34) whilst Streptomyces sp. AM 7161
prctduces medermycin. Hopwood et al. (1985b) trans

some of the cloned genes coding for acti
nOl'holdin into Streptomyces sp. AM7161. The recombi

produced another antibiotic, mederrhodin A (Fig.
3.34). The modified strain contained the actV gene
from S. coelicolor coding for the p-hydroxylation of
actinorhodin; the enzyme was also capable of hydroxy
lating medermycin. Hopwood et al. (1985b) also intro
duced the entire actinorhodin gene cluster into Strep
tomyces uiolaceOluber which produces granaticin or di
hydrogranaticin (Fig. 3.35). The recombinant synthe
sized the novel antibiotic, dihydrogranatirhodin which
has the same structure as dihydrogranaticin apart from
the stereochemistry at one of its chiral centres (Fig.
3.35).

The enzymes responsible for polyketide biosynthesis
have been extensively studied in recent years and sig
nificant advances have been made in the understanding
of both their biochemistry and genetics. Polyketide
synthases (PKSs) are multifunctional enzymes which
catalyse repeated decarboxylative condensations
between coenzyme A thioesters and are very similar to
the fatty acid synthases. An enormous range of mi
crobial polyketides are known and the variation is due
to the chain length, the nature of the precursors and
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the genes cefE and cefF respectively.
clauuligerus could be modified for the cOlnrrlen:ial
duction of DAOC. However, the Lilly group
have a strain capable of producing high cephalospo
levels available to them, but they did have a Penicilli
chrysogenum that overproduced isopenicillin N (IPN
an intermediate in phenoxymethylpenicilIin synthes
as shown in Fig. 3.36. Thus, to enable the Penicillium
produce DAOe the insertion of two genes was nee
sary, i.e. those encoding isopenicillin epimerase
expandase. These workers had already cloned
(coding for expandase) from S. clauuligerus and
(coding for epimerase) from S. lipmanii. Thus,
sophisticated vector technology a P. chrysogenum
transformed with a plasmid containing both cefD
cefE. One of the isolated transformants was
synthesizing up to 2.5 g dm -3 DAOe and both
cefD and cefE genes were integrated into the
ism's genome.

Thus, the recombinant produced by the Lilly
contained a branched biosynthetic pathway giving
to the two end products, DAOe and ph,enclxylneth·
ylpenicillin. However, the conversion of IPN to
in the recombinant represented less that 10% of
conversion of IPN to phenoxymethylpenicillin in
parent. Thus, the recombinant may still be de1vel'JP(~d

to improve the productivity. These developments
involve the screening of a larger population of transJ:or
mants to find one where integration of the
genes occurred at sites not associated with penic:ilIin
synthesis. Also, the isolation of a strain blocked in
conversion of IPN to phenoxymethylpenicillin
give improved DAOe production.
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FIG. 3.35. (a) Structure of granaticin, (b) structure of dihydrogra
naticin, (c) structure of dihydrogranatirhodin (Hunter and Baum
berg, ] 989).

Deacetoxycephalosporin C

L - u -amillOadi pic acid + L - cystei nc + L -vali ne

L- u -aminoadipyl - L -cyslcinyl- D -valine

I

FIG. 3.36. j3-Lactam biosynthetic pathway in wild-type P. chlyso

genllm (pathway in medium type) and in P. chrysogenllm trans
formed with pBOB13 and pZAZ6 (branched pathway which in
cludes steps in boldface type). Enzyme steps (medium type, top to
bottom): ACV synthetase, IPN synthase, acyl coenzyme A:IPN
acyltransferase. Enzyme steps (boldface type, top to boltom): IPN
epimerase, penicillin N expandase (= DAOC synthase). (Beckman
et aI., 1993.)

Penicillin N

Isopcnicillin N

Phenoxymethylpenicillin

(7ADAOe) which is a precursor of at least three
chemically synthesized clinically important cephalo
sporins. The conventional route to 7ADAOe is by the
chemical ring expansion of benzylpenicillin which is far
more complex than the biotransformation of DAOC.

DAOe is produced as an intermediate in the synthe
sis of cephalosporin e by Cephalosporium acremonium,
as shown in Fig. 3.33. However, it would be very dif
ficult to manufacture the compound from C acre
monium by blocking the conversion of DAOe to
deacetylcephalosporin e because a single bifunctional
enzyme catalyses both the conversion of penicillin N to
DAOe (expandase activity) and the hydroxylation of
DAOe to deacetylcephalosporin e (hydroxylase activ
ity). The bifunctional protein is encoded by the gene
cefEF. In Streptomyces clauuligerus the expandase and
hydroxylase enzymes are separate proteins encoded by
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SUMMARY

The tasks of both discovering new microbial com
and improving the synthesis of known ones

become more and more challenging. Early work
isolation and improvement relied on a 'blunderbus'

appn)ac:n yet, due to the ingenuity and resourcefulness
the individuals involved, resulted in the establish

ment of a wide range of highly successful processes.
rational improvement programmes developed in

amino-acid industry pointed the way to the adop
tion of such approaches for both secondary metabolite
discovery and improvement and the development of
miniaturized screening sytems allowed the industry to
take full advantage of robotic systems to revolutionize
screening throughput. However, it is the gigantic devel
opments in molecular biology which have allowed the
industry to enter the next stage in its evolution. Re
combinant DNA technology has enabled the produc
tion of heterologous products and has built on the
achievements of directed selection to increase yields of
conventional products still further.
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CHAPTER 4

Media for Industrial Fermentations

INTRODUCTION

DETAILED investigation is needed to establish the most
suitable medium for an individual fermentation process,
but certain basic requirements must be met by any
such medium. All micro-organisms require water,
sources of energy, carbon, nitrogen, mineral elements
and possibly vitamins plus oxygen if aerobic. On a small
scale it is relatively simple to devise a medium contain
ing pure compounds, but the resulting medium, al
though supporting satisfactory growth, may be unsuit
able for use in a large scale process.

On a large scale one must normally use sources of
nutrients to create a medium which will meet as many
as possible of the following criteria:

1. It will produce the maximum yield of product or
biomass per gram of substrate used.

2. It will produce the maximum concentration of
product or biomass.

3. It will permit the maximum rate of product for
mation.

4. There will be the minimum yield of undesired
products.

5. It will be of a consistent quality and be readily
available throughout the year.

6. It will cause minimal problems during media
making and sterilization.

7. It will cause minimal problems in other aspects
of the production process particularly aeration
and agitation, extraction, purification and waste
treatment.

The use of cane molasses, beet molasses, cereal
grains, starch, glucose, sucrose and lactose as carbon
sources, and ammonium salts, urea, nitrates, com steep
liquor, soya bean meal, slaughter-house waste and fer-

mentation residues as nitrogen sources, have tended to
meet most of the above criteria for production media
because they are cheap substrates. However, other
more expensive pure substrates may be chosen if the
overall cost of the complete process can be reduced
because it is possible to use simpler procedures. Other
criteria are used to select suitable sporulation and
inoculation media and these are considered in Chapter
6.

It must be remembered that the medium selected
will affect the design of fermenter to be used. For
example, the decision to use methanol and ammonia in
the single cell protein process developed by ICI pic
necessitated the design of a novel fermenter design
(MacLennan et ai., 1973; Sharp, 1989). The microbial
oxidation of hydrocarbons is a highly aerobic and ex
othermic process. Thus, the production fermenter had
to have a very high oxygen transfer capacity coupled
with excellent cooling facilities. ICI pic solved these
problems by developing an air lift fermenter (see Chap
ter 7). Equally, if a fermenter is already available this
will obviously influence the composition of the medium.
Rhodes et ai. (1955) observed that the optimum con
centrations of available nitrogen for griseofulvin pro
duction showed some variation with the type of fer
menter used. Some aspects of this topic are considered
in Chapter 7.

The problem of developing a process from the
laboratory to the pilot scale, and subsequently to the
industrial scale, must also be considered. A laboratory
medium may not be ideal in a large fermenter with a
low gas-transfer pattern. A medium with a high vis
cosity will also need a higher power input for effective
stirring. Besides meeting requirements for growth and
product formation, the medium may also influence pH
variation, foam formation, the oxidation-reduction po
tential, and the morphological form of the organism. It
may also be necessary to provide precursors or
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metabolic inhibitors. The medium will also affect
product recovery and effluent treatment.

Historically, undefined complex natural materials
have been used in fermentation processes because they
are much cheaper than pure substrates. However, there
is often considerable batch variation because of vari
able concentrations of the component parts and impu
rities in natural materials which cause unpredictable
biomass and/or product yields. As a consequence of
these variations in composition small yield improve
ments are difficult to detect. Undefined media often
make product recovery and effluent treatment more
problematical because not all the components of a
complex nutrient source will be consumed by the or
ganism. The residual components may interfere with
recovery (Chapter 10) and contribute to the BOD of
the effluent (Chapter 11).

Thus, although manufacturers have been reluctant
to use defined media components because they are
more expensive, pure substrates give more predictable
yields from batch to batch and recovery, purification
and effluent treatment are much simpler and therefore
cheaper. Process improvements are also easier to de
tect when pure substrates are used.

Collins (1990) has given an excellent example of a
process producing recombinant protein from S. cere
uisiae instead of just biomass. The range of growth
conditions which can be used is restricted because of
factors affecting the stability of the recombinant pro
tein. The control of pH and foam during growth in a
fermenter were indentified as two important parame
ters. Molasses would normally be used as the cheapest
carbohydrate to grow yeast biomass in a large scale
process. However, this is not acceptable for the recom
binant protein production because of the difficulties,
and incurred costs caused in subsequent purification
which result from using crude undefined media compo
nents. Collins and co-workers therefore used a defined
medium with glucose, sucrose or another suitable car
bon source of reasonable purity plus minimal salts,
trace elements, pure vitamins and ammonia as the
main nitrogen source and for pH control. Other impu
rities in molasses might have helped to stabilize foams
and led to the need to use antifoams.

Aspects of microbial media have also been reviewed
by Suomalainen and Oura (1971), Martin and Demain
(1978), Iwai and Omura (1982), DeTilly et ai. (1983),
Kuenzi and Auden (1983), Miller and Churchill (1986),
Smith (1986) and Priest and Sharp (1989).

Media for culture of animal cells will be discussed
later in this chapter.

94

Table 4.1 gives the recipes for some typical
for submerged culture fermentations. These
are used to illustrate the range of media in use,
not necessarily the best media in current use.

MEDIUM FOJRM1ULAlTIC)N

Medium formulation is an essential stage in
design of successful laboratory experiments, Pilot-scale
development and manufacturing processes. The
stituents of a medium must satisfy the elemental
quirements for cell biomass and metabolite pn:Jdllction
and there must be an adequate supply of energy
biosynthesis and cell maintenance. The first step
consider is an equation based on the stoichiometry
growth and product formation. Thus for an
fermentation:

carbon + nitrogen + 02 + other ->

and source require-
energy ments
source

biomass + products + CO2 + H 20 + heat

This equation should be expressed in quantitative
which is important in the economical design of media
component wastage is to be minimal. Thus, it should be
possible to calculate the minimal quantities of nutri
ents which will be needed to produce a specific amount
of biomass. Knowing that a certain amount of biomass
is necessary to produce a defined amount of product, it
should be possible to calculate substrate concentrations
necessary to produce required product yields. There
may be medium components which are needed for
product formation which are not required for biomass
production. Unfortunately, it is not always easy to
quantify all the factors very precisely.

A knowledge of the elemental composition of a
process micro-organism is required for the solution of
the elemental balance equation. This information may
not be available so that data which is given in Table 4.2
will serve as a guide to the absolute minimum quanti
ties of N, S, P, Mg and K to include in an initial
medium recipe. Trace elements (Fe, Zn, Cu, Mn, Co,
Mo, B) may also be needed in smaller quantities. An
analysis of relative concentrations of individual ele
ments in bacterial cells and commonly used cultivation



Endotoxin from Bacillus thuringiensis (Holmberg et al., 1980)

TABLE 4.1. Some examples offermentation media
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270 g dm 3

2gdm-' 3

2 g dm- 3

2 g dm- 3

0.5 g dm' 3
0.04 g dm ".J

0.02 g dm- J

0.3gdm- 3

12 "g dm 3

11 "g dm 3

20 g dm 3

1 gdm- 3

2 g dm- 3

5 g dm- 4

O.oJ g dm- J

0.01 g dm- 3

0.01 g dm,·3
0.01 g dm- J

7.5gdm- 3

1%
1.5%
0.1%

O.2%(v/v)

12% + 4%
(Additional feeding)

0.1%
1.5%

2%
1.5%

0.13%
2%

O.oJ%

Clavulanic acid (Box, 1980)

Glycerol
Soybean flour
KH zP04

10% Pluronic L81 antifoam in
soya bean oil

Oxytetracycline (Anonymous, 1980)
Starch

Technical amylase
Yeast (dry wI.)
CaC0 3

Ammonium sulphate
Lactic acid
Lard oil
Total inorganic salts

Gibberellic acid (Calam and
Nixon, 1960)

Glucose monohydrate
MgS04
NH 4H zHP04
KHzP04

FeS04·7HzO
MnS04·4HzO
ZnS04'7H zO
CUS04 ·5H zO
Corn steep liquor

(as dry solids)

Glutamic acid (Gore et al., 1968)

Dextrose
NH4H 2P04
(NH 4)zHP04
K 2S04
MgS04'7H zO
MnS04· H ZO
FeS04· 7H 20
Polyglyeol 2000
Biotin
Penicillin

0-4%
2-6%
0.5%
0.5%

0.76%
0.65%

1.85%
1.50%

4.75%
0.04%
0.05%

45 g
24 g

2.5 g
2.5 cm3

1 dm3

7.0

0.005%
0.003%

150 g dm-3

1.0 g dm,·3
3.0 g dm- 3

0.01 g gm- 3

and Ratajak, 1962)

(lJrlder~koller, 1966)

'7H zO
KG-1 antifoam

Avernlectm (Stapley and Woodruff, 1982)

dried solubles
N2>armr,e (enzymatic casein

I'errtorrized milk
f\.UlUlY"'U yeast
1'ol'ygh'col 1'-2000

MgS04·7H zO
MnS04.4HzO

Molasses
Soy flour
KH zP04

KHzP04

FeS04·7HzO
CaCl z
Na(NH 4)zP04.4H zO
Lysine (Nakayama, 1972a)
Cane blackstrap molasses
Soybean meal hydrosylate

(as weight of meal before hydrolysis
with 6N H ZS04 and neutralized
with ammonia water)

CaC0 3 or MgS04 added to
buffer medium

Antifoam agent

0.001%
0.005%

0.15%

20%
1.8%

Penicillin (Perlman, 1970)

Glucose or molasses
(by continuous feed)

Corn-steep liquor
Phenylacetic acid

(by continuous feed)
Lard oil (or vegetable

oil) antifoam by continuous addition
pH to 6.5 to 7.5 by acid
or alkali addition

10% of total

4-5% of total
0.5-0.8% of total

0.5% of total

Note. The choice of constituents in the ten media is not a haphazard one. The rationale for medium design will be detailed in the
remainder of the chapter
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TABLE 4.2. Element composition of bacteria, yeasts and fungi (% by dry weight)
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media quoted by Cooney (1981) showed that some
nutrients are frequently added in substantial excess of
that required, e.g. P, K; however, others are often near
limiting values, e.g. Zn, Cu. The concentration of P is
deliberately raised in many media to increase the buf
fering capacity. These points emphasize the need for
considerable attention to be given to medium design.

Some micro-organisms cannot synthesize specific
nutrients, e.g. amino acids, vitamins or nucleotides.
Once a specific growth factor has been identified it can
be incorporated into a medium in adequate amounts as
a pure compound or as a component of a complex
mixture.

The carbon substrate has a dual role in biosythesis
and energy generation. The carbon requirement for
biomass production under aerobic conditions may be
estimated from the cellular yield coefficient (Y) which
is defined as:

Quantity of cell dry matter produced

Quantity of carbon substrate utilized

Some values are given in Table 4.3. Thus for bacteria

40-63

0.1-0.2

7-10
0.4-4.5
0.HJ.5
0.2-2.5

0.02-0.5
0.1-1.4
0.1-0.5

Fungi
(Lilly, 1965;

Aiba et al., 1973)

45-50
7

7.5-11
0.8-2.6

0.01-0.24
1.0-4.0

0.01-0.1
0.1-0.3
O.HJ.5

O.0l-0.5

with a Y for glucose of 0.5, which is 0.5 g cells
glucose, the concentration of glucose needed to
30 g dm- 3 cells will be 30/0.5 = 60 g dm- 3

One litre of this medium would also need to
approximately 3.0 g N, 1.0 g P, 1.0 g K, 0.3 g Sand 0.1
Mg. More details of Y values for different
organisms and substrates are given by Atkinson
Mavituna (1991b).

An adequate supply of the carbon source is
essential for a product-forming fermentation process.
In a critical study, analyses are made to determine
the observed conversion of the carbon source to
product compares with the theoretical maximum yield.
This may be difficult because of limited knowledge of
the biosynthetic pathways. Cooney (1979) has calcu
lated theoretical yields for penicillin G biosynthesis on
the basis of material and energy balances using a
biosynthetic pathway based on reaction stoichiometry.
The stoichiometry equation for the overall synthesis is:

a zC6H 120 6 + bzNH 3 + czOz + dzH zS04 + ezPAA

--'> nzPen G + pzCOz + qzHzO

Yeasts
(Aiba et al., 1973;

Herbert, 1976)

50-53
7

12-15
2.0-3.0
0.2-1.0
1.0-4.5
0.5-1.0

O.Ol-1.1
0.1-0.5

0.5
0.02-0.2

Bacteria
(Luria, 1960;

Herbert, 1976;
Aiba et al., 1973

Element

Carbon
Hydrogen
Nitrogen
Phosphorus
Sulphur
Potassium
Sodium
Calcium
Magnesium
Chloride
Iron

TABLE 4.3. Cellular yield coefficients (Y) of bacteria on different
carbon substrates (data from Abbott and Clamen, 1973)

Substrate

Methane
n-Alkanes
Methanol
Ethanol
Acetate
Malate
Glucose (molasses)
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Cellular yield coefficient
(g biomass dry wt. g-1

substrate)

0.62
1.03
0.40
0.68
0.34
0.36
0.51

where a z, bz, cz, dz, ez, nz, pz and qz are the
stoichiometric coefficients and PAA is phenylacetic
acid. Solution of this equation yields:

10/6 C6H 120 6 + 2NH 3 + ]/2 0z + H ZS04

+ CsHsOz --'> CI6H1S04NzS + 2COz + 9H zO

In this instance it was calculated that the theoretical
yield was 1.1 g penicillin G g-I glucose (1837 units
mg- I ).

Using a simple model for a batch-culture penicillin
fermentation it was estimated that 28, 61 and 11% of
the glucose consumed was used for cell mass, mainte
nance and penicillin respectively. When experimental



of a fed-batch penicillin fermentation were
ilh~llyseu, 26% of the glucose has been used for growth,

for maintenance and 6% for penicillin. The maxi-
experimental conversion yield for penicillin was

cal(;ulateO to be 0.053 g g-l glucose (88.5 units mg- 1
).

the theoretical conversion value is many times
than the experimental value. Hersbach et al.
concuded that there were six possible biosyn

pathways for penicillin production and two possi-
mechanisms for ATP production from NADH and

t'M.LlJ Jo. They calculated that conversion yields by dif
pathways varied from 638 to 1544 units of peni

per mg glucose. At that time the best quoted
yields were 200 units penicillin per mg glucose. This
gives a production of 13 to 29% of the maximum
theoretical yield.

The other major nutrient which will be required is
oxygen which is provided by aerating the culture, and
this aspect is considered in detail in Chapter 9. The
design of a medium will influence the oxygen demand
of a culture in that the more reduced carbon sources
will result in a higher oxygen demand. The amount of
oxygen required may be determined stoichiometrically,
and this aspect is also considered in Chapter 9. Op
timization is dealt with later in this chapter.

WATER

Water is the major component of all fermentation
media, and is needed in many of the ancillary services
such as heating, cooling, cleaning and rinsing. Clean
water of consistent composition is therefore required in
large quantities from reliable permanent sources. When
assessing the suitability of a water supply it is impor
tant to consider pH, dissolved salts and effluent con
tamination.

The mineral content of the water is very important
in brewing, and most critical in the mashing process,
and historically influenced the siting of breweries and
the types of beer produced. Hard waters containing
high CaS04 concentrations are better for the English
Burton bitter beers and Pilsen type lagers, while waters
with a high carbonate content are better for the darker
beers such as stouts. Nowadays, the water may be
treated by deionization or other techniques and salts
added, or the pH adjusted, to favour different beers so
that breweries are not so dependent on the local water
source. Detailed information is given by Hough et al.
(1971) and Sentfen (1989).

The reuse or efficient use of water is normally of
high priority. When ICI pic and John Brown Engineer-
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ing developed a continuous-culture single cell protein
(SCP) process at a production scale of 60,000 tonnes
per year it was realized that very high costs would be
incurred if fresh purified water was used on a once
through basis, since operating at a cell concentration of
30 g biomass (dw) dm- 3 would require 2700 X 106 dm3

of water per annum (Ashley and Rodgers, 1986; Sharp,
1989). Laboratory tests to simulate the process showed
that the Methylophilus methylotrophus could be grown
successfully with 86% continuous recycling of super
natant with additions to make up depleted nutrients.
This approach was therefore adopted in the full scale
process to reduce capital and operating costs and it was
estimated that water used on a once through basis
without any recycling would have increased water costs
by 50% and effluent treatment costs lO-fold.

Water re-usage has also been discussed by Topiwala
and Khosrovi (1978), Hamer (1979) and Levi et al.
(1979).

ENERGY SOURCES

Energy for growth comes from either the oxidation
of medium components or from light. Most industrial
micro-organisms are chemo-organotrophs, therefore
the commonest source of energy will be the carbon
source such as carbohydrates, lipids and proteins. Some
micro-organisms can also use hydrocarbons or methanol
as carbon and energy sources.

CARBON SOURCES

Factors influencing the choice of carbon source

It is now recognized that the rate at which the
carbon source is metabolized can often influence the
formation of biomass or production of primary or sec
ondary metabolites. Fast growth due to high concentra
tions of rapidly metabolized sugars is often associated
with low productivity of secondary metabolites. This
has been demonstrated for a number of processes
(Table 4.4). At one time the problem was overcome by
using the less readily metabolized sugars such as lac
tose (Johnson, 1952), but many processes now use
semi-continuous or continuous feed of glucose or su
crose, discussed in Chapter 2, and later in this chapter
(Table 4.15). Alternatively, carbon catabolite regulation
might be overcome by genetic modification of the pro
ducer organism (Chapter 3).
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TABLE 4.4. Carbon catabolite regulation of metabolite biosynthesis

Metabolite Micro-organism Interfering Reference
carbon source

Griseofulvin Penicillium griseofulvin Glucose Rhodes (1963);
Rhodes et al. (1955)

Penicillin P. chrysogenum Glucose Pirt and Rhigelato (1967)
Cephalosporin Cephalosporium Glucose Matsumura et al. (1978)

acremonium
Aurantin Bacillus aurantinus Glycerol Nishikiori et al. (1978)
a-Amylase B. licheniformis Glucose Priest and Sharp (1989)
Bacitracin B. licheniformis Glucose Weinberg (1967)
Puromycin Streptomyces alboniger Glucose Sankaran and Pogell

(1975)
Actinomycin S. antibioticus Glucose Marshall et al. (1968)
Cephamycin C S. clavuligerus Glycerol Aharonowitz and

Demain (1978)
Neomycin S. fradiae Glucose Majumdar and

Majumdar (1965)
Cycloserine s. graphalus Glycerol Svensson et al. (1983)
Streptomycin S. griseus Glucose Inamine et al. (1969)
Kanamycin S. kanamyceticus Glucose Basek and Majumdar

(1973)
Novobiocin S. niveus Citrate Kominek (1972)
Siomycin S. sioyaensis Glucose Kimura (1967)

The main product of a fermentation process will
often determine the choice of carbon source, particu
larly if the product results from the direct dissimilation
of it. In fermentations such as ethanol or single-cell
protein production where raw materials are 60 to 77%
of the production cost, the selling price of the product
will be determined largely by the cost of the carbon
source (Whitaker, 1973; Moo-Young, 1977). It is often
part of a company development programme to test a
range of alternative carbon sources to determine the
yield of product and its influence on the process and
the cost of producing biomass and/or metabolite. This
enables a company to use alternative substrates, de
pending on price and availability in different locations,
and remain competitive. Up to ten different carbon
sources have been or are being used by Pfizer Ltd for
an antibiotic production process depending on the geo
graphical location of the production site and prevailing
economics (Stowell, 1987).

The purity of the carbon source may also affect the
choice of substrate. For example, metallic ions must be
removed from carbohydrate sources used in some citric
acid processes (Karrow and Waksman, 1947; Wood
ward et aI., 1949; Smith et at., 1974).

The method of media preparation, particularly steril
ization, may affect the suitability of carbohydrates for
individual fermentation processes. It is often best to
sterilize sugars separately because they may react with
ammonium ions and amino acids to form black nitro-
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gen containing compounds which will partially inhibit
the growth of many micro-organisms. Starch suffers
from the handicap that when heated in the sterilization
process it gelatinizes, giving rise to very viscous liquids,
so that only concentrations of up to 2% can be used
without modification (Solomons, 1969).

The choice of substrate may also be influenced by
government legislation. Within the European Economic
Community (EEC), the use of beet sugar and molasses
is encouraged, and the minimum price controlled. The
quantity of imported cane sugar and molasses is care
fully monitored and their imported prices set so that
they will not be competitive with beet sugar. If the
world market sugar price is very low then the EEC
fermentation industry will be at a disadvantage unless
it receives realistic subsidies (Coombs, 1987). Refunds
for a defined list of products are available in the EEC
when sugar and starch are used as substrates. Legisla
tion for recognition of new products is time consuming
and manufacturers may be uncertain as to whether
they would benefit from carbon substrate refunds. This
uncertainty has meant that some manufacturers might
prefer to site factories for new products outside the
EEC (Gray, 1987).

Local laws may also dictate the substrates which may
be used to make a number of beverages. In the Isle of
Man, the Manx Brewers Act (1874) forbids the use of
ingredients other than malt, sugar and hops in the
brewing of beer. There are similar laws applying to



Examples of commonly used carbon sources

TABLE 4.5. Carbohydrate composition of barley malt (Harris, 1962)
(expressed as % dry weight of total)

beer production in Germany. Scotch malt whisky may
be made only from barley malt, water and yeast. Within
France, many wines may be called by a certain name
only if the producing vineyard is within a limited geo
graphical locality.

Media for Industrial Fermentations

cals (Coombs, 1987). The cost of molasses will be very
competitive when compared with pure carbohydrates.
However, molasses contains many impurities and
molasses-based fermentations will often need a more
expensive and complicated extraction/purification
stage to remove the impurities and effluent treatment
will be more expensive because of the unutilized waste
materials which are still present. Some new processes
may require critical evaluation before the final decision
is made to use molasses as the main carbon substrate.

The use of lactose and crude lactose (milk whey
powder) in media formulations is now extremely limited
since the introduction of continuous-feeding processes
utilizing glucose, discussed in a later section of this
chapter.

Corn steep liquor (Table 4.7) is a by-product after
starch extraction from maize. Although primarily used
as a nitrogen source, it does contain lactic acid, small
amounts of reducing sugars and complex polysaccha
rides. Certain other materials of plant origin, usually
included as nitrogen sources, such as soyabean meal
and Pharmamedia, contain small but significant
amounts of carbohydrate.

OILS AND FATS

Oils were first used as carriers for antifoams in
antibiotic processes (Solomons, 1969). Vegetable oils
(olive, maize, cotton seed, linseed, soya bean, etc.) may
also be used as carbon substrates, particularly for their
content of the fatty acids, oleic, linoleic and linolenic
acid, because costs are competitive with those of car
bohydrates. In an analysis of commodity prices for
sugar, soya bean oil and tallow between 1978 and 1985,
it would have been cheaper on an available energy
basis to use sugar during 1978 to mid 1979 and late
1983 to 1985, whereas oil would have been the chosen
substrate in the intervening period (Stowell, 1987).

Bader et al. (1984) discussed factors favouring the
use of oils instead of carbohydrates. A typical oil con
tains approximately 2.4 times the energy of glucose on
a per weight basis. Oils also have a volume advantage
as it would take 1.24 dm3 of soya bean oil to add 10
kcal of energy to a fermenter, whereas it would take 5
dm3 of glucose or sucrose assuming that they are being
added as 50% w/w solutions. Ideally, in any fermenta
tion process, the maximum working capacity of a vessel
should be used. Oil based fed-batch fermentations
permit this procedure to operate more successfully
than those using carbohydrate feeds where a larger
spare capacity must be catered for to allow for respon
ses to a sudden reduction in the residual nutrient level
(Stowell, 1987). Oils also have antifoam properties

58-60
3-5
3-4

2
6-8

5

CARBOHYDRATES

It is common practice to use carbohydrates as the
carbon source in microbial fermentation processes. The
most widely available carbohydrate is starch obtained
from maize grain. It is also obtained from other cere
als, potatoes and cassava. Analysis data for these subs
trates can be obtained from Atkinson and Mavituna
(1991a). Maize and other cereals may also be used
directly in a partially ground state, e.g. maize chips.
Starch may also be readily hydrolysed by dilute acids
and enzymes to give a variety of glucose preparations
(solids and syrups). Hydrolysed cassava starch is used
as a major carbon source for glutamic acid production
in Japan (Minoda, 1986). Syrups produced by acid
hydrolysis may also contain toxic products which may
make them unsuitable for particular processes.

Barley grains may be partially germinated and heat
treated to give the material known as malt, which
contains a variety of sugars besides starch (Table 4.5).
Malt is the main substrate for brewing beer and lager
in many countries. Malt extracts may also be prepared
from malted grain.

Sucrose is obtained from sugar cane and sugar beet.
It is commonly used in fermentation media in a very
impure form as beet or cane molasses (Table 4.6),
which are the residues left after crystallization of sugar
solutions in sugar refining. Molasses is used in the
production of high-volumeflow-value products such as
ethanol, SCP, organic and amino acids and some mi
crobial gums. In 1980, 300,000 tons of cane molasses
were used for amino acid production in Japan (Minoda,
1986). Molasses or sucrose also may be used for pro
duction of higher value/low-bulk products such as
antibiotics, speciality enzymes, vaccines and fine chemi-

Starch
Sucrose
Reducing sugars
Other sugars
Hemicellulose
Cellulose
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TABLE 4.7. Partial analysis of corn-steep liquor (Belik et al.,
Misecka and Zelinka, 1959; Rhodes and Fletcher, 1966)

for conversion to microbial protein (SCP) for economic
animal and/or human consumption. Sharp (1989) gives
a very good account of market considerations of
changes in price and how this would affect the price of
SCPo The SCP would have had to have been cheaper or
as cheap as soya meal to be marketed as an animal
feed supplement. It is evident that both ICI pIc and
Shell pIc made very careful assessments of likely future
prices of soya meal during process evaluation.

SCP processes were developed by BP pIc ('T'.·,_•.;n~

from yeast grown on n-alkanes), ICI pIc (Pruteen from
bacteria grown on methanol), Hoechst / UBHE (Prob
ion from bacteria on methanol) and Shell pIc (bacteria
on methane). Only BP pIc and ICI pIc eventually
developed SCP at a production scale as an animal feed

Principles of Fermentation Technology, 2nd Edn.

TABLE 4.6. Analysis of beet and cane molasses (Rhodes and
Fletcher, 1966) (expressed as % of total w / u)

Beet Cane

Sucrose 48.5 33.4
Raffinose 1.0 0
Invert sugar 1.0 21.2

Remainder is non-sugar.

which may make downstream processing simpler, but
normally they are not used solely for this purpose.

Stowell (1987) reported the results of a Pfizer antibi
otic process operated with a range of oils and fats on a
laboratory scale. On a purely technical basis glycerol
trioleate was the most suitable substrate. In the UK
however, when both technical and economic factors are
considered, soyabean oil or rapeseed oil are the pre
ferred substrates. Glycerol trioIeate is known to be
used in some fermentations where substrate purity is
an important consideration. Methyl oleate has been
used as the sole carbon substrate in cephalosporin
production (Pan et at., 1982).

HYDROCARBONS AND THEIR DERIVATIVES

There has been considerable interest in hydrocar
bons. Development work has been done using n-al
kanes for production of organic acids, amino acids,
vitamins and co-factors, nucleic acids, antibiotics, en
zymes and proteins (Fukui and Tanaka, 1980). Methane,
methanol and n-alkanes have all been used as subs
trates for biomass production (Hamer, 1979; Levi et at.,
1979; Drozd, 1987; Sharp. 1989).

Drozd (1987) discussed the advantages and disadvan
tages of hydrocarbons and their derivatives as fermen
tation substrates, particularly with reference to cost,
process aspects and purity. In processes where the
feedstock costs are an appreciable fraction of the total
manufacturing cost, cheap carbon sources are impor
tant. In the 1960s and early 1970s there was an incen
tive to consider using oil or natural gas derivatives as
carbon substrates as costs were low and sugar prices
were high. On a weight basis n-alkanes have approxi
mately twice the carbon and three times the energy
content of the same weight of sugar. Although
petroleum-type products are initially impure they can
be refined to obtain very pure products in bulk quanti
ties which would would reduce the amount of effluent
treatment and downstream processing. At this time the
view was also held that hydrocarbons would not be
subject to the same fluctuations in cost as agriculturally
derived feedstocks because it would be a stable priced
commodity and might be used to provide a substrate
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Total solids
Acidity as lactic acid
Free reducing sugars
Free reducing sugars after hydrolysis
Total nitrogen

Amino acids as % of nitrogen
Alanine
Arginine
Glutamic acid
Leucine
Proline
Isoleucine
Threonine
Valine
Phenylalanine
Methionine
Cystine

Ash
Potassium
Phosphorus
Sodium
Magnesium
Iron

copper}
Calcium
Zinc

Lead }
Silver
Chromium

B Vitamins
Aneurine
Biotin
Calcium pantothenate
Folic acid
Nicotinamide
Riboflavine

Also niacin and pyridoxine

51 %w/v
15%w/v

5.6%w/v
6.8%w/v

4%w/v

25
8
8
6
5

3.5
3.5
3.5
2.0
1.0
1.0

1.25%w/v
20%

1-5%
0.3-1 %

0.003-0.3%
0.ll1-0.3%

0.01-0.03%

O.003-ll.08%

ll.llll1-0.ll03%

41-49 J.'g g-l
0.34-0.38 J.'g g-l
14.5-21.5 J.'g g-l
0.26-0.6 J.'g g-l

30-40 J.'g g-l
3.9-4.7 J.'g g ..' 1



sUl)pll~m,ent (Sharp, 1989). BP's product was produced
an Italian subsidiary company, but rapidly with-

from manufacture because of Italian govern
ment opposition and the price of feed stock quadru
pling in 1973. At this time the crude oil exporting
nations (OPEC) had collectively raised the price of
crude oil sold on the world market. In spite of the
significant increase in the cost of crude oil and its
derivatives, as well as recognizing the importance of
competition from soya bean meal, the ICI pIc direc
torate gave approval to build a full scale plant in 1976.
pruteen was marketed in the 1980s but eventually
withdrawn because it could not compete with soya bean
meal prices as an animal feed supplement.

Drozd (1987) has made a detailed study of hydrocar
bon feedstocks and concluded that the cost of hydro
carbons does not make them economically attractive
bulk feedstocks for the production of established
products or potential new products where feedstock
costs are an appreciable fraction of manufacturing costs
of low-value bulk products. In SCP production, raw
materials account for three quarters of the operating
or variable costs and about half of the total costs of
manufacture (Sharp, 1989; see also Chapter 12). It was
considered that hydrocarbons and their derivatives
might have a potential role as feedstocks in the mi
crobial production of higher value products such as
intermediates, pharmaceuticals, fine chemicals and
agricultural chemicals (Drozd, 1987).

NITROGEN SOURCES

Examples of commonly used nitrogen sources

Most industrially used micro-organisms can utilize
inorganic or organic sources of nitrogen. Inorganic
nitrogen may be supplied as ammonia gas, ammonium
salts or nitrates (Hunter, 1972). Ammonia has been
used for pH control and as the major nitrogen source
in a defined medium for the commercial production of
human serum albumin by Saccharomyces ceriuisiae
(Collins, 1990). Ammonium salts such as ammonium
sulphate will usually produce acid conditions as the
ammonium ion is utilized and the free acid will be
liberated. On the other hand nitrates will normally
cause an alkaline drift as they are metabolized. Am
monium nitrate will first cause an acid drift as the
ammonium ion is utilized, and nitrate assimilation is
repressed. When the ammonium ion has been ex
hausted, there is an alkaline drift as the nitrate is used
as an alternative nitrogen source (Morton and MacMil-
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lan, 1954). One exception to this pattern is the
metabolism of Gibberella fujikuroi (Borrow et al., 1961,
1964). In the presence of nitrate the assimilation of
ammonia is inhibited at pH 2.8-3.0. Nitrate assimila
tion continues until the pH has increased enough to
allow the ammonia assimilation mechanism to restart.

Organic nitrogen may be supplied as amino acid,
protein or urea. In many instances growth will be faster
with a supply of organic nitrogen, and a few micro
organisms have an absolute requirement for amino
acids. It might be thought that the main industrial need
for pure amino acids would be in the deliberate addi
tion to amino acid requiring mutants used in amino
acid production. However, amino acids are more com
monly added as complex organic nitrogen sources which
are non-homogeneous, cheaper and readily available.
In lysine production, methionine and threonine are
obtained from soybean hydrolysate since it would be
too expensive to use the pure amino acids (Nakayama,
1972a).

Other proteinaceous nitrogen compounds serving as
sources of amino acids include corn-steep liquor, soya
meal, peanut meal, cotton-seed meal (Pharmamedia,
Table 4.8; and Proflo), Distillers' solubles, meal and
yeast extract. Analysis of many of these products which
include amino acids, vitamins and minerals are given by
Miller and Churchill (1986) and Atkinson and Mavi
tuna (1991a). In storage these products may be affected
by moisture, temperature changes and ageing.

Chemically defined amino acid media devoid of pro
tein are necessary in the production of certain vaccines
when they are intended for human use.

Factors influencing the choice of nitrogen source

Control mechanisms exist by which nitrate reduc
tase, an enzyme involved in the conversion of nitrate to
ammonium ion, is repressed in the presence of ammo
nia (Brown et al., 1974). For this reason ammonia or
ammonium ion is the preferred nitrogen source. In
fungi that have been investigated, ammonium ion re
presses uptake of amino acids by general and specific
amino acid permeases (Whitaker, 1976). In Aspergillus
nidulans, ammonia also regulates the production of
alkaline and neutral proteases (Cohen, 1973). There
fore, in mixtures of nitrogen sources, individual nitro
gen components may influence metabolic regulation so
that there is preferential assimilation of one compo
nent until its concentration has diminished.

It has been shown that antibiotic production by
many micro-organisms is influenced by the type and
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TABLE 4.8. The composition of Pharmamedia (Traders Protein,
Southern Cotton Oil Company, Division of Archer Dariels Midland

Co.)

Component

Total solids
Carbohydrate
Reducing sugars
Non reducing sugars
Protein
Amino nitrogen

Components of amino nitrogen
Lysine
Leucine
Isoleucine
Threonine
Valine
Phenylalanine
Tryptophan
Methionine
Cystine
Aspartic acid
Serine
Proline
Glycine
Alanine
Tyrosine
Histidine
Arginine

Mineral components
Calcium
Chloride
Phosphorus
Iron
Sulphate
Magnesium
Potassium

Fat

Vitamins
Ascorbic acid
Thiamine
Riboflavin
Niacin
Pantothenic acid
Choline
Pyidoxine
Biotin
Folic acid
Inositol

Quantity

99%
24.1%

1.2%
1.2%
57%

4.7%

4.5%
6.1%
3.3%
3.3%
4.6%
5.9%
1.0%
1.5%
1.5%
9.7%
4.6%
3.9%
3.8%
3.9%
3.4%
3.0%

12.3%

2530 ppm
685 ppm

13100 ppm
94 ppm

18000 ppm
7360 ppm

17200 ppm

4.5%

32.0 mgkg- 1

4.0mgkg' 1

4.8mgkg- l

83.3 mg kg- 1

12.4 mg kg- l

3270mgkg- 1

16.4mgkg,l
1.5 mg kg- 1

1.6 mg kg"l
10 800 mg kg- 1

In shake flask media experiments, salts of weak
(e.g. ammonium succinate) may be used to serve
nitrogen source and eradicate the source of a
acid pH change due to chloride or sulphate ions
would be present if ammonium chloride or SUlphate
were used as the nitrogen source. This procedure
it possible to use lower concentrations of phosphate
buffer the medium. High phosphate concentrations
hibit production of many secondary metabolites
Minerals Section).

The use of complex nitrogen sources for antibiotic
production has been common practice. They
thought to help create physiological conditions in
trophophase which favour antibiotic production in
idiophase (Martin and McDaniel, 1977). For ex,lml)!e,
in the production of polyene antibiotics, soybean
has been considered a good nitrogen source because
the balance of nutrients, the low phosphorus
and slow hydrolysis. It has been suggested that
gradual breakdown prevents the accumulation of am"
monium ions and repressive amino acids. These are
probably some of the reasons for the selection of ideal
nitrogen sources for some secondary metabolites (Ta
ble 4.9.).

In gibberellin production the nitrogen source has
been shown to have an influence on directing the
production of different gibberellins and the relative
proportions of each type (Jefferys, 1970).

Other pre-determined aspects of the process can
also influence the choice of nitrogen source. Rhodes
(1963) has shown that the optimum concentration of
available nitrogen for griseofulvin production showed
some variation depending on the form of inoculum and
the type of fermenter being used. Obviously these
factors must be borne in mind in the interpretation of
results in media-development programmes.

Some of the complex nitrogenous material may not
be utilized by a micro-organism and create problems in
downstream processing and effluent treatment. This
can be an important factor in the final choice of
substrate.

MINERALS

concentration of the nitrogen source in the culture
medium (Aharonowitz, 1980). Antibiotic production
may be inhibited by a rapidly utilized nitrogen source
(NHr, NO.3, certain amino acids). The antibiotic pro
duction only begins to increase in the culture broth
after most of the nitrogen source has been consumed.
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All micro-organisms require certain mineral ele
ments for growth and metabolism (Hughes and Poole,
1989, 1991). In many media, magnesium, phosphorus,
potassium, sulphur, calcium and chlorine are essential
components, and because of the concentrations re
quired, they must be added as distinct components.
Others such as cobalt, copper, iron, manganese, molyb-
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TABLE 4.9. Best nitrogen sources for some secondary metabolites

Product

Penicillin
Bacitracin
Riboflavin
Novobiocin
Rifomycin

Gibberellins

Butirosin

Polyenes

Main nitrogen source(s)

Corn-steep liquor
Peanut granules
Pancreatic digest of gelatine
Distillers'solubles
Pharmamedia
Soybean meal, (NH4)2S04
Ammonium salt and natural

plant nitrogen source
Dried beef blood or haemo

globin with (NH4)2S04
Soybean meal

Reference

Moyer and Coghill (1946)
Inskeep et al. (1951)
Malzahn et al. (1959)
Hoeksema and Smith (1961)
Sensi and Thiemann (1967)

Jefferys (1970)

Claridge et al. (1974)

Martin and MacDaniel (1977)

TABLE 4.10. The range of typical concentrations of mineral compo
nents (g dm-- 3)

*Complex media derived from plant and animal materials nor
mally contain a considerable concentration of inorganic phos
phate.

denum and zinc are also essential but are usually
present as impurities in other major ingredients. There
is obviously a need for batch analysis of media compo
nents to ensure that this assumption can be justified,
otherwise there may be deficiencies or excesses in
different batches of media. See Tables 4.7 and 4.8 for
analysis of corn steep liquor and Pharmamedia, and
Miller and Churchill (1986) for analysis of other media
ingredients of plant and animal origin. When synthetic
media are used the minor elements will have to be
added deliberately. The form in which the minerals are
usually supplied and the concentration ranges are given
in Table 4.10. As a consequence of product composi
tion analysis, as outlined earlier in this chapter, it is
possible to estimate the amount of a specific mineral
for medium design, e.g. sulphur in penicillins and
cephalosporins, chlorine in chlortetracycline.

The concentration of phosphate in a medium, partic
ularly laboratory media in shake flasks, is often much
higher than that of other mineral components. Part of
this phosphate is being used as a buffer to minimize pH

changes when external control of the pH is not being
used.

In specific processes the concentration of certain
minerals may be very critical. Some secondary metabolic
processes have a lower tolerance range to inorganic
phosphate than vegetative growth. This phosphate
should be sufficiently low as to be assimilated by the
end of trophophase. In 1950, Garner et al. suggested
that an important function of calcium salts in fermen
tion media was to precipitate excess inorganic phos
phates, and suggested that the calcium indirectly im
proved the yield of streptomycin. The inorganic phos
phate concentration also influences production of baci
tracins, citric acid (surface culture), ergot, monomycin,
novobiocin, oxytetracycline, polyenes, ristomycin, ri
famycin Y, streptomycin, vancomycin and viomycin
(Sensi and Thieman, 1967; Demain, 1968; Liu et at.,
1970; Mertz and Doolin, 1973; Weinberg, 1974). How
ever, pyrrolnitrin (Arima et at., 1965), bicyclomycin
(Miyoshi et at., 1972), thiopeptin (Miyairi et at., 1970)
and methylenomycin (Hobbs et at., 1992) are produced
in a medium containing a high concentration of phos
phate. Two monomycin antibiotics are selectively pro
duced by Streptomyces jamaicensis when the phosphate
is 0.1 mM or 0.4 mM (Hall and Hassall, 1970). Phos
phate regulation has also been discussed by Weinberg
(1974), Aharonowitz and Demain (1977), Martin and
Demain (1980), Iwai and Omura (1982) and Demain
and Piret (1991).

In a recent review of antibiotic biosynthesis, Liras et
at. (1990) recognized target enzymes which were (a)
repressed by phosphate, (b) inhibited by phosphate, or
(c) repression of an enzyme occurs but phosphate re
pression is not clearly proved. A phosphate control
sequence has also been isolated and characterized from
the phosphate regulated promoter that controls biosyn
thesis of candicidin.

Weinberg (1970) has reviewed the nine trace ele-

Range

1.0-4.0
(part may be as buffer)

0.25-3.0
0.5-12.0
5.0-17.0

0.01-0.1
0.1-1.0

0.01-0.1
0.003-0.01

0.01-0.1

MgS04 '7H zO
KCI
CaC03

FeS04'4H zO
ZnS04 '8H zO
MnS04'H 20
CuS04 '5H zO
NazMo04·2H 20

Component
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ments of biological interest (Atomic numbers 23-30,
42). Of these nine, the concentrations of manganese,
iron and zinc are the most critical in secondary
metabolism. In every secondary metabolic system in
which sufficient data has been reported, the yield of
the product varies linearly with the logarithmic concen
tration of the 'key' metal. The linear relationship does
not apply at concentrations of the metal which are
either insufficient, or toxic, to cell growth. Some of the
primary and secondary microbial products whose yields
are affected by concentrations of trace metals greater
than those required for maximum growth are given in
Table 4.11.

Chlorine does not appear to play a nutritional role
in the metabolism of fungi (Foster, 1949). It is, how
ever, required by some of the halophilic bacteria (Lar
sen, 1962). Obviously, in those fermentations where a
chlorine-containing metabolite is to be produced the
synthesis will have to be directed to ensure that the
non-chloro-derivative is not formed. The most impor
tant compounds are chlortetracycline and griseofulvin.
In griseofulvin production, adequate available chloride
is provided by the inclusion of at least 0.1% KCI
(Rhodes et at., 1955), as well as the chloride provided
by the complex organic materials included as nitrogen
sources. Other chlorine containing metabolites are
caldriomycin, nornidulin and mollisin.

Chelators

Many media cannot be prepared or autoclaved with
out the formation of a visible precipitate of insoluble

metal phosphates. Gaunt et al. (1984)
that when the medium of Mandels and Weber
was autoclaved, a white precipitate of metal
formed, containing all the iron and most of the
cium, manganese and zinc present in the medium.

The problem of insoluble metal phosphate(s) may
eliminated by incorporating low concentrations
chelating agents such as ethylene diamine tetraa,cetic
acid (EDTA), citric acid, polyphosphates, etc., into
medium. These chelating agents preferentially
complexes with the metal ions in a medium. The
ions then may be gradually utilized by the
organism (Hughes and Poole, 1991). Gaunt et at.
were able to show that the precipitate was eliminated
from Mandel and Weber's medium by the addition
EDTA at 25 mg dm- 3

. It is important to check that a
chelating agent does not cause inhibition of growth
the micro-organism which is being cultured.

In many media, particularly those commonly used in
large scale processes, there may not be a need to add a
chelating agent as complex ingredients such as yeast
extracts or proteose peptones will complex with metal
ions and ensure gradual release of them during growth
(Ramamoorthy and Kushner, 1975).

GROWfH FACTORS

Some micro-organisms cannot synthesize a full com
plement of cell components and therefore require pre
formed compounds called growth factors. The growth
factors most commonly required are vitamins, but there
may also be a need for specific amino acids, fatty acids

TABLE 4.11. Trace elements injluencingprimary and secondary metabolism
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Product

Bacitracin
Protease
Gentamicin
Riboflavin

Mitomycin
Monensin
Actinomycin
Candicidin
Chloramphenicol
Neomycin
Patulin
Streptomycin
Citric acid
Penicillin

Griseofulvin

Trace element(s)

Mn
Mn
Co
Fe, Co
Fe
Fe
Fe
Fe,Zn
Fe, Zn
Fe, Zn
Fe,Zn
Fe,Zn
Fe, Zn
Fe, Zn, Cu
Fe, Zn, Cu

Zn

Reference

Weinberg and Tonnis (1966)
Mizusawa et al. (1966)
Tilley et al. (1975)
Hickey (1945)
Tanner et al. (1945)
Weinberg (1970)
Weinberg (1970)
Katz et al. (1958)
Weinberg (1970)
Gallicchio and Gottlieb (1958)
Majumdur and Majumdar (1965)
Brack (1947)
Weinberg (1970)
Shu and Johnson (1948)
Foster et al. (1943)
Koffler et al. (1947)
Grove (1967)



or sterols. Many of the natural carbon and nitrogen
sources used in media formulations contain all or some
of the required growth factors (Atkinson and Mavituna,
1991a). When there is a vitamin deficiency it can often
be eliminated by careful blending of materials (Rhodes
and Fletcher, 1966). It is important to remember that if
only one vitamin is required it may be occasionally
more economical to add the pure vitamin, instead of
using a larger bulk of a cheaper multiple vitamin source.
Calcium pantothenate has been used in one medium
formulation for vinegar production (Beaman, 1967). In
processes used for the production of glutamic acid,
limited concentrations of biotin must be present in the
medium (see Chapter 3). Some production strains may
also require thiamine (Kinoshita and Tanaka, 1972).

NUTRIENT RECYCLE

The need for water recycling in ICI pic's
continuous-culture SCP process has already been dis
cussed in an earlier section of this chapter. It was
shown that M. methylotrophus could be grown in a
medium containing 86% recycled supernatant plus ad
ditional fresh nutrients to make up losses. This ap
proach made it possible to reduce the costs of media
components, media preparation and storage facilities
(Ashley and Rodgers, 1986; Sharp, 1989).

BUFFERS

The control of pH may be extremely important if
optimal productivity is to be achieved. A compound
may be added to the medium to serve specifically as a
buffer, or may also be used as a nutrient source. Many
media are buffered at about pH 7.0 by the incorpora
tion of calcium carbonate (as chalk). If the pH de
creases the carbonate is decomposed. Obviously, phos
phates which are part of many media also play an
important role in buffering. However, high phosphate
concentrations are critical in the production of many
secondary metabolites (see Minerals section earlier in
this chapter).

The balanced use of the carbon and nitrogen sources
will also form a basis for pH control as buffering
capacity can be provided by the proteins, peptides and
amino acids, such as in corn-steep liquor. The pH may
also be controlled externally by addition of ammonia or
sodium hydroxide and sulphuric acid (Chapter 8).
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THE ADDITION OF PRECURSORS
AND METABOLIC REGULATORS TO MEDIA

Some components of a fermentation medium help to
regulate the production of the product rather than
support the growth of the micro-organism. Such addi
tives include precursors, inhibitors and inducers, all of
which may be used to manipulate the progress of the
fermentation.

Precursors

Some chemicals, when added to certain fermenta
tions, are directly incorporated into the desired product.
Probably the earliest example is that of improving
penicillin yields (Moyer and Coghill, 1946, 1947). A
range of different side chains can be incorporated into
the penicillin molecule. The significance of the differ
ent side chains was first appreciated when it was noted
that the addition of corn-steep liquor increased the
yield of penicillin from 20 units cm - 3 to 100 units
cm - 3. Corn-steep liquor was found to contain
phenylethylamine which was preferentially incor
porated into the penicillin molecule to yield benzyl
penicillin (Penicillin G). Having established that the
activity of penicillin lay in the side chain, and that the
limiting factor was the synthesis of the side chain, it
became standard practice to add side-chain precursors
to the medium, in particular phenylacetic acid. Smith
and Bide (1948) showed that addition of phenylacetic
acid and its derivatives to the medium were capable of
both increasing penicillin production threefold and to
directing biosynthesis towards increasing the propor
tion of benzyl penicillin from 0 to 93% at the expense
of other penicillins. Phenylacetic acid is still the most
widely used precursor in penicillin production. Some
important examples of precursors are given in Table
4.12.

Inhibitors

When certain inhibitors are added to fermentations,
more of a specific product may be produced, or a
metabolic intermediate which is normally metabolized
is accumulated. One of the earliest examples is the
microbial production of glycerol (Eoff et al., 1919).
Glycerol production depends on modifying the ethanol
fermentation by removing acetaldehyde. The addition
of sodium bisulphite to the broth leads to the forma
tion of the acetaldehyde bisulphite addition compound
(sodium hydroxy ethyl sulphite). Since acetaldehyde is
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TABLE 4.12. Precursors used in fermentation processes

Precursor Product Micro-organism Reference

Phenylacetic-acid Penicillin G Penicillium chrysogenum Moyer and Coghill and
related compounds (1947)

Phenoxy acetic acid Penicillin V Penicillium chrysogenum Soper et al. (1948)
Chloride Chlortetracycline Streptomyces aureofaciens Van Dyck and

de Somer (1952)
Chloride Griseofulvin Penicillium griseofulvin Rhodes et al. (1955)
*Propionate Riboflavin Lactobacillus bulgancus Smiley and Stone

(1955)
Cyanides Vitamin B12 Proprianobacterium, Mervyn and Smith

Streptomyces spp. (1964)
j3-Iononones Carotenoids Phycomyces blakesleeanus Reyes et al. (1964)
a-Amino butyric acid L-Isolcucine Bacillus subtilis Nakayama (1972b)
D-Threonine L-Isoleucine Serratia marcescens
Anthranilic acid L-Tryptophan Hansenula anomala
Nuclcosides and Nikkomycins Streptomyces tendae Vecht-Lifshitz and

bases Braun (1989)
Dihydronovobionic Dihydronovo- Streptomyces sp. Walton et al. (1962)

acid biocin
p-Hydroxycinnamate Organomycin Streptomyces organonensis Eiki et al. (1992)

A and B
DL-a-Amino butyric acid Cyclosporin A Tolypocladium inflatum Kobel and Traber
L-Threonine Cyclosporin C (1982)
Tyrosine or p-hydroxy- Dimethylvanco- Nocardia orientalis Boeck et al. (1984)

phenylglycine mycin
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are not so high as by other techniques

no longer available for re-oxidation of NADHz, its
place as hydrogen acceptor is taken by dihydroacetone
phosphate, produced during glycolysis. The product of
this reaction is glycerol-3-phosphate, which is con
verted to glycerol.

The application of general and specific inhibitors are
il1ustrated in Table 4.13. In most cases the inhibitor is
effective in increasing the yield of the desired product
and reducing the yield of undesirable related products.
A number of studies have been made with potential
chlorination inhibitors, e.g. bromide, to minimize
chlortetracycline production during a tetracycline fer
mentation (Gourevitch et al., 1956; Lepetit S.p.A., 1957;
Goodman et al., 1959; Lein et al., 1959; Szumski, 1959).

Inhibitors have also been used to affect cell-wall
structure and increase the permeability for release of
metabolites. The best example is the use of penicllin
and surfactants in glutamic acid production (Phillips
and Somerson, 1960).

Inducers

The majority of enzymes which are of industrial
interest are inducible. Induced enzymes are synthesized
only in response to the presence in the environment of
an inducer. Inducers are often substrates such as starch
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or dextrins for amylases, maltose for pullulanase and
pectin for pectinases. Some inducers are very potent,
such as isovaleronitrile inducing nitralase (Kobayashi
et al., 1992). Substrate analogues that are not attacked
by the enzyme may also serve as enzyme inducers.
Most inducers which are included in microbial enzyme
media (Table 4.14) are substrates or substrate ana
logues, but intermediates and products may sometimes
be used as inducers. For example, maltodextrins will
induce amylase and fatty acids induce lipase. However,
the cost may prohibit their use as inducers in a
commercial process. Reviews have been published by
Aunstrup et al. (1979) and Demain (1990).

One unusual application of an inducer is the use of
yeast mannan in streptomycin production (Inamine et
al., 1969). During the fermentation varying amounts of
streptomycin and mannosidostreptomycin are pro
duced. Since mannosidostreptomycin has only 20% of
the biological activity of streptomycin, the former is an
undesirable product. The production organism Strep
tomyces griseus can be induced by yeast mannan to
produce f3-mannosidase which will convert mannosi
dostreptomycin to streptomycin.

It is now possible to produce a number of heterolo
gous proteins in yeasts, fungi and bacteria. These in
clude proteins of viral, human, animal, plant and mi-
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TABLE 4.13. Specific and general inhibitors used in fermentations

crobial ongm (Peberdy, 1988; Wayne Davies, 1991).
However, heterologous proteins may show some degree
of toxicity to the host and have a a major influence on
the stability of heterologous protein expression. As well
as restricting cell growth as biomass the toxicity will
provide selective conditions for segregant cells which
no longer synthesize the protein at such a high level
(Goodey et al., 1987). Therefore, optimum growth con
ditions may be achieved by not synthesizing a heterolo
gous protein continuously and only inducing it after the
host culture has grown up in a vessel to produce
sufficient biomass (Piper and Kirk, 1991). In cells of S.
cerevisiae where the Gall promoter is part of the gene
expression system, product formation may be induced

by galactose addition to the growth medium which
contains glycerol or low non-repressing levels of glu
cose as a carbon source.

One commercial system that has been developed is
based on the alcA promoter in Aspergillus nidulans to
express human interferon a 2 (Wayne Davies, 1991).
This can be induced by volatile chemicals, such as
ethylmethyl ketone, which are added when biomass has
increase to an adequate level and the growth medium
contains a non-repressing carbon source or low non-re
pressing levels of glucose.

Methylotrophic yeasts such as Hansenula polymor
pha and Pichia pastoris may be used as alternative
systems because of the presence of an alcohol oxidase

Inhibitor Main effect Micro-organism Reference

Sodium bisulphite Acetaldehyde pro- Saccharomyces Eoff et al.
duction repressed cerivisiae (1919)

Bromide Chlortetracycline Streptomyces Lepetit
formation repressed aureofaciens (1957)

Penicillin Cell wall permeability Micrococcus Phillips et al.
glutamicus (1960)

Alkali metal/phos- Oxalic acid repressed Aspergillus niger Batti (1967)
phate, pH below 2.0
Various inhibitors Various effects with Brevibacterium Uemura et al.

different inhibitors roseum (1972)
Di-ethyl barbiturate Other rifamycins Nocardia Lancini and

inhibited mediterranei White (1973)
Ethionine Affects one-carbon Streptomyces Neidleman et al.

transfer reactions aureofaciens (1963)
7-Chloro-6 de
methyltetracycline

Rifamycin B

Valine

Tetracycline

Citric acid

Product

Glutamic acid

TABLE 4.14. Some examples of industrially important enzyme inducers

Enzyme Inducer Micro-organism Reference

a-Amylase

Pullulanase

a-Mannosidase
Penicillin acylase
Proteases

Cellulase
Pectinases

Nitralase

Starch
Maltose
Maltose

Yeast mannans
Phenylacetic acid
Various proteins

Cellulose
Pectin

(beet pulp, apple
pomace, citrus peel)

Isovaleronitrile

Aspergillus spp.
Bacillus subtilis
Aerobacter

aerogenes
Streptomyces griseus
Eschoichia coli
Bacillus spp.
Streptococcus spp.
Streptomyces spp.
Asperigillus spp.
Mucor spp.
Trichoderma viride
Aspergillus spp.

Rhodococcus
rllOdochrous

Windish and Mhatre (1965)

Wallenfels et al. (1966)

Inamine et al. (1969)
Carrington (1971)
Keay (1971)
Aunstrup (1974)

Reese (1972)
Fogarty and Ward (1974)

Kobayashi et al. (1992)
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promoter (Veale and Sudbery, 1991). During growth on
methanol, which also acts as an inducer, the promoter
is induced to produce about 30% of the cell protein. In
the presence of glucose or ethanol it is undetectable.
Expression systems have been developed with P. pas
toris for tumour necrosis factor, hepatitis B surface
antigen and a-galactosidase. Hepatitis B surface anti
gen and other heterologous proteins can also be ex
pressed by H. polymorpha.

OXYGEN REQUIREMENTS

It is sometimes forgotten that oxygen, although not
added to an initial medium as such, is nevertheless a
very important component of the medium in many
processes, and its availability can be extremely impor
tant in controlling growth rate and metabolite produc
tion. This will be discussed in detail in Chapter 9.

The medium may influence the oxygen availability in
a number of ways including the following:

1. Fast metabolism. The culture may become oxy
gen limited because sufficient oxygen cannot be
made available in the fermenter if certain subs
trates, such as rapidly metabolized sugars which
lead to a high oxygen demand, are available in
high concentrations.

2. Rheology. The individual components of the
medium can influence the viscosity of the final
medium and its subsequent behaviour with re
spect to aeration and agitation.

3. Antifoams. Many of the antifoams in use will
as surface active agents and reduce the
transfer rate. This topic will be considered in
later section of this chapter.

Fast metabolism

Nutritional factors can alter the oxygen demand
the culture. Penicillium chrysogenum will utilize
more rapidly than lactose or sucrose, and it th(:refOl'e
has a higher specific oxygen uptake rate when glucose
is the main carbon source (Johnson, 1946). Therefore,
when there is the possibility of oxygen limitation due to
fast metabolism, it may be overcome by reducing the
initial concentration of key substrates in the medium
and adding additional quantities of these substrates as
a continuous or semi-continuous feed during the fer
mentation (see Tables 4.1. and 4.15; Chapters 2 and 9).
It can also be overcome by changing the composition of
the medium, incorporating higher carbohydrates
(lactose, starch, etc.) and proteins which are not very
rapidly metabolized and do not support such a large
specific oxygen uptake rate.

Rheology

Deindoerfer and West (1960) reported that there
can be considerable variation in the viscosity of com
pounds that may be included in fermentation media.

TABLE 4.15. Some processes using batch feed or continuous feed or in which they have been tried
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Product

Yeast

Glycerol
Acetone-butyl alcohol
Riboflavin
Penicillin
Novobiocin
Griseofulvin
Rifamycin
Gibbcrellins
Vitamin B12

Tetracyclines
Citric acid
Single-cell protein
Candicidin
Streptomycin
Cephalosporin

Additions

Molasses, nitrogen sources, P and Mg

Sugar, Na2C03
Additions and withdrawals of wort
Carbohydrate
Glucose and NH 3

Various carbon and nitrogen sources
Carbohydrate
Glucose, fatty acids
Glucose
Glucose
Glucose
Carbohydrates, NH 3
Methanol
Glucose
Glucose, ammonium sulphate
Fresh medium addition

Reference

Harrison (1971)
Reed and Peppler (1973)
Eoff et al. (1919)
Soc. Richard et al. (1921)
Moss and Klein (1946)
Hosler and Johnson (1953)
Smith (J 956)
Hockenhull (1956)
Pan et al. (1959)
Borrow et al. (1960)
Becher et al. (J 961)
Avanzini (1963)
Shepherd (1963)
Harrison et al. (1972)
Martin and McDaniel (1975)
Singh et al. (1976)
Trilli et al. (1977)



in solution, particularly starch and other
tlolys:acc:haridles, may contribute to the rheological be

of the fermentation broth (Tuffile and Pinho,
As the polysaccharide is degraded, the effects on

rh~~ol()gl,cal properties will change. Allowances may also
to be made for polysaccharides being produced by

micro-organism (Banks et al., 1974; Leduy et a!.,
This aspect is considered in more detail in

f'hn~'pr 9.

ANTIFOAMS

In most microbiological processes, foaming is a prob
It may be due to a component in the medium or
factor produced by the micro-organism. The most

common cause of foaming is due to proteins in the
medium, such as corn-steep liquor, Pharmamedia,

meal, soybean meal, yeast extract or meat ex-
(Schugerl, 1985). These proteins may denature at

the air-broth interface and form a skin which does not
rupture readily. The foaming can cause removal of cells
from the medium which will lead to autolysis and the
further release of microbial cell proteins will probably
increase the stability of the foam. If uncontrolled, then
numerous changes may occur and physical and biologi
cal problems may be created. These include reduction
in the working volume of the fermenter due to oxygen
exhausted gas bubbles circulating in the system (Lee
and Tyman, 1988), changes in bubble size, lower mass
and heat transfer rates, invalid process data due to
interference at sensing electrodes and incorrect moni
toring and control (Vardar-Sukan, 1992). The biological
pn)blemls include deposition of cells in upper parts of

fermenter, problems of sterile operation with the
air filter exits of the fermenter becoming wet, and
there is danger of microbial infection and the possibil
ity of siphoning leading to loss of product.

Hall et a!. (1973) have recognized five patterns of
foaming in fermentations:

1. Foaming remains at a constant level through-out
the fermentation. Initially it is due to the medium
and later due to microbial activity.

2. A steady fall in foaming during the early part of
the fermentation, after which it remains con
stant. Initially it is due to the medium but there
are no later effects caused by the micro-organism.

3. The foaming falls slightly in the early stages of
the fermentation then rises. There are very slight
effects caused by the medium but the major
effects are due to microbial activity.
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4. The fermentation has a low initial foaming ca
pacity which rises. These effects are due solely to
microbial activity.

5. A more complex foaming pattern during the
fermentation which may be a combination of two
or more of the previously described patterns.

If excessive foaming is encountered there are three
ways of approaching the problem:

1. To try and avoid foam formation by using a
defined medium and a modification of some of
the physical parameters (pH, temperature, aera
tion and agitation). This assumes that the foam
is due to a component in the medium and not a
metabolite.

2. The foam is unavoidable and antifoam should be
used. This is the more standard approach.

3. To use a mechanical foam breaker. (See Chapter
7.)

Antifoams are surface active agents, reducing the
surface tension in the foams and destabilizing protein
films by (a) hydrophobic bridges between two surfaces,
(b) displacement of the absorbed protein, and (c) rapid
spreading on the surface of the film (Van't Riet and
Van Sonsbeck, 1992). Other possible mechanisms have
been discussed by Ghildyal et al. (1988), Lee and Ty
man (1988) and Vardar-Sukan (1992).

An ideal antifoam should have the following proper
ties:

1. Should disperse readily and have fast action on
an existing foam.

2. Should be active at low concentrations.
3. Should be long acting in preventing new foam

formation.
4. Should not be metabolized by the micro-

organism.
5. Should be non-toxic to the micro-organism.
6. Should be non-toxic to humans and animals.
7. Should not cause any problems in the extrac

tion and purification of the product.
8. Should not cause any handling hazards.
9. Should be cheap.

10. Should have no effect on oxygen transfer.
11. Should be heat sterilizable.

The following compounds which meet most of these
requirements have been found to be most suitable in
different fermentation processes (Solomons, 1969;
Ghildyal et al., 1988):
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1. Alcohols; stearyl and octyl decanol.
2. Esters.
3. Fatty acids and derivatives, particularly glyc

erides, which include cottonseed oil, linseed oil,
say-bean oil, olive oil, castor oil, sunflower oil,
rapeseed oil and cod liver oil.

4. Silicones.
5. Sulphonates.
6. Miscellaneous; Alkaterge C, oxazaline, poly-pro

pylene glycol.

These antifoams are generally added when foaming
occurs during the fermentation. Because many anti
foams are of low solubility they need a carrier such as
lard oil, liquid paraffin or castor oil, which may be
metabolized and affect the fermentation process
(Solomons, 1967).

Unfortunately, the concentrations of many anti
foams which are necessary to control fermentations will
reduce the oxygen-transfer rate by as much as 50%;
therefore antifoam additions must be kept to an abso
lute minimum. There are also other antifoams which
will increase the oxygen-transfer rate (Ghildyal et al.,
1988). If the oxygen-transfer rate is severely affected by
antifoam addition then mechanical foam breakers may
have to be considered as a possible alternative.
Vardar-Sukan (1992) concluded that foam control in
industry is still an empirical art. The best method for a
particular process in one factory is not necessarily the
best for the same process on another site. The design
and operating parameters of a fermenter may affect
the properties and quantity of foam formed.

MEDIUM OPTIMIZATION

At this stage it is important to consider the optimiza
tion of a medium such that it meets as many as possible
of the seven criteria given in the introduction to this
chapter. The meaning of optimization in this context
does need careful consideration (Winkler, 1991). When
considering the biomass growth phase in isolation it
must be recognized that efficiently grown biomass pro
duced by an 'optimized' high productivity growth phase
is not necessarily best suited for its ultimate purpose,
such as synthesizing the desired product. Different
combinations and sequences of process conditions need
to be investigated to determine the growth conditions
which produce the biomass with the physiological state
best constituted for product formation. There may be a
sequence of phases each with a specific set of optimal
conditions.
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Medium optimization by the classical method
changing one independent variable (nutrient, antltC}aUI1,
pH, temperature, etc.) while fixing all the others at
certain level can be extremely time consuming
expensive for a large number of variables. To make
full factorial search which would examine each
combination of independent variable at
levels could require a large number of experiments,
where x is the number of levels and n is the number
variables. This may be quite appropriate for three
nutrients at two concentrations (2 3 trials) but not for
six nutrients at three concentrations. In this instance 36

(729) trials would be needed. Industrially the aim is to
perform the minimum number of experiments to de
termine optimal conditions. Other alternative strate
gies must therefore be considered which allow more
than one variable to be changed at a time. These
methods have been discussed by Stowe and Mayer
(1966), McDaniel et al. (1976), Hendrix (1980), Nelson
(1982), Greasham and Inamine (1986), Bull et at. (1990)
and Hicks (1993).

When more than five independent variables are to
be investigated, the Plackett-Burman design may be
used to find the most important variables in a system,
which are then optimized in further studies (Plackett
and Burman, 1946). These authors give a series of
designs for up to one hundred experiments using an
experimental rationale known as balanced incomplete
blocks. This technique allows for the evaluation of
X-I variables by X experiments. X must be a multi
ple of 4, e.g. 8, 12, 16, 20, 24, etc. Normally one
determines how many experimental variables need to
be included in an investigation and then selects the
Plackett-Burman design which meets that requirement
most closely in multiples of 4. Any factors not assigned
to a variable can be designated as a dummy variable.
Alternatively, factors known to not have any effect may
be included and designated as dummy variables. As will
be shown shortly in a worked example (Table 4.16), the
incorporation of dummy variables into an experiment
makes it possible to estimate the variance of an effect
(experimental error).

Table 4.16 shows a Plackett-Burman design for seven
variables (A -G) at high and low levels in which two
factors, E and G, are designated as 'dummy' variables.
These can then be used in the design to obtain an
estimate of error. Normally three dummy variables will
provide an adequate estimate of the error. However,
more can be used if fewer real variables need to be
studied in an investigation (Stowe and Mayer, 1966).
Each horizontal row represents a trial and each vertical
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TABLE 4.16. Plackett-Burman design for seven variables (Nelson, 1982)

Trial Variables Yield

A B C D E F G

1 H H H L H L H 1.1
2 L H H H L H L 6.3
3 L L H H H L H 1.2
4 H L L H H H L 0.8
5 L H L L H H H 6.0
6 H L H L L H H 0.9
7 H H L H L L H 1.1
8 L L L L L L L 1.4

H denotes a high level value; L denotes a low level value.

column represents the H (high) and L (low) values of
one variable in all the trials. This design (Table 4.16)
requires that the frequency of each level of a variable
in a given column should be equal and that in each test
(horizontal row) the number of high and low variables
should be equal. Consider the variable A; for the trials
in which A is high, B is high in two of the trials and
low in the other two. Similarly, C will be high in two
trials and low in two, as will all the remaining variables.
For those trials in which A is low, B will be high two
times and low two times. This will also apply to all the
other variables. Thus, the effects of changing the other
variables cancel out when determining the effect of A.
The same logic then applies to each variable. However,
no changes are made to the high and low values for the
E and G columns. Greasham and Inamine (1986) state
that although the difference between the levels of each
variable must be large enough to ensure that the opti
mum response will be included, caution must be taken
when setting the level differential for sensitive vari
ables, since a differential that is too large could mask
the other variables. The trials are carried out in a
randomized sequence.

The effects of the dummy variables are calculated in
the same way as the effects of the experimental vari
ables. If there are no interactions and no errors in
measuring the response, the effect shown by a dummy
variable should be O. If the effect is not equal to 0, it is
assumed to be a measure of the lack of experimental
precision plus any analytical error in measuring the
response (Stowe and Mayer, 1966).

This procedure will identify the important variables
and allow them to be ranked in order of importance to
decide which to investigate in a more detailed study to
determine the optimum values to use.

The stages in analysing the data (Tables 4.16 and
4.17) using Nelson's (1982) example are as follows:

1. Determine the difference between the average
of the H (high) and L (low) responses for each
independent and dummy variable.

Therefore the difference =

LA (H) - LA (L).

The effect of an independent variable on the
response is the difference between the average

TABLE 4.17. Analysis of the yields shown in Table 4.16 (Nelson, 1982)

Factor

A B C D E F G

[(H)
[(L)

Difference
Effect
Mean square

0.045 + 0.020
Mean square for 'error' = 2 = 0.0325

3.9 14.5 9.5 9.4 9.1 14.0 9.2
14.9 4.3 9.3 9.4 9.7 4.8 9.6

-11.0 10.2 0.2 0.0 - 0.6 9.2 - 0.4
- 2.75 2.55 0.05 0.00 - 0.15 2.30 - 0.10
15.125 13.0050.0050.000 0.045 10.580 0.020
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= 0.0325

LA (L)

4

x
I

10

x-x

factors. The next stage would then be the opl:tmizatioh
of the concentration of each factor, which
discussed later.

Nelson (1982) has also referred to the pm;slbility
two factor interactions which might occur when
ing Table 4.16. This technique has also been uiscussed
by McDaniel et al. (1976), Greasham and
(1986), Bull et at. (1990) and Hicks (1993).

The next stage in medium optimization would be
determine the optimum level of each key mdlepj~ndlent

variable which has been identified by the Phlckett-B:ur.
man design. This may be done using response
optimization techniques which were introduced by
and Wilson (1951). Hendrix (1980) has given a
readable account of this technique and the way
which it may be applied. Response surfaces are similar
to contour plots or topographical maps. Whilst
graphical maps show lines of constant elevation,
tour plots show lines of constant value. Thus, the
contours of a response surface optimization plot show
lines of identical response. In this context, response
means the result of an experiment carried out at partic
ular values of the variables being investigated.

The axes of the contour plot are the experimental
variables and the area within the axes is termed the
response surface. To construct a contour plot, the
results (responses) of a series of experiments employing
different combinations of the variables are inserted on
the surface of the plot at the points delineated by the
experimental conditions. Points giving the same results
(equal responses) are then joined together to make a
contour line. In its simplest form two variables are
examined and the plot is two dimensional. It is impor
tant to appreciate that both variables are changed in
the experimental series, rather than one being main
tained constant, to ensure that the data are distributed

X,
FIG. 4.1. Optimal point of a response surface by one factor at a
time.

LA(H)
A=--

4

2(LA (H) - LA (L))

8

This value should be near zero for the dummy
variables.

2. Estimate the mean square of each variable (the
variance of effect).
For A the mean square will be =

(LA (H) - LA (L))2

8

3. The experimental error can be calculated by
averaging the mean squares of the dummy ef
fects of E and G.
Thus, the mean square for error =

0.045 + 0.020

2

response for the four experiments at the high
level and the average value for four experiments
at the low level.
Thus the effect of

This experimental error is not significant.
4. The final stage is to identify the factors which

are showing large effects. In the example this
was done using an F-test for

Factor mean square.

error mean square.

This gives the following values:

15.125
A = 0.0325 = 465.4,

13.005
B = 0.0325 = 400.2,

0.0500
C = --- = 1.538

0.0325

0.0000
D = = 0.00

0.0325

10.580
F = -- = 325.6.

0.0325

Principles of Fermentation Technology, 2nd Edn.

When Probability Tables are examined it is found
that Factors A, Band F show large effects which are
very significant, whereas C shows a very low effect
which is not significant and D shows no effect. A, B
and F have been identified as the most important
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Xl

10

Xl

0) McDaniel et al. (1976), Fig. 4.3. The variables
under investigation were cerelose and soybean
level, with the analysis indicating the optimum
to be 6.2% cerelose and 3.2% soybean.

Oi) Saval et al. (1993). The medium for strep
tomycin production was optimized for four com
ponents resulting in a 52% increase in strep
tomycin yield, a 10% increase in mycelial dry
weight and a 48% increase in specific growth
rate (Table 4.18).

When further optimization experiments are neces
sary for medium development in large vessels, the
number of experiments will normally be restricted be
cause of the cost and the lack of spare large vessels
(Spendley et al., 1962). The simplex search method
attempts to optimize n variables by initially performing

FIG. 4.2. Typical response surfaces in two dimensions; (a) mound,
(b) rising ridge, (c) saddle.

respOllse surface. In Fig. 4.1, the profile gener
fixing Xl and changing X 2 and then using the

value and changing Xl constitutes a cross
may not encroach upon the area in which the

ootim1um resides.
technique may be applied at different levels of

Hendrix applied the technique at its
S!lllpleM level to predict the optimum combination of

variables. The values of the variables for the initial
eXIJer'iments are chosen randomly or with the guidance

Ofl~VI'ClUS experience of the process. There is little to
from using more than 15-20 experiments.

resulting contour map gives an indication of the
in which the optimum combination of variables

A new set of experiments may then be de
within the indicated zone. Hendrix proposed the

fol.lO\'IInlg strategy to arrive at the optimum in an incre
fashion:

1. Define the space on the plot to be explored.
2. Run five random experiments in this space.
3. Define a new space centred upon the best of the

five experiments and make the new space smaller
than the previous one, perhaps by cutting each
dimension by one half.

4. Run five more random experiments in this new
space.

5. Continue doing this until no further improve
ment is observed, or until you cannot afford any
more experiments!

The more sophisticated applications of the response
surface technique use mathematical models to analyse
the first round of experimental data and to predict the
relationship between the response and the variables.
These calculations then allow predictive contours to be
drawn and facilitate a more rapid optimization with
fewer experiments. If three or more variables are to be
examined then several contour maps will have to be
constructed. Hicks (1993) gives an excellent account of
the development of equations to model the different
interactions which may take place between the vari
ables. Several computer software packages are now
available which allow the operator to determine the
equations underlying the responses and, thus, to de
termine the likely area on the surface in which the
optimum resides. Some examples of the types of re
sponse surface profiles that may be generated are illus
trated in Fig. 4.2.

The following examples illustrate the application of
the technique:
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tions of carbon and nitrogen sources in a mc~djllm

antibiotic production.
In our example a graph is constructed in which

axis represents the concentration range of the
source (the first variable) and the y axis represents
concentration range of the nitrogen source (the
variable). The first vertex A (experimental point) of
simplex represents the current concentrations of
two variables which are producing the best yield of
antibiotic. The experiment for the second vertex B
planned using a new carbon-nitrogen mixture and
position of the third vertex C can now be plotted
the graph using lengths AC and BC equal to AB
simplex equilateral triangle, Fig. 4.4a). The COllcentra
tions of the carbon and nitrogen sources to use in the
third experiment can now be determined
and the experiment can be undertaken to determine
the yield of antibiotic. The results of the three experi
ments are assessed and the worst response to antibiotic
production indentified. In our example, experiment
was the worst and B the best. The simplex design is

1195 7
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FIG. 4.3. Contour plot of two independent variables, cerelose and
soybean meal, for optimization of the candidin fermentation (Re
drawn from McDaniel et al., 1976; Bull et al., 1990).

TABLE 4.18. Concentration of nutrients in an original and optimized
medium for streptomycin production (Saval et al. 1993)

n + 1 experimental trials. The results of this initial set
of trials are then used to predict the conditions of the
next experiment and the situation is repeated until the
optimum combination is attained. Thus, after the first
set of trials the optimization proceeds as individual
experiments. The prediction is achieved using a graphi
cal representation of the trials where the experimental
variables are the axes. Using this procedure, the experi
mental variables are plotted and not the results of the
experiments. The initial experimental conditions are
chosen such that the points on the graph are equidis
tant from one another and form the vertices of a
polyhedron described as the simplex. Thus, with two
variables the simplex will be an equilateral triangle.
The results of the initial set of three experiments are
then used to predict the next experiment enabling a
new simplex to be constructed. The procedure will be
explained using an example to optimize the concentra-

FIG. 4.4. (a) Simplex optimization for a pair of independent vari
ables (with reflection). (b) Simplex optimization of pair of indepen
dent variables which has reached the optimum.
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used to design the next experiment. A new simplex
(ecluilateral triangle) BCD is constructed opposite the

response (i.e. A) using the existing vertices Band
A line is drawn from A through the centroid (mid

of BC D (the next experiment) will be on this
and the sides BD and CD will be the same length

BC. This process of constructing the new simplex is
as reflection. Once the position of D is

the concentrations of the carbon and nitrogen
sources can be determined graphically, the experiment

and the production of antibiotic assayed.
a series of simplexes can be constructed moving

in a crabwise way. The procedure is continued until the
optimum is located. At this point the simplex begins to
circle on its self, indicating the optimum concentration
(Fig 4.4b; Greasham and lnamine, 1986). However, if a
new vertex exhibits the lowest response, the simplex
would reflect back on to the previous one, halting
movement towards the optimum. In this case the new
simplex is constructed opposite the second least desir
able response using the method previously described.

If it is decided that the supposed optimum should be
reached more rapidly then the distance z between the
centroid and D may be increased (expanded) by a
factor which is often 2. If the optimum is thought to
have nearly been reached then the distance z may be
decreased by a factor of 0.5 (contraction). This modi
fied simplex optimization was first proposed by NeIder
and Mead (1965) and has been discussed by Greasham
and Inamine (1986).

The simplex method may also be used in small scale
media development experiments to help identify the
possible optimum concentration ranges to test in more
extensive multifactorial experiments.

Animal cell media

Mammalian cell lines have been cultured in vitro for
40 years. Initially, animal cells were required for vac
cine manufacture but they are now also used in the
production of monoclonal antibodies, interferon, etc.
The media initially used for this purpose contained
about 10% serum (foetal calf or calf) plus other or
ganic and inorganic components. Since this pioneering
work it has been possible to develop a range of serum
free media (Ham, 1965; Barnes and Sato, 1980). These
media contain carbohydrates, amino acids, vitamins,
nucleic acids, etc, dissolved in high purity water. Media
costs are therefore considerably higher than those for
microbial cells. At a 1000 dm3 scale the medium costs
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may account for 40% of the unit costs, and serum may
be 80% of the medium cost (Wilkinson, 1987).

Serum

The serum is a very complex mixture contammg
approximately 1000 components including inorganic
salts, amino acids, vitamins, carbon sources, hormones,
growth factors, haemoglobin, albumin and other com
pounds (Brooks, 1975; Glassy et at., 1988). However,
most of them do not appear to be needed for growth
and differentiation of cell lines which have been tested
(Barnes and Sato, 1980; Darfler and lnsel, 1982).

Serum is used extensively in production media for
animal cell culture to produce recombinant proteins
and antibody based products for in vivo use in humans.
At present the regulations governing the quality of
serum which can be used for manufacturing processes
vary considerably from country to country (Hodgson,
1993). However, FDA approval of a process will be
essential to market a product in the USA and therefore
regulate the quality of serum which can be used. Serum
tested by approved laboratories should be free of bac
terial, viral or BSE (bovine sporangiform encephalitis)
contamination and other components should be within
strictly defined limits. Serum of this standard is needed
for the cell culture media which is used to maintain the
cell culture stocks as well as the production media.

The cost of foetal calf serum, US$190 dm- 3 in
Europe, makes serum free media attractive economic
alternatives, but it would take a number of years to
develop suitable serum free media. The absence of the
many unutilized components in serum will also simplify
purification of potential products produced in such
media. However, these process changes would need
approval by the FDA or other regulatory bodies before
a product could be marketed using a modified process.

Serum-free media supplements

The development of serum-free media was initiated
by Ham (1965) who reduced the amount of serum in
media and optimized other medium components and
Sato (Barnes and Sato, 1980) who investigated a range
of components to promote cell growth and differentia
tion. Some of the more important replacements in
serum-free media are albumin, insulin, transferrin,
ethanolamine, selenium and f3-mercaptoethanol
(Glassy et al., 1988).

The advantages of removing serum from media in
clude:
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1. More consistent and definable medium composi
tion to reduce batch variation.

2. Reduction in potential contamination to make
sterility easier to achieve.

3. Potential cost savings because of cheaper re
placement components.

4. Simplifying downstream processing because the
total protein content of the medium has been
reduced.

Protein-free media

The elimination of proteins seems an attractive ob
jective. However, the design of such media is difficult
and their use may be very limited and not very cost
effective. Hamilton and Ham (1977) demonstrated the
growth of Chinese hamster cell lines in a protein-free
medium formulated from amino acids, vitamins, or
ganic compounds and inorganic salts. Other media
have been developed by Cleveland et al. (1983) and
Shive et al. (1986).

Trace elements

The role of trace elements in medium formulation
can be significant. Cultured cells normally require Fe,
Zn, Cu, Se, Mn, Mo and V (Ham and McKeehan,
1975). These are often present as impurities in other
media components. Cleveland et al. (1983) found that if
the number of trace elements were increased, insulin,
transferrin, albumin and liposomes were not needed in
a serum-free hybridoma medium. They included AI,
Ag, Ba, Br, Cd, Co, Cr, F, Ge, J, Rb , Zr, Si, Ni and Sn
as well as those previously mentioned.

Osmolality

The optimum range of osmotic pressure for growth
is often quite narrow and varies with the type of cell
and the species from which it was isolated. It may be
necessary to adjust the concentration of NaCI when
major additions are made to a medium.

pH

The normal buffer system in tissue culture media is
the CO2-bicarbonate system. This is a weak buffering
system and can be improved by the use of a zwitteri-
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onic buffer such as Hepes, either in addition
instead of the CO2-bicarbonate buffer. Contl'nli()Us
control is achieved by the addition of sodium
nate or sodium hydroxide (with fast mixing) when
acid. The pH does not normally become too
acid additions are not required but provision
made for CO2 additions (Fleischaker, 1987).

Non-nutritional media SUIPpllenlenlts

Sodium carboxy methyl cellulose may be added
media at 0.1 % to help to minimize mechanical
caused by the shear force generated by the
impeller. The problems of foam formation and
quent cell damage and losses can affect animal
growth. Pluronic F-68 (polyglycoO can provide a
tive effect to animal cells in stirred and sparged vessels.
In media which are devoid of Pluronic F-68, cells
become more sensitive to direct bubble formation
the presence of an antifoam agent being used to su
press foam formation (Zhang et al., 1992).
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INTRODUCTION

FERMENTATION product is produced by the culture of
certain organism, or organisms, in a nutrient medium.

the fermentation is invaded by a foreign micro
org:amlsm then the following consequences may occur:

(i) The medium would have to support the growth
of both the production organism and the con
taminant, resulting in a loss of productivity.

(ii) If the fermentation is a continuous one then
the contaminant may 'outgrow' the production
organism and displace it from the fermenta
tion.

(iii) The foreign organism may contaminate the final
product, e.g. single-cell protein where the cells,
separated from the broth, constitute the
product.

(iv) The contaminant may produce compounds
which make subsequent extraction of the final
product difficult.

(v) The contaminant may degrade the desired
product; this is common in bacterial contami
nation of antibiotic fermentations where the
contaminant would have to be resistant to the
normal inhibitory effects of the antibiotic and
degradation of the antibiotic is a common resis
tance mechanism, e.g. the degradation of f3
lactam antibiotics by f3-lactamase-producing
bacteria.

(vi) Contamination of a bacterial fermentation with
phage could result in the lysis of the culture.

Avoidance of contamination may be achieved by:

(i) Using a pure inoculum to start the fermenta
tion, as discussed in Chapter 6.

CHAPTERS

Sterilization

(ii) Sterilizing the medium to be employed.
(iii) Sterilizing the fermenter vessel.
(iv) Sterilizing all materials to be added to the

fermentation during the process.
(v) Maintaining aseptic conditions during the fer

mentation.

The extent to which these procedures are adopted is
determined by the likely probability of contamination
and the nature of its consequences. Some fermenta
tions are described as 'protected' - that is, the medium
may be utilized by only a very limited range of micro
organisms, or the growth of the process organism may
result in the development of selective growth condi
tions, such as a reduction in pH. The brewing of beer
falls into this category; hop resins tend to inhibit the
growth of many micro-organisms and the growth of
brewing yeasts tends to decrease the pH of the medium.
Thus, brewing worts are boiled, but not necessarily
sterilized, and the fermenters are thoroughly cleaned
with disinfectant solution but are not necessarily ster
ile. Also, the precautions used in the development of
inoculum for brewing are far less stringent than, for
example, in an antibiotic fermentation. However, the
vast majority of fermentations are not 'protected' and,
if contaminated, would suffer some of the conse
quences previously listed. The approaches adopted to
avoid contamination will be discussed in more detail,
apart from the development of aseptic inocula which is
considered in Chapter 6 and the aseptic operation and
containment of fermentation vessels which are dis
cussed in Chapters 6 and 7.

MEDIUM STERILIZATION

As pointed out by Corbett (1985), media may be
sterilized by filtration, radiation, ultrasonic treatment,
chemical treatment or heat. However, for practical
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Time

FIG. 5.1. Plots of the proportion of survivors and the
logarithm of the proportion of survivors in a population of micro
organisms subjected to a lethal temperature over a time period.

dieted that a particular treatment period reduced the
population to 0.1 of a viable organism, this implies that
the probability of one organism surviving the treatment
is one in ten. This may be better expressed in practical
terms as a risk of one batch in ten becoming contami
nated. This aspect of contamination will be considered
later.

The relationship displayed in Fig. 5.1 would be
observed only with the sterilization of a pure culture in
one physiological form, under ideal sterilization condi
tions. The value of k is not only species dependent, but
dependent on the physiological form of the cell; for
example, the endospores of the genus Bacillus are far
more heat resistant than the vegetative cells. Richards
(1968) produced a series of graphs illustrating the devi
ation from theory which may be experienced in prac
tice. Figures 5.2a, 5.2b and 5.2c illustrate the effect of
the time of heat treatment on the survival of a popula
tion of bacterial endospores. The deviation from an
immediate exponential decline in viable spore number
is due to the heat activation of the spores, that is the
induction of spore germination by the heat and mois
ture of the initial period of the sterilization process. In
Fig. 5.2a the activation of spores is significantly more
than their destruction during the early stages of the
process and, therefore, viable numbers increase before
the observation of exponential decline. In Fig. 5.2b
activation is balanced by spore death and in Fig. 5.2c
activation is less than spore death.

Figures 5.3a and 5.3b illustrate typical results of the
sterilization of mixed cultures containing two species
with different heat sensitivities. In Fig. 5.3a the popula
tion consists mainly of the less-resistant type where the

(5.1)

(5.2)

(5.3)

-dN/dt = kN

reasons, steam is used almost universally for the steril
ization of fermentation media. The major exception is
the use of filtration for the sterilization of media for
animal-cell culture - such media are completely solu-
ble and contain heat labile components making filtra-
tion the method of choice. Filtration techniques will be
considered later in this chapter. Before the techniques _f\J,_
which are used for the steam sterilization of culture No

media are discussed it is necessary to discuss the kinet-
ics of sterilization. The destruction of micro-organisms
by steam (moist heat) may be described as a first-order
chemical reaction and, thus, may be represented by the
following equation:

is the number of viable organisms present,
is the time of the sterilization treatment,
is the reaction rate constant of the reaction,
or the specific death rate.

It is important at this stage to appreciate that we are
considering the total number of organisms present in
the volume of medium to be sterilized, not the concen
tration - the minimum number of organisms to con
taminate a batch is one, regardless of the volume of the
batch. On integration of equation (5.1) the following
expression is obtained:

where N
t
k

where No is the number of viable organisms present
at the start of the sterilization treatment,

Nt is the number of viable organisms present
after a treatment period, t.

01} taking natural logarithms, equation (5.2) is reduced
to:

Principles ()f Fermentation Technology, 2nd Edn.

(i) An infinite time is required to achieve sterile
conditions (i.e. N,. = 0).

(ij) After a certain time there will be less than one
viable cell present.

The graphical representations of equations (5.1) and
(5.3) are illustrated in Fig. 5.1, from which it may be
seen that viable organism number declines exponen
tially over the treatment period. A plot of the natural
logarithm of N,.INo against time yields a straight line,
the slope of which equals - k. This kinetic description
makes two predictions which appear anomalous:

Thus, in this context, a value of Nt of less than one is
considered in terms of the probability of an organism
surviving the treatment. For example, if it were pre-
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FIG. 5.3a. The effect of a sterilizaIion treatment on a mixed
culture consisting of a high proportion of a very sensitive organism
(Richards, 1968).

I Ntn
No

Time

FIG. 5.2a. Initial population increase resulting from the heat acti
vation of spores in the early stages of a sterilization process
(Richards, 1968).

Time

FIG. 5.2b. An initial stationary period observed during a steriliza
tion treatment due to the death of spores being completly com
pensated by the heat activation of spores (Richards, 1968).
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FIG. 5.3b. The effect of a sterilization treatment on a mixed
culture consisting of a high proportion of a relatively resistant
organism (Richards, J968).

Time

FIG. 5.2c. Initial population decline at a sub-maximum rate during
a sterilization treatment due to the death of spores being compen
sated by the heat activation of spores (Richards, 1968).

initial decline is due principally to the destruction of
the less-resistant cell population and the later, less
rapid decline, is due principally to the destruction of
the more resistant cell population. Figure 5.3b repre
sents the reverse situation where the more resistant
type predominates and its presence disguises the de-

crease in the number of the less resistant type.
As with any first-order reaction, the reaction rate

increases with increase in temperature due to an in
crease in the reaction rate constant, which, in the case
of the destruction of micro-organisms, is the specific
death rate (k). Thus, k is a true constant only under
constant temperature conditions. The relationship
between temperature and the reaction rate constant
was demonstrated by Arrhenius and may be repre
sented by the equation:

din k/dT = E / RT 2 (5.4)
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where A is the Arrhenius constant.
On taking natural logarithms, equation (5.5) be

comes:

In No/~ = A· t· e-
EjRT

. (5.7)

Deindoerfer and Humphrey (1959) used the term In
No/ ~ as a design criterion for sterilization, which has
been variously called the Del factor, Nabla factor and
sterilization criterion represented by the term V'. Thus,
the Del factor is a measure of the fractional reduction
in viable organism count produced by a certain heat
and time regime. Therefore:

From equation (5.6) it may be seen that a plot of In k
against the reciprocal of the absolute temperature will
give a straight line. Such a plot is termed an Arrhenius
plot and enables the calculation of the activation en
ergy and the prediction of the reaction rate for any
temperature. By combining together equations (5.3)
and (5.5), the following expression may be derived for
the heat sterilization of a pure culture at a constant
temperature:

100105

Temperature (Cc)

In sterilization
time
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FiG. 5.4. The effect of sterilization and temperature on the Del
factor achieved in the process. The figures on the graph indicate
the Del factors for each straight line (modified after Richards,
1966).

certain probability of achieving sterility, based upon
the degree of risk that is considered acceptable. Ac
cording to Deindoerfer and Humphrey (1959), Richards
(1968), Banks (1979) and Corbett (1985) a risk factor of
one batch in a thousand being contaminated is fre
quently used in the fermentation industry that is,
the final microbial count in the medium after steriliza
tion should be 10-3 viable cells. However, to apply
these kinetics it is necessary to know the thermal death
characteristics of all the taxa contaminating the fer
menter and unsterile medium. This is an impossibility
and, therefore, the assumption may be made that the
only microbial contaminants present are spores of
Bacillus stearothelmophilus - that is, one of the most
heat-resistant microbial types known. Thus, by adopt
ing B. stearothennophilus as the design organism a
considerable safety factor should be built into the
calculations. It should be remembered that B.
stearothennophilus is not always adopted as the design
organism. If the most heat-resistant organism contami
nating the medium ingredients is known, then it may be
advantageous to base the sterilization process on this
organism. Deindoerfer and Humphrey (1959) de
termined the thermal death characteristics of B.
stearothermophilus spores as:

Activation energy = 67.7 kcal mole-I

Arrhenius constant = 1 X 1036.2 second-I

(5.6)

(5.5)

(5.8)

V' = In (No/~)

In(No/~) = kt

kt = A . t· e-(EjRT)

V' = A· t· e-(EjRT).

In k = In A - E/RT.

where E is the activation energy,
R is the gas constant,
T is the absolute temperature.

On integration equation (5.4) gives:

k =Ae-EjRT
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but

and

thus

On rearranging, equation (5.8) becomes:

In t = E/RT + In (V' /A). (5.9)

Thus, a plot of the natural logarithm of the time
required to achieve a certain V' value against the re
ciprocal of the absolute temperature will yield a straight
line, the slope of which is dependent on the activation
energy, as shown in Fig. 5.4. From Fig. 5.4 it is clear
that the same degree of sterilization (V') may be ob
tained over a wide range of time and temperature
regimes; that is, the same degree of sterilization may
result from treatment at a high temperature for a short
time as from a low temperature for a long time.

This kinetic description of bacterial death enables
the design of procedures (giving certain V' factors) for
the sterilization of fermentation broths. By choosing a
value for ~, procedures may be designed having a
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The thermal destruction of essential media compo
nents conforms approximately with first order reaction
kinetics and, therefore, may be described by equations
similar to those derived for the destruction of bacteria:

TABLE 5.1. The effect of sterilization time on glucose concentration
and product accretion rate in an antibiotic fermentation (Corbett,

1985)

In k = In A E I RT.

Duration of sterilization (min}

FIG. 5.5. The effect of the time of sterilization on the yield of a
subsequent fermentation (Richards, 1966).

where Xl is the concentration of nutrient after a heat
treatment period, t,

X o is the original concentration of nutrient at
the onset of sterilization,

k is the reaction rate constant.
It is important to appreciate that we are considering

the decline in the concentration of the nutrient compo
nent, whereas we consider the decline in the number of
contaminants. The effect of temperature on the reac
tion rate constant may be expressed by the Arrhenius
equation:

Therefore, a plot of the natural logarithm of the reac
tion rate against 1IT will give a straight line, slope

(E I R). As the value of R, the gas constant, is fixed

(i) Interactions between nutrient components of the
medium. A common occurrence during steril
ization is the Maillard-type browning reaction
which results in discoloration of the medium as
well as loss of nutrient quality. These reactions
are normally caused by the reaction of carbonyl
groups, usually from reducing sugars, with the
amino groups of amino acids and proteins. An
example of the effect of sterilization time on
the availability of glucose in a corn-steep liquor
medium is shown in Table 5.1 (Corbett, 1985).
Problems of this type are normally resolved by
sterilizing the sugar separately from the rest of
the medium and recombining the two after
cooling.

(ij) Degradation of heat labile components. Certain
vitamins, amino acids and proteins may be de
graded during a steam sterilization regime. In
extreme cases, such as the preparation of me
dia for animal-cell culture, filtration may be
used and this aspect will be discussed later in
the chapter. However, for the vast majority of
fermentations these problems may be resolved
by the judicious choice of steam sterilization
regime.

llr\W(~ver, it should be remembered that these kinetic
will vary according to the medium in which the
are suspended, and this is particularly relevant

considering the sterilization of fats and oils (which
common fermentation substrates) where the rela
humidity may be quite low. Bader et at. (1984)

that spores of Bacillus macerans sus
in oil were ten times more resistant to steriliza

if they were dry than if they were wet.
A regime of time and temperature may now be

deltenmilled to achieve the desired Del factor. However,
fermentation medium is not an inert mixture of

and deleterious reactions may occur in
medium during the sterilization process, resulting

a loss of nutritive quality. Thus, the choice of regime
UIl;UlIL<;;U by the requirement to achieve the desired

re(IuctlClU in microbial content with the least detrimen
effect on the medium. Figure 5.5 illustrates the

effect of increasing medium sterilization
on the yield of product of subsequent fermenta

tions. The initial rise in yield is due to some compo
nents of the medium being made more available to the
process micro-organism by the 'cooking effect' of a
brief sterilization period (Richards, 1966).

Two types of reaction contribute to the loss of nutri
ent quality during sterilization:
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the slope of the graph is determined by the value of the
activation energy (E). The activation energy for the
thermal destruction of B. stearothermophilus spores has
been cited as 67.7 kcal mole - \ whereas that for ther
mal destruction of nutrients is 10 to 30 kcal mole- 1

(Richards, 1968). Figure 5.6 is an Arrhenius plot for
two reactions - one with a lower activation energy
than the other. From this plot it may be seen that as
temperature is increased, the reaction rate rises more
rapidly for the reaction with the higher activation en
ergy. Thus, considering the difference between activa
tion energies for spore destruction and nutrient degra
dation, an increase in temperature would accelerate
spore destruction more than medium denaturation.

In the consideration of Del factors it was evident
that the same Del factor could be achieved over a
range of temperature/time regimes. Thus, it would
appear to be advantageous to employ a high tempera
ture for a short time to achieve the desired probability
of sterility, yet causing minimum nutrient degradation.
Thus, the ideal technique would be to heat the fermen
tation medium to a high temperature, at which it is
held for a short period, before being cooled rapidly to
the fermentation temperature. However, it is obviously
impossible to heat a batch of many thousands of litres
of broth in a tank to a high temperature, hold for a
short period and cool without the heating and cooling
periods contributing considerably to the total steriliza
tion time. The only practical method of materializing
the objective of a short-time, high-temperature treat
ment is to sterilize the medium in a continuous stream.
In the past the fermentation industry was reluctant to
adopt continuous sterilization due to a number of
disadvantages outweighing the advantage of nutrient

quality. The relative merits of batch and
sterilization may be summarized as

Advantages of continuous sterilization over batch
tion

(i) Superior maintenance of medium quality.
(ii) Ease of scale-up - discussed later.

(iii) Easier automatic control.
(iv) The reduction of surge capacity for steam.
(v) The reduction of sterilization cycle time.

(vi) Under certain circumstances, the reduction
fermenter corrosion.

Advantages of batch sterilization over continuous iitenll.Za.

tion

(i) Lower capital equipment costs.
(ii) Lower risk of contamination -

processes require the aseptic transfer of the
sterile broth to the sterile vessel.

(iii) Easier manual control.
(iv) Easier to use with media containing a high

proportion of solid matter.

The early continuous sterilizers were constructed as
plate heat exchangers and these were unsuitable on
two accounts:

(i) Failure of the gaskets between the plates re
sulted in the mixing of sterile and unsterile
streams.

(ii) Particulate components in the media would
block the heat exchangers.

FIG. 5.6. The effect of activation energy on spore and nutrient
destruction.

In k

___ High activity energy
spore destruction

Low activation energy
nutrient destruction--- .......... ~

........... ----.
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However, modern continuous sterilizers use double spi
ral heat exchangers in which the two streams are
separated by a continuous steel division. Also, the
spiral exchangers are far less susceptible to blockage.
However, a major limitation to the adoption of contin
uous sterilization was the precision of control necessary
for its success. This precision has been achieved with
the development of sophisticated computerized moni
toring and control systems resulting in continuous ster
ilization being very widely used and it is now the
method of choice. However, batch sterilization is still
used in many fermentation plants and, thus, it will be
considered here before continuous sterilization is dis
cussed in detail.
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THE DESIGN OF BATCH STERILIZATION
PROCESSES

Alth()U!;lI a batch sterilization process is less success
avoiding the destruction of nutrients than a

one, the objective in designing a batch
is still to achieve the required probability of

sterility with the minimum loss of nutritive
The highest temperature which appears to be
for batch sterilization is 121°C so the proce

should be designed such that exposure of the
me:UH"1ll to this temperature is kept to a minimum. This

achieved by taking into account the contribution
made to the sterilization by the heating and cooling
periods of the batch treatment. Deindoerfer and Hum
phrey (1959) presented a method to assess the con
tribution made by the heating and cooling periods. The
following information must be available for the design
of a batch sterilization process:

(i) A profile of the increase and decrease in the
temperature of the fermentation medium dur
ing the heating and cooling periods of the
sterilization cycle.

(ii) The number of micro-organisms originally pre
sent in the medium.

(iii) The thermal death characteristics of the 'de
sign' organism. As explained earlier this may
be Bacillus stearothermophilus or an alternative
organism relevant to the particular fermenta
tion.

Knowing the original number of organisms present in
the fermenter and the risk of contamination considered
acceptable, the required Del factor may be calculated.
A frequently adopted risk of contamination is 1 in
1000, which indicates that ~ should equal 10- 3 of a
viable cell. It is worth reinforcing at this stage that we
are considering the total number of organisms present
in the medium and not the concentration. If a specific
case is considered where the unsterile broth was shown
to contain 10 11 viable organisms, then the Del factor
may be calculated, thus:

v = In 1014

= 32.2.

Therefore, the overall Del factor required is 32.2. How
ever, the destruction of cells occurs during the heating

Sterilization

and cooling of the broth as well as during the period at
121°C, thus, the overall Del factor may be represented
as:

Vovcrall = V heating + Vholding + Vcooling'

Knowing the temperature-time profile for the heating
and cooling of the broth (prescribed by the characteris
tics of the available equipment) it is possible to de
termine the contribution made to the overall Del factor
by these periods. Thus, knowing the Del factors con
tributed by heating and cooling, the holding time may
be calculated to give the required overall Del factor.

Calculation of the Del factor during
heating and cooling

The relationship between Del factor, the tempera
ture and time is given by equation (5.8):

V = A· t· e-(E/RT).

However, during the heating and cooling periods the
temperature is not constant and, therefore, the calcula
tion of V would require the integration of equation
(5.8) for the time-temperature regime observed. Dein
doerfer and Humphrey (1959) produced integrated
forms of the equation for a variety of temperature-time
profiles, including linear, exponential and hyperbolic.
However, the regime observed in practice is frequently
difficult to classify, making the application of these
complex equations problematical. Richards (1968) de
monstrated the use of a graphical method of integra
tion and this is illustrated in Fig. 5.7. The time axis is
divided into a number of equal increments, t l , t2 , t3 ,

etc., Richards suggesting 30 as a reasonable number.

Temperature

t 1

FIG. 5.7. The graphical integration method applied to the increase
in temperature over a time period. f l , f 2 , etc. represent equal time
intervals (Richards, 1968).
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For each increment, the temperature corresponding
to the mid-point time is recorded. It may now be
approximated that the total Del factor of the heating-up
period is equivalent to the sum of the Del factors of
the mid-point temperatures for each time increment.
The value of the specific death rate of B. stearother
mophilus spores at each mid-point temperature may be
deduced from the Arrhenius equation using the ther
mal death characteristic published by Deindoerfer and
Humphrey (1959). The value of the Del factor corre
sponding to each time increment may then be calcu
lated from the equations:

'\\=k 1t,

V2 = k 2 t,

V3 = k 3t,

etc.

The sum of the Del factors for all the increments will
then equal the Del factor for the heating-up period.
The Del factor for the cooling-down period may be
calculated in a similar fashion.

Calculation of the holding time
at constant temperature

From the previous calculations the overall Del fac
tor, as well as the Del factors of the heating and
cooling parts of the cycle, have been determined.
Therefore, the Del factor to be achieved during the
holding time may be calculated by difference:

Vholding = Vovcrall - Vheating - Vcooling

Using our example where the overall Del factor is 32.2
and if it is taken that the heating Del factor was 9.8
and the cooling Del factor 10.1, the holding Del factor
may be calculated:

Vholding = 32.2 9.8 - 10.1,

Vholding = 12.3.

But V = kt, and from the data of Deindoerfer and
Humphrey (1961) the specific death rate of B.
stearothermophilus spores at 121°C is 2.54 min -1.

Therefore, t = V/k or t = 12.3/2.54 = 4.84 min.

If the contribution made by the heating and cooling
parts of the cycle were ignored then the holding time
would be given by the equation:

t = Vovcrall/k = 32.2/2.54 = 12.68 min.

Thus, by considering the contribution made to the
sterilization process by the heating and cooling parts of
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the cycle a considerable reduction in exposure
achieved

Richards' rapid method
the design of sterilization

Richards (1968) proposed a rapid method for
design of sterilization cycles avoiding the tInle-COlt1SlLm_
ing graphical integrations. The method assumes that
spore destruction occurs at temperatures above
and that those parts of the heating and cooling
above 100° are linear. Both these assumptions
reasonably valid and the technique loses very
accuracy and gains considerably in simplicity. ,'u,",..,r_
more, based on these assumptions, Richards has
sented a table of Del factors for B. stelaro'tht~rm!ophillIS

spores which would be obtained in heating and
a broth up to (and down from) holding temperatures
101-BO°C, based on a temperature change of ec per
minute. This information is presented in Table 5.2,
together with the specific death rates for B. stearother
mophilus spores over the temperature range. If the
of temperature change is 10 per minute, the Del factors
for heating and cooling may be read directly from
table; if the temperature change deviates from 10 per
minute, the Del factors may be altered by simple
proportion. For example, if a fermentation broth were
heated from 100° to 121°C in 30 minutes and cooled
from 121° to 100° in 17 minutes, the Del factors for the
heating and cooling cycles may be determined as fol
lows:

From Table 5.2, if the change in temperature had
been 1° per minute, the Del factor for both the heating
and cooling cycles would be 12.549. But the tempera
ture change in the heating cycle was 21° in 30 minutes;
therefore,

Delheating = (12.549 x 30)/21 = 17.93

and the temperature change in the cooling cycle was
21 0 in 17 minutes, therefore,

Delcooling = (12.549 X 17)/21 = 10.16.

Having calculated the Del factors for the heating and
cooling periods the holding time at the constant tem
perature may be calculated as before.

The scale up of batch sterilization processes

The use of the Del factor in the scale up of batch
sterilization processes has been discussed by Banks



5.2. Del values for B. stearothermophilus spores for the
he{jitLn)!-UP period over a temperature range of 100 to 130°, assuming

rate of temperature change of 1" min - J and negligible spore
destruction at temperatures below 1000 (Richards, 1968)

v = In {(106 X 103 X 103 )/1O- 3
}

= In (1012/10-- 3)

= In 1015 = 34.5.

If the same probability of contamination were required

(1979). It should be appreciated by this stage that the
Del factor does not include a volume term, i.e. absolute
numbers of contaminants and survivors are considered,
not their concentration. Thus, if the size of a fermenter
is increased the initial number of spores in the medium
will also be increased, but if the same probability of
achieving sterility is required the final spore number
should remain the same, resulting in an increase in the
Del factor. For example, if a pilot sterilization were
carried out in a 1000-dm3 vessel with a medium con
taining 106 organisms cm- 3 requiring a probability of
contamination of 1 in 1000, the Del factor would be:

Methods of batch sterilization

Sterilization

(j) One cooker may be used to serve several fer
menters and the medium may be sterilized as
the fermenters are being cleaned and prepared
for the next fermentation, thus saving time
between fermentations.

(ii) The medium may be sterilized in a cooker in a
more concentrated form than would be used in
the fermentation and then diluted in the fer
menter with sterile water prior to inoculation.
This would allow the construction of smaller
cookers.

(iii) In some fermentations, the medium is at its
most viscous during sterilization and the power
requirement for agitation is not alleviated by

in a 10,000-dm3 vessel using the same medium the Del
factor would be:

V = In {(106 X 103 X 104 )/1O- 3}

= In (10 13/10- 3 )

= In 1016
= 36.8.

Thus, the Del factor increases with an increase in the
size of the fermenter volume. The holding time in the
large vessel may be calculated by the graphical integra
tion method or by the rapid method of Richards (1968),
as discussed earlier, based on the temperature-time
profile of the sterilization cycle in the large vessel.
However, it must be appreciated that extending the
holding time on the larger scale (to achieve the in
creased V factor) will result in increased nutrient
degradation. Also, the contribution of the heating-up
and cooling-down periods to nutrient destruction will
be greater as scale increases. Maintaining the same
nutrient quality on a small and a large scale can be
achieved in batch sterilization only by compromising
the sterility of the vessel, which is totally unacceptable.
Thus, the decrease in the yield of a fermentation when
it is scaled up is often due to problems of nutrient
degradation during batch sterilization and the only way
to eradicate the problem is to sterilize the medium
continuously.

The batch sterilization of the medium for a fermen
tation may be achieved either in the fermentation
vessel or in a separate mash cooker. Richards (1966)
considered the relative merits of in situ medium steril
ization and the use of a special vessel. The major
advantages of a separate medium sterilization vessel
may be summarized as:

k v
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aeration as it would be during the fermentation
proper. Thus, if the requirement for agitation
during in situ sterilization were removed, the
fermenter could be equipped with a less power
ful motor. Obviously, the sterilization kettle
would have to be equipped with a powerful
motor, but this would provide sterile medium
for several fermenters.

(iv) The fermenter would be spared the corrosion
which may occur with medium at high tempera
ture.

The major disadvantages of a separate medium steril
ization vessel may be summarized as:

(j) The cost of constructing a batch medium steril
izer is much the same as that for the fer
menter.

(ii) If a cooker serves a large number of fer
menters complex pipework would be necessary
to transport the sterile medium, with the inher
ent dangers of contamination.

(iii) Mechanical failure in a cooker supplying
medium to several fermenters would render all
the fermenters temporarily redundant. The
provision of contingency equipment may be
prohibitively costly.

sterilization temperature, a holding time at the
temperature and a cooling period to restore the
to the fermentation temperature. The temperature
the medium is elevated in a continuous heat eX(;hang(~r

and is then maintained in an insulated serpentine
ing coil for the holding period. The length of
holding period is dictated by the length of the coil
the flow rate of the medium. The hot medium is
cooled to the fermentation temperature using two
quential heat exchangers - the first utilizing the
coming medium as the cooling source (thus consc:rvllng
heat by heating-up the incoming medium) and
second using cooling water. The major advantage
the continuous process is that a much higher tenllpeTa
ture may be utilized, thus reducing the holding
and reducing the degree of nutrient degradation.
required Del factor may be achieved by the cOlnbina
tion of temperature and holding time which gives
acceptably small degree of nutrient decay.
(1968) quoted the following example to illustrate the
range of temperature-time regimes which may be
ployed to achieve the same probability of obtaining
sterility. The Del factor for the example sterilization
was 45.7 and the following temperature time regimes
were calculated to give the same Del factor:

Furthermore, because a continuous process involves
treating small increments of medium the heating-up
and cooling-down periods are very small compared with
those in a batch system. There are two types of contin
uous sterilizer which may be used for the treatment of
fermentation media: the indirect heat exchanger and
the direct heat exchanger (steam injector).

The most suitable indirect heat exchangers are of
the double-spiral type which consists of two shects of
high-grade stainless steel which have been curved
around a central axis to form a double spiral, as shown
in Fig. 5.8. The ends of the spiral are sealed by covers.
A full scale example is shown in Fig. 5.9. To achieve
sterilization temperatures steam is passed through one
spiral and medium through the other in countercurrent

Overall, the pressure to decrease the 'down time'
between fermentations has tended to outweigh the
perceived disadvantages of using separate sterilization
vessels. Thus, sterilization in dedicated vessels is the
method of choice for batch sterilization. However, as
pointed out by Corbett (1985), the fact that separate
batch sterilizers are used lends further weight to the
argument that continuous sterilization should be
adopted in preference to batch. The capital cost of a
separate batch sterilizer is similar to that of a continu
ous one and the problems of transfer of sterile media
are then the same for both batch and continuous
sterilization. Thus, two of the major objections to cont
inuous systems (capital cost and aseptic transfer) may
be considered as no longer relevant.

THE DESIGN OF CONTINUOUS STERILIZATION
PROCESSES

The design of continuous sterilization cycles may be
approached in exactly the same way as for batch steril
ization systems. The continuous system includes a time
period during which the medium is heated to the
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FIG. 5.8. A schematic representation of a spiral heat exchanger
(Alfa-Laval Engineering Ltd, Brentford, Middlesex).

streams. Spiral heat exchangers are also used to cool
the medium after passing through the holding coil.
Incoming unsterile medium is used as the cooling agent
in the first cooler so that the incoming medium is
partially heated before it reaches the sterilizer and,
thus, heat is conserved.

The major advantages of the spiral heat exchanger
are:

(i) The two streams of medium and cooling liquid,
or medium and steam, are separated by a cont
inuous stainless steel barrier with gasket seals
being confined to the joints with the end plates.
This makes cross contamination between the
two streams unlikely.

(ii) The spiral route traversed by the medium al
lows sufficient clearances to be incorporated for
the system to cope with suspended solids. The
exchanger tends to be self-cleaning which re
duces the risk of sedimentation, fouling and
'burning-on'.

Indirect plate heat exchangers consist of alternating
plates through which the countercurrent streams are
circulated. The plates are separated by gaskets and
failure of these gaskets can cause cross-contamination
between the two streams. Also, the clearances between
the plates are such that suspended solids in the medium
may block the exchanger and, thus, the system is only
useful in sterilizing completely soluble media. How
ever, the plate exchanger is more adaptable than the
spiral system in that extra plates may be added to
increase its capacity.

The continuous steam injector injects steam directly
into the unsterile broth. The advantages and disadvan-

Sterilization

tages of the system have been summarized by Banks
(1979):

(i) Very short (almost instantaneous) heating up
times.

(ii) It may be used for media containing suspended
solids.

(iii) Low capital cost.
(iv) Easy cleaning and maintenance.
(v) High steam utilization efficiency.

However, the disadvantages are:

(i) Foaming may occur during heating.
(ii) Direct contact of the medium with steam re

quires that allowance be made for condense
dilution and requires 'clean' steam, free from
anticorrosion additives.

In some cases the injection system is combined with
flash cooling, where the sterilized medium is cooled by
passing it through an expansion valve into a vacuum
chamber. Cooling then occurs virtually instantly. A flow
chart of a continuous sterilization system using direct
steam injection is shown in Fig. 5.10. In some cases a
combination of direct and indirect heat exchangers may
be used (Svensson, 1988). This is especially true for
starch-containing broths when steam injection is used
for the pre-heating step. By raising the temperature
virtually instantaneously the critical gelatinization tem
perature of the starch is passed through very quickly
and the increase in viscosity normally associated with
heated starch colloids can be reduced.

The most widely used continuous sterilization system
is that based on the spiral heat exchangers and a
typical layout is shown in Fig. 5.11. The plant is steril
ized prior to sterilization of the medium by circulating
hot water through the plant in a closed circuit. At the
same time, the fermenter and the pipework between
the fermenter and the sterilizer are steam sterilized.
Heat conservation is achieved by cooling the sterile
medium against cold, incoming unsterile medium which
will then be partially heated before it reaches the
sterilizer.

The Del factor to be achieved in a continuous steril
ization process has to be increased with an increase in
scale, and this is calculated exactly as described in the
consideration of the scale up of batch regimes. Thus, if
the volume to be sterilized is increased from 1000 dm3

to 10,000 dm3 and the risk of failure is to remain at 1 in
1000 then the Del factor must be increased from 34.5
to 36.8. However, the advantage of the continuous
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FIG, 5,9. Industrial scale spiral heat exchanger (Alfa-Laval Engiueering Ltd., Brentford, Middlesex).
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FIG. 5.10. Flow diagram of a typical continuous injector-flash cooler sterilizer.
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FIG. 5.11. Flow diagram of a typical continuous sterilization system employing spiral heat exchangers (Alfa-Laval Engineering Ltd.,
Brentford, Middlesex).

x,/xo = e-kt

where k is the reaction rate constant

The relationship between k and absolute temperature
is described by the Arrhenius equation:

k = A . e-(EjRT)

therefore, substituting for k:

Q = A . t· e-(EjRT).

where Xo is the concentration of essential heat labile
nutrient in the original medium,

x, is the concentration of essential heat labile
nutrient in the medium after a sterilization
time, t.

As considered earlier, the destruction of a nutrient may
be considered a first-order reaction:

Therefore, as for the Del factor equation, by taking
natural logarithms, and rearranging, the following
equation is obtained

In t = E / RT + In Q / A. (5.12)

Thus, a plot of the natural logarithms of the time
required to achieve a certain Q value against the
reciprocal of the absolute temperature will yield a
straight line, the slope of which is dependent on the
activation energy; that is, a very similar plot to Fig. 5.5
for the Del factor relationship. If both plots were
superimposed on the same figure, then a continuous
sterilization performance chart is obtained. The exam
ple put forward by Deindoerfer and Humphrey (1961)
is shown in Fig. 5.12. Thus, in Fig. 5.12 each line of a
constant Del factor specifies temperature-time regimes
giving the same fractional reduction in spore number
and each line of a constant nutrient quality criterion
specifies temperature-time regimes giving the same
destruction of nutrient. By considering the effect of
nutrient destruction on product yield, limits may be
imposed on Fig. 5.12 indicating the nutrient quality
criterion below which no further increase in yield is
achieved (i.e. the nutrient is in excess) and the nutrient
quality criterion at which the product yield is at its
lowest (i.e. there is no nutrient remaining). Thus, from
such a plot a temperature-time regime may be chosen
which gives the required Del factor and does not ad
versely affect the yield of the process.

The adoption of Deindoerfer and Humphrey's ap
proach is possible only if the limiting heat-labile nutri
ent is identified and the Arrhenius constant and activa
tion energy for its thermal destruction experimentally

(5.11)

process is that temperature may be used as a variable
in scaling up a continuous process so that the increased
V' factor may be achieved whilst maintaining the nutri
ent quality constant. Deindoerfer and Humphrey (1961)
attempted to rationalize the choice of time-tempera
ture regime by the use of a Nutrient Quality Criterion
(Q), based on similar logic to the Del factor:

Therefore

Thus, taking natural logarithms,

In (xo/x,) = kt.

Q = kt.

or
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FIG. 5.12. Continuous sterilization performance chart (Dein
doerfer and Humphrey, 1961).

determined. As pointed out by Banks (1979), this infor
mation may not be available for a complex fermenta
tion medium and, therefore, the technique is fairly
limited in its practical application. However, provided
this information is available the technique may be used
in the scale-up of continuous-sterilization processes. As
discussed earlier, the Del factor is scale dependent and
therefore as the volume to be sterilized is increased so
the Del factor should be increased if the probability of
achieving sterility is to remain the same. However, the
nutrient-quality criterion is not scale dependent so that
by changing the temperature-time regime to accom
modate the attainment of sterility the nutrient quality
may be adversely affected. Examination of Fig. 5.12
indicates that the only way in which the Del factor may
be increased without any change in the nutrient quality
criterion is to increase the temperature and to decrease
the holding time. Although this scale-up could be per
formed exactly only if the thermal degradation kinetics
of the medium were known, the analysis indicates that
even without this information the approach would be
to reduce the holding time and increase the tempera
ture.

When designing a continuous sterilization process
based on spiral heat exchangers it is important to
consider the effect of suspended solids on the steriliza
tion process. Micro-organisms contained within solid
particles are given considerable protection against the
sterilization treatment. If the residence time in the
sterilizer is insufficient for heat to penetrate the parti
cle then the fermentation medium may not be ren
dered sterile. The routine solution to this problem is to
'overdesign' the process and expose the medium to a
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far more severe regime than may be necessary.
menante and Li (1993) discussed this problem in
siderable detail and produced a model to predict
behaviour of a continuous system. Their analysis
gested that the temperature of the particle cores
significantly less than that of the bulk liquid.
more, there is a considerable time lag in heat penetrat
ing to the particle cores, resulting in a very dItterent
time-temperature profile for the particles as co]mpan~d

with the liquid medium. Thus, the temperature of the
particles may not reach the critical point before
leave the sterilizer and heat penetration into the parti
cles will continue downstream of the sterilizer. Ar
menante and Li's conclusion is that it is the sterilizer
and/or the first cooling exchanger that should be
'overdesigned' rather than the length of the holding
coil. Remember that the first cooling exchanger trans
fers a significant amount of heat from the sterile
medium to the incoming medium and increasing its
surface area would give more opportunity for the heat
to penetrate the particles. This, coupled with increasing
the temperature or residence time in the sterilizer,
would ensure that the particle cores are up to tempera
ture before the holding coil is reached. Also, this work
suggests that it is unwise to use the direct steam
injection method to heat a particulate medium be
cause, again, there will be insufficient time for the heat
to penetrate the particles.

An example of the scale up of sterilization regimes is
given by the work of Jain and Buckland (1988) on the
production of efrotomycin by Nocardia lactamdurans.
In this case a beneficial interaction appeared to be
occurring between the protein nitrogen source and
glucose during sterilization, thus making the protein
less available but resulting in a more controlled fer
mentation. When glucose was sterilized separately the
oxygen demand of the subsequent fermentation was
excessive and the fermentation terminated prematurely
with very poor product formation. On scaling up the
fermentation it was very difficult to attain the correct
sterilization conditions using a batch regime. However,
continuous sterilization using direct steam injection
allowed the design of a precise process producing ster
ile medium with the required degree of interaction
between the ingredients. The identification of this
phenomenon was dependent upon careful monitoring
of the small scale fermentation and consideration being
given to sterilization as an important scale-up factor.

When a fermentation is scaled up it is important to
appreciate that the inoculum development process is
also increased in scale (see Chapter 6) and a larger



fermenter may have to be employed to generate
Sl1tnclem inoculum to start the production scale. Thus,

sterilization regime of the seed fermenter (and its
i11edJUlm) will also have to be scaled up. Therefore, the

of the seed fermentation should be as
carefully to ensure that the quality of the inocu-

is maintained on the larger scale and that it has
been adversely affected by any increase in the

of the sterilization regime.

STERILIZATION OF THE FERMENTER

If the medium is sterilized in a separate batch cooker,
or is sterilized continuously, then the fermenter has to
be sterilized separately before the sterile medium is
added to it. This is normally achieved by heating the
jacket or coils (see Chapter 7) of the fermenter with
steam and sparging steam into the vessel through all
entries, apart from the air outlet from which steam is
allowed to exit slowly. Steam pressure is held at 15 psi
in the vessel for approximately 20 minutes. It is essen
tial that sterile air is sparged into the fermenter after
the cycle is complete and a positive pressure is main
tained; otherwise a vacuum may develop and unsterile
air be drawn into the vessel.

STERILIZATION OF THE FEEDS

A variety of additives may be administered to a
fermentation during the process and it is essential that
these materials are sterile. The sterilization method
depends on the nature of the additive, and the volume
and feed rate at which it is administered. If the additive
is fed in large quantities then continuous sterilization
may be desirable, for example, Aunstrup et al. (1979)
cited the use of continuous heat sterilization for the
feed medium of microbial enzyme fermentations. Aun
strup et al. also referred to the use of filtration for the
sterilization of certain feeds. Stowell (1987) described
the use of a continuous sterilizer for the addition of oil
feeds to industrial scale fermenters, but stressed that
each oil has its own characteristics which makes it
impossible to predict the performance of a sterilizer for
different oil feeds. Batch sterilization of feed liquids
normally involves steam injection into the material
held in storage vessels. Whatever the sterilization sys
tem employed it is essential that all ancillary equip
ment and feed pipework associated with the additions
are sterilizable.

Sterilization

STERILIZATION OF LIQUID WASTES

Process organisms which have been engineered to
produce 'foreign' products and therefore contain het
erologous genes are subject to strict containment regu
lations. Thus, waste biomass of such organisms must be
sterilized before disposal. Sterilization may be achieved
by either batch or continuous means but the whole
process must be carried out under contained condi
tions. Batch sterilization involves the sparging of steam
into holding tanks, whereas continuous processes would
employ the type of heat exchangers which have been
discussed in the previous section. A holding vessel for
the batch sterilization of waste is shown in Fig. 5.13.
Whichever method is employed the effluent must be
cooled to below 60°C before it is discharged to waste.
The sterilization processes have to be validated and are
designed using the Del factor approach considered in
the previous sections. However, the kinetic characteris
tics used in the calculations would be those of the
process organism rather than of B. stearothennophilus.
Also, the N, value used in the design calculations
would be smaller than 10- 3 which is used for medium
sterilization and would depend on the assessment of
the hazard involved should the organism survive the
decontamination process. Thus, the sterilization regime
used for destruction of the process organism will be
different from that used in sterilizing the medium.

FILTER STERILIZATION

Suspended solids may be separated from a fluid
during filtration by the following mechanisms:

(j) Inertial impaction.
(ii) Diffusion.

(iii) Electrostatic attraction.
(iv) Interception.

(j) Inertial impaction
Suspended particles in a fluid stream have momen

tum. The fluid in which the particles are suspended will
flow through the filter by the route of least resistance.
However, the particles, because of their momentum,
tend to travel in straight lines and may therefore be
come impacted upon the fibres where they may then
remain. Inertial impaction is more significant in the
filtration of gases than in the filtration of liquids.
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particles which are to be removed and those in which
the pores are larger than the particles which are to be
removed. The former type may be regarded as an
absolute filter, so that filters of this type (provided they
are not physically damaged) are claimed to be 100%
efficient in removing micro-organisms. Filters of the
latter type are frequently referred to as depth filters
and are composed of felts, woven yarns, asbestos pads
and loosely packed fibreglass. The terms absolute and
depth can be misleading as they imply that absolute
filtration only occurs at the surface of the filter, whereas
absolute filters also have depth and filtration occurs
within the filter as well as at the surface. Terms which
bear more relationship to the construction of filters are
'non-fixed pore filters' (corresponding with depth fil
ters) and 'fixed pore filters' (corresponding with abso
lute filters).

Non-fixed pore filters rely on the removal of parti
cles by inertial impaction, diffusion and electrostatic
attraction rather than interception. The packing mate
rial contains innumerable tortuous routes through the
filter but removal is a statistical phenomenon and, thus,
sterility of the product is predicted in terms of the
probability of failure (similar to the situation for steam
sterilization). Thus, in theory, the removal of micro
organisms by a fibrous filter cannot be absolute as
there is always the possibility of an organism passing
through the filter, regardless of the filter's depth. Also,
because the fibres are not cemented into position an
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(ii) Diffusion
Extremely small particles suspended in a fluid are

subject to Brownian motion which is random move
ment due to collisions with fluid molecules. Thus, such
small particles tend to deviate from the fluid flow
pattern and may become impacted upon the filter fi
bres. Diffusion is more significant in the filtration of
gases than in the filtration of liquids.

(iii) Electrostatic attraction
Charged particles may be attracted by opposite

charges on the surface of the filtration medium.

FIG. 5.13. A vessel for the batch sterilization of liquid waste from a contained fermentation (Jansson et aI., 1990).

(iv) Interception
The fibres comprising a filter are interwoven to

define openings of various sizes. Particles which are
larger than the filter pores are removed by direct
interception. However, a significant number of particles
which are smaller than the filter pores are also retained
by interception. This may occur by several mechanisms
- more than one particle may arrive at a pore simulta
neously, an irregularly shaped particle may bridge a
pore, once a particle has been trapped by a mechanism
other than interception the pore may be partially oc
cluded enabling the entrapment of smaller particles.
Interception is equally important a mechanism in the
filtration of gases and liquids.

Filters have been classified into two types - those
in which the pores in the filter are smaller than the

Sump
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increase in the pressure to which the filter is subjected
may result in movement of the material, producing
larger channels through the filter. Increased pressure
may also result in the displacement of previously
trapped particles.

Fixed pore filters are constructed so that the filtra
tion medium will not be distorted during operation so
that the flow patterns through the filter will not change
due to disruption of the material. Pore size is con
trolled during manufacture so that an absolute rating
can be quoted for the filter - i.e. the removal of
particles above a certain size can be guaranteed. Thus,
interception is the major mechanism by which particles
are removed. Because fixed pore filters have depth they
are also capable of removing particles which are smaller
than the pores by the mechanisms of inertial im
paction, diffusion and attraction and these mechanisms
do play significant roles in the filtration of gases. Fixed
pore filters are superior for most purposes in that they
have absolute ratings, are less susceptible to changes in
pressure and are less likely to release trapped particles.
The major disadvantage associated with absolute filters
was the resistance to flow they present and, hence, the
large pressure drop across the filters which represents a
major operating cost. However, modern absolute filter
cartridges which have been developed by many filtra
tion companies contain pleated membranes with very
large surface areas, thereby minimizing the pressure
drop across the filter.

It is important to realize that filters should be steam
sterilized before and after operation (see Chapter 7).
Thus, the materials must be stable at high tempera
tures and the steam must be free of particulate matter
because the filter modules are particularly vulnerable
to damage at high temperatures. Thus, the steam itself
is filtered through stainless steel mesh filters rated at 1
J.Lm.

Filter sterilization of fermentation media

Media for animal-cell culture cannot be sterilized by
steam because they contain heat-labile proteins. Thus,
filtration is the method of choice and as may be appre
ciated from the previous discussion, fixed pore or abso
lute filtration is the better system to use. An ideal
filtration system for the sterilization of animal cell
culture media must fulfil the following criteria:

(i) The filtered medium must be free of fungal,
bacterial and mycoplasma contamination.

Sterilization

(ij) There should be minimal adsorption of protein
to the filter surface.

(iii) The filtered medium should be free of viruses.
(iv) The filtered medium should be free of endotox

ins.

Several filter manufacturers now supply absolute fil
tration systems for the sterilization of animal cell cul
ture medium. Such systems consist of membrane car
tridges which are fitted into stainless steel, steam steril
izable modules. The membranes for media filtration
are constructed from steam sterilizable hydrophilic ma
terial and are treated to produce a filtrate of particular
quality. For example, if minimal protein adsorption is a
major criterion then a specially coated filter membrane
is used. It would be very difficult to construct a single
filtration membrane which would fulfil all four criteria
cited above. Thus, a series of filters are used to achieve
the desired result. The example shown in Fig. 5.14 is
provided by Pall Process Filtration Ltd and illustrates a
system to produce sterile, mycoplasma free serum and
consists of four filters arranged in sequence. The first
filter is a positively charged polypropylene pre-filter
with an absolute rating of 5 J.Lm for the removal of
coarse precipitates, clot-like material and other gross
contaminants; the second filter is also positively charged
polypropylene but with an absolute rating of 0.5 J.Lm
for bulk microbial removal, deformable gels, lipid-based
materials and endotoxin reduction; the third filter is a
single layered, nylon/polyester positively charged filter
with a O.l-J.Lm absolute rating for further microbial and
endotoxin removal and optimum protection of the final
filter; the fourth filter is similar to the third and has the
same rating, but is double layered and removes my
coplasmas, gives absolute sterility and final endotoxin
control. Thus, the combination of four filters gives a
sequential removal of decreasingly small particles and
prolongs the life of the final filter. If it is necessary to
remove viral contamination then a final 0.04-J.Lm ny
lon/polyester filter would be added.

Similar systems may be used in downstream process
ing of animal cell products where the rating and
properties of the filters would be optimized for the
particular process. Figure 5.15 illustrates a system for
the removal of cells and cell debris from an animal-cell
fermentation broth. The pre-filter is a polypropylene
1.0-J.Lm rated filter to remove the bulk of the cells and
debris and the second filter is an hydroxyl modified
nylon/polyester 0.2-J.Lm rated filter giving absolute cell
removal with minimal protein adsorption.
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FIG. 5.15. Filtration system for the removal of cells and cell debris
from an animal cell culture fermentation.
Filter 1. 1.0JLm absolute rated prefilter for bulk cell and cell debris
removal.
Filter 2. O.2JLm absolute rated single layer 'Bio-Inert' filter for
final bioburden removal.
(Pall Process Filtration Ltd., Portsmouth, U .K.)

The theory of depth filters

Although most fermentation companies rely upon
the pleated membrane, fixed pore (absolute rated) filter

tion plant for an 85 m3 fermenter. Smith (1981) cited
the use of absolute filtration in the sterilization of air
for the ICI biomass continuous fermenter.

Sterilization of fermenter exhaust air

In many traditional fermentations the exhaust gas
from the fermenter was vented without sterilization or
vented through relatively inefficient depth filters. With
the advent of the use of recombinant organisms and a
greater awareness of safety and emission levels of
allergic compounds the containment of exhaust air is
more common (and in the case of recombinant organ
isms, compulsory). Fixed pore membrane modules are
also used for this application but the system must be
able to cope with the sterilization of water saturated
air, at a relatively high temperature and carrying a
large contamination level. Also, foam may overflow
from the fermenter into the air exhaust line. Thus,
some form of pretreatment of the exhaust gas is neces
sary before it enters the absolute filter. This pretreat
ment may be a hydrophobic prefilter or a mechanical
separator to remove water, aerosol particles and foam.
The pretreated air is then fed to a O.2-p,m hydrophobic
filter. Again, it is important to appreciate that the
filtration system must be steam sterilizable. Figures
5.18 and 5.19 illustrate the prefilter and mechanical
separator systems respectively.

To call
culture
vessel or
filling line

Bulk
pooling

tank

Compressed air top pressure
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FIG. 5.14. Filtration system for the provision of sterile, my
coplasma free serum.
Filter 1. 5JLm absolute rated prefilter for removal of coarse precip
itates.
Filter 2. O.5JLm absolute rated prefilter for bulk bioburden re
moval.
Filter 3. O.lJkm absolute ratcd single layer prefilter for futher
bioburden and endotoxin removal.
Filter 4. O.lJLm absolute rated double layer final filter for absolute
sterility, mycoplasma removal and further endotoxin control.
(Pall Process Filtration Ltd., Portsmouth, U.K.)

Aerobic fermentations require the continuous addi
tion of considerable quantities of sterile air (see Chap
ter 9). Although it is possible to sterilize air by heat
treatment, the most commonly used sterilization process
is filtration. Fixed pore filters (which have an absolute
rating) are very widely used in the fermentation indus
try and several manufacturers produce filtration sys
tems for air sterilization. These systems, like those for
the sterilization of liquids, consist of pleated membrane
cartridges designed to be accommodated in stainless
steel modules. A selection of such cartridges and
holders is shown in Fig. 5.16 and a sectioned filter unit
is shown in Fig. 5.17. The most common construction
material used for for the pleated membranes for air
sterilization is PTFE, which is hydrophobic and is
therefore resistant to wetting. Also, PTFE filters may
be steam sterilized and are resistant to ammonia which
may be injected into the air stream, prior to the filter,
for pH control. As was seen for the filter sterilization
of liquids it is essential that a prefilter is incorporated
up-stream of the absolute filter. The prefilter traps
large particles such as dust, oil and carbon (from the
compressor) and pipescale and rust (from the
pipework). The use of a coalescing prefilter also en
sures the removal of water from the air; entrained
water is coalesced in the filter (air flow being from the
inside of the filter to the outside) and is discharged via
an automatic drain. Figure 5.18 illustrates the layout of
such a filtration unit showing the steam sterilization
system and Fig. 5.19 is a photograph of the air steriliza-
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FIG. 5.16. A selection of absolute membrane filter cartridges and stainless steel housings (Pall Process Filtration, Portsmouth, U.K.).
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(5.14)

(5.15)

(5.17)

(5.16)

( 5.18)

In (N / No) = -Kx.

In (\/10) = -KXyO

2.303 10glO(1/IO) = - KXyO

where No is the number of particles entering the filter
and N is the number of particles leaving the

filter.
On taking natural logarithms, equation (5.14) becomes:

where N is the concentration of particles in the air at
a depth, x, in the filter and

K is a constant.
On integrating equation (5.13) over the length of the
filter it becomes:

Substituting N/No e- Kx

Thus:

(No - N)/No 1 e- Kx

Equation (5.15) is termed the log penetration relation
ship. The efficiency of the filter is given by the ratio of
the number of particles removed to the original num
ber present, thus:

(No - N)/No = 1 - (N / No).

E = (No - N)/No

where E is the efficiency of the filter.
But:

and E = 1 - c- Kx .

The log penetration relationship [equation (5.15)] has
been used by Humphrey and Gaden (1955) in filter
design, by using the concept X yO ' the depth of filter
required to remove 90% of the total number of parti
cles entering the filter; thus:

If No were 10 and x were X yO ' then N would be 1:

(5.13)

Steam

To
catch pot

Prefilter Barrier filter

dN/dx = -KN

Fermenter
or Bioreactor

cb

FIG. 5.17. An absolute membrane filter sectioned to show the pleated membrane structure (Pall Process Filtration, Portsmouth,

systems it is necessary to consider the theory of depth
filtration. Aiba et al. (1973) have given detailed quanti
tative analysis of these mechanisms but this account
will be limited to a description of the overall efficiency
of operation of fibrous filters. Several workers (Ranz
and Wong, 1952; Chen, 1955) have put forward equa
tions relating the collection efficiency of a filter bed to
various characteristics of the filter and its components.
However, a simpler description cited by Richards (1967)
may be used to illustrate the basic principles of filter
design.

If it is assumed that if a particle touches a fibre it
remains attached to it, and that there is a uniform
concentration of particles at any given depth in the
filter, then each layer of a unit thickness of the filter
should reduce the population entering it by the same
proportion; which may be expressed mathematically as:

FIG. 5.18. Dual hydrophobic !liter system for the sterilization of
off-gas from a fermenter (Pall Process Filtration Ltd., Portsmouth,
U.D or
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FIG. 5.19. A mecha~ical separator and hydrophobic filter system for the sterilization of off-gas from a fermenter. Left. Cut-away
dIagram. RIght. EqUIpment arrangement, showing steam supply. Vl-V6, valves; 0, steam, traps (Domnick Hunter Ltd., Birtley, Co.
Durham, U.K.).

Consideration of equation (5.15) indicates that a plot
of the natural logarithm of N j No against x, filter
length, will yield a straight line of slope K. To obtain
the information for a plot of this type, data must be
gleaned for the removal of organisms from an air
stream by filters of increasing length which would in
volve assessment of microbial levels in the air entering
and leaving the filter. Humphrey and Gaden (1955) and
Richards (1967) described equipment with which such
assessments could be recorded.

The value of K is affected by the nature of the filter
material and by the linear velocity of the air passing
through the filter. Figure 5.20 is a typical plot of K and
X 90 against linear air velocity from which it may be
seen that K increases to an optimum with increasing
air velocity, after which any further increase in air
velocity results in a decrease in K. Table 5.3 (Riviere,
1977) summarizes the effects of linear air velocity on
the removal of a range of micro-organisms with a
variety of filter materials.

therefore,

2.303( -1) = -KJ(90'

X 90 = 2.303jK. (5.19)

K

Linear air velocity

FIG. 5.20. The effect of increasing linear air velocity on K and
X 90 of a filtration system (Richards, 1967).

The increase in K with increasing air velocity is
probably due to increased impaction, illustrating the
important contribution this mechanism makes to the
removal of organisms. The decrease in K values at
high air velocities is probably due to disruption of the
filter, allowing channels to develop and fibres to vi
brate, resulting in the release of previously captured
organisms.
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TABLE 5.3. X go values for the removal of a range of micro-organisms by a variety of
filtration materials (Humphrey, 1960; Rivierre, 1977)

18.5 Serratia marcescens

3 4
15 9
30 11.5

150 1.5
300 0.4

3.9 3.1

3 0.4
15 0.6
30 0.7

150 0.8
300 1.1

1.4 1.7
6.4 1.5

18 1.7
28.5 8.7

Air speed
(cm s 1)

Trr 2
= 10/0.15 X 60

In 8.33 X 10- 11 = -Kx,

In 8.33 X 10- 11 = -1.535x,

x = -23.21/- 1.535 = 15.12 em.

= 12 X 106 organisms.

No = 10 X 60 X 100 X 200

In (N / No) = -Kx.

The air in the fermentation plant contained approxi
mately 200 micro-organisms m -3.

Therefore,

No = total amount of air provided X 200,

The log penetration relationship states that:

The acceptable degree of contamination is one in a
thousand,
therefore N = 10- 3,

Therefore, the filter to be used should be 15.12 em
long.
The cross-sectional area of the filter is given by the
volumetric air flow rate divided by the linear air veloc
ity:

Micro-organism

Escherichia coli

Bacillus subtilis
spores

Bacillus cereus
spores

Bacillus cereus
spores

8.5

16

Diameter
of fibres

( /Lm)

Filter material

Glass wool

Glass fibre

Norite
(15-30 mesh)

Activated carbon
(4-8 mesh)

The design of depth filters

Principles of Fermentation Technology, 2nd Edn.

Equation (5.15), the log penetration relationship, is
the same form as equation (5.3) in the derivation of
thermal-death kinetics. In the case of heat sterilization
the theory predicts that an infinite time is required to
reduce the population to zero, whereas the theory of
filtration predicts that a filter of infinite length is re
quired to remove all organisms from an air stream.
Thus, it is not surprising that the same approach is
adopted in the design of filters and heat-sterilization
cycles, in that an acceptable probability of contamina
tion is determined. The probability of one fermentation
in a thousand being contaminated is frequently used in
filter design, as it is in the design of heat-sterilization
cycles. Having arrived at an acceptable probability of
contamination and determined the filtration character
istics (i.e. the value of K) of the material to be used, a
filter may be designed to filter a certain volume of air
containing a certain number of organisms; the fol
lowing example illustrates the design calculation ap
proach used by Richards (1967):

It is required to provide a 20-m3 fermenter with air
at a rate of 10 m3 min -I for a fermentation lasting 100
hours. From an investigation of the filter material to be
used, the optimum linear air velocity was shown to be
0.15 m sec-I, at which the value of K was 1.535 em-I.
The dimensions of the filter may be calculated as
follows:
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r is the radius of the filter

r = 0.59 m.

the filter to be employed should be 15.12 em long
0.59 m radius.

as Humphrey (1960) pointed out, the effi
operation of the filter is dependent on the supply

air at the optimum linear velocity. If the air velocity
or decreases the value of K will decrease,

resulting in a loss of filtration efficiency. Considering
the example calculation, if the linear air velocity were
to drop to 0.03 m sec-I, then the value of K would
decline to 0.2 em -1. The number of organisms which
would enter the fermentation in 1 minute at this re
duced air-flow rate would be as calculated below:

In (N/No) = -Kx.

At a linear air velocity of 0.03 m sec-I, in 1 minute 0.03
X 60 X the cross-sectional area of the filter m -3 of air
would enter the filter, i.e. 1.98 m3

• At a microbial
contamination level of 200 organisms m- 3 this means
that 396 organisms would enter the filter in 1 minute.
Thus:

In (N/396) = -0.2 X 15.12,

N = 19.24.

Therefore, 19.24 organisms would have entered the
fermenter in 1 minute at the decreased air-flow rate. If
the filter had been designed to meet this contingency,
then the length would have been:

In (10- 3/396) = -0.2x,

x = 64.4.

Thus a filter length of 64.4 em would have been re
quired to have maintained the same probability of
contamination over the 1 minute of reduced air flow.

This example illustrates the hazards of attempting
very precise design and the necessity to consider the
reliability of ancillary equipment in any design calcula
tion.
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CHAPTER 6

The Development of Inocula for
Industrial Fermentations

INTRODUCTION

IT IS ESSENTIAL that the culture used to inoculate a
fermentation satisfies the following criteria:

1. It must be in a healthy, active state thus minimiz
ing the length of the lag phase in the subsequent
fermentation.

2. It must be available in sufficiently large volumes
to provide an inoculum of optimum size.

3. It must be in a suitable morphological form.
4. It must be free of contamination.
5. It must retain its product-forming capabilities.

The process adopted to produce an inoculum meeting
these criteria is called inoculum development. Hocken
hull is credited with the quotation "once a fermenta
tion has been started it can be made worse but not
better" (Calam, 1976). Whereas this is an over-state
ment it does illustrate the importance of inoculum
development. Much of the variation observed in small
scale laboratory fermentations is due to poor inocula
being used and, thus, it is essential to appreciate that
the establishment of an effective inoculum develop
ment programme is equally important regardless of the
scale of the fermentation. Such a programme not only
aids consistency on a small scale but is invaluable in
scaling up the fermentation and forms an essential part
in progressing a new process.

A critical factor in obtaining a suitable inoculum is
the choice of the culture medium. It must be stressed
that the suitability of an inoculum medium is de
termined by the subsequent performance of the inocu-

lum in the production stage. As discussed elsewhere
(Chapter 4), the design of a production medium is
determined not only by the nutritional requirements of
the organism, but also by the requirements for maxi
mum product formation. The formation of product in
the seed culture is not an objective during inoculum
development so that the seed medium may be of a
different composition from the production medium.
However, Lincoln (1960) stated that the lag time in a
fermentation is minimized by growing the culture in
the 'final-type' medium. Lincoln's argument is an im
portant one, so the inoculum development medium
should be sufficiently similar to the production medium
to minimize any period of adaptation of the culture to
the production medium, thus reducing the lag phase
and the fermentation time. Furthermore, Hockenhull
(1980) pointed out the dangers of using very different
media in consecutive stages. Major differences in pH,
osmotic pressure and anion composition may result in
very sudden changes in uptake rates which, in turn,
may affect viability. Hockenhull also emphasized that
for antibiotic fermentations the inoculum medium
should contain sufficient carbon and nitrogen to sup
port maximum growth until transfer, so that secondary
metabolism remains repressed during growth of the
inoculum. If secondary metabolism is derepressed in
the seed fermentation, then selection may enrich the
culture with non-producing variants having a growth
advantage over high-producing types. Hockenhull drew
attention to Righelato's (1976) work in which it was
shown that chemostat culture of Penicillium chryso
genum under carbohydrate-limited conditions led to a
loss of penicillin synthesizing ability and an increase in
the proportion of non-conidiated variants whereas this
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TABLE 6.1. Inoculum development and production media for a range ofprocesses

Process Inoculum development Production References
medium medium

Griseofulvin Whey powder } to Lactose 7% Rhodes et al.
Lactose give: Corn-steep (1957)

Lactose 3.5% liquor solids
Nitrogen 0.05% to give:

Corn-steep Nitrogen 0.2%
liquor solids 0.38% Limestone 0.8%
(to give approx. KH zP04 0.4%
0.04% N) KCl 0.1%

KH zP04 0.4%
KCl 0.05%

Clavulanic Soybean flour 1.0% Soybean flour 1.5% Butterworth
acid Dextrin 2.0% Oil 1.0% (1984)

Pluronic L81 0.03% KH zP04 0.1%
(Antifoam)

(g dm -3) (g dm- 3)

Vitamin B l2 Sugar beet Spalla et al.
Molasses 70 105 (1989)
Sucrose 15
Betaine 3
NH 4H zP04 0.8
(NH 4)zS04 2 2.5
MgS04 0.2 0.2
ZnS04 0.02 0.08
5-6 Dimethyl-

benzimidazole 0.005 0.025

Lysine Cane molasses 5% 20% Nakayama
Corn-steep liquor 1% (1972)
CaC0 3 1%
Soybean meal

hydrolysate 1.8%
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did not occur in ammonia-, phosphate- or sulphate
limited conditions. The relevance of this phenomenon
is supported by Hockenhull's observation that P.
chrysogenum inocula produced under non-limiting con
ditions are remarkably free from variants whereas vari
ants arise relatively frequently during the carbon
limited production phase. Examples of inoculum and
production media are given in Table 6.1, from which it
may be seen that inoculum media are, generally, less
nutritious than production media and contain a lower
level of carbon.

The quantity of inoculum normally used is between
3 and 10% of the medium volume (Lincoln, 1960;
Meyrath and Suchanek, 1972; Hunt and Stieber, 1986).
A relatively large inoculum volume is used to minimize
the length of the lag phase and to generate the maxi
mum biomass in the production fermenter in as short a
time as possible, thus increasing vessel productivity.
Thus, starting from a stock culture, the inoculum must

be built up in a number of stages to produce
biomass to inoculate the production-stage rer"ill(mtl
This may involve two or three stages in shake
and one to three stages in fermenters, aepell1dim!
the size of the ultimate vessel. Throughout this
dure there is a risk of contamination and strain
eration necessitating stringent quality-control
dures. The greater the number of stages between
master culture and the production fermenter
greater the risk of contamination and strain aegelleta.
tion. Therefore, a compromise may be reached
ing the size of the inoculum to be used and the risk
contamination and strain degeneration. Another
to be considered in the determination of the moculuIn
volume is the economics of the process. A seed
menter 10% of the size of the production ferme:nt(:r
represents a considerable financial investment and
be justified in terms of productivity. A large-scale
inuous fermentation for the production of



be expected to operate at steady state in excess
days. Thus, the number of times that the fer
is inoculated should be very few compared with

or fed-batch systems. In such circumstances it
be more economic to compromise on the size of

inoculum and to tolerate a relatively lengthy period
up to maximum biomass than to invest a

seed vessel which would be used on very few
OCI~aSlOnIS. This is particularly relevant for biomass con

processes where one very large fermenter may
used and, thus, any seed vessel would only be

servicmg the one production vessel.
A typical inoculum-development programme will now
described in detail. The master culture (see Chapter

3 for an account of master-culture maintenance) is
reconstituted and plated on to solid medium; approxi
mately ten colonies of typical morphology of high pro
ducers are selected and inoculated on to slopes as the
sub-master cultures, each sub-master culture being used
for a new production run. At this stage, shake flasks
may be inoculated to check the productivity of these
cultures, the results of such tests being known before
the developing inoculum eventually reaches the pro
duction plant. A sub-master culture is used to inoculate
a shake flask (250 or 500 cm3 containing 50 or 100 cm3

medium) which, in turn, is used as inoculum for a
larger flask, or a laboratory fermenter, which may then
be used to inoculate a pilot-scale fermenter. Culture
purity checks are carried out at each stage to detect
contamination as early as possible. Although the re
sults of these tests may not be available before the
culture has reached the production plant, at least it is
known at which stage in the procedure contamination
occurred. For a sporulating organism the process may
be modified to facilitate the use of a spore suspension
as inoculum and this will be discussed in more detail
later in this chapter.

Lincoln (1960) suggested a more elaborate proce
dure for the development of inoculum for bacterial
fermentations which, with minor modifications, is appli
cable to any type of culture. The procedure involved
the use of one sub-master culture to develop a bulk
inoculum which was subdivided, stored in a frozen state
and used as inocula for several months. A single colony,
derived from a sub-master culture, was inoculated into
liquid medium and grown to maximum log phase. This
culture was then transferred into nineteen times its
volume of medium and incubated again to the maxi
mum log phase, at which point it was dispensed in
20-cm3 volumes, plug frozen and stored at below - 20°.
At least 3% of the samples were tested for purity and
productivity in subsequent fermentation and, provided
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these were suitable, the remaining samples could be
used as initial inocula for subsequent fermentations.
To use one of the stored samples as inoculum it was
thawed and used as a 5% inoculum for a seed culture
which, in turn, was used as a 5% inoculum for the next
stage in the programme. This procedure ensured that a
proven inoculum was used for the penultimate stage in
inoculum development.

CRITERIA FOR THE TRANSFER OF INOCULUM

The physiological condition of the inoculum when it
is transferred to the next culture stage can have a
major effect on the performance of the fermentation.
The optimum time of transfer must be determined
experimentally and then procedures established so that
inoculation with an ideal culture may be achieved
routinely. These procedures include the standardiza
tion of cultural conditions and monitoring the state of
an inoculum culture so that it is transferred at the
optimum time, i.e. in the correct physiological state.
The most widely used criterion for the transfer of
vegetative inocula is biomass and such parameters as
packed cell volume, dry weight, wet weight, turbidity,
respiration, residual nutrient concentration and mor
phological form have been used (Hockenhull, 1980;
Hunt and Stieber, 1986). Ettler (1992) demonstrated
that the rheological behaviour of Streptomyces noursei
could be used as the transfer criterion in the nystatin
fermentation. The rheology of the seed fermentation
changed from Newtonian to non-Newtonian behaviour
and the optimum inoculum transfer time corresponded
with this transformation.

Criteria which may be monitored on-line are the
most convenient parameters to use as indicators of
inoculum quality and these would include dissolved
oxygen, pH (although pH would normally be controlled
in seed fermentations) and oxygen or carbon dioxide in
the effluent gas. Parton and Willis (1990) advocated the
use of the carbon dioxide production rate (CPR) as a
transfer criterion which requires analysis of the fer
menter effluent air (see Chapter 8). This approach is
suitable only when transfer is being made from a
fermenter, but Parton and Willis stressed the impor
tance of adopting this strategy even for the inoculation
of laboratory-scale fermentations despite the fact that
an adequate inoculum volume could be produced in
shake flask. These workers provide an excellent exam
ple of the effect of inoculum transfer time on the
productivity of a streptomycete secondary metabolite,
as shown in Fig. 6.1a, band c. The CPR of the
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FIG. 6.1. The effect of inoculum age on growth and productivity in a streptomycete fermentation. (a) The carbon dioxide production rate
(CPR) profile of the inoculum culture showing the points 0, 2 and 3) at which inocula were removed. (b) The effect of inoculum age on
the CPR of the production fermentation. (c) The effect of inoculum age on productivity in the production fermentation (Parton and
Willis, 1990).
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iI1C)CUIUlll fermentation and the points at which inocu
was transferred are shown in Fig. 6.1a. The CPR of
subsequent production fermentations are shown in
6.1b, from which it may be seen that the three

ferme:ntllticms performed similarly. However, Fig. 6.1c
illllstl·atl~s the very different secondary metabolite pro
duction of the three fermentations. Thus, although the
time of transfer had only a marginal influence on
biomass in the production fermentation the effect on
product formation was critical. It should be emphasized
that the amount of biomass transferred was standard
ized for the three fermentations and, thus, the differ
ences in performance were due to the physiological
states of the inocula.

In recent years, probes have been developed for
on-line assessment of biomass (see Chapter 8) and
these could be invaluable in estimating the time of
inoculum transfer. Boulton et al. (1989) reported the
use of a biomass sensor (the Bugmeter) to control the
yeast pitching rate (inoculum level) in brewing. The
probe measures the dielectric permittivity of viable
yeast cells and is unaffected by the presence of dead
cells, air bubbles or detritus, making it ideal for the
routine monitoring of yeast inoculum. Using the probe,
these workers developed an automatic inoculum dis
penser allowing a preset viable yeast mass to be trans
ferred from a yeast storage vessel to the brewery fer
mentation.

Alford et al. (1992) reported the use of a real-time
expert computer system to predict the time of inocu
lum transfer for industrial-scale fermentations. The
system involves the comparison of on-line fermentation
data witb detailed historical data of the process. A
problem with the interpretation of carbon dioxide pro
duction rate figures is that the data are not available
continuously because the analyser is not dedicated to
anyone fermenter, but is analysing process streams
from a large number of vessels via a multiplexer system
(see Chapter 8). Thus, a fermentation may have passed
a critical stage between monitoring times. Also, occa
sional false readings may be generated. The expert
system enabled the verification of data points as well as
prediction of the outcome of the fermentation from
early information. Data from seed fermentations were
analysed by the expert system and the transfer time
predicted. As a result of this approach operators were
able to plan their work more effectively, the need for
manual sampling was reduced and early warning of
contamination was provided if the seed-culture profile
predicted from early readings was abnormal.

Smith and Calam (1980) compared the quality and
enzymic profile of differently prepared inocula Penicil-
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lium patulum (producing griseofulvin) and demon
strated that a low level of glucose 6-phosphate dehy"
drogenase was indicative of a good quality inoculum.
The enzyme profile of good quality inoculum was es
tablished early in the growth of the seed culture. Thus,
this approach could be used to assess the cultural
conditions giving rise to satisfactory inoculum, but
would be of less value in determining the time of
transfer.

Yeast, unicellular bacterial, fungal and strep
tomycete fermentations have different requirements
for inoculum development and these are dealt with
separately.

THE DEVELOPMENT OF INOCULA FOR YEAST
PROCESSES

Whilst the largest industrial fermentations utilizing
yeasts are the brewing of beer and the production of
biomass, recent processes have also been established
for the production of recombinant products.

Brewing

It is common practice in the British brewing industry
to use the yeast from the previous fermentation to
inoculate a fresh batch of wort. The brewing terms
used to describe this process are 'crop', referring to the
harvested yeast from the previous fermentation, and
'pitch', meaning to inoculate. One of the major factors
contributing to the continuation of this practice is the
wort-based excise laws in the United Kingdom where
duty is charged on the sugar consumed rather than the
alcohol produced. Thus, dedicated yeast propagation
systems are expensive to operate because duty is
charged on the sugar consumed by the yeast during
growth. It can then be appreciated that the reduced
cost of using yeast from a previous fermentation is an
attractive proposition (Boulton, 1991). The dangers in
herent in this practice are the introduction of contami
nants and the degeneration of the strain, the most
common degenerations being a change in the degree of
flocculence and attenuating abilities of the yeast. In
breweries employing top fermentations in open fer
menters these dangers are minimized by collecting
yeast to be used for future pitching from 'middle
skimmings'. During the fermentation the yeast cells
flocculate and float to the surface, the first cells to do
this being the most flocculent and the last cells the
least flocculent. As the head of yeast develops, the
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surface layer (the most flocculent and highly contami
nated yeasts) is removed and discarded and the under
lying cells (the 'middle skimmings') are harvested and
used for subsequent pitching. Therefore, the 'middle
skimmings' contain cells which have the desired floccu
lence and which have been protected from contamina
tion by the surface layer of the yeast head. The pitch
ing yeast may be treated to reduce the level of contami
nating bacteria and remove protein and dead yeast
cells by such treatments as reducing the pH of the
slurry to 2.5 to 3, washing with water, washing with
ammonium persulphate and treatment with antibiotics
such as polymixin, penicillin and neomycin (Mandl et
at., 1964; Strandskov, 1964; Roessler, 1968; Reed and
Nagodawithana, 1991a).

However, traditional open vessels are becoming in
creasingly rare and the bulk of beer is brewed using
cylindro-conical fermenters (see Chapter 7). In these
systems the yeast flocculates and collects in the cone at
the bottom of the fermenter where it is subject to the
stresses of nutrient starvation, high ethanol concentra
tion, low water activity, high carbon dioxide concentra
tion and high pressure (Boulton, 1991). Thus, the vi
ability and physiological state of the yeast crop would
not be ideal for an inoculum. The viability of the crop
may be assessed using a biomass probe of the type
described earlier, thus ensuring that at least the correct
amount of viable biomass is used to start the next
fermentation. However, the physiological state of the
biomass will not have been influenced by such moni
toring procedures. The situation is further complicated
by the fact that the harvested yeast is stored before it is
used as inoculum. Metabolic activity is minimized dur
ing this time by chilling rapidly to about 1°, suspending
in beer and storing in the absence of oxygen. If oxygen
is present during the storage period then the yeast cells
consume their stored glycogen which renders them very
much less active at the start of the fermentation
(Pickerell et al., 1991).

One of the key physiological features of yeast inocu
lum is the level of sterol in the cells. Sterols are
required for membrane synthesis but they are only
produced in the presence of oxygen. Thus, we have the
anomaly of oxygen being required for sterol synthesis,
yet anaerobic conditions are required for ethanol pro
duction. This anomaly is resolved traditionally by aerat
ing the wort before inoculation. This oxygen allows
sufficient sterol synthesis early in the fermentation to
support growth of the cells throughout the process, that
is after the oxygen is exhausted and the process is
anaerobic. Boulton et at. (1991) developed an alterna
tive approach where the pitching yeast was vigorously
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aerated prior to inoculation. The yeast was then
rich and had no requirement for oxygen during
alcohol fermentation.

The difficulties outlined above and the IIk,elIlloCld
strain degeneration and contamination mean that
are rarely used for more than five to ten cOllseCUlive
fermentations (Thorne, 1970; Reed and
ana, 1991a) which necessitates the periodical
tion of a pure inoculum. This would involve ae'veloping
sufficient biomass from a single colony to pitch a
mentation at a level of approximately 2 grams of
yeast per litre. Hansen (1896) pioneered the use
pure inocula and devised a yeast propagation
utilizing a 10% inoculum volume at each stage in
programme and employing conditions similar to
used during brewing. However, modern
schemes use inoculum volumes of 1% or even
and may use conditions different from those used
ing brewing. Therefore, continuous aeration may be
used during the propagation stage which seems to have
little effect on the beer produced in the
fermentation (Curtis and Clark, 1957). Yeast inoculum
produced in this way would also be sterol rich, obviat
ing the need for aerated wort.

A number of yeast propagators (which are basically
closed, aerated vessels) have been described in the
literature. The simplest type of progagator is a single
stage system resembling an unstirred, aerated fer
menter which is inoculated with a shake-flask culture
developed from a single colony (Gilliland, 1971). Curtis
and Clark (1957) and Thorne (1970) described two-stage
systems which could be operated semi-continuously.
Thorne's propagator consisted of two linked vessels, 1.5
and 150 dm3 respectively. The smaller vessel was filled
with wort, sterilized, cooled, aerated and inoculated
with a flask-grown culture. After growth for 3 to 4 days
the culture was forced by air pressure into the second
vessel which had been filled with sterilized, cooled wort
and aerated. An aliquot of 1.5 dm3 was forced back
into the first vessel after mixing. In a further 3 to 4 days
the larger vessel contained sufficient biomass to pitch a
1000 dm3 fermenter and the first vessel contained
sufficient inoculum for another second stage. However,
although this procedure should produce a pure inocu
lum there is a danger of strain degeneration occurring
in such a semi-continuous system.

Boulton (1991) speculated that when the UK moves
to an alcohol-based tax then the economics of propa
gating inoculum for each brew would be considerably
more attractive. He suggested that the bakers' yeast
aerobic fed-batch inoculum programme could be
adopted to produce sterol-rich catabolite-derepressed



cells. Such an inoculum would remove the necessity for
aerating the wort prior to inoculation because sterol
synthesis would not be necessary due to the high sterol
content of the cells.

Bakers' yeast

The commercial production of bakers' yeast involves
the development of an inoculum through a large num
ber of aerobic stages. Although the production stages
of the process may not be operated under strictly
aseptic conditions a pure culture is used for the initial
inoculum, thereby keeping contamination to a mini
mum in the early stages of growth. Reed and Nagodaw
ithana (1991b) discussed the development of inoculum
for the production of bakers' yeast and quoted a process
involving eight stages, the first three being aseptic
while the remaining stages were carried out in open
vessels. The yeast may be pumped from one stage to
the next or the seed cultures may be centrifuged and
washed before transfer, which reduces the level of
contamination. The yields obtained in the first five
stages are relatively low because they are not fed-batch
systems, whereas the last three stages are fed-batch
(the fed-batch bakers' yeast fermentation is considered
in more detail in Chapter 2). A summary of a typical
inoculum development programme for the production
of bakers' yeast is given in Fig. 6.2.

The Development of Inocula for Industrial Fermentations

THE DEVELOPMENT OF INOCULA FOR
BACTERIAL PROCESSES

The main objective of inoculum development for
traditional bacterial fermentations is to produce an
active inoculum which will give as short a lag phase as
possible in subsequent culture. A long lag phase is
disadvantageous in that not only is time wasted but also
medium is consumed in maintaining a viable culture
prior to growth. The length of the lag phase is affected
by the size of the inoculum and its physiological condi
tion (Meyrath and Suchanek, 1972). As already stated,
the inoculum size normally ranges between 3 and 10%
of the culture volume. Lincoln (1960) stressed that
bacterial inocula should be transferred in the lo
garithmic phase of growth, when the cells are still
metabolically active. The age of the inoculum is partic
ularly important in the growth of sporulating bacteria,
for sporulation is induced at the end of the logarithmic
phase and the use of an inoculum containing a high
percentage of spores would result in a long lag phase in
a subsequent fermentation.

Keay et al. (1972) quote the use of a 5% inoculum of
a logarithmically growing culture of a thermophilic
Bacillus for the production of proteases. Aunstrup
(1974) described a two-stage inoculum development
programme for the production of proteases by Bacillus
subtilis. Inoculum for a seed fermenter was grown for 1

Stage Total kg

PCl 0.8

PC2 3.5

PC3 25

Fl 120

F2 420

F3 2,500

F4 15,000

F5 100,000

FIG. 6.2. The developmenI of inoculum for the commercial production of bakers' yeast. PC 1, 2 and 3 are pure culture batch
fermentations. Fl and 2 are non-aseptic batch fermentations. F3 and 4 are fed-batch fermentations and F5 is the tinal fed-batch
fcrmentation (Reed and Nagodawithana, 1991a).
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to 2 days on a solid or liquid medium and then trans
ferred to a seed vessel where the organism was allowed
to grow for a further ten generations before transfer to
the production stage. Priest and Sharp (1989) cited the
use of a 5% inoculum, still in the exponential phase,
for the commercial production of Bacillus a-amylase.
Underkofler (1976) emphasized that, in the production
of bacterial enzymes, the lag phase in plant fermenters
could be almost completely eliminated by using inocu
lum medium of the same composition as used in the
production fermenter and employing large inocula of
actively growing seed cultures. The inoculum develop
ment programme for a pilot-plant scale process for the
production of vitamin B12 from Pseudomonas denitrifi
cans is shown in Fig. 6.3 (Spalla et al., 1989).

The necessity to use an inoculum in an active physio
logical state is taken to its extreme in the production of
vinegar. The acetic-acid bacteria used in the vinegar
process are extremely sensitive to oxygen starvation.
Therefore, to avoid disturbing the system, the cells at
the end of a fermentation are used as inoculum for the
next batch by removing approximately 60% of the
culture and restoring the original level with fresh
medium (Conner and Allgeier, 1976). The advantage of
a highly active inoculum apparently outweighs the dis
advantages of possible strain degeneration and con
taminant accumulation. However, strain stability is a
major concern in inoculum development for fermenta-

tions employing recombinant bacteria. Sabatie
(1991) demonstrated that plasmid stability and
tivity in an E. coli biotin fermentation was
improved if stationary, rather then exponential,
cells were used as inoculum. They postulated
plasmid copy number may be higher in stationary
than in exponential ones, resulting in a lower
loss in the subsequent fermentation when a srallOuarv
culture is used as inoculum. A stationary phase
lum would result in a lag phase, but this dlsad'varltalte
was more than compensated for by the cOlnsidelrable
improvement in plasmid retention and biotin
tion compared with that obtained using an eXlJorlential
inoculum.

In the lactic-acid fermentation the producing
ism may be inhibited by lactic acid. Thus, production
lactic acid in the seed fermentation may result in
generation of poor quality inoculum. Yamamoto et
(1993) generated high quality inoculum of La,cto,~occus
lactis 10-1 on a laboratory scale using ele:ctr'odialllsis
seed culture which reduced the lactate in the mOlculum
and reduced the length of the lag phase in the produc
tion fermentation.

An example of the development of inoculum for an
anaerobic bacterial process is provided by the clostridial
acetone-butanol fermentation. The process was out
competed by the petrochemical industry but there is
still considerable interest in re-establishing the fermen-

STOCK CULTURE
Lyophilised with skim milk

~
MAINTENANCE CULTURE

Agar slope incubated 4 days at 28°

l
SEED CULTURE - FIRST STAGE

2 dm3 flask containing 0.6 dm3 medium inoculated with culture from one slope;
incubated with shaking for 48h at 28°

SEED CULTURE - SECOND STAGE
40 - 80 dm3 fermenter containing 25 - 50 dm3 medium inoculated with 1 - 1.2% first

stage seed culture. Incubated 25 - 30h at 32°

J
PRODUCTION CULTURE

500 dm3 fermenter with 300 dm3 medium inoculated with 5% second stage seed
culture. Incubated at 32° for 140 - 160 h

FIG. 6.3. The inoculum development programme for a vitamin B 12 pilot scale fermentation using Pseudomonas denitrijicans (Spalla et al.,1989).
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(Gottschalk and Grupe, 1992). The inoculum
development programme described by McNeil and
Kristiansen (1986) is given in Table 6.2. The stock
culture is heat shocked to stimulate spore germination
and to eliminate the weaker spores. The production
stage is inoculated with a very low volume and this
corresponds with Lurie's (1975) description of the South
African acetone-butanol fermentation in which a
100,000 dm3 fermenter was inoculated with only 10
dm3 of seed. The use of such small inocula necessitates
the achievement of as near perfect conditions as possi
ble to prevent contamination and to avoid an abnor
mally long lag phase.

THE DEVELOPMENT OF INOCULA FOR
MYCELIAL PROCESSES

The preparation of inocula for fermentations em
ploying mycelial (filamentous) organisms is more in
volved than that for unicellular bacterial and yeast
processes. The majority of industrially important fungi
and streptomycetes are capable of asexual sporulation,
so it is common practice to use a spore suspension as
seed during an inoculum development programme. A
major advantage of a spore inoculum is that is contains
far more 'propagules' than a vegetative culture. Three
basic techniques have been developed to produce a
high concentration of spores for use as an inoculum.

Sporulation on solidified media

Most fungi and streptomycetes will sporulate on
suitable agar media but a large surface area must be

The Development of Inocnla for Industrial Fermentations

employed to produce sufficient spores. Parker (1950)
described the 'roll-bottle' technique for the production
of spores of Penicillium chrysogenum. Quantities of
medium (300 cm3

) containing 3% agar were sterilized
in 1 dm3 cylindrical bottles, which were then cooled to
45° and rotated on a roller mill so that the agar set as a
cylindrical shell inside the bottle. The bottles were
inoculated with a spore suspension from a sub-master
slope and incubated at 24° for 6 to 7 days. Parker
claimed that although the use of the 'roll-bottle' in
volved some sacrifice in ease of visual examination, it
provided a large surface area for cultivation of spores
in a vessel of a convenient size for handling in the
laboratory.

Hockenhull (1980) described the production of 1010
spores of Penicillium chrysogenum on a 300-cm2 agar
layer in a Roux bottle and EI Sayed (1992) quoted the
use of spore suspensions derived from agar media
containing between 107 and 108 cm- 3. Butterworth
(1984) described the use of a Roux bottle for the
production of a spore inoculum of Streptomyces
clavuligerus for the production of clavulanic acid. The
spores produced from one bottle containing 200-cm2

agar surface could be used to inoculate a 75-dm3 seed
fermenter which, in turn, was used to inoculate a
1500-dm3 fermenter. The clavulanic acid inoculum de
velopment programme is illustrated in Fig. 6.4. Some
representative solidified media for the production of
streptomycete and fungal spores are given in Tables 6.3
and 6.4 respectively.

Sporulation on solid media

Many filamentous organisms will sporulate profusely
on the surface of cereal grains from which the spores

TABLE 6.2. The inoculum development programme for the clostridial acetone-butanol fermentation (Spivey, 1978)

1.

2.

3.

4.

Stage Cultural conditions

Heat-shocked spore suspension inoculated
into 150 cm3 of potato glucose medium

Stage 1 culture used as inoculum for 500 cm3

molasses medium

Stage 2 culture used as inoculum for 9 dm3

molasses medium

Stage 3 culture used as inoculum for 90,000 dm3

molasses medium

Incubation time
(hours)

12

6

9
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Aseptic transfer
spore suspension

Aseptic transfer
spore suspension
100 ml

Vegetative seed
100 liter fermenter

75 liter medium
72 hr 26°C

~J/il//fl/lJJfll!]II/1/I!//d
Roux bottle

Aseptic transfer
vegetative seed

Test-tube working
slant culture

inoculated from
lyophile stock

Production stage
2000 liter fermenter
1500 liter medium

90 hr 26°C

Principles of Fermentation Technology, 2nd Edn.

FIG. 6.4. The inoculum development programme for the production of clavulanic acid from Streptomyces clauuligerus (Butterworth, 1984).

may be harvested. Substrates such as barley, hard wheat
bran, ground maize and rice are all suitable for the
sporulation of a wide range of fungi. The sporulation of
a given fungus is particularly affected by the amount of
water added to the cereal before sterilization and the
relative humidity of the atmosphere, which should be
as high as possible during sporulation (Vezina and
Singh, 1975). Singh et al. (1968) have described a sys
tem for the sporulation of Aspergillus ochraces in which
a 2.8-dm3 Fembach flask containing 200 grams of 'pot'
barley or 100 grams of moistened wheat bran produced
5 X 1011 conidia after six days at 28° and 98% relative
humidity. This was 5 times the number obtainable from
a Roux bottle batched with Sabouraud agar and 50
times the number obtainable from such a vessel batched
with Difco Nutrient Agar, incubated for the same time
period. Vezina et al. (1968) have published a list of
fungi which are capable of sporulating heavily on ce
real grains. EI-Sayed (1992) quoted the use of cooked
rice for the production of spores of Penicillium and
Cephalosporium in penicillin and cephalosporin inocu
lum development. Sansing and Cieglem (1973) de
scribed the mass production of spores of several As-

pergillus and Penicillium species on whole loaves of
white bread and Podojil et al. (1984) quoted the use of
millet for the sporulation of Streptomyces aureofaciens
in the development of inoculum for the chlortetracy
cline fermentation (see Fig. 6.5).

Sporulation in submerged culture

Many fungi will sporulate in submerged culture pro
vided a suitable medium is employed (Vezina et al.,
1965). This technique is more convenient than the use
of solid or solidified media because it is easier to
operate aseptically and it may be applied on a large
scale. The technique was first adopted by Foster et al.
(1945) who induced submerged sporulation in Penicil
lium notatum by including 2.5% calcium chloride in a
defined nitrate-sucrose medium. An example of the
use of this technique for the production of inoculum
for an industrial fermentation is provided by the griseo
fulvin process. Rhodes et al. (1957) described the con
ditions necessary for the submerged sporulation of the
griseofulvin-producing fungus, Penicillium patulum, and
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TABLE 6.3. Solidified media suitable for the sporulation ofsome representative streptomycetes

vinaceus

S. clavuligerus

S. hygroscopicus

*Agar content not quoted.

Erythromycin*

Viomycin*

Clavulanic*
acid

Maridomycin

Medium

Malt extraet (Difeo) 1.0%
Yeast extract (Difco) 0.4%
Glucose 0.4%

Beef extract (Difco) 0.1%
Yeast extract (Difco) 0.1%
Casamino acids (Difco) 0.2%
Glucose 0.2%

Corn-steep liquor 1.0%
(50% dry matter)

Starch J.()%
(NH 4)2S04 0.3%
NaCI 0.3%
CaC03 0.3%

Soluble starch 1.0%
K zHP04 0.1%
MgS04·7H zO 0.1%
NaCl 0.1%
(NH 4)2S04 0.2%
CaC03 0.2%
FeS04· 7H zO 0.001%
MnClz·4H zO 0.001%
ZnS04· 7H zO 0.001%

Soluble starch 1.0%
Peptone 0.04%
Meat extract 0.02%
Yeast extract 0.02%
N-Z amine (type A) 0.02%
Agar 2.0%

References

Williams etal.
(1974)

Williams etal.
(J974)

Williams et al.
(1974)

Butterworth
(J 984)

Miyagawa et al.
(1979)

TABLE 6.4. Solidified media suitable for the sporulation of some representative fungi

Fungus

Penicillium chrysogenum

Aspergillus niger

Medium

Glycerol
Cane molasses
Curbay BG
MgS04 ·7H zO
KH ZP04
Peptone
NaCl
Agar

Molasses
KH zP04

Agar

(g dm -3)

7.5
7.5
2.5
0.05
0.06
5.0
4.0
20

300
0.5
20

References

Booth (1971)

Steel et al.
(958)
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Mother stock, _ first sp~rulation

freeze dried generation,
agar slant

__ second sporulation
generation, stationary
culture on
millet (flasks)

14 days

..
1011 spores/m 3

inoculation
broth

......7-10 days..
first submerged
generation,
preinoculation
tank

second submerged
generation,
inoculation
tank

.. ..

..
5% volume of
preinoculation
tank

.. ..

5-10%
volume of
inoculation
tank

Production
culture,
fermentation
tank

.. ..
24-26 hr 18-20 hr 100-200 hr

FIG. 6.5. The inoculum development programme for the production of chlortetracycline by Streptomyces aureofaciens (Podojil, 1984).

the medium utilized is given in Table 6.5. These au
thors found that for prolific sporulation the nitrogen
level had to be limited to between 0.05 and 0.1 % wIv
and that good aeration had to be maintained. Also, an
interaction was demonstrated between the nitrogen
level and aeration in that the lower the degree of
aeration the lower the concentration of nitrogen needed
to induce sporulation. Submerged sporulation was in
duced by inoculating 600 cm3 of the above medium, in
a 2-dm3 shake flask, with spores from a well-sporulated
Czapek-Dox agar culture and incubating at 25° for 7
days. The resulting suspension of spores was then used
as a 10% inoculum for a vegetative seed stage in a

stirred fermenter, the seed culture subsequently provid
ing a 10% inoculum for the production fermentation.
The vegetative seed and production media are given in
Table 6.1.

Most actinomycetes do not sporulate in submerged
culture (Whitaker, 1992) and, thus, solid or solidified
media tend to be used for the production of spore
inocula.

The use of the spore inoculum

The stage in an inoculum development programme

TABLE 6.5. Media for the submerged sporulation ofselected fungi

Rhodes et al. (1957): Penicillium patulum

KH zP04
KCl
Corn-steep liquor solids to give approx. 0.04% N

Whey powder, to give Lactose 3.5%
Nitrogen 0.05%

0.4%
0.05%
0.38%

Foster et al. (1945): Penicillium notatum

Sucrose
NaN0 3

KH 2P04
MgS04 ·7H 20
CaCl 2

2.0%
0.6%
0.15%
0.05%
2.5%

Vezina et al. (1965): Aspergillus ochraceus

Glucose
NaCl
Corn-steep liquor
Molasses

2.5%
2.5%
0.5%
5.ll%
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a large-scale spore inoculum is used varies
to the process; it appears to be common

that the penultimate stage is so inoculated, but
will depend on the scale of the production fermen-

In the inoculum development programme for
early penicillin fermentation described by Parker

the penultimate stage was inoculated with a
suspension (from a 'roll-bottle') and this stage

have produced either a vegetative or a submerged

The Development of Inocnla for Industrial Fermentations

spore inoculum for the final fermentation. For the
griseofulvin process, Rhodes et at. (1957) stated that
the spore suspension obtained from the submerged
sporulation stage could either be used for direct inocu
lation of the production fermentation or it could be
germinated in an inoculum development medium to
yield a vegetative inoculum for the final fermentation.
The latter course was preferred and an inoculum
volume of 7-10% was used. From Figs 6.4 to 6.6 it can

One loopful 30ml of 1st seed

U
spor~1 3~OOCfor 5 days cUlt~ [;:> 300C for 2 days

-+ - • }) ----....4' on rotary shaker ~ on rotary shaker

Culture of 30ml of 1st 300ml of 2nd
producer seed medium seed medium
organism on in 250 ml in 2 liters
agar slant Erlenmeyer Erlenmeyer

flask flask

1.5 liters of 2nd
seed culture

15 liters of 3rd
seed culture

30°C for 2 days

aeration: 15 liters/min
agitation: 250 rpm

-
15 liters of 3rd
seed medium in
30 liter stainless
steel jar fermentor

60 liters of 4th
seed culture

60 liters of 4th
seed medium in
300 liters
fermentation tank

30°C for 2 days

aeration: 60 liters/min
agitation: 150 rpm

60 liters of
fermentation medium
in 1000 liters
fermentation tank

30°C for 4-5 days

aeration: 500 liters/min
agitation: 150 rpm

FIG. 6.6. The inoculum development programme for the production of sagamicin by Micromonospora sagamiensis (Podojil, 1984).
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be seen that in the clavulanic acid process the spore
inoculum is used to inoculate the final seed stage, in
the chlortetracycline process a vegetative stage is in
terspersed between the spore inoculated batch and the
production fermentation, and in the sagamicin process
the spore inoculum is used at a very early stage fol
lowed by vegetative growth.

When considering the production of gluconic acid by
Aspergillus niger, Lockwood (1975) discussed the merits
of inoculating the final fermentation directly with a
spore suspension as compared with germinating the
spores in a seed tank to give a vegetative inoculum.
Direct spore inoculation would avoid the cost of instal
lation and operation of the seed tanks whereas the use
of germinated spores would reduce the fermentation
time of the final stage, thus allowing a greater number
of fermentations to be carried out per year. However,
labour costs for the production of the vegetative inocu
lum could be almost as high as for the final fermenta
tion although some of these costs may be recovered, in
that gluconic acid produced in the penultimate stage
would be recoverable from the final fermentation broth
and would contribute to the buffering capacity
throughout the fermentation. Thus, Lockwood claimed
that the choice of inoculum for the production stage
depends on the length of the cycle of the fermentation
process, plant size and the availability and cost of
labour.

Inoculum development for vegetative fungi

Some fungi will not produce asexual spores and,
therefore, an inoculum of vegetative mycelium must be
used. Gibberella fujikuroi is such a fungus and is used
for the commercial production of gibberellin (Borrow
et aI., 1961). Hansen (1967) described an inoculum
development programme for the gibberellin fermenta
tion. Cultures were grown on long slants (25 X 10 mm
test tubes) of potato dextrose agar for 1 week at 24°.
Growth from three slants was scraped off and trans
ferred to a 9-dm3 carboy containing 4 dm3 of a liquid
medium composed of 2% glucose, 0.3% MgS04 • 7H zO,
0.3% NH 4CI and 0.3% KH ZP04• The medium was
aerated for 75 hours at 28° before transfer to a 100-dm3

seed fermenter containing the same medium.
The major problem in using vegetative mycelium as

initial seed is the difficulty of obtaining a uniform,
standard inoculum. The procedure may be improved by
fragmenting the mycelium in an homogenizer, such as
a Waring blender, prior to use as inoculum. This
method provides a large number of mycelial particles
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and therefore a large number of growing points.
gan (1968) has given a detailed account of the use
this technique in the preparation of inocula for
submerged culture of the higher fungi.

The effect of the inoculum on the morphology of
filamentous organisms in submerged culture

When filamentous fungi are grown in submerged
culture the type of growth varies from the 'pellet' form,
consisting of compact discrete masses of hyphae, to the
filamentous form in which the hyphae form a homoge
neous suspension dispersed through the medium
(Whitaker and Long, 1973). The filamentous type of
habit gives rise to an extremely viscous broth which
may be very difficult to aerate adequately, whereas the
pellet type of habit gives rise to a far less viscous, but
also less homogeneous, broth (see Chapter 9). In a
pelleted culture there is a danger that the mycelium at
the centre of the pellet may be starved of nutrients and
oxygen due to diffusion limitations. Also, there is con
siderable evidence that the morphological form of the
organism influences the productivity of the culture, but
whether this is due to the phenomena already men
tioned or to some form of metabolic control is far from
clear. Thus, some fermentations are carried out with
the fungus in a filamentous habit, whereas others are
carried out with the organism growing as pellets. For
example, filamentous growth has been claimed to be
optimum for penicillin production by P. chrysogenum
(Smith and Calam, 1980), whereas pelleted growth has
been claimed to be optimum for citric-acid production
from Aspergillus niger (AI Obaidi and Berry, 1980) and
lovastatin from Aspergillus telreus (Gbewonyo et aI.,
1992; see also Chapter 9). The necessity for filamen
tous growth is taken to the extreme in the ICI-Rank
Hovis McDougal mycoprotein process where Fusarium
gramineatium is produced for human consumption. A
highly filamentous morphology is required to produce
the desired texture in the product which resembles the
strength and eating texture of white and soft, red meats
(Trinci, 1992). Thus, in this process a median hyphal
length of 400 JLm is required.

The relevance of this consideration of mycelial mor
phology to inoculum development is that the mor
phology may be influenced considerably by both the
concentration of spores in a spore inoculum and the
inoculum development medium. Usually, a high spore
inoculum will tend to produce a dispersed form of
growth whilst a low one will favour pellet formation
(Foster, 1949). The effect of the concentration of a



inoculum on the morphology of P. chrysogenum
in Table 6.6. Thus, in the commercial produc

fungal products it is critical to grow the organ-
in the desired morphological form which necessi
the use of an inoculum which achieves this end. If

production fermentation is to be inoculated with a
suspension then the spore concentration must be

as to produce the production culture in the de
morphological form; if a vegetative inoculum is to

used for the production fermentation then, again,
concentration of its spore inoculum must be such

as to produce the vegetative inoculum in the desired
morphological form. Although the effects of media on
morphological form can be extremely varied dispersed
growth is more likely in rich, complex media and pel
leted growth tends to occur in chemically defined me
dia (Whitaker and Long, 1973). Thus, the medium used
in the spore germination stage must be optimized in
terms of the morphology of the inoculum.

An interesting series of experiments on the effects of
inoculum conditions on the morphology of Penicillium
cit/inum were reported by Hosobuchi et al. (1993). This
Penicillium species synthesizes compound ML-236B, a
precursor of pravastatin which is a cholesterol-lowering
drug. Optimum productivity was achieved when the
organism grew as compact pellets in the production
fermentation. The vegetative inoculum for the produc
tion fermentation had to contain an optimum number
of short, filamentous propagules in order to initiate
pellet formation in the final culture. This was achieved
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by using a four-stage inoculum development pro
gramme (initiated by a spore-inoculated shake flask)
with very rich media in the third and fourth cultures.
Thus, this system required a dispersed vegetative inocu
lum to generate a pelleted production fermentation.

The information available on the morphology of
actinomycetes in submerged culture is very limited
compared with that on fungi. However, Whitaker (1992)
has reviewed the area and it is obvious that acti
nomycetes are capable of producing a wide range of
morphological types. Also, it appears to be accepted
that a dispersed mycelial morphology is desirable for
most industrial actinomycete fermentations. Mycelial
forms have been shown to be desirable for the produc
tion of streptomycin by Streptomyces griseus and
turimycin by S. hygroscopicus, whereas the pelleted
form of S. nigrificans was better for glucose isomerase
production (Whitaker, 1992). As already discussed for
the fungi, the concentration of spores in the inoculum
has also been shown to influence the morphology of
certain streptomycetes (Lawton et al., 1989). These
workers also demonstrated that medium composition
and the shear forces operating during culture also
affect morphological form. Thus, the principles applied
to the optimization of fungal inoculum development
regimes are also relevant to actinomycete processes.
Hunt and Stieber (1986) described the optimization of
the inoculum regime of a small-scale streptomycete
cephamycin C fermentation. Pellet formation was
observed to be detrimental to product formation and

TABLE 6.6. The effect of spore concentration and medium on the mOlphology and
penicillin productivity of Penicillium chrysogenum

Medium

Camici et al. (J 952):

Corn-steep dextrin

Czapek-dox

Glucose, lactose and
ammonium lactate

Spore concentration
in the inoculum (cm -3)

Calam (1976):
102

103

2 X 10 3

104

Spore concentration
in the medium

More than 10 x 105 dm- 3

Less than 10 x 105 dm - 3

More than 3.0 x 105 dm' 3

Less than 3.0 x 10 5 dm - 3

More than 2.0 x 10 5 dm' 3

Less than 2.0 x 10 5 dm - 3

Penicillin yield
(units cm - 3)

500
1800
4000
5000

Morphology

Filamentous
Pellets
Filamentous
Pellets
Filamentous
Pellets

Morphology

Dense pellets
Dense pellets
Open pellets
Filamentous
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Plant
fermenter

~,
/ A

a

E

F

Steam supply

between B and A. Valve E is closed and
attached to point C, establishing a pressure
inoculum fermenter greater than in the plant
Valve E is then opened and the inoculum
forced into the plant fermenter. After closing
the inoculum fermenter may be removed, plug
placed, and the line steamed out by opening
This system may be modified by using the
nection devices which are now available (see
7).

Jackson (1958) has described a very similar
for the introduction of a spore suspension into a
fermenter. The apparatus is shown in Fig. 6.8
operation is identical to that described by Meyrath
Suchanek.

Parker (1958) described a more complex
inoculation of a plant fermenter from a spon:-Sl1sp1en.
sion vessel. The apparatus is shown in Fig. 6.9.
sterile spore-suspension vessel is batched with the
suspension in the sterile room. The plant vessel,
taining the medium and with blank plugs screwed
A and B, is sterilized by steam injection. The plugs
and B are slightly loosened to allow steam to emit
20 minutes when the whole system is under
pressure. The blanks are then tightened, the valves
and G shut and sterile air is allowed into the
fermenter by opening valves D, F and C. The
suspension vessel is loosely connected at A and Band
valves D, H, I and C closed and E, F and G opened.
After 20 minutes steaming A and B are tightened and
G and E are closed. D is then opened to establish a
positive pressure in the pipework. When the pipework
has cooled, the pressure in the plant vessel is reduced
to approximately 5 psi, valve F is closed and H, I and C
are opened. This procedure allows the spore suspen
sion to be forced into the fermenter. Valves D, H, I

Fio. 6.7. Inoculation of a plant fermenter from a laboratory fer
menter (Meyrath and Suchanek, 1972).

Several systems have been described in the literature
which are suitable for inoculating fermentations requir
ing only Good Industrial Large Scale Practice (GILSP,
see Chapter 7). To prevent contamination during the
transfer process it is essential that both vessels be
maintained under a positive pressure and the inocula
tion port be equipped with a steam supply. Meyrath
and Suchanek (1972) described a system for the inocu
lation of a plant fermenter from a laboratory vessel.
The apparatus is shown in Fig. 6.7. The connecting
point A is normally covered with the blank plug a and
prior to inoculation this plug is slightly loosened, valve
E closed and valve F opened to allow steam to exit at
A. Valve F is then closed and E opened so that when a
is removed sterile air will be released from the vessel.
After removal, plug a is placed in strong disinfectant.
Blank plug b is then removed and a coupling made

The inoculation of plant-scale fermenters may in
volve the transfer of culture from a laboratory fer
menter, or spore suspension vessel, to a plant fer
menter, or the transfer from one plant fermenter to
another. Obviously, it is extremely important that the
fermentation is not contaminated during inoculation
but if the process is a contained one then it is equally
important that the process organism does not escape.
Thus, the nature of the inoculation system will be
dictated by the containment category of the process
(see Chapter 7).

At Containment levels 1 and B2, the addition of
inoculum must be carried out in such a way that
release of micro-organisms is restricted. This should be
done by aseptic piercing of membranes or connections
with steam locks. At Containment level 2 and B3/4, no
micro-organisms must be released during inoculation
or other additions. In order to meet these stringent
requirements, all connections must be screwed or
clamped and all pipelines must be steam sterilizable
(Werner, 1992).

THE ASEPTIC INOCULATION OF PLANT
FERMENTERS

Inoculation from a laboratory fermenter or a spore
suspension vessel

Princil~les of ll"erlrnerrtation Technology, 2nd Edn.

the key factor in establishing the correct form ap
peared to be the concentration of iron in the seed
medium, a higher iron concentration giving the opti
mum inoculum.
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Steam

Plant fermenter

plant fermenter from a spore suspension

the suspension vessel replaced by
B and the pipework steamed by
G.

1 fermentations may also be
piercing of a membrane. In this

It1()cu!mn vessel is connected to an inoculat
(as shown in Fig. 6.10) and the
a rubber septum set into a fer

the use of a needle presents
many companies prohibit such

aelros,ols may be created on the removal

of level 2 or B3/ 4 contained fer
the use of modified systems. It

to steam sterilize all the pipework

Sterile air

D

E

A H

F
Spore
suspension
vessel

B I

G

C

Plant fermenter

lI1ocul,aticm of a plant fermenter from a spore sus
(Parker, 1958).
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;fF..,...,j=,",~~=--Ope ni ng for
flame scarfing

lDJ--- Membrane

FIG. 6.10. Needle inoculation device (Werner, 1992).

after the inoculation and the condensate from the
sterilization must be collected in a kill tank (see Chap
ters 5 and 7). The inoculation flask is then removed
after inoculation and sterilized in an autoclave. One
such system is shown in Fig. 6.11 (Vranch, 1990).

Inoculation from a plant fermenter

Figure 6.12 illustrates the system described by Parker
(1958). The two vessels are connected by a flexible
pipeline A-B. The batched fermenter is sterilized by
steam injection via valves G and J, valves D, I, A, B, H,
E and F being open and valve C closed. Valves H and I
lead to steam traps for the removal of condensate.
After 20 minutes at the desired pressure the steam
supply is switched off at J and G and the steam-trap
valves I and H are closed. F, E and D are left open so
that the connecting pipeline fills with sterile medium.
The medium in the fermenter is sparged with sterile air
and when it has cooled to the desired temperature the
pressure in the seed tank is increased to at least 10 psi
whilst the pressure in the fermenter is reduced to
about 2 psi. Valve C is opened and the inoculum is
forced into the production vessel. After inoculation is
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Design

INTRODUCTION

A RESEARCH team led by Chaim Weizmann in Great
Britain during the First World War (1914-1918) devel
oped a process for the production of acetone by a deep
liquid fermentation using Clostridium acetobutylicum
which led to the eventual use of the first truly large-scale
aseptic fermentation vessels (Hastings, 1978). Contami
nation, particularly with bacteriophages, was often a
serious problem, especially during the early part of a
large-scale production stage. Initially, no suitable ves
sels were available and attempts with alcohol fer
menters fitted with lids were not satisfactory as steam
sterilization could not be achieved at atmospheric pres
sure. Large mild-steel cylindrical vessels with hemi
spherical tops and bottoms were constructed that could
be sterilized with steam under pressure. Since the
problems of aseptic additions of media or inocula had
been recognized, steps were taken to design and con
struct piping, joints and valves in which sterile condi
tions could be achieved and maintained when required.
Although the smaller seed vessels were stirred mechan
ically, the large production vessels were not, and the
large volumes of gas produced during the fermentation
continually agitated the vessel contents. Thus, con
siderable expertise was built up in the construction and
operation of this aseptic anaerobic process for produc
tion of acetone-butanol.

The first true large-scale aerobic fermenters were
used in Central Europe in the 1930s for the production
of compressed yeast (de Becze and Liebmann, 1944).
The fermenters consisted of large cylindrical tanks with
air introduced at the base via networks of perforated
pipes. In later modifications, mechanical impellers were
used to increase the rate of mixing and to break up and
disperse the air bubbles. This procedure led to the

CHAPTER 7

Fermenter

compressed-air requirements being reduced by a factor
of 5. Baffles on the walls of the vessels prevented a
vortex forming in the liquid. Even at this time it was
recognized that the cost of energy necessary to com
press air could be 10 to 20% of the total production
cost. As early as 1932, Strauch and Schmidt patented a
system in which the aeration tubes were provided with
water and steam for cleaning and sterilizing.

Prior to 1940, the other important fermentation
products besides bakers' yeast were ethanol, glycerol,
acetic acid, citric acid, other organic acids, enzymes
and sorbose (Johnson, 1971). These processes used
highly selective environments such as acidic or anaer
obic conditions or the use of an unusual substrate,
resulting in contamination being a relatively minor
problem compared with the acetone fermentation or
the subsequent aerobic antibiotic fermentations.

The decision to use submerged culture techniques
for penicillin production, where aseptic conditions, good
aeration and agitation were essential, was a very impor
tant factor in forcing the development of carefully
designed and purpose-built fermentation vessels. In
1943, when the British government decided that sur
face culture production was inadequate, none of the
fermentation plants were immediately suitable for deep
fermentation, although the Distillers Company solvent
plant at Bromborough only needed aeration equipment
to make it suitable for penicillin production (Hastings,
1971). Construction work on the first large-scale plant
to produce penicillin by deep fermentation was started
on 15th September 1943, at Terre Haute in the United
States of America, building steel fermenters with work
ing volumes of 54,000 dm3 (Callahan, 1944). The plant
was operational on 30th January 1944. Unfortunately,
no other construction details were quoted for the fer
menters.

Initial agitation studies in baffled stirred tanks to
identify variables were also reported at this time by
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ferent types of fermenter have been described in the
literature, very few have proved to be satisfactory for
industrial aerobic fermentations. The most commonly
used ones are based on a stirred upright cylinder with
sparger aeration. This type of vessel can be produced in
a range of sizes from one dm3 to thousands of dm3

.

Figures 7.1 and 7.2 are diagrams of typical mechani
cally agitated and aerated fermenters with one and
three multi-bladed impellers respectively. Tables 7.2
and 7.3 give geometrical ratios of various of the dimen
sions which have been quoted in the literature for a
variety of sizes of vessel.

Aseptic ~
inoculation~
pipe

Stirrer
shaft

seal ~
Working level

TABLE 7.1. Service provisions for a fermentation plant

Principles of Fennentation Technology, 2nd Edn.

1. The vessel should be capable of being operated
aseptically for a number of days and should be
reliable in long-term operation and meet the
requirements of containment regulations.

2. Adequate aeration and agitation should be pro
vided to meet the metabolic requirements of
the micro-organism. However, the mixing should
not cause damage to the organism.

3. Power consumption should be as low as possi
ble.

4. A system of temperature control should be pro-
vided.

5. A system of pH control should be provided.
6. Sampling facilities should be provided.
7. Evaporation losses from the fermenter should

not be excessive.
8. The vessel should be designed to require the

minimal use of labour in operation, harvesting,
cleaning and maintenance.

9. Ideally the vessel should be suitable for a range
of processes, but this may be restricted because
of containment regulations.

10. The vessel should be constructed to ensure
smooth internal surfaces, using welds instead of
flange joints whenever possible.

11. The vessel should be of similar geometry to
both smaller and larger vessels in the pilot plant
or plant to facilitate scale-up.

12. The cheapest materials which enable satisfac
tory results to be achieved should be used.

13. There should be adequate service provisions for
individual plants (see Table 7.1).

BASIC FUNCTIONS OF A FERMENTER FOR
MICROBIAL OR ANIMAL CELL CULTURE

Cooper et al. (1944), Foust et al. (1944) and Miller and
Rushton (1944). Cooper's work had a major influence
on the design of later fermenters.

The main function of a fermenter is to provide a
controlled environment for the growth of micro
organisms or animal cells, to obtain a desired product.
In designing and constructing a fermenter a number of
points must be considered:

The first two points are probably the most critical. It
is obvious from the above points that the design of a
fermenter will involve co-operation between experts in
microbiology, biochemistry, chemical engineering, me
chanical engineering and costing. Although many dif-
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ASEPTIC OPERATION AND CONTAINMENT

FIG. 7.2. Diagram of a fermenter with three multi-bladed im
pellers.

At this stage the discussion will be concerned with
stirred, aerated vessels for microbial cell culture. More
varied shapes are commonly used for alcohol, biomass
production, animal cell culture and effluent treatment
and will be dealt with later in this chapter.

tainment involves prevention of escape of viable cells
from a fermenter or downstream equipment and is
much more recent in origin. Containment guidelines
were initiated during the 1970s (East et at., 1984;
Flickinger and Sansone, 1984).

To establish the appropriate degree of containment
which will be necessary to grow a micro-organism, it,
and in fact the entire process, must be carefully as
sessed for potential hazards that could occur should
there be accidental release. Different assessment
procedures are used depending on whether or not the
organism contains foreign DNA (genetically engi
neered). Once the hazards are assessed, an organism
can be classified into a hazard group for which there is
an appropriate level of containment. The procedure
which has been adopted within the European Commu
nity is outlined in Fig. 7.3. Non-genetically engineered
organisms may be placed into a hazard group (1 to 4)
using criteria to assess. risk such as those given by
Collins (1992):

1. The known pathogenicity of the micro-organism.
2. The virulence or level of pathogenicity of the

micro-organism are the diseases it causes
mild or serious?

3. The number of organisms required to initiate an
infection.

4. The routes of infection.
5. The known incidence of infection in the commu

nity and the existence locally of vectors and
potential reserves.

6. The amounts or volumes of organisms used in
the fermentation process.

7. The techniques or processes used.
8. Ease of prophylaxis and treatment.

Design of a Fennenter
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Aseptic operation involves protection against con
tamination and it is a well established and understood
concept in the fermentation industries, whereas con-

A detailed discussion of assessment of risk and ways to
reduce it is given by Winkler and Park (1992).

TABLE 7.2. Details of geometrical ratios of fermenters with single multi-blade impellers
(.,ee Fig. 7. J)

Dimension Steel and
Maxon (1961)

Wegrich and
Shurter (1963)

Blakeborough
(1967)

Operating volume
Liquid height (L)
LjD (tank diameter)
Impeller diameter (P jD)
Baffle widthjD
Impeller heightjD

250 dm3

55 em
0.72
0.4
0.10

12dm3

27 em
1.1
0.5
0.08

1.0-1.5
0.33

0.08-0.10
0.33
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TABLE 7.3. Details of geometrical ratios of fermenters with three multi-bladed impellers
(see Fig. 7.2)

Aiba et al. Paca et al.
(1973) (1976)

100,000 dm 3 170 dm 3

(total)
150 cm

1.7
0.4 0.33
0.095 0.098
0.24 0.37

0.74
0.85 0.77
0.85 0.77
2.1 0.91
2.2 2.95

gory need to be operated aseptically but no contain
ment steps are necessary, including prevention of es
cape of organisms. If the organism is placed in Hazard
group 4 the stringent requirements of level 3 will have
to be met before the process can be operated. Details
of hazard categories for a range of organisms can be
obtained from Frommer et al. (1989).

Genetically engineered organisms are classified as
either harmless (Group I) or potentially harmful (Group
II). The process is then classified as either small scale
(A: less than 10 dm3) or large scale (B: more than 10
dm3

) according to guidelines which can be found in the
Health and Safety Executive document (1993). There
fore large scale processes fall into two categories, IE or
lIB. IE processes require containment level Bl and are
subject to GILSP, whereas lIB processes are further
assessed to determine the most suitable containment
level, ranging from B2 to B4 as outlined in Table 7.4.
Levels B2 to B4 correspond to levels 1 to 3 for non
genetically engineered organisms.

In future it is possible, under new legislation, that no
distinction will be made between non-genetically engi
neered and genetically engineered organisms. The key
factor will be whether the organism is harmless or
potentially harmful, regardless of its genetic constitu
tion. Containment would then be decided using the
scheme which is currently being used for genetically
engineered organisms.

Other hazard-assessment systems for classifying or
ganisms have been introduced in many other countries.
Production and research workers must abide by ap
propriate local official hazard lists. Problems can occur
when different official bodies place the same organism
in different hazard categories. In 1989, the European

Jackson
(1958)

1.0-1.6

0.34-0.5
0.08-0.1

0.5
0.5-1.0
0.5-1.0
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Potentially
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!\
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scale scale
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engineered

/ \
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LID (tank diameter)
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PlY
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FIG. 7.3. Categorization of a process micro-organism and designa
tion of its appropriate level of containment at research or indus
trial sites within the European Federation of Biotechnology
(GILSP = Good Industrial Large Scale Practice).

Once the organism has been allocated to a hazard
group, the appropriate containment requirements can
be applied (see Table 7.4). Hazard group 1 organisms
used on a large scale only require Good Industrial
Large Scale Practice (GILSP). Processes in this cate-
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TABLE 7.4. Summary of safety precautions for biotechnological operatlOlls ill the Luropeall Federation fiJI"
Biotechnology (EFB) (Frommer et al., !lJX'J)

Procedures

Written instructions and code of
practice

Biosafety manual
Good occupational hygiene
Good Microbiological Techniques

(GMT)
Biohazard sign
Restricted access
Accident reporting
Medical surveillance

GILSP*

+

+

+

Containment
category

2 3

+ + +

+ + +
+ + +
+ + +

+ + +
+ + +
+ + +
+ + +

Primary containment:
Operation and equipment
Work with viable micro-organisms

should take place in closed
systems (CS), which minimize
(m) or prevent (p) the release of
cultivated micro-organisms

Treatment of exhaust air or gas
from CS

Sampling from CS
Addition of materials to CS,

transfer of cultivated cells
Removal of material, products

and effluents from CS
Penetration of CS by agitator

shaft and measuring devices
Foam-out control

m

m
m

m

m

m
m

p

p
p

p

p

p
p

p

p
p

p

p

p
p

Secondary containment:
Facilities
Protective clothing appropriate

to the risk category
Changing/washing facility
Disinfection facility
Emergcncy shower facility
Airlock and compulsory shower

facilities
Effluents decontaminated
Controlled negative pressure
HEPA filters in air ducts
Tank for spilled fluids
Area hermetically sealable

+ + + +
+ + + +

+ + +
+ +

+
+ +

+
+ +
+ +

+

* Unless required for product quality, -, not required; +, required.
m, minimize release. The level of contamination of air, working surface and personnel shall not exceed the level
found during microbiological work applying Good Microbiological Techniques.
p, prevent release. No detectable contamination during work should be found in the air, working surfaces and
personnel.

Federation for Biotechnology were aware of this prob
lem with non-recombinant micro-organisms and pro
duced a consensus list (Frommer et ai., 1989).

Most micro-organisms used in industrial processes
are in the lowest hazard group which only require

GILSP, although some organisms used in bacterial and
viral vaccine production and other processes are cate
gorized in higher groups. There is an obvious incentive
for industry to use an organism which poses a low risk
as this minimizes regulatory restrictions and reduces

171



Principles of Fermentation Technology, 2nd Edn.

the need for expensive equipment and associated con
tainment facilities (Schofield, 1992). The costs of some
containment design features are discussed in Chapter
12.

In this chapter, where appropriate, a distinction will
be made between equipment which is used to maintain
aseptic conditions for GILSP and those modifications
which are needed to meet physical containment re
quirements in order to grow specific cultures which
have been classified in higher hazard groups. Details on
design for containment have been given by East et al.
(1984), Flickinger and Sansone (1984), Walker et al.
(1987), Turner (1989), Hambleton et al. (1991), Leaver
and Hambleton (1992), Vranch (1992) and Werner
(1992).

Overall containment categorization

In this chapter the emphasis will be on containment
levels which might be obtained from particular designs
of fermenters and associated equipment. However this
is only one aspect of assessment. To meet the stan
dards of the specific level of containment it will also be
necessary to consider the procedures to be used, staff
training, the facilities in the laboratory and factory,
downstream processing, effluent treatment, work prac
tice, maintenance, etc. It will be necessary to ensure
that all these aspects are of a sufficiently high standard
to meet the levels of containment deemed necessary
for a particular process by a government regulatory
body. If these are met, then the process can be oper
ated.

BODY CONSTRUCTION

Construction materials

In fermentations with strict aseptic requirements it
is important to select materials that can withstand
repeated steam sterilization cycles. On a small scale (1
to 30 dm3

) it is possible to use glass and/or stainless
steel. Glass is useful because it gives smooth surfaces,
is non-toxic, corrosion proof and it is usually easy to
examine the interior of the vessel. Two basic types of
fermenter are used:

1. A glass vessel with a round or flat bottom and a
top flanged carrying plate (Fig. 7.4). The large
glass containers originally used were borosilicate
battery jars (Brown and Peterson, 1950). All ves-

172

FIG. 7.4. Glass fermenter with a top-flanged carrying plate CIneel
tech L.H. Reading, England).

sels of this type have to be sterilized by autoclav
ing. Cowan and Thomas (1988) state that the
largest practical diameter for glass fermenters is
60 cm.

2. A glass cylinder with stainless-steel top and bot
tom plates (Fig. 7.5). These fermenters may be
sterilized in situ, but 30 cm diameter is the upper
size limit to safely withstand working pressures
(Solomons, 1969). Vessels with two stainless steel
plates cost approximately 50% more than those
with just a top plate.

At pilot and large scale (Figs 7.6 and 7.7), when all
fermenters are sterilized in situ, any materials used will
have to be assessed on their ability to withstand pres
sure sterilization and corrosion and on their potential
toxicity and cost. Walker and Holdsworth (1958), Solo
mons (1969) and Cowan and Thomas (1988) have dis
cussed the suitability of various materials used in the
construction of fermenters. Pilot-scale and industrial-
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FIG. 7.5. Thrce glass fcrmenters with top and bottom plates (New Brunswick Scientific, Hatfield, England).

scale vessels are normally constructed of stainless steel
or at least have a stainless-steel cladding to limit corro
sion. The American Iron and Steel Institute (AISI)
states that steels containing less than 4% chromium
are classified as steel alloys and those containing more
than 4% are classified as stainless steels. Mild steel
coated with glass or phenolic epoxy materials has occa
sionally been used (Gordon et al., 1947; Fortune et a!.,
1950; Buelow and Johnson, 1952; Irving, 1968). Wood,
plastic and concrete have been used when contamina
tion was not a problem in a process (Steel and Miller,
1970).

Walker and Holdsworth (1958) stated that the extent
of vessel corrosion varied considerably and did not
appear to be entirely predictable. Athough stainless
steel is often quoted as the only satisfactory material, it
has been reported that mild-steel vessels were very
satisfactory after 12-years use for penicillin fermenta
tions (Walker and Holdsworth, 1958) and mild steel
clad with stainless steel has been used for at least 25
years for acetone-butanol production (Spivey, 1978).
Pitting to a depth of 7 mm was found in a mild-steel
fermenter after 7-years use for streptomycin produc
tion (Walker and Holdsworth, 1958)

The corrosion resistance of stainless steel is thought

to depend on the existence of a thin hydrous oxide film
on the surface of the metal. The composition of this
film varies with different steel alloys and different
manufacturing process treatments such as rolling, pick
ling or heat treatment. The film is stabilized by
chromium and is considered to be continuous, non-por
ous, insoluble and self healing. If damaged, the film will
repair itself when exposed to air or an oxidizing agent
(CubberIy et a!., 1980).

The minimum amount of chromium needed to resist
corrosion will depend on the corroding agent in a
particular environment, such as acids, alkalis, gases,
soil, salt or fresh water. Increasing the chromium con
tent enhances resistance to corrosion, but only grades
of steel containing at least 10 to 13% chromium de
velop an effective film. The inclusion of nickel in high
percent chromium steels enhances their resistance and
improves their engineering properties. The presence of
molybdenum improves the resistance of stainless steels
to solutions of halogen salts and pitting by chloride
ions in brine or sea water. Corrosion resistance can
also be improved by tungsten, silicone and other ele
ments (CubberIy et al., 1980; Duurkoop, 1992).

AISI grade 316 steels which contain 18% chromium,
10% nickel and 2-2.5% molybdenum are now com-
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FIG. 7.6. Stainless steel fully automatic 10 dm 3 fermenter sterilizablc-in-situ (LSL, Luton, UK).

monly used in fermenter construction. Table 7.5 (Du
urkoop, 1992) gives the classification systems used to
identify stainless steels of AISI 316 grades in the U.S.A.
and similar procedures used in Germany, France, the
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United Kingdom, Japan and Sweden. In a citric acid
fermentation where the pH may be 1 to 2 it will be
necessary to use a stainless steel with 3-4% molybde
num (AISI grade 317) to prevent leaching of heavy
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FIG. 7.7. Stainless stccl pilot plant [crmentcrs (LSL, Luton, UK).

TABl.E 7.5 Classification systems used for stainless steels of 316 grades (Duurkoop, 1992)

Gcrmany DIN France Great Japan Swcdcn U.S.A.
Britain

.. - -------

Werkstoff AFNOR B.S. JIS SS AISI UNS
Nummer

1.4401 X2 CrNiMo 17 12 2 Z 6 CND 17.11 316 S 16 SUS 316 2347 316 S31600
316 S 31

1.4404 X2 CrNiMo 17 13 2 Z 2 CND 18.13 316 S 11 SUS 3161. 2348 3161. S31603
G-X CrNiMo 18 10 Z2 CND 1712 316 S 12

Z 2 CND 19.10 M

1.4406 X2 CrNiMo 17 122 Z 2 CND 17.12 Az 316 S 61 SUS 316LN 3161.N S31653

1.4435 X2 CrNiMo 18 143 Z 2 CND 17.13 316S11 SCS 16 2353 3161. S31603
316 S 12 SUS 3161.

..~~---
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Normally in the design and construction of a fer
mentel' there must be adequate provision for tempera
ture control which will affect the design of the vessel
body. Heat will be produced by microbial activity and
mechanical agitation and if the heat generated by these
two processes is not ideal for the particular manufac
turing process then heat may have to be added to, or
removed from, the system. On a laboratory scale little
heat is normally generated and extra heat has to be
provided by placing the fermenter in a thermostatically
controlled bath, or by the use of internal heating coils
or a heating jacket through which water is circulated or
by a silicone heating jacket. The silicone jacket consists
of a double silicone rubber mat with heating wires
between the two mats; it is wrapped around the vessel
and held in place by Velcro strips (Applikon, 1989).

Once a certain size has been exceeded, the surface
area covered by the jacket becomes too small to re
move the heat produced by the fermentation. When
this situation occurs internal coils must be used and
cold water is circulated to achieve the correct tempera
ture (Jackson, 1990). Different types of fermentation
will influence the maximum size of vessel that can be
used with jackets alone.

It is impossible to specify accurately the necessary
cooling surface of a fermenter since the temperature of
the cooling water, the sterilization process, the cultiva-

Temperature control

Leaver (1994) and Titchener-Hooker et aZ. (1993) con~

sider that correctly fitted single static seals can
adequate containment for most processes and double
static seals with a steam trace should be strictly limited
to the small number of processes for which an extreme
level of protection may be required.

a. Double seals are more difficult to assemble cor
rectly.

b. It is difficult to detect failure of one seal of
pair during operation or assembly.

c. Neither of the two seals can be tested indepen
dently.

d. Dead spaces between two seals must be con
sidered to be contaminated.

ment levels comparable with the u.K. B3 Uiitdlener_
Hooker et ai., 1993).

Titchener-Hooker et aZ. (1993) criticized ~naprnarl'~

proposal to use two seals without a steam trace for
number of reasons including:

(c)(b)(a)

metals from the steel which would interfere with the
fermentation. AISI Grade 304, which contains 18.5%
chromium and 10% nickel, is now used extensively for
brewing equipment.

The thickness of the construction material will in
crease with scale. At 300,000 to 400,000 dm3 capacity,
7-mm plate may be used for the side of a vessel and 10
mm plate for the top and bottom, which should be
hemispherical to withstand pressures.

At this stage it is important to consider the ways in
which a reliable aseptic seal is made between glass and
glass, glass and metal or metal and metal joints such as
between a fermenter vessel and a detachable top or
base plate. With glass and metal, a seal can be made
with a compressible gasket, a lip seal or an '0' ring
(Fig. 7.8). With metal to metal joints only an '0' ring is
suitable. This is placed in a groove, machined in either
the end plate, the fermenter body or both. This seal
ensures that a good liquid- and/or gas-tight joint is
maintained in spite of the glass or metal expanding or
contracting at different rates with changes in tempera
ture during a sterilization cycle or an incubation cycle.
Nitryl or butyl rubbers are normally used for these
seals as they will withstand fermentation process condi
tions. The properties of different rubbers for seals are
discussed by Buchter (1979) and Martini (1984). These
rubber seals have a finite life and should be checked
regularly for damage or perishing. Before purchasing a
fermenter it is important to check that standard sized
'0' rings can be purchased cheaply from local suppli
ers.

A single '0' ring seal is adequate for GILSP and
levels 1 and B2, a double '0' ring seal is required for
levels 2 and B3 and a double '0' ring seal with steam
between the seals (steam tracing) is necessary for levels
3 and B4 (Chapman, 1989; Hambleton et aZ., 1991). In
the U.S.A., however, simple seals are used at contain-
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FIG. 7.8. Joint seals for glass-glass, glass-metal and metal-metal;
(a) gasket; (b) lip seal; (c) '0' ring in groove.
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This equation can be rearranged as:

Qmet + Q ag + Qgas = Qacc + Qexch + Qevap + Qscn

(7.1) (7.3)

(7.4)

k

x

Heats of fermentation

Qacc Qsen Qexch Qmet

Low 3.81 3.32 0.023 0.005 0.61 1.12
High 11.3 3.31 0.045 O,Ol{) 0.65 8.65

Design of a Fermenter

TABLE 7.6. Representative low and high values of calculated heats
(kcal dm" 3 h - 1) offermentation for Bacillus subtilis on molasses at

37" (Coooney et al., 1969)

When designing a large fermenter, the operating
temperature and flow conditions will determine Qevap

and Qsen' the choice of agitator, its speed and the
aeration rate will determine Qag and the sparger design
and aeration rate will determine Qgas'

The cooling requirements (jacket and/or pipes) to
remove the excess heat from a fermenter may be
determined by the following formula:

Qexch = V·A· t:.T

where A = the heat transfer surface available, m2,

Q = the heat transferred, W,
V = the overall heat transfer coefficient,

W/m2 K,
t:.T = the temperature difference between the

heating or cooling agent and the mass
itself, K.

The coefficient V represents the conductivity of the
system and it depends on the vessel geometry, fluid
properties, flow velocity, wall material and thickness
(Scragg, 1991). I/V is the overall resistance to heat
transfer (analogous to I/K for gas-liquid transfer;
Chapter 9). It is the reciprocal of the overall heat
transfer coefficient. It is defined as the sum of the
individual resistances to heat transfer as heat passes
from one fluid to another and can be expressed as:

1 1 1 1 1 1
=-+-+-+-+-

V ho hi hot hit h w

= outside film coeffiicient, W/m2 K,
= inside film coefficient, W/m2K,
= outside fouling film coefficient,

W/m2K,
hif = inside fouling film coefficient, W/m2K,
h w = wall heat transfer coefficient = k / x,

W/m2 K,
= thermal conductivity of the wall,

W/mK,
= wall thickness, m.

There is more detailed discussion of V in Bailey and
Ollis (1986), Atkinson and Mavituna (1991b) and Scragg
(1991).

= heat generation rate due to microbial
metabolism,

= heat generation rate due to mechani
cal agitation,

= heat generation rate due to aeration
power imput,

= heat accumulation rate by the system,
= heat transfer rate to the surroundings

and/or heat exchanger,
= heat loss rate by evaporation,
= rate of sensible enthalpy gain by the

flow streams (exit inlet).

Qevap

Qsen

where Qmct

tenilpt:raltur<e, the type of micro-organism and the
by stirring can vary considerably in

different processes. A cooling area of 50 to 70 m2 may
as average for a 55,000 dm3 fermenter and

coolant temperature of 14° the fermenter may
from 120° to 30° in 2.5 to 4 hours without

The consumption of cooling water in this size
during a bacterial fermentation ranges from

to 2000 dm3 h -1, while fungi might need 2000 to
dm3 h -1 (Muller and Kieslich, 1966), due to the

optimum temperature for growth.
make an accurate estimate of heating/cooling

for a specific process it is important to
the contributing factors. An overal energy

for a fermenter during normal operation can
written as:

Qexch = Qmet + Qag + Qgas - Q acc - Qsen - Qevap

(7.2)

Qexch is the heat which will have to be removed by a
cooling system.

Atkinson and Mavituna (1991b) have presented data
to estimate Qmct for a range of substrates, methods to
calculate power input for Q ag and Qgas' a formula to
calculate the sensible heat loss for flow streams (Qscn)

and a method to calculate the heat loss due to evapora
tion (Qevap)' Cooney et al. (1969) determined represen
tative low and high heats of fermentation values for
Bacillus subtilis grown on molasses at 37° (Table 7. 6).
They concluded that Qcvap and Qscn are small con
tributory factors and Q acc = 0 in a steady-state sys
tem. Qcvap can also be eliminated by using a saturated
air stream at the temperature of the broth.
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(7.8)

(7.6)

The agitator (impeller)

The agitator is required to achieve a number of
mixing objectives, e.g. bulk fluid and gas-phase mixing,
air dispersion, oxygen transfer, heat transfer, suspen
sion of solid particles and maintaining a uniform envi
ronment throughout the vessel contents. It should be
possible to design a fermenter to achieve these condi
tions; this will require knowledge of the most appropri
ate agitator, air sparger, baffles, the best positions for
nutrient feeds, acid or alkali for pH control and anti
foam addition. There will also be a need to specify
agitator size and number, speed and power imput (see
also Chapter 9).

Agitators may be classified as disc turbines, vaned
discs, open turbines of variable pitch and propellers,
and are illustrated in Fig. 7.9. The disc turbine consists
of a disc with a series of rectangular vanes set in a
vertical plane around the circumference and the vaned
disc has a series of rectangular vanes attached verti
cally to the underside. Air from the sparger hits the
underside of the disc and is displaced towards the
vanes where the air bubbles are broken up into smaller
bubbles. The vanes of a variable pitch open turbine and

achieved in a homogeneous nutrient medium. The
of aeration-agitation system used in a particular
menter depends on the characteristics of the rer'ffi(mta"
tion process under consideration. Although fine
aerators without mechanical agitation have the
tage of lower equipment and power costs,
may be dispensed with only when aeration
sufficient agitation, i.e. in processes where broths
low viscosity and low total solids are used (Arnold
Steel, 1958). Thus, mechanical agitation is usually
quired in fungal and actinomycete
Non-agitated fermentations are normally carried out
vessels of a height/diameter ratio of 5:1. In
vessels aeration is sufficient to produce high
lence, but a tall column of liquid does require
energy input in the production of the compressed
(Muller and Kieslich, 1966; Solomons, 1980).

The structural components of the fermenter
volved in aeration and agitation are:

(a) The agitator (impeller).
(b) Stirrer glands and bearings.
(c) Baffles.
(d) The aeration system (sparger).

(Tf - Te ) + (Tf - TJ
t:..Tam = 2 (7.5)

Tf (Te - Ti )

2

AERATION AND AGITATION

Atkinson and Mavituna (1991b) have given three
methods to determine t:..T (the temperature driving
force) depending on the operating circumstances. If
one side of the wall is at a constant temperature, as is
often the case in a stirred fermenter, and the coolant
temperature rises in the direction of the coolant flow
along a cooling coil, an arithmetic mean is appropriate:

Principles of Fermentation Technology, 2nd Edn.

where Tf = the bulk liquid temperature in the ves
sel,

Te = the temperature of the coolant entering
the system,

Ti = the temperature of the coolant leaving
the system.

If the fluids are in counter- or co-current flow and the
temperature varies in both fluids then a log mean
temperature difference is appropriate:

where t:..Tc = the temperature of the coolant enter
ing,

t:..Tj = the temperature of the coolant leaving.
If the flow pattern is more complex than either of the
two previous situations then the log mean temperature
difference defined in equation (7.7) is multiplied by an
appropriate dimensionless factor which has been evalu
ated for a number of heat-exchanger systems by
McAdams (1954).

Appropriate techniques have just been discussed to
obtain values for Qexch' U and t:..T (or t:..Tam or t:..Tm ). If
equation (7.3) is now rearranged:

A = Qexch.

Ut:..T

Aeration and agitation will be considered in detail in
Chapter 9. In this chapter it should be stated that the
primary purpose of aeration is to provide micro
organisms in submerged culture with sufficient oxygen
for metabolic requirements, while agitation should en
sure that a uniform suspension of microbial cells is

Substituting in this equation makes it possible to calcu
late the heat-transfer surface necessary to obtain ade
quate temperature control.
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(a)

179

FIG. 7.10. Diagrams of (a) Scaba agitator; (b) Lightnin' A315
agitator (four blades) and (c) Prochem Maxflo T agitator (four, five
or six blades) (Nienow, 1990).

ric air flow rate/cross-sectional area of fermented
exceeds 21 m h - \ whereas the flat blade turbine can
tolerate a V, of up to 120 m h -1 before being flooded,
when two sets are used on the same shaft. Besides
being flooded at a lower V, than the disc turbine, the
propeller is also less efficient in breaking up a stream
of air bubbles and the flow it produces is axial rather
than radial (Cooper et at., 1944). The disc turbine was
thought to be essential for forcing the sparged air into
the agitator tip zone where bubble break up would
occur.

In other studies it has been shown that bubble break
up occurs in the trailing vortices associated with all
agitator types which give rise to gas-filled cavities and

*
£

ESO

(d)

(c)

FIG. 7.9. Types of agitators: (a) disc turbine; (b) vaned disc; (c)
open turbine, variable pitch; (d) marine propeller (Solomons, 1969).

the blades of a marine propeller are attached directly
to a boss on the agitator shaft. In this case the air
bubbles do not initially hit any surface before disper
sion by the vanes or blades.

Four other modern agitator developments, the Scaba
6SRGT, the Prochem Maxflo T, the Lightning A315
and the Ekato Intermig (Figs 7.10 and 7.11), which are
derived from open turbines, will also be discussed for
energy conservation and use in high-viscosity broths.

Since the 1940s a Rushton disc turbine of one-third
the fermenter diameter has been considered the opti
mum design for use in many fermentation processes. It
had been established experimentally that the disc tur
bine was most suitable in a fermenter since it could
break up a fast air stream without itself becoming
flooded in air bubbles (Finn, 1954). This flooding condi
tion is indicated when the bulk flow pattern in the
vessel normally associated with the agitator design (ra
dial with the Rushton turbine) is lost and replaced by a
centrally flowing air-broth plume up the middle of the
vessel with a liquid flow as an annulus (Nienow et aI.,
1985; see also Chapter 9). The propeller and the open
turbine flood when V, (superficial velocity, i.e. volumet-

(a)

(b)
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tions of oxygen in broth away from the agitators
higher concentrations of nutrients, acid or alkali
antifoam near to the feed points.

Another is the Prochem Maxflo agitator. It
of four, five or six hydrofoil blades set at a critical
on a central hollow hub (Gbewonyo et al., 1986;
land et at., 1988). A high hydrodynamic thrust is
ated during rotation, increasing the downwards
ing capacity of the blades. This design minimizes
drag forces associated with rotation of the agitator
that the energy losses due to drag are low. This leads
a low power number. The recommended agitator
vessel diameter ratio is greater than 0.4. When
agitator was used with a 800-dm3 Streptomyces fermen
tation, the maximum power requirement at the
viscous stage was about 66% of that with K1Ishton
turbines. The fall in power was also less in a 1"l-"UUlV-alm"
fermentation. The oxygen-transfer efficiency was also
significantly improved. It was thought that an improve
ment in bulk mixing was another contributing factor.

Intermig agitators (Fig. 7.11) made by Ekato of Ger
many are more complex in design. Two units are used
(with agitator diameter to vessel diameter ratios of 0.6
to 0.7) instead of a single Rushton turbine because
their power number is so low (Nienow, 1992). A large
diameter air sparger is used to optimize air dispersion
(see later section on spargers). The loss in power is less
than when aerating with a Rushton turbine. Air disper
sion starts from the air cavities which form on the wing
tips of the agitator blades. In spite of the downwards
pumping direction of the wings, the cavities extend
horizontally from the back of the agitator blades, re
ducing the effectiveness of top to bottom mixing in a
vessel.

Cooke et at. (1988) and Nienow (1990, 1992) give
comparisons of performance of Rushton turbines with
some of the newer designs.

These new turbine designs make it possible to re
place Rushton turbines by larger low power agitators
which do not lose as much power when aerated, are
able to handle higher air volumes without flooding and
give better bulk blending and heat transfer characteris
tics in more viscous media (Nienow, 1990). However,
there can be mechanical problems which are mostly of
a vibrational nature.

Good mixing and aeration in high viscosity broths
may also be achieved by a dual impeller combination,
where the lower impeller acts as the gas disperser and
the upper impeller acts primarily as a device for aiding
circulation of vessel contents. This has been discussed
by Nienow and Ulbrecht (1985) and in Chapter 9.

T

I
In
.....
o

0.6T

Ring sparger

t Recommended pumping direction

• Air,.....11-------- T----~---.....I

The two agitators
are set at 90·
to each other

4 Baffles

/'

FIG. 7.11. Arrangement for a pair of Intermig agitators. Relative
dimensions are given as a proportion of the fermenter vessel
diameter (T) (Nienow, 1990).

provided the agitator speed is high enough, good gas
dispersion will occur in low-viscosity broths (Smith,
1985). It has been also shown that similar oxygen-trans
fer efficiencies are obtained at the same power input
per unit volume, regardless of the agitator type.

In high-viscosity broths, gas dispersion also occurs
from gas filled cavities trailing behind the rotating
blades, but this is not sufficient to ensure satisfactory
bulk blending of all the vessel contents. When the
cavities are of maximum size, the impeller appears to
be rotating in a pocket of gas from which little actual
dispersion occurs into the rest of the vessel (Nienow
and Ulbrecht, 1985).

Recently, a number of agitators have been devel
oped to overcome problems associated with efficient
bulk blending in high-viscosity fermentations (Figs 7.10
and 7.11). The Scaba 6SRGT agitator is one which, at a
given power input, can handle a high air flow rate
before flooding (Nienow, 1992). This radial-flow agita
tor is also better for bulk blending than a Rushton
turbine, but does not give good top to bottom blending
in a large fermenter which leads to lower concentra-
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and Maxon (1966) tested a multi-rod mlxmg
iInpeller. In a 15,000-dm3 vessel, the same novobiocin

and oxygen availability rate were obtained at
half of the power required by a standard

turbine-stirred fermenter, but this type of impeller
does not appear to have come into general use.

Stirrer glands and bearings

Design of a Fermenter

Yoke

Skirt

FIG. 7.12. A simple stirrer seal based on a description given by
Rivett et al. (1950).

which are also quite expensive, are being used in some
animal cell culture vessels.

THE MECHANICAL SEAL

The mechanical seal assembly (Figs 7.14 and 7.15) is
now commonly used in both small and large fer
menters. The seal is composed of two parts, one part is
stationary in the bearing housing, the other rotates on
the shaft, and the two components are pressed together
by springs or expanding bellows. The two meeting
surfaces have to be precision machined, the moving
surface normally consists of a carbon-faced unit while
the stationary unit is of stellite-faced stainless steel.
Steam condensate is used to lubricate and cool the
seals during operation and serve as a containment

THE STUFFING BOX (PACKED-GLAND SEAL)

The stuffing box (Fig. 7.13) has been described by
Chain et al. (1954). The shaft is sealed by several layers
of packing rings of asbestos or cotton yarn, pressed
against the shaft by a gland follower. At high stirrer
speeds the packing wears quickly and excessive pres
sure may be needed to ensure tightness of fit. The
packing may be difficult to sterilize properly because of
unsatisfactory heat penetration and it is necessary to
check and replace the packing rings regularly. Parker
(1950) described a split stuffing box with a lantern ring.
Steam under pressure was continually fed into it. Chain
et al. (1954) used two stuffing boxes on the agitator
shaft with a space in between kept filled with steam.
Although, at one time, stuffing box-bearings were com
monly used in large-scale vessels, operational prob
lems, particularly contamination, have led to their re
placement by mechanical seal bearings for many
processes. However, these seals are sufficient for the
requirements of GILSP containment (Werner, 1992).

Bottom ,/'"
bearing

Fermenter
top plateThe satisfactory sealing of the stirrer shaft assembly

has been one of the most difficult problems to over
come in the construction of fermentation equipment
which can be operated aseptically for long periods. A
number of different designs have been developed to
obtain aseptic seals. The stirrer shaft can enter the
vessel from the top, side (Richards, 1968) or bottom of
the vessel. Top entry is most commonly used, but
bottom entry may be advantageous if more space is
needed on the top plate for entry ports, and the shorter
shaft permits higher stirrer speeds to be used by elimi
nating the problem of the shaft whipping at high speeds.
Originally, bottom entry stirrers were considered unde
sirable as the bearings would be submerged. Chain et
al. (1952) successfully operated vessels of this type, and
they have since been used by many other workers.
Mechanical seals can be used for bottom entry pro
vided that they are routinely maintained and replaced
at recommended intervals (Leaver and Hambleton,
1992).

One of the earliest stirrer seals described was that
used by Rivett, Johnson and Peterson (1950) in a
laboratory fermenter (Fig. 7.12). A porous bronze bear
ing for a 13-mm shaft was fitted in the centre of the
fermenter top and another in a yoke directly above it.
The bearings were pressed into steel housings, which
screwed into position in the yoke and the fermenter
top. The lower bearing and housing were covered with
a skirt-like shield having a 6.5 mm overhang which
rotated with the shaft and prevented air-borne con
taminants from settling on the bearing and working
their way through it into the fermenter.

Four basic types of seal assembly have been used:
the stuffing box (packed-gland seal), the simple bush
seal, the mechanical seal and the magnetic drive. Most
modern fermenter stirrer mechanisms now incorporate
mechanical seals instead of stuffing boxes and packed
glands. Mechanical seals are more expensive, but are
more durable and less likely to be an entry point for
contaminants or a leakage point for organisms or
products which should be contained. Magnetic drives,
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FIG. 7.14. Mechanical seal assembly (Elsworth et al., 1958). (Com
ponents; 1, flexible coupling; 2, stirrer shaft; 3, bearing housing; 4,
ball journal fit on mating parts; 5, two slots for gland leaks, only
one shown; 6, '0'-ring seal; 7, seal body; 8, stationary counter·face
sealed to body with square-section gasket; 9, exit port for conden
sate, fitted with unequal stud coupling; 10, rotating counter-face;
11, bellows; 12, shaft muff; 13, as 11; 14, as 10; 15, entry port for
condensate, as 9; 16, as 8; 17, as 6; 18, shaft bush support; 19, leak
holes; 20, Ferobestos bush; 21, ground shaft).
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FIG. 7.13. Packed-gland stirrer seal (Chain et al., 1954) (Compo
nents: 1, agitator shaft; 2, stuffing box; 3, upper cap; 4, lock ring; 5,
lower cap; 6, chuck; 7, greasecup; 8, lock ring; 9, lock nut; 10,
distance ring; 11, half coupling; 12, half coupling; 14a, washer; 14b,
nut; 15, impeller; 16, shim; 17, packing rings).

barrier. Single mechanical seals are used with a steam
barrier in fermenters for primary containment at level
1 or B2 (Werner, 1992), whereas double mechanical
seals are typically used in vessels with the outer seal as
a backup for the inner seal for primary containment at
level 2 or B3 (Werner, 1992; Leaver and Hambleton,
1992; Fig. 7.15). At level 2 or B3 the condensate is
piped to a kill tank. Monitoring of the steam conden
sate flowing out of the seal is an effective way for
checking for seal failure. Disinfectants are alternatives
for flushing the seals (Werner, 1992).

MAGNETIC DRIVES

The problems of providing a satisfactory seal when
the impeller shaft passes through the top or bottom
plate of the fermenter may be solved by the use of a
magnetic drive in which the impeller shaft does not

pierce the vessel (Cameron and Godfrey, 1969). A
magnetic drive (Fig. 7.16) consists of two magnets: one
driving and one driven. The driving magnet is held in
bearings in a housing on the outside of the head plate
and connected to a drive shaft. The internal driven
magnet is placed on one end of the impeller shaft and
held in bearings in a suitable housing on the inner
surface of the headplate. When multiple ceramic mag
nets have been used, it has been possible to transmit
power across a gap of 16 mm. Using this drive, water
can be stirred in baffled vessels of up to 300-dm3

capacity at speeds of 300 to 2000 rpm. It would be
necessary to establish if adequate power could be trans
mitted between magnets to stir viscous mould broths or
when wanting high oxygen transfer rates in bacterial
cultures. Walker et al. (1987) have described the devel
opment of a magnetic drive suitable for microbial fer
mentations up to 1500 dm3 which could be used when
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FIG. 7.15. Double mechanical seal (New Brunswick Scientific, Hatfield, England).

higher containment levels are specified. The stirring
mechanism is ideal for animal cell culture to minimize
the chances of potential contamination. This applica
tion is discussed later in this chapter.

on the baffles and the fermenter walls. Extra cooling
coils may be attached to baffles to improve the cooling
capacity of a fermenter without unduly affecting the
geometry.

Baffles The aeration system (sparger)

Four baffles are normally incorporated into agitated
vessels of all sizes to prevent a vortex and to improve
aeration efficiency. In vessels over 3-dm3 diameter six
or eight baffles may be used (Scragg, 1991). Baffles are
metal strips roughly one-tenth of the vessel diameter
and attached radially to the wall (see Figs 7.1 and 7.2
and Tables 7.2 and 7.3). The agitation effect is only
slightly increased with wider baffles, but drops sharply
with narrower baffles (Winkler, 1990). Walker and
Holdsworth (1958) recommended that baffles should be
installed so that a gap existed between them and the
vessel wall, so that there was a scouring action around
and behind the baffles thus minimizing microbial growth

A sparger may be defined as a device for introducing
air into the liquid in a fermenter. Three basic types of
sparger have been used and may be described as the
porous sparger, the orifice sparger (a perforated pipe)
and the nozzle sparger (an open or partially closed
pipe). A combined sparger-agitator may be used in
laboratory fermenters (Fig. 7.17) and is discussed briefly
in a later section.

POROUS SPARGER

The porous sparger of sintered glass, ceramics or
metal, has been used primarily on a laboratory scale in
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FIG. 7.17. Diagram of bearing housing with combined
agitator-sparger (Inceltech L.H. Reading, England).
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(volume of air- l volume of medium- l minute-I) with
a power input of 1 W kg-I, Nienow et ai. (1988) found
that the power often falls to below 50% of its unaer
ated value when using a single Rushton disc turbine
which is one-third the diameter of the vessel and a ring
sparger smaller than the diameter of the agitator. If the
ring sparger were placed close to the disc turbine and
its diameter was 1.2 times that of the disc turbine, a
number of benefits could be obtained (Nienow et ai.,
1988). A 50% higher aeration rate could be obtained
before flooding occurred, the power drawn was 75% of
the unaerated value, and a higher KLa could be ob
tained at the same agitator speed and aeration rate.
These advantages were lost at viscosities of about 100
m Pas.

Orifice spargers without agitation have been used to
a limited extent in yeast manufacture (Thaysen, 1945),
effluent treatment (Abson and Todhunter, 1967) and
later in the production of single-cell protein in the
air-lift fermenter which are discussed in a later section
of this chapter (Taylor and Senior, 1978; Smith, 1980).

Bottom end cap (j)

Socket for
sti rrer motor
connection

Driving magnet

U,;;!)\1Ml :~~~~onary

~ Rotating
parts

• Magnets

~ Headplatel
~ vessel bottom

Connection for
stirrer motor

Various arrangements of perforated pipes have been
tried in different types of fermentation vessel with or
without impellers. In small stirred fermenters the per
forated pipes were arranged below the impeller in the
form of crosses or rings (ring sparger), approximately
three-quarters of the impeller diameter. In most de
signs the air holes were drilled on the under surfaces of
the tubes making up the ring or cross. Walker and
Holdsworth (1958) commented that in production ves
sels, sparger holes should be at least 6 mm (1/4 inch)
diameter because of the tendency of smaller holes to
block and to minimize the pressure drop.

In low viscosity fermentations sparged at 1 wm

non-agitated vessels. The bubble size produced from
such spargers is always 10 to 100 times larger than the
pore size of the aerator block (Finn, 1954). The
throughput of air is low because of the pressure drop
across the sparger and there is also the problem of the
fine holes becoming blocked by growth of the microbial
culture.

ORIFICE SPARGER

FIG. 7.16. Diagram of magnetically coupled top stirrer assembly
(Applikon Dependable Instruments, Schiedam, Netherlands).

184



NOZZLE SPARGER

Most modern mechanically stirred fermenter designs
from laboratory to industrial scale have a single open
or partially closed pipe as a sparger to provide the
stream of air bubbles. Ideally the pipe should be posi
tioned centrally below the impeller and as far away as
possible from it to ensure that the impeller is not
flooded by the air stream (Finn, 1954). The single-noz
zle sparger causes a lower pressure loss than any other
sparger and normally does not get blocked.

COMBINED SPARGER-AGITATOR

On a small scale (1 dm3), Herbert et at. (1965)
developed the combined sparger-agitator design, intro
ducing the air via a hollow agitator shaft and emitting
it through holes drilled in the disc between the blades
and connected to the base of the main shaft. The
design gives good aeration in a baffled vessel when the
agitator is operated at a range of rpm (see Fig. 7.17).

THE ACHIEVEMENT AND MAINTENANCE OF
ASEPTIC CONDITIONS

Once the design problems of aeration and agitation
have been solved, it is essential that the design meets
the requirements of the degree of asepsis and contain
ment demanded by the particular process being con
sidered. It will be necessary to be able to sterilize, and
keep sterile, a fermenter and its contents throughout a
complete. growth cycle. There may be also a need to
protect workers and the environment from exposure to
hazardous micro-organisms or animal cells (Van
Houten, 1992). As has been mentioned earlier, the
containment requirements depend on the size of the
fermentation vessel.

The following operations may have to be performed
according to certain specifications to achieve and main
tain aseptic conditions and containment during a fer
mentation:

1. Sterilization of the fermenter.
2. Sterilization of the air supply and the exhaust

gas.
3. Aeration and agitation.
4. The addition of inoculum, nutrients and other

supplements.
5. Sampling.
6. Foam control.
7. Monitoring and control of various parameters.

Design of a Fermenter

On a small scale, below 10 dm3, the biohazard risk
can be controlled by a combination of containment
cabinets and work practices (Van Houten, 1992). When
the volume of culture exceeds 10 dm3, GILSP is re
quired for those non-pathogenic non-toxigenic agents
which have an extended history of large scale use. For
this category there should be prevention of contamina
tion of the product, control of aerosols and minimiza
tion of the release of micro-organisms during sampling,
addition of material, transfer of cells and removal of
materials, products and effluents. It should be appreci
ated that the majority of fermentations fall into this
category.

At level 1, B2 or at higher containment levels, the
following points need to be considered when designing
a fermenter or other vessel, so that it can operate as a
contained system (Tubito, 1991):

1. All vessels containing live organisms should be
suitable for steam sterilization and have sterile
vent filters. This is discussed in Chapter 5.

2. Exhaust gases from vessels should pass through
sterile filters. This is discussed in Chapter 5.

3. Seals on flange joints should be fitted with a
single 'O'-ring at the lower levels of contain
ment. Flange joints on vessels for Containment
levels 3 and B3/ 4 need double '0'-rings or dou
ble '0'-rings plus a steam barrier. This has been
discussed in an earlier section of this chapter.

4. Appropriate seals should be provided for entry
ports for sensor probes, inoculum, sampling,
medium addition, acid, alkali and antifoam. This
will be discussed later in this chapter.

5. Rotating shafts into a closed system should be
sealed with a double acting mechanical seal with
steam or condensate between the seals. This has
been discussed in an earlier section in this chap
ter.

6. During operation a steam barrier should be
maintained in all fixed piping leading to the
'contained' vessels.

7. Provision of appropriate pressure relief facilities
will be discussed later in this chapter.

Further details for containment are given by Giorgio
and Wu (1986), Hesselink et at. (1990), Kennedy et at.
(1990), Janssen et at. (1990), Hambleton et at. (1991),
Tubito (1991), Leaver and Hambleton (1992), Van
Houten (1992), Vranch (1992) and Werner (1992).

Some of the issues discussed in points 1, 3, 4, 5 and 7
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will need to be considered for aseptic operation of
GILSP processes.

Sterilization of the fermenter

The fermenter should be so designed that it may be
steam sterilized under pressure. The medium may be
sterilized in the vessel or separately, and subsequently
added aseptically. If the medium is sterilized in situ its
temperature should be raised prior to the injection of
live steam to prevent the formation of large amounts of
condensate. This may be achieved by steam being in
troduced into the fermenter coils or jacket. As every
point of entry to and exit from the fermenter is a
potential source of contamination, steam should be
introduced through all the entry and exit points except
the air outlet from which steam should be allowed to
leave.

All pipes should be constructed as simply as possible
and slope towards drainage points to make sure that
steam reaches all parts of the equipment and is not
excluded by siphons or pockets of condensate or mash.
Each drainage point in the pipework should be fitted
with a steam trap. This will be described in the section
on valves and steam traps. Parker (1958), Chain et at.
(1954) and Muller and Kieslich (1966) and others have
all stressed the need to eliminate fine fissures or gaps
such as flange seals which might be filled with nutrient
solutions and micro-organisms. Hambleton et al. (1991)
described a high specification pilot scale fermenter
with surfaces free of crevices greater than 0.05-mm
depth, which is needed if the vessel was to be used for
animal cells in suspension culture or on micro-carriers.
For long-term aseptic operation welded joints should
be used wherever possible, even though sections may
have to be cut out and re-welded during maintenance
and repair (Smith, 1980).

Sterilization of the air supply

Sterile air will be required in very large volumes in
many aerobic fermentation processes. Although there
are a number of ways of sterilizing air, only two have
found permanent application. These are heat and fil
tration. Heat is generally too costly for full-scale opera
tion (see also Chapter 5).

Historically, glass wool, glass fibre or mineral slag
wool have been used as filter material, but currently
most fermenters are fitted with cartridge-type filters as
discussed in Chapter 5. However, before the filter may
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FIG. 7.18. An arrangement of packed air filter and fermenter
(Richards. 1968).

be used it, too, must be sterilized in association with
the fermenter. Two procedures are commonly followed
depending on the construction of the filter unit.

Figure 7.18 shows the simple unit described by
Richards (1968). During sterilization the main non
sterile air-inlet valve A is shut, and initially the sterile
air valve B is closed. Steam is applied at valve C and air
is purged downwards through the filter to a bleed valve
at the base. When the steam is issuing freely through
the bleed valve, the valve B is opened to allow steam to
pass into the fermenter as well as the filter. It is
essential to adjust the bleed valve to ensure that the
correct sterilization pressure is maintained in the fer
menter and filter for the remainder of the sterilization
cycle.

An alternative approach is to use a steam-jacketed
air filter (Fig. 7.19). At the beginning of a sterilization
cycle the valve A will be closed and steam passed
through valves Band C, and bled out of D. Simultane
ously steam will be passed into the steam jacket through
valve F and out of G. When steam is issuing freely
from valve D, valve F, may be opened and steam
circulated into the fermenter. The bleed valve D will
have to be adjusted to ensure that the correct pressure
is maintained. Once the sterilization cycle is complete,
valves Band E are closed and A is opened to allow air
to pass through the heated filter and out of valve D to



The sampling points fitted to larger fermenters also
illustrate the principles for maintaining sterility. A ster
ile barrier must be maintained between the fermenter
contents and the exterior when the sample port is not
being used and it must be sterilizable after use. A
simple design (Fig. 7.20) is described by Parker (1958).
In normal operation valves A, Band C are closed and a
barrier is formed by submerging the end of the sam
pling port in 40% formalin or a suitable substitute. A
sample is obtained by removing the container of forma
lin and closing valve A. Valves Band C are then
opened until the piping has been sterilized by steam.
Valves Band C are then partially closed to allow a slow
stream of steam and condensate out of the sampling
port. Valve A is then opened slightly to cool the piping.
The broth is discarded. Valve C is then closed and a
sample is collected. Valve A is then closed and the
piping is resterilized and left in the out of use arrange
ment.

An alternative arrangement for a sampling port is
illustrated in Fig. 7.21 where the sterile barrier between

Sampling

should be done by aseptic piercing of membranes or
connections with steam locks. At Containment levels 2
and B3/4, no micro-organisms must be released during
inoculation or other additions. In order to meet these
stringent requirements all connections must be screwed
or clamped and all pipelines must be steam sterilizable
(Werner, 1992).

Further details of the aseptic inoculation of labora
tory, pilot-plant and production fermenters are de
scribed in Chapter 6.
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FIG. 7.19. Design for a simple steam-jacketed air-filter.

Steam

dry the filter. Finally the steam supply to the steam
jacket is stopped. Valve D is closed and valve E opened,
thus introducing sterile air into the fermenter to achieve
a slight positive pressure in the vessel.

Sterilization of the exhaust gas from a fermenter

Air

Sterilization of the exhaust gas can be achieved by
0.2-JLm filters on the outlet pipe (Fig. 5.21). Under
normal operation aerosol formation may occur in the
fermenter and moisture and solid matter may then plug
the filter. To ensure satisfactory operation a cyclone
separator (for solids) and a coalescer (for liquids) would
be included upstream of two filters in series. The filters
should be checked regularly to ensure that no viable
cells are escaping. A test procedure to ensure integrity
has been described by Hesselink et at. (1990).

The addition of inoculum, nutrients and
other supplements

Steam

To prevent contamination when operating a fer
menter requiring GILSP, it is essential that both the
addition vessel and the fermenter should be main
tained at a positive pressure and that the addition port
is equipped with a steam supply.

At Containment levels 1 and B2, the addition of
inoculum, nutrients, etc. must be carried out in such a
way that release of micro-organisms is restricted. This

C

A
B

\lI

FIG. 7.20. Simple design for a sampling port (Parker, 1958).
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FIG. 7.22. Sterilizable sampling system for Category 1 (Werner,
1992). Key: (1) handle for opening and closing; (2) piping for
sample or condensate, respectively; (3) 'O'-ring; (4) housing; (5)
spring; (6) steam inlet; (7) union nut; (8) welding socket; (9)
product; (10) wall of the bioreactor; (II) port of sampling tube.
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duces spoilage until they can be removed for analysis.
This sampler can be used for GILSP.

In all the sampling devices described above, steam is
used merely to maintain aseptic conditions. If the
process organism has to be contained then the sample
vessel must be designed accordingly. At level 1 or B2,
removal of broth should be carried out in such a way
that release of micro-organisms is minimized. Such a
system (Fig. 7.24) is described by Janssen et at. (1990).
The sampling bottle assembly is attached to the fer
menter by a double-end shut-off quickconnect Band
air is vented from the vessel during sampling by a
suitable membrane filter. The pipe work is steamed for
15 minutes using 1.3 bar steam with the valve E on the
sample bottle closed. With valves C and D closed and
A and B open a sample can be taken, then the pipe is
resterilized before removing the sample bottle.

At level 2 or B3, sampling should be done in a closed
system (Figs 7.25 and 7.26), and all piping coming into
contact with a sample must be sterilizable with steam.
The sampling vessel should be closed during transport
and samples should be examined under containment

A
C

Steam

D
Steam and
condensate

B

Vessel
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FIG. 7.21. An alternative simple sample port.

the sample port and the exterior is a condensed flow of
steam between valves C and D, valves A and B being
closed. Valve D is connected to a steam trap to avoid
condensate accumulation. To sterilize valve B prior to
sampling, valve C is partially closed, valve D completely
closed and valve B partially opened to allow a slow
stream of steam and condensate out of the sampling
port. Valve A is opened briefly to cool the pipe and the
broth is discarded. Valve C is then closed and a sample
is collected. Valve A is then closed and the piping is
resterilized. In between collecting samples valves C and
D are left partially open.

A more modern sterilizable system, as illustrated in
Fig. 7.22, has been described by Werner (1992). In the
closed position steam enters through the entry point 6
and passes through the sampling hole 11 and into the
sampling hole 2. When sampling, the handle is pushed
so that the hole in the sampling tube is in the fer
menter and the vessel contents may be sampled. When
the sampler is closed the unit can be resterilized.

Marshall et at. (1990) recognized that sampling re
quires good mechanical design and good operator prac
tice to ensure sterility. Complex valve sequencing can
lead to operator error. The automatic MX-3 rotary
valve (Fig. 7.23) was developed by Marshall Biotech
nology Ltd and is now marketed by New Brunswick
Scientific Ltd. In this device, broth is continuously
recycled to and from the fermenter and up to 12
samples can be taken automatically in sample bottles
according to a pre-programmed sequence. The storage
of the bottles in an integral refridgeration block re-
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FIG. 7.23. Schematic representation of the MX-3 BioSampler rotary valve system.

Sensor probes

intermittently (Fig. 7.27). These can be sterilized in situ
with steam after connection has been completed and
before any additions are made.

Double '0' ring seals have been used for many years
to provide an aseptic seal for glass electrodes in stain
less steel housings in fermenters using GILSP. This
system is also suitable for levels 1 and B2, provided
that release of micro-organisms is minimized and there
are adequate disinfection procedures for dealing with
leakages (Werner, 1992).

Steam in

C

Out.... _- __-e:..>---'

Feed ports

conditions corresponding to those specified for the
process (Werner, 1992).

Additions of nutrients and acid/alkali to small fer
menters are normally made via silicone tubes which are
autoclaved separately and pumped by a peristaltic pump
after aseptic connection. In large fermenter units, the
nutrient reservoirs and associated piping are usually an
integrated part which can be sterilized with the vessel.
However, there may also be ports which are used

Fermenter

A

D

Filtered air vent

Condensate

Sample bottle

FIG. 7.24. Sample system for level 1 (Jannsen et al., 1990).
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Valve sequences during sampling

Valve Sterilization Sampling Sterilization Removal
sampling flask after sampling of of sampling

sampling flask flask

VI closed open closed closed
V2 open closed open closed
V3 open open closed closed
V4 open closed closed closed
V5 open open open closed
V6 closed closed open closed
V7 open open open closed

Membrane
filter

V6

tion. There is also the possibility that siphoning will
develop, leading to the loss of all or part of the con
tents of the fermenter. Methods for foam control are
considered in Chapter 8 and antifoams are discussed in
Chapter 4. In certain circumstances antifoams may
cause problems with aeration or downstream process
ing. Foam breakers which break down foam by an
impact mechanism created by some type of rotating
mechanism inside the fermenter are manufactured by
Bioengineering AG (Switzerland), Chemap AG
(Switzerland), Electrolux (Sweden), Frings (Germany)
and New Brunswick Scientific Ltd (U.S.A.). Mechanical
foam breakers used in Acetators for vinegar production
are described later in this chapter. Domnick Hunter
(U.K.) manufacture the 'Turbosep', in which foam is
directed over stationary turbine blades in a separator
and the liquid fraction is returned to the fermenter.

Foam control

At Containment levels 2 and B3/4, probes are fitted
with triple 'G'-ring seals (Hambleton et at., 1991). Al
though double 'G'-ring seals with steam tracing have
been described they are not normally considered to be
feasible (Leaver and Hambleton, 1992). The use of
pre-inserted back-up probes is recommended as a
means for dealing with probe failure rather than using
a retractable electrode housing during a fermentation
cycle because of the danger of leakage of broth (Ham
bleton et at., 1991).

Fermenter
vessel

Bioreactor
connection

Sampling
flask
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In any fermentation it is important to minimize
foaming. When foaming becomes excessive, there is a
danger that filters become wet resulting in contamina-

FIG. 7.25. Containment sampling unit for Chapter 2 (Werner, 1992).
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FIG. 7.26. Resterilizable harvest-sampling valve for Level 2 containment (New Brunswick, Hatfield, England). This spool-type valve is
connected to the bottom of the fermenter vessel in the closed position (a), pressurized steam circulates throughout the entire valve body
and through the product condensate line (B) via a steam inlet line (A). Aseptic withdrawal of samples is achieved with the valve in the
open position (b). To prevent possible contamination when the plunger is raised, steam is circulated to the lower valve area. Action of
thc plunger is controlled by an air cyclinder.
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Fro. 7.27. Steam sterilizable liquid-feed port (Beck et al., 1987).
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At Containment level 1 or B2, the exhaust air system
should shut down automatically if the foam control
system fails (Werner, 1992).

Monitoring and control of various parameters

These factors are considered in detail in Chapter 8.

VALVES AND STEAM TRAPS

Valves attached to fermenters and ancillary equip
ment are used for controlling the flow of liquids and
gases in a variety of ways. The valves may be:

1. Simple ON/OFF valves which are either fully
open or fully closed.

2. Valves which provide coarse control of flow rates.
3. Valves which may be adjusted very precisely so

that flow rates may be accurately controlled.
4. Safety valves which are constructed in such a way

that liquids or gases will flow in only one direc
tion.

When making the decision as to which valves to use
in the design and construction of a fermenter it is
essential to consider the following points:

1. Will the valve serve its chosen purpose? Is it
suitable for aseptic operation or contained
processes, and of the correct dimensions? Is the
pressure drop across the valve tolerable?

2. Will the valve withstand the rigours of the
process? The materials used to construct the
valve should be suited to the process. It is also
important to know whether corrosive liquids are
used or synthesized during the process. The max
imum operating temperature and pressure of the
process should be known.

3. Are there welds or flanges in the valve?
4. Is the valve one which can be operated by re

mote control?
5. The cost and availability of suitable valves.
6. Can the valve be used for containment pur

poses?

A wide range of valves is available, but not all of
them are suitable for use in fermenter construction
(Solomons, 1969; Kemplay, 1980).

The valves described in this section open and close
by (a) raising or lowering the blocking unit with a screw
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FIG. 7.28. Sectional view of a two-piece gate valve (British Valve
Manufacturers Association, 1972).

thread (rising stem), (b) a drilled sphere or plug, or a
disc rotating in between two bearings or (c) a rubber
diaphragm or tube which is pinched.

Gate valves

In this valve (Fig. 7.28), a sliding disc is moved in or
out of the flow path by turning the stem of the valve. It
is suitable for general purposes on a steam or a water
line for use when fully open or fully closed and there
fore should not be used for regulating flow. The flow
path is such that the pressure drop is minimal, but
unfortunately it is not suitable for aseptic conditions as
mash solids can pack in the groove where the gate
slides, and there may be leakage round the stem of the
valve which is sealed by a simple stuffing box. This
means that the nut around the stem and the packing
must be checked regularly.

Globe valves

In this valve (Fig. 7.29), a horizontal disc or plug is
raised or lowered in its seating to control the rate of
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FIG. 7.30. Piston valve (Kemplay, 1980).
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FIG. 7.31. Needle valve for accurate control of flow rate (Kemplay,
1980).
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The needle valve (Fig. 7.31) is similar to the globe
valve, except that the disc is replaced by a tapered plug
or needle fitting into a tapered valve seat. The valve

Body can be used to give fine control of steam or liquid flow.
Accurate control of flow is possible because of the

valve with outside screw and conventional disc variable orifice formed between the tapered plug and
the tapered seat. The aseptic applications are very
limited.

Piston valves

-~~r==:dE2t---Handwheel

gate and globe valves it is possible to
a flexible metallic membrane around the

to replace the standard packing. This
of valve can be operated aseptically, but
more expensive. Valves with non-rising

been used, but they are still potential

of valve is very commonly used for
flow of water or steam since it may be

It is not suitable for aseptic operation
potential leakage round the valve stem,

in design to that of the gate valve.
hi~(h-pf(~sslure drop across the valve because

valve (Fig. 7.30) is similar to a globe valve
flow is controlled by a piston passing
packing rings. This design has proved in
very efficient under aseptic operation. It

to sterilize them partly open so that steam
far as possible into the valve body. There

blo'ck,lge problems with mycelial cultures. The
is similar to that of a globe valve.
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FIG. 7.32. Sectional view of lubricated taper plug valve (British Valve Manufacturers Association, 1972).
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The butterfly valve (Fig. 7.34) consists of a
which rotates about a shaft in a housing. The
closes against a seal to stop the flow of liquid. This
of valve is normally used in large diameter pipes
ating under low pressure where absolute closure is
essential. It is not suitable for aseptic operation.

In the pinch valve (Fig. 7.35) a flexible sleeve is
closed by a pair of pinch bars or some other mecha
nism which can be operated by compressed air re
motely or automatically. The flow rate can be con
trolled from 10 to 95% of rated flow capacity (Pikulik,
1976). The valve is suitable for aseptic operation with
fermentation broths, even when mycelial, as there are
no dead spaces in the valve structure, and the closing
mechanism is isolated from the contents of the piping.
Obviously, the sleeve of rubber, neoprene, etc., must be
checked regularly for signs of wear.

Like the pinch valve, the diaphragm valve (Fig. 7.36)
makes use of a flexible closure, with or without a weir.
It may also be fitted with a quick action lever. This

Lubricant screw
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Orifice A 4----Hrt-

In this valve there is a parallel or tapered plug sitting
in a housing through which an orifice, A, has been
been machined. The valve shown in Fig. 7.32 is in the
closed position. When the plug is turned through 90°
the valve is fully open and the flow path is determined
by the cross-sectional area of A, which may not be as
large as that of the pipeline. This type of valve has a
tendency to leak or seize up, but the use of lubricants
and/or sealants may overcome these problems. If suit
able packing sleeves (e.g. compressed asbestos) are
incorporated into the valve it will be suitable for use in
a steam line as it is quick to operate, has protected
seals, a minimal pressure drop and a positive closure. It
can also provide good flow control.

Ball valves

This valve (Fig. 7.33) has been developed from the
plug valve. The valve element is a stainless-steel ball
through which an orifice is machined. The ball is sealed
between two wiping surfaces which wipe the surface
and prevent deposition of matter at this point. The
orifice in the ball can be of the same diameter as the
pipeline, giving an excellent flow path. The valve is
suitable for aseptic operation, can handle mycelial
broths and can be operated under high temperatures
and pressures. The pressure and temperature range is
normally limited by the PTFE seat and stem seals.
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FIG. 7.36. Sectional views of weir-type diaphragm valves in open
and closed positions (Thielsch, 1967).
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FIG. 7.35. Sectional view of pinch valve in open and shu t position:
(1) body; (5) flexible tube; (7) spindle; (8) top pinch bar; (9) lower
pinch bar (British Valve Manufacturers Association 1966' Kem-
play, 1980). ' ,

pressure limits. Diaphragm failure, which is often due
to excessive handling, is the primary fault of the valve.
Ethylene propylene diene modified (EPDM) is now the
preferred material. Hambleton et al. (1991) consider
that a diaphragm valve with a steam seal on the 'clean'
side (APV Ltd, Crawley, u.K.) is a potentially safer
valve. However their widescale use would make a fer
mentation plant much more complex and expensive.
Steam barriers on valves have been used by ICI pic for
the 'Pruteen' air-lift fermenter (Smith, 1980; Sharp,
1989).

Body end

Ball
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Trunnion

FIG. 7.33. Sectional view of end-entry ball valve (British Valve
Manufacturers Association, 1972).

Disc

The most suitable valve
FIG. 7.34. Sectional view of wafer-pattern butterfly valve (British
Valve Manufacturers Association, 1972).

valve is very suitable for aseptic operation provided
that the diaphragm is of a material which will withstand
repeated sterilization. The valve can be used for
ON/OFF, flow regulation, and for steam services within

Among these group of valves which have just been
described, globe and butterfly valves are most com
monly used for ON/OFF applications, gate valves for
crude flow control, needle valves for accurate flow
control and ball, pinch or diaphragm valves for all
sterile uses.
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FIG. 7.37. Sectional view of swing check valve (Kemplay, 1980).

Ball and diaphragm valves are now the most widely
used designs in fermenter and other biotechnology
equipment (Leaver and Hambleton, 1992). Although
ball valves are more robust, they contain crevices which
make sterilization more difficult.

Check valves

The purpose of the check valve is to prevent acci
dental reversal of flow of liquid or gas in a pipe due to
breakdown in some part of the equipment. There are
three basic types of valve: swing check, lift check and
combined stop and check with a number of variants.
The swing check valve (Fig. 7.37) is most commonly
used in fermenter designs. The functional part is a
hinged disc which closes against a seat ring when the
intended direction of flow is accidentally reversed.

Pressure-control valves

When planning the design of a plant for a specific
process, the water, steam and air should be at different,
but specified pressures and flow rates in different parts
of the equipment. For this reason it is essential to
control pressures precisely and this can be done using
reduction or retaining valves.

PRESSURE-REDUCTION VALVES

Pressure-reduction valves are incorporated into
pipelines when it is necessary to reduce from a higher
to a lower pressure, and be able to maintain the lower
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pressure in the downstream side within
irrespective of changes in the inlet pressure or
in demand for gas, steam or water.

PRESSURE-RETAINING VALVES

A pressure-retaining valve will maintain pn~SSILire

the pipeline upstream of itself, and the valve
signed to open with a rising upstream pressure.
constructed with a reverse action of the pr,ess.ur,e_r,e"
ducing valve.

Safety valves must be incorporated into every air
steam line and vessel which is subject to pressure
ensure that the pressure will never exceed the
upper limit recommended by the manufacturer or
code of practice and to satisfy government legisl<ltic,n
and insurance companies. They must also be of the
correct type and size to suit the operating conditions
and be in sufficient numbers to protect the plant.
reliability of such valves is crucial.

In the simplest valves (Fig. 7.38), a spindle is lifted
from its seating against the pressure of gas, steam or
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FIG. 7.38. Section of a safety valve (Kemplay, 1980).



Once the pressure falls below the value set by
tensioned spring, the spindle should return to its

position. However, the valve may stick open if
material lodges on the valve seat and plant

ooercltors may interfere with the release pressure set-
Bursting/rupture discs may be used as an alterna

and are of a more hygienic design than some valves
and Hambleton, 1992).

GILSP operational categories, venting the es-
gas through the factory roof in emergencies

be satisfactory. At higher containment levels it
be necessary to treat the escaping gas. A kill

with a HEPA venting filter is one possible solu
but not fully satisfactory.

It is also important to ensure that vessels do not
when vacuums occur. Vacuum release valves

been designed to cope with cold rinsing of a hot
or absorption of CO 2 when cleaning with caustic

solutions (Maule, 1986). Shuttlewood (1984) has dis
cussed design pressure and vacuum pressure in relation
to vessel thickness requirements for design codes for
American and British standards of safety.

Steam traps

In all steam lines it is essential to remove any steam
condensate which accumulates in the piping to ensure
optimum process conditions. This may be achieved by
incorporating steam traps, which will collect and re
move automatically any condensate at appropriate
points in steam lines. A steam trap has two elements.
One is a valve and seat assembly which provides an
opening, which may be of variable size, to ensure

Design of a Fermenter

effective removal of any condensate. This opening may
operate on an open/close basis so that the average
discharge rate matches the steam condensation rate or
the dimensions of this opening may be varicd contin
ually to provide a continuous flow of condensate The
second element is a device which will open or close the
valve by measuring some parameter of the condensate
reaching it to determine whether it should be dis
charged (Armer, 1991).

The steam trap may be designed to operate automat
ically on the basis of:

1. The density of the fluid by using a float (ball or
bucket) which will float in water or sink in steam
(Fig. 7.39).

2. By measuring the temperature of the fluid, clos
ing the valve at or near steam temperature and
opening it when the fluid has cooled to a temper
ature, say 8° below the saturated steam tempera
ture of the steam. The sensing element is often a
stainless-steel capsule filled with a water-alcohol
mixture which expands when steam is present
and presses a ball into a valve seat or contracts
when cooler condensate is present and lifts the
ball from the seating. These are used in ther
mostatic and balanced pressure steam traps (Figs
7.40 and 7.41).

3. By measuring the kinetic effects of the fluid in
motion. At a given pressure drop, low-density
steam will move at a much greater velocity than
higher density condensate. The conversion of
pressure energy into kinetic energy can be used
to control the degree of opening of a valve. This
type of steam trap is not used velY widely.

2

6 15 7

FIG. 7.39. Ball float steam trap with thermostatic air vent (Spirax/Sarco, Cheltenham, England). (5) valve seat; (8) ball noat and lever;
(9) air vent.
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Complete loss of contents from a fermellter

boiler, (b) used in a steam condensate line, (c)
to waste or (d) piped to a kill tank in a cOfltaInment
location

FIG. 7.42. SBP 30 Sealed balanced pressure thermostatic
trap (Spirax/Sarco, Cheltenham, England). 0) cover; (2) hody;
element/capsule; (4) ball scat assembly; (5) strainer
inlet; (7) outlet.

Leaver and Hambleton (1991) have suggested build
ing a wall or dyke around a fermenter which would
retain the entire contents were they to leak out. The
escaping fluid would then be pumped into a suitable
vessel for sterilization. The floor should be covered
with an impervious epoxy based surface and coved up
the walls (Kennedy et al., 1990).

.. Inlet
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FIG. 7.40. Balanced pressure steam trap (Spirax/Sarco, Chel
tenham, England). 0) body; (2) end connection; (3) element; (4)
Tri-Clover clamp; (5) Tri-Clover joint gasket; (6) ball scat.

Armer (1991) thinks that balanced pressure ther
mostatic traps are the most suitable for autoclaves and
sterilizers. Some can operate close to steam-saturation
temperature with little back up of condensate. Sarco
Ltd (Cheltenham, U.K.) make a hermetically sealed
balanced pressure steam trap (Model No. SBP 30; Fig.
7.42) which has been used with a high containment
level pilot-plant fermenter (Hambleton et al., 1991).

Any steam condensate may be (a) returned to the

Testing new fermenters

FIG. 7.41. Stainless steel thermostatic steel trap (Spirax/Sarco,
Cheltenham, England). 0) inlet; (2) outlet; (3) body; (4) ball seat;
(5) element.
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When a new fermenter (10 dm3 or larger) has finally
been assembled in a factory it must be hydraulically
pressure tested and checked by independent inspectors
using nationally approved test procedures. A vessel
which has passed the approved tests is given a certifi
cate which is recognized by insurance companies which
will allow it to be operated in a laboratory or factory. If
any subsequent modifications are made to a vessel in
this size range it must be retested and certificated
before it can be legally used. Thus a number of fer
menter manufacturers cut extra '0' ring grooves and
steam traces in head plates or ports to satisfy higher
containment-level needs so that the vessels will not
have to be modified subsequently and to avoid extra
pressure checks.
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OTHER FERMENTATION VESSELS

of the other forms of fermentation vesels will
considered. These vessels have more limited

al)J)lic:atl<ons and have been developed for specific pur
or closely related processes. Some are historical

such as the earliest forms of packed
others were being developed in parallel with the

mechanically stirred fermenter during the
while other approaches are more recent. As

of this topic have been reviewed by Prokop and
'/(ytrtH)>! (1976), Katinger (1977), Hamer (1979), Levi et

(1979), Solomons (1980), Schugerl (1982, 1985), Sit
(1982), Winkler (1990) and Atkinson and Mavituna

The Waldhof-type fermenter

The investigations on yeast growth in SUlphite waste
liquor in Germany, Japan and the United States of
America led to the development of the Waldhof-type
fermenter (Inskeep et al., 1951; Watanabe, 1976).
Inskeep et al. (1951) have given a description of a
production vessel based on a modification of the origi
nal design of Zellstofffabrik Waldhof. The fermenter
was of carbon steel, clad in stainless steel, 7.9 m in
diameter and 4.3-m high with a centre draught tube 1.2
m in diameter. A draught tube was held by tie rods
attached to the fermenter walls. The operating volume
was 225,000 dm3 of emulsion (broth and air) or 100,000
dm3 of broth without air. Non-sterile air was intro
duced into the fermenter through a rotating pin-wheel
type of aerator, composed of open-ended tubes rotat
ing at 300 rpm (Fig. 7.43). The broth passed down the
draught tube from the outer compartment and reduced
the foaming.

Acetators and cavitators

Fundamental studies by Hromatka and Ebner (1949)
on vinegar production showed that if Acetobacter cells
were to remain active in a stirred aerated fermenter,
the distribution of air had to be almost perfect within
the entire contents of the vessel. They solved the
full-scale problem by the use of a self-aspirating rotor
(Ebner et aI., 1967). In this design (Fig. 7.44), the
turning rotor sucked in air and broth and dispersed the
mixture through the rotating stator (d). The aerator
also worked without a compressor and was self-prim
ing.

Design of a Fermenter

Top view

Section 'A-A'

FIG. 7.43. Top view and section of a Waldhof aeration wheel
(Inskeep et al., 1951).

Vinegar fermentations often foam and chemical an
tifoams were not thought feasible because they would
decrease aeration efficiency (Chapter 9) and additives
were not desirable in vinegar. A mechanical defoamer
therefore had to be incorporated into the vessel and as
foam builds up it is forced into a chamber in which a
rotor turns at 1,000 to 1,450 rpm. The centrifugal force
breaks the foam and separates it into gas and liquid.
The liquid is pumped back into the fermenter and the
gas escapes by a venting mechanism. Descriptions of
the design and various sizes of model have been given
by Ebner et al. (1967). Fermenters of this design are
manufactured by Heindrich Frings, Bonn, Germany.
An illustration of the basic components is given in Fig.
7. 45. In 1981, 440 acetators were in operation all over
the world with a total production of 767 X 106 dm3

year -]. The major vinegar producers were the U.S.A.
(152 X 106 dm3), France (90 X 106 dm3) and Japan
(46 X 106 dm3) while the remainder was produced by
over 50 countries (Ebner and Follmann, 1983).

Chemap AG of Switzerland manufacture the
Vinegator. A self-aspirating stirrer and a central suc
tion tube aerates a good recirculation of liquid. Addi
tional air is provided by a compressor. Foam is broken
down by a mechanical defoamer (Ebner and Follmann,
1983).
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FIG. 7.44. Axonometric view of the self-priming aerator used with
the Frings generator (Ebner et al., 1967). The turbine is designed
as a hollow body (a) with openings which are arranged radially and
open against the direction of rotation (b). The openings are
shielded by vertical sheets (c). The turbine sucks liquid from above
and below and mixes it with air sucked in through the openings.
The suspension is thrown through the stator (d) towards the
circumference of the tank. An upper and lower ring on the turbine
(e,O helps to direct and regulate the air-liquid suspension. The
stator (d) consists of an upper and lower ring (g,h) which are
connected by vertical sheets (i) inclined at about 30° towards the
radius.

At least three other vinegar fermenters are no longer
manufactured. The Bourgeois process was sold in Eu
rope between 1955 and 1980 and the Fardon process
between 1960 and 1975. The Yeomans cavitator was
sold in the U.S.A. between 1959 and 1970 (Cohee and
Steffen, 1959; Mayer, 1961; Ebner and Follmann, 1983).
The fermenter had an agitator of different design, but
similar operating principles to the acetator. Uniform
distribution of air bubbles was obtained by means of
the circulation pattern created by the centrally located
draught (draft) tube. The agitator withdrew liquid from
the draught tube and pushed liquid into the main part
of the vessel. The outer level rose and overflow oc
curred back into the top of the draught tube.

The tower fermenter

It is difficult to formulate a single definition which
encompasses all the types of tower fermenter. Their
main common feature appears to be their height:diam
eter ratio or aspect ratio. Such a definition has been
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FIG. 7.45. Diagram of a section through a Frings generator fer
menter used for the manufacture of vinegar. The fermenter, which
can be used semicontinuously or continuously, employs vortex
stirring (Greenshields, 1978).

given by Greenshields et al. (1971) who described a
tower fermenter as an elongated non-mechanically
stirred fermenter with an aspect ratio of at least 6:1 for
the tubular section or 10:1 overall, through which there
is a unidirectional flow of gases. Several different types
of tower fermenter exist and these will be examined in
broad groups based on their design.

The simplest types of fermenter are those that con
sist of a tube which is air sparged at the base (bubble
columns). This type of fermenter was first described for
citric acid production on a laboratory scale (Snell and
Schweiger, 1949). This batch fermenter was in the form
of a glass column having a height:diameter ratio of 16:1
with a volume of 3 dm3. Humid sterile air was supplied
through a sinter at the base. Steel et al. (1955) reported
an increase in scale to 36 dm3 for a fermenter of this
type. Pfizer Ltd has always used non-agitated tower
vessels for a range of mycelial fermentation processes
including citric acid and tetracyclines (Solomons, 1980;
Carrington et al., 1992). Recently Pfizer Ltd sold their
citric acid interests to Arthur Daniels Midland who are
operating such vessels up to 23 m high (Burnett, 1993).
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were not adopted for the brewing of lagers and beers
until the 1960s (Hoggan, 1977). Breweries throughout
the world have now adopted this method of brewing.
The vessel (Fig. 7.46) consists of a stainless-steel verti
cal tube with a hemispherical top and a conical base
with an included angle of approximately 70° (Boulton,
1991).

Aspect ratios are usually 3:1 and fermenter heights
are 10 to 20 m. Operating volumes are chosen to suit
the individual brewery requirements, but are often
150,000 to 200,000 dm3

. Vessels are not normally agi
tated unless a particularly flocculant yeast is used, but
small impellers may be used to ensure homogeneity
when filling with wort (Boulton, 1991). In the vessel,
the wort is pitched (inoculated) with yeast and the
fermentation proceeds for 40 to 48 hours. Mixing is
achieved by the generation of carbon dioxide bubbles
that rise rapidly in the vessel. Temperature control is
monitored by probes positioned at suitable points within
the vessel. A number of cooling jackets are fitted to the
vessel wall to regulate and cause flocculation and set
tling of the yeast (Ulenberg et al., 1972; Maule, 1986;

Pipe for CO 2
entry and
pressure
cleaning

Conical nozzle
with sightglass,

Cylindro-conical vessels

of between 200 m3 and 950 m3 have been
feport(~o ellsevVhere (Rohr et al., 1983).

the brewing industry began to use tower
which were more complex in design and

be operated continuously. Hall and Howard
described small-scale fermenters that consisted

jacketed tubes of various dimensions which
inclined at angles of 9 to 90° to the horizontal. Air

mash were passed in at the base and effluent beer
rern011ed at the top.

A vertical-tower beer fermenter design (Chapter 2)
patented by Shore et al. .(1964). Perforated ~lat~s

positioned at intervals m the tower to mamtam
malxirnmu yeast production. The settling zone which
could be of various designs, was to provide a zone free
of rising gas so that the cells could settle and return to
the main body of the tower and the clear beer could be
removed. This design must be considered as an inter
mediate between single- and multistage systems. Tow
ers of up to 20,000 dm3 capacity and capable of produc
ing up to 90,000 dm3 day-l have been installed. Green
shields and Smith (1971) commented that it was dif
ficult to predict the upper operating limits for these
fermenters. Experiments with particular yeast strains in
pilot-size towers were essential to establish optimum
full-scale operating conditions.

The next group of tower fermenters are the multi
stage systems, first described by Owen (1948) and Vic
torero (1948) for brewing beer, although these systems
were not used on an industrial scale. Later work re
ported using these systems includes continuous cul
tures of E. coli (Kitai et al., 1969), bakers' yeast (Pro
kop et al., 1969) and activated sludge (Lee et al., 1971;
Besik, 1973). The fermenters used by all these workers
were basically similar. Each consisted of a column
forming the body of the vessel and a number of perfo
rated plates which were positioned across the fer
menter, dividing it into compartments. Approximately
10% of the horizontal plate area was perforated. The
possibility of introducing media into individual stages
independently was discussed by Lee et al. (1971). Besik
(1973) decribed a down-flow tower in which substrate
was fed in at the top and overflowed through down
spouts to the next section while air was supplied from
the base. Schugerl, Lucke and Oels (1977) have written
a comprehensive general review.

The use of cylindro-conical vessels in the brewing of
lager was first proposed by Nathan (1930), but his ideas

FIG. 7.46. Cylindro-conical fermentation vessel (Hough et al.,
1971).
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FIG. 7.47a. Air-lift fermenter with outer loop (Taylor and Senior,
1978).
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Boulton, 1991). The fermentation is terminated by the
circulation of chilled water via the cooling jackets which
results in yeast flocculation. Thus, it is necessary to
select a yeast strain which will flocculate readily in the
period of chilling. Part of this yeast may be withdrawn
and used for repitching another vessel. The partially
cleared beer may be left to allow a secondary fermenta
tion and conditioning. Some of the adantages of this
vessel in brewing are:
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1. Reduced process times may be achieved due to
increased movement within the vessel.

2. Primary fermentation and conditioning may be
carried out in the same vessel.

3. The sedimented yeast may be easily removed
since yeast separation is good.

4. The maturing time may be reduced by gas wash
ing with carbon dioxide.

Air-lift fermenters

An air-lift fermenter (Fig. 7.47) is essentially a gas
tight baffled riser tube (liquid ascending) connected to
a downcomer tube (liquid descending). Figure 7.47a
shows an external riser and Fig. 7.47b an internal riser.
Air or gas mixtures are introduced into the base of the
riser by a sparger during normal operating conditions.
The driving force for circulation of medium in the
vessel is produced by the difference in density between
the liquid column in the riser (excess air bubbles in the
medium) and the liquid column in the downcomer
(depleted in air bubbles after release at the top of the
loop). Circulation times in loops of 45-m height may be
120 seconds. More details on liquid circulation and
mixing characteristics are discussed by Chen (1990).
This type of vessel can be used for continuous culture.
The first patent for this vessel was obtained by Scholler
and Seidel (1940).

It would be uneconomical to use a mechanically
stirred fermenter to produce SCP (single-cell protein)
from methanol as a carbon substrate, as heat removal
would be needed in external cooling loops because of
the high rate of aeration and agitation required to
operate the process. To overcome these problems, par·
ticularly that of cooling the medium when mechanical
agitation is used, air-lift fermenters with outer or inner
loops (Fig. 7.47) were chosen. Development work for
operational processes for SCP has been done by ICI
pIc in Great Britain (Taylor and Senior, 1978; Smith,
1980), Hoechst AG-Uhde GmbH in Germany (Faust et

Exhaust gas

Gas
disengagement
space

Downflow
tube

FIG. 7.47b. Air-lift fermenter with inner loop (Smith, 1980).

at., 1977) and Mitsubishi Gas Chemical Co. Inc. in
Japan (Kuraishi et at., 1978). Although ICI pIc initially
used an outer-loop system in their pilot plant, all three
companies preferred an inner-loop design for large
scale operation. Hamer (1979) and Sharp (1989) have
reviewed these fermenters. In the ICI pIc continuous
process, air and gaseous ammonia were introduced at
the base of the fermenter. Sterilized methanol, other
nutrients and recycled spent medium were also intro
duced into the downcomer. Heat from this exothermic
fermentation was removed by surrounding part of the
downcomer with a cooling jacket in the pilot plant,
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(Trinci, 1992). They have grown Fusarium graminareum
on a wheat starch based medium using a modified ICI
pIc 40 m3 air-lift fermenter (Fig. 7.48) to produce the
myco-protein Quom. The use of an air-lift fermenter
for culture of a mycelial fungus would seem unusual as
lower rates of oxygen transfer occur in a viscous cul
ture which give rise to lower biomass yields. Because
low shear conditions are present in the vessel, long
fungal hyphae can be cultured (the preferred product

Myco-protein
harvested

,-
Steam to increase
temperature to 64'
for RNA reduction

The 'riser' -
rising bubbles cause
circulation of the
culture up the
fermenter loop

t

CO2 produced by
fungal respiration is
continously extracted

RNA reduction
vessel

-

-....
~==::::::::==~..:;~ 'I

II

--
The 'downcomer'-

as 02 is consumed
and CO2 disengaged.
the culture becomes
denser and descends
the fermenter loop

Glucose. biotin and
mineral salts
pumped in at a
constant rate to -
give a dilution to
rate of 0.19 h-1

at full scale (2.3 X 106 dm3
) it was found

rie,ces:saJry to insert cooling coils at the base of the riser.
the production of SCP for animal

has not proved an economic proposition because
price of methanol and the competition from
feeds based on arable protein crops. ICI pIc's

at Billingham, U.K. has now been dismantled.
1964, Rank Hovis McDougall decided to develop

food primarily for human consumption

Culture is harvested
at the same rate as
fresh medium fed
into the fermenter

t
Heat exchanger-
the culture generates
heat but the exchange
ensures a constant
temperature of 30°

FIG. 7.48. Schematic diagram of the air-lift fermenter used by Marlow Foods at Billingham, England, for the production of myco-protein
in continuous flow culture (Trinci, 1992).
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The deep-jet fermenter
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Some designs of continuous culture fermenter
achieve the necessary mechanical power input with a
pump to circulate the liquid medium from the fer
menter through a gas entrainer and back to the fer
menter (Fig. 7.51; Hamer, 1979; Meyrath and Bayer,
1979). Two basic construction principles have been
used for the gas entrainer nozzles. The injector and the
ejector (Fig. 7.52 ; Reuss, 1992). In an injector a jet of
medium is surrounded by a jet of compressed air. The
gas from the outlet enters the larger tube with a nozzle
velocity of 5 to 100 m s-1 and expands in the tube to

FIG. 7.49. Schematic diagram of 20 m3 bubble column fermenter
fitted with internal cooling coil (Carrington et al., 1992). (pH and
DO indicate positions of pH and oxygen electrodes.)

and mixing in the middle compartment were found to
be comparable with those obtained with conventional
internal loop air-lift vessels, although some tangential
liquid flow was observed in this compartment.

t
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form) even though production yields are only 20 g
dm- 3• At the present time a fermenter to produce
10,000 tonnes per annum of myco-protein is considered
economically feasible.

Okabe et at. (1993) modified a 3-dm3 air-lift fer
menter by putting stainless steel four-mesh sieves at
the top and bottom of the draught tube to manipulate
the morphology of Aspergillus terreus for optimum pro
duction of itaconic acid as the culture circulates in the
vessel flow path. The fungal morphology was an inter
mediate state between pellets and pulp. Using this
vessel, the itaconic acid production rate (g dm -1 h - 1)

was double that obtained with a stirred fermenter or an
air-lift fermenter with a conventional draught tube.

Work has also begun to examine oxygen transfer
rates with modified draught tubes. Carrington et al.
(1992) used a 20 m3 pilot-scale bubble column fer
menter fitted with an internal helical cooling coil (Fig.
7.49) or a solid draught tube. The fermentation studied
was a commercial Streptomyces antibiotic fermentation
in a complex medium which produced a viscous non
Newtonian broth. Tracer studies indicated that the
vessel fitted with only the cooling coil behaved like an
air-lift fermenter with a region of good mixing in the
zone above the cooling coil. The coil acted as a leaky
draught tube with back mixing taking place between
the coils into the riser section. No poorly oxygenated
zones were observed. Liquid velocities of 1 m sec- 1

were measured giving circulation times of 9 to 12
seconds and mixing times of 14 to 18 seconds. The KLa
at different power inputs and viscosities was found to
increase almost linearly with increasing power input
and decreased exponentially with increasing viscosity.
When a solid draught tube was installed inside the
cooling coil the circulation time was similar, but the
mixing time increased to 18 to 24 seconds. The KLa
was also determined at different power inputs and
viscosities. This gave a reduction of 5 to 25% in KLa
with the biggest reduction at a high viscosity.

Wu and Wu (1990) compared KLas in a range of
mesh draught tubes and a solid draught tube in an
air-lift vessel of 15 dm3 working volume. When a
24-mesh tube was used at high superficial gas velocities
the KLa was double that of the same vessel with a
solid draught tube.

Bakker et al. (1993) have developed a multiple air-lift
fermenter in which three air-lift fermenters with inter
nal loops are incorporated into one vessel (Fig. 7.50).
Fresh medium is fed into the central compartment,
depleted medium overflows into the middle compart
ment, from here to the outer compartment where
medium is eventually discharged. The hydrodynamics
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FIG. 7.50. Three-compartment multiple air-lift loop fermenter (Bakker et al., 1993). Cross-sectional sidc and top view.

form large air bubbles which are dispersed by the shear
of the water jet. In an ejector the liquid jet enters into
a larger converging-diverging nozzle and entrains the
gas around the jet. The gas which is sucked into the
converging-diverging jet is dispersed in that zone. One
of the industrial-scale fermenters using the ejector
design is marketed by Vogelbusch (Vogelbusch AG,
Vienna, Austria). Partially aerated medium is pumped
by a multiphase pump through a broth cooler to an air
entrainer above the fermenter. The air-medium mix
ture falls down a slightly conical shaft at a high velocity
and creates a turbulence in the fermenter. Two-thirds
of the exhaust gas is vented from the fermenter
headspace and the remainder via the multiphase pump.
Oxygen-transfer rates of 4.5 g dm-3 h-1 with an
energy consumption of 1 kW h- 1 kg- 1 have been
achieved for industrial-scale yeast production from
whey using such a fermentation system.

The cyclone column

Dawson (1974) developed the cyclone column, par-

ticularly for the growth of filamentous cultures (Fig.
7.53). The culture liquid was pumped from the bottom
to the top of the cyclone column through a closed loop.
The descending liquid ran down the walls of the column
in a relatively thin film. Nutrients and air were fed in
near the base of the column whilst the exhaust gases
left at the top of the column. Good gas exchange, lack
of foaming and limited wall growth have been claimed
with this fermenter. Dawson (1974, 1988) has listed a
number of potential bacterial, fungal and yeast applica
tions including the batch production of a vaccine for
scours in calves with the vessel being operated as
batch, continuous or fed-batch.

The packed tower

The packed tower is a well established application of
immobilized cells. A vertical cylindrical column is
packed with pieces of some relatively inert material,
e.g. wood shavings, twigs, coke, an aggregate or poly
thene. Initially both medium and cells are fed into the
top of the packed bed. Once the cells have adhered to
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FIG. 7.53. Schematic diagram of a cyclone column fermenter. (I)
cyclone column; (II) circulating pump; (III) recirculating limb
(Dawson, ]974).
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Fermenter

FIG. 7.51. Diagram of the Vogelbusch deep-jet fermenter system
(from Schreier, 1975; Hamer, 1979).

the support and are growing well as a thin film, fresh
medium is added at the top of the column and the
fermented medium is removed from the bottom of the
column. The best known example is the vinegar genera
tor, in which ethanol was oxidized to acetic acid by
strains of Acetobacter supported on beech shavings;
the first recorded use was in 1670 (Mitchell, 1926).
More recently, packed towers have been used for

sewage and effluent treatment (Noble et al., 1964). In
treatment of gas liquor, a column was packed to a
height 7.9 m with 'Dowpac', a polystyrene derivative.
The main advantages compared with other methods of
effluent treatment being its simplicity of operation and
a saving in land because of the increased surface areas
within the column. Other possible applications with
immobilized cells are now being investigated.

-i1~ . ';'---U
UU=_alr I

Rotating-disc fermenters

Rotating-disc contactors have been used in effluent
treatment (Chapter 11). They utilize a growing mi
crobial film on slow rotating discs to oxidize the ef
fluent. Anderson and Blain (1980) have used the same
principle to construct small fermenters of up to 40-dm3

working volume. A range of filamentous fungi, includ
ing species of Aspergillus, Rhizopus, Mucor and Penicil
lium, could be grown on the polypropylene discs. It has
been possible to obtain yields of 80 g dm- 3 of citric
acid from A. niger using this design of fermenter.

t
liquid

injector

t
liquid
ejector

ANIMAL CELL CULTURE

FIG. 7.52. Gas entrainer nozzles of deep-jet fermenters (Reuss
1992). '

Interest in the in vitro cultivation of animal cells has
developed because of the need for large scale produc-
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l11()n(K!lon:al antibodies, hormones, vaccines and
which are difficult or impossible to

VroClll1ce synthetically or by using other culture tech-

cells are usually more nutritionally demand
microbial cells. They lack cell walls which

them sensitive to shear and extremes of os-
The doubling times are normally 12 to 48

and cell densities in suspension cultures rarely
106 to 107 cells em -3. Two distinct modes of
can be recognized:

Anchorage dependent cells. These cells require a
solid support for their replication. They produce
cellular protrusions (pseudopodia) which allow
them to adhere to positively charged surfaces
and often grow as monolayers.

2. Anchorage independent cells. These cells do not
require a support and can grow as a suspension
in submerged culture. Established and trans
formed cell lines are normally in this category.

There are also intermediate categories of cells which
may be grown as anchorage dependent or suspension
cells. It is also possible to grow some anchorage depen
dent cells in suspension, provided the cells can be
grown on suitable microcarriers.

A range of free and immobilized culture systems
have therefore been developed for the culture of dif
ferent lines of animal cells and their products. The
range of available equipment and techniques may be
confusing to scientists not familiar with animal cells
who may have to decide on the most appropriate
culture systems for laboratory, pilot or production scale.
Because of the relatively small quantities of product
required, the volume at production scale may only be
100 to 10,000 dm3. Some useful introductions include
Griffiths (1986, 1988), Propst et al. (1989), Lavery (1990)
and Bliem et al. (1991).

Shear is a phenomenon recognized as being critical
to the scale up of animal cell culture processes, irre
spective of the cell line or reactor configuration (Bliem
and Katinger, 1988). Shear may influence the cell cul
ture causing damage which may result in cell death or
metabolic changes. The shear sensitivity of animal cells
may vary between cell lines, the phase of growth or
with a change to fresh medium

Mijnbeek (1991) has reviewed research on shear
stress of free and immobilized animal cells in stirred
fermenters and air-lift fermenters. It was concluded
that the predominant damage mechanism in both types
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of vessel was due to sparging and the break up of
bubbles on the medium surface. This type of damage
causing cell death might be reduced by increasing the
height to diameter ratio in the vessel, increasing the
bubble size, decreasing the gas flow rate or by adding
protective agents. Other damage mechanisms in stirred
fermenters are caused by cell-microcarrier eddies and
microcarrier-microcarrier interactions. Damage of this
type may be reduced by reducing the impeller speed,
impeller diameter, microcarrier size and concentration
or by increasing the viscosity of the medium.

The maximum cell densities obtainable in stirred
and air lift fermenters are often only 106 cells em -3.

This is not ideal if secreted proteins are present only in
very low concentrations and mixed with other proteins
present in the original medium. A number of modified
fermenters and reactors have been developed to grow
cells at higher concentrations using microcarriers, en
capsulation, perfusion, glass beads or hollow fibres to
obtain the required product at higher concentrations.

Stirred fermenters

Unmodified stirred fermenters have been used for
the batch production of some virus vaccines (Propst et
al., 1989), but modified vessels are used for most cul
tures (Propst et al., 1989; Lavery, 1990). The modifica
tions made to fermenters are to reduce the possibility
of cell damage due to shear, heat or contamination.
Marine propellers revolving at a slow speed (10 to 100
rpm) will normally provide adequate mixing. Hemi
spherical bottoms on the vessels will ensure better
mixing of the broth at slow stirrer speeds. Water jacket
heating is often preferred since heating probes may
give rise to localized zones of high temperature which
might damage some of the cells. Magnetic driven stir
rers may be used to reduce the risk of contamination.
A novel sparger-impeller design which improves aera
tion at slow speeds is incorporated into the Celligen
system manufactured by New Brunswick, U.S.A. (Fig.
7.54; Beck et al., 1987). When the impeller rotates the
swept-back ports produce a negative pressure inside
the hollow impeller complex. This creates a suction lift
that produces highly efficient circulation and gas trans
fer at low rpm without damaging the cells. Gases are
introduced through a ring sparger into the medium as
it circulates through a fine stainless steel mesh jacket
which excludes cells and microcarriers. Because the gas
sparging is restricted to a relatively small zone, foaming
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Air-lift fermenters

Microcarriers may provide a solution to the
of growing anchorage-dependent cultures in
culture in fermenters, by providing the ne,ces:sal":V
face for attachment. Animal cells normally
negative surface charge and will attach to a
charged surface by electrostatic forces. Van
(1967) made use of this property and
chorage dependent cells to chromatographic
DEAE Sephadex A-50 resin beads and sus:peilldt:~d

coated beads in a slowly stirred liquid medium.
density of the electrostatic charges on the mll;rocarriet
surface is critical if cell growth at high bead COllcentra_
tions is to be achieved. If the net charge density on
bead surface is too low, cell attachment will be
stricted. When the charge density is too high, apiparent
toxic effects will limit cell growth (Fleischaker,
number of microcarrier beads, manufactured from
tran, cellulose, gelatin, plastic or glass, are
commercially available (Fleischaker, 1987;
1988). Dextran microcarriers have been used for
scale production of viral vaccines and interferon.
fortunately some of the microcarriers cost £1200
£1500 kg-I.

Encapsulation

At least three methods of encapsulation have been
developed (Griffiths, 1988; Lavery, 1990). Encapsel, a
technique developed by Damon Biotechnology, U.S.A.,
traps the animal cells in sodium alginate spheres which
are then coated with polylysine to form a semi-permea
ble membrane. The enclosed alginate gel is solubilized
with sodium citrate to release the cells into free sus
pension within the capsules which are usually 50 to
500-j.Lm diameter. After a few weeks growth it is possi
ble to obtain cell concentrations of 5 X 108 cm -3 and
product levels 100 times higher than with free cells can
be achieved. The high molecular weight products are
retained within the capsules. This technique has been
used commercially for monoclonal antibody produc
tion.

In a second method the cells are entrapped in cal
cium alginate which will allow high molecular weight
products to diffuse into the medium. Unfortunately,
the spheres tend to be 0.5 to 1.0 mm diameter and slow
diffusion into the spheres may cause nutrient limita
tions. Alternatively the cells can be entrapped in
agarose beads in which the cells are contained in a
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Medium in

FIG. 7.54. Sparger-impeller in the Celligen cell-culture fermenter
(New Brunswick Ltd, Hatfield, England).

is reduced, and any foam formed is broken up by the
mesh in the foam eliminator chamber.

Air-lift fermenters have proved ideal for growth of
some cell lines because of the gentle mixing action and
reduced shear forces when compared with those in
stirred vessels. The absence of a stirrer and associated
seals excludes a potential source of contamination
(Griffiths, 1988; Propst et at., 1989; Lavery, 1990).

Vessels of 1000 to 2000 dm3 are commercially avail
able. Celltech Ltd, u.K., have used such vessels to
produce monoclonal antibodies from hybridoma cells
(Wilkinson, 1987).
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liOjue,rcomo matrix within the gel. These capsules have
size distribution and a low mechanical strength

cOlupare:Q with alginate ones.

Hollow fibre chambers

MlchofClge dependent cells can be cultured at densi
of cells cm ~3 using bundles of hollow fibres
together in cartridge chambers (Hirschel and Gru

1987; Griffiths, 1988). The cells are grown in
extra capillary spaces (ECS) within the cartridge.

M(~dl111m and gases diffuse through from the capillary
to the ECS. The molecular weight cut-off of the

walls may be selected so that the product is
in the ECS or released into the perfusing

me:Q1IIIlI. Many chambers will be needed for scale-up
of diffusion limitations in larger chambers.

have been used to study production of monoclo
antibodies, viruses, gonadotropin, insulin and anti

gens.

Packed glass bead reactors

Packed glass bead reactors have proved to be useful
for long term culture of attached dependent cell lines.
It is possible to obtain cell densities of 1010 viable cells
in a 1-dm3 vessel with moderate medium flow rates
through the vessel (Fig. 7.55; Propst et at., 1989). In
creasing the size of vessels causes problems with mass
transfer of oxygen and nutrients and scale up can be
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achieved by increasing the number of small vessels.
This technique is available only as a contract produc
tion service from Bioresponse Inc. of California, U.S.A.

Perfusion cultures

Perfusion culture is a technique where modified
fermenters of up to 100 dm3 are gently stirred and
broth is withdrawn continuously from the vessel and
passed through a stainless steel or ceramic filter. This
type of culture is sometimes referred to as spin culture,
since the filter is spun to prevent blocking with cells.
The filtered medium is pumped to a product reservoir
and fresh medium is pumped into the culture vessel.
The rate of addition and removal can be regulated
depending on the cell concentration in the vessel. With
this method it is possible to obtain cell densities 10 to
30 times higher than the maximum cell density in an
unmodified fermenter (Lydersen, 1987; Tolbert et aI.,
1988; Lavery, 1990). This procedure has been used
commercially by Invitron Corp. U.S.A. This company
has patented a gentle 'sail' agitator to prevent cell
damage in a 100-dm3 vessel. Attachment dependent
cells have been grown on microcarriers using sail agita
tors rotating at 8 to 12 rpm.

At Hybridtech Inc. USA, animal cells have been
immobilized on a ceramic matrix and medium is per
fused through this matrix. In this way high cell densi
ties can be maintained. The apparatus is marketed as
the 'Opticell' (Lydersen, 1987).

Sample port
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D
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o 0 0 0 0

A I""t r'\ '"
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FIG. 7.55. Schematic diagram of a glass bead reactor (Browne et al., 1988).
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CHAPTERS

Instrumentation and Control

INTRODUCTION

THE SUCCESS of a fermentation depends upon the exis
tence of defined environmental conditions for biomass
and product formation. To achieve this goal it is impor
tant to understand what is happening to a fermentation
process and how to control it to obtain optimal operat
ing conditions. Thus, temperature, pH, degree of agita
tion, oxygen concentration in the medium and other
factors may have to be kept constant during the process.
The provision of such conditions requires careful moni
toring (data acquisition and analysis) of the fermenta
tion so that any deviation from the specified optimum
might be corrected by a control system. Criteria which
are monitored frequently are listed in Table 8.1, along
with the control processes with which they are associ
ated. As well as aiding the maintenance of constant
conditions, the monitoring of a process may provide
information on the progress of the fermentation. Such
information may indicate the optimum time to harvest
or that the fermentation is progressing abnormally
which may be indicative of contamination or strain
degeneration. Thus, monitoring equipment produces
information indicating fermentation progress as well as
being linked to a suitable control system.

In initial studies the number of functions which are
to be controlled may be restricted in order to gain
more knowledge about a particular fermentation. Thus,
the pH may be measured and recorded but not main
tained at a specified pH or the dissolved oxygen con
centration may be determined but no attempt will be
made to prevent oxygen depletion.

Also, it is important to consider the need for a
sensor and its associated control system to interface

with a computer (to be discussed in a later section).
This chapter will consider the general types of control
systems which are available, specific monitoring and
control systems and the role of computers. More infor
mation on intrumentation and control has been written
by Flynn (1983, 1984), Armiger (1985), Bull (1985), Rolf
and Lim (1985), Bailey and Ollis (1986), Kristiansen
(1987), Montague et at. (1988), Dusseljee and Feijen
(1990), Atkinson and Mavituna (1991) and Royce (1993).

It is apparent from Table 8.1 that a considerable
number of process variables may need to be monitored
during a fermentation. Methods for measuring these
variables, the sensors or other equipment available and
possible control procedures are outlined below.

There are three main classes of sensor:

1. Sensors which penetrate into the interior of the
fermenter, e.g. pH electrodes, dissolved-oxygen
electrodes.

2. Sensors which operate on samples which are
continuously withdrawn from the fermenter, e.g.
exhaust-gas analysers.

3. Sensors which do not come into contact with the
fermentation broth or gases, e.g. tachometers,
load cells.

It is also possible to characterize a sensor in relation to
its application for process control:

1. In-line sensor. The sensor is an integrated part of
the fermentation equipment and the measured
value obtained from it is used directly for process
control.

2. On-line sensor. Although the sensor is an integral
part of the fermentation equipment, the mea
sured value cannot be used directly for control.
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ELECTRICAL RESISTANCE THERMOMETERS

It is well known that the electrical resistance
metals changes with temperature variation.
property has been utilized in the design of resIstance
thermometers. The bulb of the instrument contains
resistance element, a mica framework (for
rate measurement) or a ceramic framework
but for less accurate measurement) around which
sensing element is wound. A platinum wire of
resistance is normally used. Leads emerging from
bulb are connected to the measuring element.
reading is normally obtained by the use of a
stone bridge circuit and is a measure of the average
temperature of the sensing element. This type of ther
mometer does have a greater accuracy (±0.25% ) than
some of the other measuring devices and is more
sensitive to small temperature changes. There is a
response to detectable changes (l to 10 seconds), and
there is no restriction on distance between the very
compact sensing point (30 X 5 mm) and the display
point of reproducible readings. These thermometers
are normally enclosed in stainless-steel sheaths if they
are to be used in large vessels and ancillary equipment.

MERCURY-IN-GLASS THERMOMETERS

A mercury-in-glass thermometer may be used
rectly in small bench fermenters, but its
stricts its use. In larger fermenters it would be
sary to insert it into a thermometer pocket in
vessel, which introduces a time lag in registering
vessel temperature. This type of thermometer can
used solely for indication, not for automatic
recording.

are used to check and calibrate the
temperature sensors, while cheaper thl~rrnom~te:rs

still used with laboratory fermenters.Possible control function

Heat/cool

Foam control
Change flow rate
Change flow rate

Acid or alkali addition,
carbon source feed rate

Additives to change redox
potential

Change feed rate
Change feed rate
Change in medium

composition

Temperature
Pressure
Agitator shaft power
rpm
Foam
Weight
Flow rate

pH

Redox

Sensor

Oxygen
Exit-gas analysis
Medium analysis

Physical

Category

Chemical

METHODS OF MEASURING PROCESS
VARIABLES

An operator must enter measured values into
the control system if the data is to be used in
process control.

3. Off-line sensor. The sensor is not part of the
fermentation equipment. The measured value
cannot be used directly for process control. An
operator is needed for the actual measurement
(e.g. medium analysis or dry weight sample) and
for entering the measured values into the control
system for process control.

When evaluating sensors to use in measurement and
control it is important to consider response time, gain,
sensitivity, accuracy, ease and speed of calibration,
stability, reliability, output signal (continuous or dis
continuous), materials of construction, robustness, ster
ilization, maintenance, availability to purchase and cost
(Flynn, 1983, 1984; Royce, 1993).

Temperature

The temperature in a vessel or pipe is one of the
most important parameters to monitor and control in
any process. It may be measured by mercury-in-glass
thermometers, bimetallic thermometers, pressure bulb
thermometers, thermocouples, metal-resistance ther
mometers or thermistors. Metal-resistance thermome
ters and thermistors are used in most fermentation
applications. Accurate mercury-in-glass thermometers

THERMISTORS

Thermistors are semiconductors made from specific
mixtures of pure oxides of iron, nickel and other met
als. Their main characteristic is a large change in
resistance with a small temperature change. The change
in resistance is a function of absolute temperature. The
temperature reading is obtained with a Wheatstone
bridge or a simpler or more complex circuit depending
on the application. Thermistors are relatively cheap
and have proved to be very stable, give reproducible
readings, and can be sited remotely from the read-out
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an increasing bore and enclosing a free-moving float
which may be a ball or a hollow thimble. The position
of the float in the graduated glass tube is indicative of
flow rate. Different sizes can cater for a wide range of
flow rates. The accuracy depends on having the gas at a
constant pressure, but errors of up to ± 10% of full
scale deflection are quoted (Howe et al., 1969). The
errors are greatest at low flow rates. Ideally, rotameters
should not be sterilized and are therefore normally
placed between a gas inlet and a sterile filter. There is
no provision for on-line data logging with the simple
rotameters. Metal tubes can be used in situations where
glass is not satisfactory. In these cases the float position
is determined by magnetic or electrical techniques, but
this provision has not been normally utilized for fer
mentation work. Rotameters can also be used to mea
sure liquid flow rates, provided that abrasive particles
or fibrous matter are not present.

The use of oxygen and carbon dioxide gas analysers
for effluent gas analysis requires the provision of very
accurate gas-flow measurement if the analysers are to
be used effectively. For this reason thermal mass
flowmeters have been utilized for the range 0 to 500
dm3 min -1. These instruments have a ± 1% full-scale
accuracy and work on the principle of measuring a
temperature difference across a heating device placed
in the path of the gas flow (Fig. 8.1). Temperature
probes such as thermistors are placed upstream and
downstream of the heat source, which may be inside or
outside the piping.

The mass flow rate of the gas, Q, can be calculated
from the specific heat equation:

H = QCiTz - TI )

Heater

T1

= heat transferred,
= mass flow rate of the gas,

where H
Q

Direction
of gas flow

TEMPERATURE CONTROL

The use of water jackets or pipe coils within a
fermenter as a means of temperature control has been
described in Chapter 7. In many small systems there is
a heating element, 300 to 400 W capacity being ade
quate for a 10-dm3 fermenter, and a cooling water
supply; these are on or off depending on the need for
heating or cooling. The heating element should be as
small as possible to reduce the size of the 'heat sink'
and resulting overshoot when heating is no longer
required. In some cases it may be better to run the
cooling water continuously at a steady rate and to have
the heating element only connected to the control unit.
This can be an expensive mode of operation if the
water flows directly to waste. For small-scale use, Har
vard Apparatus Ltd (Fircroft Way, Edenbridge, Kent,
U.K.) make a unit, the Thermocirculator, which will
pump recircuhlting thermostatically heated water
through fermenters of up to 10 dm3 capacity and give
temperature control of ±0.1°.

In large fermenters, where heating during the fer
mentation is not normally required, a regulatory valve
at the cooling-water inlet may be sufficient to control
the temperature. There may be provision for circula
tion of refrigerated brine if excessive cooling is re
quired. Steam inlets to the coil and jacket must be
present if a fermenter is being used for batch steriliza
tion of media.

Low agitation speeds are often essential in animal
cell culture vessels to minimize shear damage. In these
vessels, heating fingers can create local 'hot-spots' which
may cause damage to cells very close to them. Heating
jackets which have a lower heat output proportional to
the surface area (water or silicone rubber covered
electrical heating elements - Chapter 7) are used to
overcome this problem.

point. Their main disadva~tage is the marked non-lin
ear temperature versus resistance curve.

Flow measurement and control

Flow measurement and control of both gases and
liquids is important in process management.

GASES

One of the simplest methods for measuring gas flow
to a fermenter is by means of a variable area meter.
The most commonly used example is a rotameter,
which consists of a vertically mounted glass tube with

/
Thermistor

Meter to measure
power

FIG. 8.1. Thermal mass flowmeter.

\
Thermistor
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FIG. 8.2. A cut-away view of a short-form magnetic flowmeter
(Howe et al., 1969).

Electrode
assembly

Insulating
liner

Magnet coilsPotting compound

the increases and decreases in weight of the various
vessels at regular time intervals. Provided the specific
gravities of the liquids are known it is possible to
estimate flow rates fairly accurately in different feed
pipes. This is another technique which may be used
with particulate suspensions.

Another indirect method of measuring flow rates
aseptically is to use a metering pump which pumps
liquid continuously at a predetermined and accurate
rate. A variety of metering pumps are commercially
available including motorized syringes, peristaltic
pumps, piston pumps and diaphragm pumps. Motorized
syringes are used only when very small quantities of
liquid have to be added slowly to a vessel. In a peri
staltic pump, liquid is moved forwards gradually by
squeezing a tubing held in a semicircular housing. A
variety of sizes of tubes can be used in different pumps
to produce different known flow rates over a very wide
range. Suspensions can be handled since the liquid has
no direct contact with moving parts.

A piston pump contains an accurately machined
ceramic or stainless-steel piston moving in a cylinder
normally fitted with double ball inlet and outlet valves.
The piston is driven by a constant-speed motor. Flow
rates can be varied within a defined range by changing
the stroke rate, the length of the piston stroke and by
using a different piston size. Sizes are available from
cm3 h-I to thousands of dm3 h -I and all can be
operated at relatively high working pressures. Unfortu
nately, they cannot be used to pump fibrous or particu
late suspensions. Piston pumps are more expensive
than comparable sized peristaltic pumps but do not
suffer from tube failure.

Cp = specific heat of the gas,
T I = temperature of gas before heat is trans

ferred to it,
Tz = temperature of gas after heat is trans

ferred to it.
This equation can then be rearranged for Q:
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A voltage signal can be obtained by this method of
measurement which can be utilized in data logging.

Control of gas flow is usually by needle valves. Often
this method of control is not sufficient, and it is neces
sary to incorporate a self-acting flow-control valve. At a
small scale, such valves as the 'flowstat' are available
(G.A. Platon, Ltd, Wella Road, Basingstoke, Hamp
shire, U.KJ Fluctuations in pressure in a flow-measur
ing orifice cause a valve or piston pressing against a
spring to gradually open or close so that the original,
preselected flow rate is restored. In a gas 'flowstat', the
orifice should be upstream when the gas supply is at a
regulated pressure and downstream when the supply
pressure fluctuates and the back pressure is constant.
Valves operating by a similar mechanism are available
for larger scale applications.

LIQUIDS

The flow of non-sterile liquids can be monitored by a
number of techniques (Howe et al., 1969), but measure
ment of flow rates of sterile liquids presents a number
of problems which have to be overcome. On a labora
tory scale flow rates may be measured manually using a
sterile burette connected to the feed pipe and timing
the exit of a measured volume. The possible use of
rotameters has already been mentioned in the previous
section. A more expensive method is to use an electri
cal flow transducer (Howe et al., 1969) which can cope
with particulate matter in suspension and measure a
range of flow rates from very low to high (50 cm3

min- 1 to 500,000 dm3 min-I) with an accuracy of
±1%. In this flowmeter (Fig. 8.2) there are two wind
ings outside the tube, supplied with an alternating
current to create a magnetic field. The voltage induced
in the field is proportional to the relative velocity of the
fluid and the magnetic field. The potential difference in
the fluid can be measured by a pair of electrodes, and
is directly proportional to the velocity of the fluid.

In batch and fed-batch culture fermenters, a cheaper
alternative is to measure flow rates indirectly by load
cells (see Weight section). The fermenter and all ancil
lary reservoirs are attached to load cells which monitor
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FIG. 8.4. 'c' Bourdon tube pressure gauge (Liptak, 1969).
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come circular with increasing pressure, and because of
the difference between the internal and external radii,
gradually straightens out. The process pressure is con
nected to the fixed socket. end of the tube while the
sealed tip of the other end is connected by a geared
sector and pinion movement which actuates an indica
tor pointer to show linear rotational response (Liptak,
1969).

When a vessel or pipe is to be operated under
aseptic conditions a diaphragm gauge can be used (Fig.
8.5). Changes in pressure cause movements of the
diaphragm capsule which are monitored by a mechani
cally levered pointer.

FIG. 8.5. Nested diaphragm-type pressure sensor (Liptak, 1969).

Suction

FIG. 8.3. A direct-driven diaphragm pump (Howe et al., 1969).

Leakage can occur via the shaft housing of a piston
pump. The problem can be prevented by the use of a
diaphragm pump. This pump uses a flexible diaphragm
to pump fluid through a housing (Fig. 8.3) with ball
valves to control the direction of flow. The diaphragm
may be made of, e.g., teflon, neoprene, stainless steel,
and is actuated by a piston. A range of sizes of pumps
is available for flow rates up to thousands of dm3 h -1.

Liquid flow from a nutrient feed tank or to or out of
a fermenter may be monitored by continuous weighing
on a balance or load cell(s). This will be discussed in
the Weight section.

Discharge

Pressure measurement

Pressure is one of the crucial measurements that
must be made when operating many processes. Pres
sure measurements may be needed for several reasons,
the most important of which is safety. Industrial and
laboratory equipment is designed to withstand a speci
fied working pressure plus a factor of safety. It is
therefore important to fit the equipment with devices
that will sense, indicate, record and control the pres
sure. The measurement of pressure is also important in
media sterilization. In a felmenter, pressure will influ
ence the solubility of gases and contribute to the main
tenance of sterility when a positive pressure is present.

One of the standard pressure measuring sensors is
the Bourdon tube pressure gauge (Fig. 8.4), which is
used as a direct indicating gauge. The partial coil has
an elliptical cross-section (A-A) which tends to be-
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Alternatively, the pressure could be measured re
motely using pressure bellows connected to the core of
a variable transformer. The movement of the core
generates a corresponding output. It is also possible to
use pressure sensors incorporating strain gauges. If a
wire is subject to strain its electrical resistance changes;
this is due, in part, to the changed dimensions of the
wire and the change in resistivity which occurs due to
the stress in the wire. The output can then be mea
sured over long distances. Another electrical method is
to use a piezoelectric transducer. Certain solid crystals
such as quartz have an asymmetrical electrical charge
distribution. Any change in shape of the crystal pro
duces equal, external, unlike electric charges on the
opposite faces of the crystal. This is the piezoelectric
effect. Pressure can therefore be measured by means
of electrodes attached to the opposite surfaces of the
crystal. Bioengineering AG (Wald, Switzerland) have
made a piezoelectrical transducer with integral temper
ature compensation, to overcome pyroelectric effects,
and built into a housing which can be put into a
fermenter port.

It will also be necessary to monitor and record
atmospheric pressure if oxygen concentrations in inlet
and/or exit gases are to be determined using oxygen
gas analysers (see later section). Paramagnetic gas
analysers are susceptible to changes in barometric
pressure. A change of 1% in pressure may cause a 1%
change in oxygen concentration reading. This size of
error may be very significant in a vessel where the
oxygen consumption rate is very low and there is very
little difference between the inlet and exit gas composi
tions. The pressure changes should be constantly moni
tored to enable the appropriate corrections to be made.

Pressure control

Different working pressures are required in different
parts of a fermentation plant. During normal operation
a positive head pressure of 1.2 atmospheres (161 kN- 1

)

absolute is maintained in a fermenter to assist in the
maintenance of aseptic conditions. This pressure will
obviously be raised during a steam-sterilization cycle
(Chapter 5). The correct pressure in different compo
nents should be maintained by regulatory valves
(Chapter 7) controlled by associated pressure gauges.

Safety valves

Safety valves (Chapter 7) should be incorporated at
various suitable places in all vessels and pipe layouts
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which are likely to be operated under pressure.
valve should be set to release the pressure as soon
increases markedly above a specified working pn:SS1JrP

Other provisions will be necessary to meet any vVllldlln.

ment requirements.

Agitator shaft

A variety of sensors can be used to measure
power consumption of a fermenter. On a large scale,
watt meter attached to the agitator motor will give
fairly good indication of power uptake. This me:asllfiIH!
technique becomes less accurate as there is a oe,:rease
in scale to pilot scale and finally to laboratory fer
menters, the main contributing factor being friction
the agitator shaft bearing (Chapter 7). Torsion
mometers can be used in small-scale applications. Since
the dynamometer has to be placed on the shaft
the fermenter the measurement will once again
the friction in the bearings. For this reason
gauges mounted on the shaft within the fermenter
the most accurate method of measurement and
come frictional problems (Aiba et al., 1965; BnJdj1:ese:11
1969). Aiba et al. (1965) mounted four identical
gauges at 45° to the axis in a hollow shaft. Lead wires
from the gauges passed out of the shaft via an axial
hole and electrical signals were then picked up by an
electrical slip-ring arrangement. Theoretical treatment
of the strain gauge measurements has been covered
Aiba et al. (1973).

Rate of stirring

In all fermenters it is important to monitor the rate
of rotation (rpm) of the stirrer shaft. The tachometer
used for this purpose may employ electromagnetic in
duction voltage generation, light sensing or magn(~tic

force as detection mechanisms (Brodgesell,
Obviously, the final choice of tachometer will be de
termined by the type of signal which is required for
recording and/or process control for regulating the
motor speed and other ancillary equipment. Provision
is often made on small laboratory fermenters to vary
the rate of stirring. In most cases it is now standard
practice to use an a.c. slip motor that has an acceptable
torque curve that is coupled to a thyristor control. At
pilot or full scale, the need to change rates of stirring is
normally reduced. When necessary it can be done using
gear boxes, modifying the sizes of wheels and drive
belts, or by changing the drive motor, the most expen
sive alternative.



FIG. 8.6. Foam sensing and control unit.

A load cell offers a convenient method of determin
ing the weight of a fermenter or feed vessel. This is
done by placing compression load cells in or at the foot
of the vessel supports. When designing the support
system for a fermenter or other vessel, the weight of
which is to be measured by load cells, the principle of
the three-legged stool should be remembered. Three
feet will always rest in stable equilibrium even though
the supporting surface is uneven. If more feet are
provided, the additional feet must each be fitted with
means of adjustment or precision packing to ensure
load bearing on all the feet.

A load cell is essentially an elastic body, usually a
solid or tubular steel cylinder, the compressive strain of
which under axial load may be measured by a series of
electrical resistance strain gauges which are cemented
to the surface of the cylinder. The load cell is assem
bled in a suitable housing with electrical cable connect
ing points. The cell is calibrated by measuring compres
sive strain over the appropriate range of loading.
Changes of resistance with strain which are proportio
nal to load are determined by appropriate electrical
apparatus.

It is therefore possible to use appropriately sized
load cells to monitor feed rates from medium reser
voirs, acid and base utilization for pH control and the
use of antifoam for foam control. The change in weight
in a known time interval can be used indirectly as a
measure of liquid flow rates.

vices which have been manufactured include horizontal
rotating shafts, centrifugal separators and jets spraying
on to deflector plates (Hall et ai., 1973; Viesturs et ai.,
1982). Unfortunately most of these devices have to be
used in conjunction with an antifoam.

Instrumentation and Control

Microbial biomass

Weight

Real-time estimation of microbial biomass in a fer
menter is an obvious requirement, yet it has proved
very difficult to develop a satisfactory sensor. Most
monitoring has been done indirectly by dry weight
samples (made quicker with microwave ovens), cell
density (spectrophotometers), cell numbers (Coulter
counters) or by the use of gateway sensors which will
be discussed later in this chapter. Other alternative
approaches are real-time estimation of a cell compo
nent which remains at a constant concentration, such

o
o

Antifoam
inlet

r-.....--CJ-----CJ---l
: Timer Detector!
I I

Probe-j
I

Pump

Antifoam
reservoir

The formation of foam is a difficulty in many types
of microbial fermentation which can create serious
problems if not controlled. It is common practice to
add an antifoam to a fermenter when the culture starts
foaming above a certain predetermined level. The
methods used for foam sensing and antifoam additions
will depend on process and economic considerations.
The properties of antifoams have been discussed else
where (Chapters 4 and 7), as has their influence on
dissolved oxygen concentrations (Chapter 9).

A foam sensing and control unit is shown in Fig. 8.6.
A probe is inserted through the top plate of the fer
menter. Normally the probe is a stainless-steel rod,
which is insulated except at the tip, and set at a defined
level above the broth surface. When the foam rises and
touches the probe tip, a current is passed through the
circuit of the probe, with the foam acting as an electro
lyte and the vessel acting as an earth. The current
actuates a pump or valve and antifoam is released into
the fermenter for a few seconds. Process timers are
routinely included in the circuit to ensure that the
antifoam has time to mix into the medium and break
down the foam before the probe is programmed after a
preset time interval to sense the foam level again and
possibly actuate the pump or valve. Alternatively anti
foam may be added slowly at a predetermined rate by a
small pump so that foaming never occurs and there is
therefore no need for a sensing system.

A number of mechanical antifoam devices have been
described including discs, propellers, brushes or hollow
cones attached to the agitator shaft above the surface
of the broth. The foam is broken down when it is
thrown against the walls of the fermenter. Other de-

Foam sensing and control

221



Principles of Fermentation Technology, 2nd Edn.

O-ring

Membrane

Electrolyte

Ibl

Glass wool

Cathode Cathode
lAg spiral) IPt)

Anode
Anode IAg-AgCI)
IPb Helix)

Electrolyte

lal

Membrane

remains linear for increases in biomass of a paJrtlc:ul,lr
cell morphology. The capacitance has been shown
give a linear response with biomass using a number
strains of bacteria, yeasts, mycelial fungi, plant
animal cells.

The sterilizable probe can be inserted directly into
fermenter using a 25-mm diameter port. Fouling of
gold electrodes in the probe can be avoided by the
automatic application of electrolytic cleaning pulses.
The sensor ('Bug meter') is manufactured by Aber
Instruments (Aberystwyth, Wales) and marketed
Applikon (Schiedam, The Netherlands). It has a
tance range of 0.1 to 200 pF (picoFarads), which is
equivalent to 0.1 to 200 mg dry weight cm- 3

proximately 106 to 2 X 109 cells cm -3 of
romyces ceriuisiae). The resolution depends on the
of cells and the conductivity of the medium, but
normally 0.1 mg dry weight cm -3. In order for the
sensor to work effectively the suspending medium
have a minimum conductance. Yeast slurries after acid
washing (Chapter 6) are satisfactory, but before such
washing there may be a need for extra salts in the
medium in order to make measurements. This sensor
has proved ideal for yeast cells and is now being used
by the brewing industry to control yeast pitching rates
(Boulton et al., 1989).

Measurement and control of dissolved oxygen

In most aerobic fermentations it is essential to en
sure that the dissolved oxygen concentration does not
fall below a specified minimal level. Since the 1970s
steam sterilizable oxygen electrodes have become avail-

FIG. 8.7. Construction of dissolved-oxygen electrodes: (a) galvanic,
(b) polarographic (Lee and Tsao, 1979).

as nicotinamide adenine dinucleotide (NAD), by fluo
rimetry or measurement of a cell property which is
proportional to the concentration of viable cells, such
as radio frequency capacitance.

It is well established that fluorimetric measurements
are very specific and rapid, but their use in fermenta
tion studies is limited. The measurement of NAD,
provided that it remains at a constant concentration in
cells, would be an ideal indirect method for continuous
measurement of microbial biomass. In pioneer studies,
Harrison and Chance (1970) used a fluorescence tech
nique to determine NAD-NADH levels inside mi
crobial cells growing in continuous culture. Einsele et
al. (1978) mounted a fluorimeter on a fermenter obser
vation port located beneath the culture surface which
enabled the measurement of NADH fluorescence in
situ, making it possible to determine bulk mixing times
in the broth and to follow glucose uptake by moni
toring NADH levels. Beyeler et al. (1981) were able to
develop a small sterilizable probe for fitting into a
fermenter to monitor NADH, which had high specific
ity, high sensitivity, high stability and could be cali
brated in situ. In batch culture of Candida tropicalis,
the NADCP)H-dependent fluorescence signal corre
lated well with biomass, so that it could be used for
on-line estimation of biomass. Changes in the growth
conditions, such as substrate exhaustion or the absence
of oxygen, were also very quickly detected.

Schneckenburger et al. (1985) used this technique to
study the growth of methanogenic bacteria in anaer
obic fermentations. They thought cost was a problem,
fluorescence equipment being too expensive for routine
biotechnology applications when the minimum price
was about US$lO,OOO. Ingold (Switzerland) have devel
oped the Fluorosensor, a probe which can be inte
grated with a small computer or any data transforma
tion device (Gary, Meier and Ludwig, 1988).

Dielectric spectroscopy can be used on-line to moni
tor biomass. Details of the theory and principles of this
technique have been described by Kell (1987). At low
radio frequencies (0.1 to 1.0 MHz), a microbial cell
membrane will act as a capacitor, and become charged
by the so-called ,B-dispersion effect (Schwan, 1957),
making it possible to discriminate between microbial
cells, gas bubbles and insoluble media particles. The
size of this ,B-dispersion is linearly proportional to the
membrane enclosed volume fraction up to high cell
densities. Kell et al. (1987) were able to show that the
capacitance (dielectric permittivity) was linearly pro
portional to the biomass concentration. The output for
unicellular organisms is proportional to the mean cell
radius whereas with mycelial suspensions the output
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able for this monitoring (Fig. 8.7). Details of electrodes
are given by Lee and Tsao (1979).

These electrodes measure the partial pressure of the
dissolved oxygen and not the dissolved oxygen concen
tration. Thus at equilibrium, the probe signal of an
electrode will be determined by:

where P(Oz) is the partial pressure of dissolved oxy
gen sensed by the probe,

C(Oz) is the volume or mole fraction of oxy
gen in the gas phase,

PT is the total pressure.
The actual reading is normally expressed as percentage
saturation with air at atmospheric pressure, so that
100% dissolved oxygen means a partial pressure of
approximately 160 mmHg.

Pressure changes can have a significant effect on
readings. If the total pressure of the gas equilibrating
with the fermentation broth varies, the electrode read
ing will change even though there is no change in the
gas composition. Changes in atmospheric pressure can
often cause 5% changes and back pressure due to the
exit filters can also cause increases in readings. Al
lowance must also be made for temperature. The out
put from an electrode increases by approximately 2.5%
per °C at a given oxygen tension. This effect is due
mainly to increases in permeability in the electrode
membrane. Many electrodes have built-in temperature
sensors which allow automatic compensation of the
output signal. It is also important to remember that the
solubility of oxygen in aqueous media is influenced by
the composition. Thus, water at 25°C and 760 mmHg
pressure saturated with air will contain 8.4 mg Oz
dm- 3, while 25% NaCI in identical conditions will have
an oxygen solubility of 2.0 mg Oz dm -3. However, the
measured partial pressure outputs for 0z would be the
same even though the oxygen concentrations would be
very different. Therefore it is best to calibrate the
electrode in percentage oxygen saturation. More de
tails on oxygen electrodes and their calibration has
been given by Halling (1990).

In small fermenters (1 dm3
), the commonest elec

trodes are galvanic and have a lead anode, silver cath
ode and employ potassium hydroxide, chloride, bicar
bonate or acetate as an electrolyte. The sensing tip of
the electrode is a teflon, polyethylene or polystyrene
membrane which allows passage of the gas phase so
that an equilibrium is established between the gas
phases inside and outside the electrode. Because of the
relatively slow movement of oxygen across the mem
brane, this type of electrode has a slow response of the

order of 60 seconds to achieve a 90% reading of true
value (Johnson et al., 1964). Buhler and Ingold (1976)
quote 50 seconds for 98% response for a later version.
These electrodes are therefore suitable for monitoring
very slow changes in oxygen concentration and are
normally chosen because of their compact size and
relatively low cost. Unfortunately, this type of electrode
is very sensitive to temperature fluctuations, which
should be compensated for by using a thermistor cir
cuit. The electrodes also have a limited life because of
corrosion of the anode.

Polarographic electrodes, which are bulkier than gal
vanic electrodes, are more commonly used in pilot and
production fermenters, needing instrument ports of 12,
19 or 25 mm diameter. Removable ones need a 25 mm
port. They have silver anodes which are negatively
polarized with respect to reference cathodes of plat
inum or gold, using aqueous potassium chloride as the
electrolyte. Response times of 0.05 to 15 seconds to
achieve a 95% reading have been reported (Lee and
Tsao, 1979). The electrodes which can be very precise
may be both pressure and temperature compensated.
Although a polarographic electrode may initially cost
600% more than the galvanic equivalent, the mainte
nance costs are considerably lower as only the mem
brane should need replacing.

Prototypes of a fast response phase fluorometric
sterilizable oxygen sensor are now being developed
(Bambot et al., 1994). The sensor utilizes the differen
tial quenching of a fluorescence lifetime of a chromo
phore, tris(4,7-diphenyl-l, lO-phenanthroline)rutheni
um(II) complex, in response to the partial pressure of
oxygen. The fluorescence of this complex is quenched
by oxygen molecules resulting in a reduction of fluo
rescence lifetime. Thus, it is possible to obtain a corre
lation between fluorescence lifetime and the partial
pressure of oxygen. However, at room temperature
when a Clark-type oxygen electrode shows a linear
calibration the optical sensor shows a hyperbolic re
sponse. The sensitivity of the optical sensor when com
pared with an oxygen electrode is significantly higher at
low oxygen tensions whereas the sensitivity is low at
high oxygen tensions. The sensor is autoclavable, free
of maintenance requirements, stable over long periods
and gives reliable measurements of low oxygen tensions
in dense microbial cultures.

Dissolved oxygen concentrations may also be de
termined by a tubing method, described by Phillips and
Johnson (1961) and Roberts and Shepherd (1968). The
probe consists of a coil of permeable teflon or propy
lene tubing within the fermenter through which is
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passed a stream of helium or nitrogen. The oxygen,
which diffuses from the fermentation medium through
the tubing wall into the inert gas stream, is then
determined using a paramagnetic gas analyser (see next
section). Times of 2 to 10 minutes are required before
taking readings. The tubing will withstand repeated
sterilization and has been used continuously for up to
1000 hours at pilot scale.

If it is necessary to increase the dissolved oxygen
concentration in a medium this may be achieved by
increasing the air flow rate or the rpm of the impeller
or a combination of both processes. Another way is to
increase the ratio of oxygen to nitrogen in the input gas
using a variable proportionating valve while maintain
ing a constant gas flow rate (Siegall and Gaden, 1962).
The cost of this technique would normally restrict its
use to laboratories and pilot plants.

Inlet and exit-gas analysis

The measurement and recording of the inlet and/or
exit gas composition is important in many fermentation
studies. By observing the concentrations of carbon
dioxide and oxygen in the entry and exit gases in the
fermenter and knowing the gas flow rate it is possible
to determine the oxygen uptake of the system, the
carbon dioxide evolution rate and the respiration rate
of the microbial culture.

The oxygen concentration can be determined by a
paramagnetic gas analyser. Oxygen has a strong affinity
for a magnetic field, a property which is shared with
only nitrous and nitric oxides. The analysers may be of
a deflection or thermal type (Brown et al., 1969).

In the deflection analyser, the magnetic force acts on
a dumb-bell test body that is free to rotate about an
axis (Fig. 8.8). The magnetic force which is created
around the test body is proportional to the oxygen
concentration. When the test body swings out of the
magnetic field a corrective electrostatic force must be
applied to return it to the original position. Elec
trostatic force readings can therefore be used as a
measure of oxygen concentrations.

In a thermal analyser, a flow through 'ring' element
is the detector component (Fig. 8.9). After entering the
ring, the paramagnetic oxygen content of the sample is
attracted by the magnetic field to the central glass tube
where resistors heat the gases. The resistors are con
nected into a Wheatstone bridge circuit to detect varia
tions in resistance due to flow-rate changes. The oxy
gen in the heated sample loses a high proportion of its
paramagnetism. Cool oxygen in the incoming gas flow
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FiG. 8.8. A deflection-type paramagnetic oxygen analyser
et al., 1969).
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FIG. 8.9. The measuring element in a thermal-type paramagnetic
oxygen analyser (Brown et al., 1969).

will now be attracted and displace the hot oxygen. This
displacement action produces a convection current.
The flow rate of the convection current is a function of
the oxygen concentration and can be detected by resis
tors. The resulting gas flow cools the winding A and
heats the winding B, and it is the resulting temperature
difference that imbalances the Wheatstone bridge.

Carbon dioxide is commonly monitored by infrared
analysis using a positive filtering method. The unit (Fig.
8.10) consists of a source of infrared energy, a 'chopper'
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FIG. 8.10. Simple positive filtering infrared analyser.

to ensure that energy passes through each side of the
optical system, a sample cell, a comparison (or refer
ence) cell, and an infrared detector sensitized at a
wavelength at which the gas of interest absorbs in
frared energy. In this case the detector will be filled
with carbon dioxide. This optical system senses the
reduced radiation energy of the measuring beam reach
ing the detector, which is due to the absorption in the
carbon dioxide in the sample cell.

It is expensive to have separate carbon dioxide and
oxygen analysers for each separate fermenter. There
fore it may be possible to couple up a group of fer
menters via a multiplexer to a single pair of gas analy
sers (Meiners, 1982). Gas analysis readings can then be
taken in rotation for each fermenter every 30 to 60
minutes. In many cases this will be adequate. Alterna
tively the gas analysers can be replaced by a mass
spectrometer which can analyse a number of compo
nents as well as oxygen and carbon dioxide (see later
section).

pH measurement and control

In batch culture the pH of an actively growing cul
ture will not remain constant for very long. In most
processes there is a need for pH measurement and
control during the fermentation if maximum yield of a
product is to be obtained. Rapid changes in pH can
often be reduced by the careful design of media, partic
ularly in the choice of carbon and nitrogen sources,
and also in the incorporation of buffers or by batch
feeding (Chapters 2 and 4). The pH may be further

controlled by the addition of appropriate quantities of
ammonia or sodium hydroxide if too acidic, or sul
phuric acid if the change is to an alkaline condition.
Normally the pH drift is only in one direction.

pH measurement is now routinely carried out using
a combined glass reference electrode that will with
stand repeated sterilization at temperatures of 1210

and pressures of 138 kN m- 2. The electrodes may be
silver/silver chloride with potassium chloride or special
formulations (e.g. Friscolyt by Ingold) as an electrolyte.
Occasionally calomel/mercury electrodes are used. The
electrode is connected via leads to a pH meter/ con
troller. If the electrode and its fermenter have to be
sterilized in an autoclave then the associated leads and
plugs to a pH meter must be able to withstand auto
claving and retain their electrical resistance. Repeated
sterilization may gradually change the performance of
the electrode. The long culture times associated with
animal cell culture or continuous culture of any cells
makes a withdrawal option highly desirable to allow for
servicing the electrode or troubleshooting without in
terrupting the fermentation. The housing for this op
tion needs to be carefully designed to ensure that the
fermentation does not become contaminated when the
electrode is withdrawn, serviced, resterilized and in
serted into the housing (Gary et a!., 1988).

Ingold electrodes contain a ceramic housing in the
reference half cell which has pore dimensions capable
of preventing fungal or bacterial infections. However, it
is often desirable in animal-cell culture to sterilize the
reference electrolyte as well as the electrode surfaces
and seals. Both liquid and gel filled electrodes are
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FIG: 8.1]. Valvc opening and pH changes with proportional plus
denvatIve control (Shinskey, 1973).

is a measure of the oxidation-reduction potential of a
biological system and can be determined as a voltage
(mV), the value in any system depending on the equi
librium of:

Reduced form <= Oxidized form + electron(s)
(negative value) (positive value)

The measuring electrode consists of gold, platinum or
iri~ium which is welded to a copper lead. The interpre
tatIOn of results presents difficulties and is confusing
(Halling, 1990). The culture is not at redox equilibrium
until possibly the end of a growth cycle. During the
cycle, although some redox half-reactions may be in
equilibrium they cannot all be in a dynamic system.
The micro-organisms can also be at a different redox
potential from the broth. It has been speculated that
the probe signal is indicating something about the
relative concentrations of uncertain and probably vary
ing chemical species! This is far from the ideal for a
sensor which should only be measuring a specific fac
tor. If the broth contains traces of oxygen this will
probably dominate the signal. It is the ability to detect
low concentrations of oxygen in media (1 ppm) where
redox electrodes may have a good application for de
termining oxygen availability in anaerobic or micro
aerophilic processes operated on a small scale
(Kjaergaard and Joergensen, 1979).

Halling (1990) gives further details on routine han
dling, sterilization, testing and calibration.
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available. The liquid system gives a faster response, is
most stable and accurate. When the electrode is pres
surized above the operating pressure in a fermenter
the liquid electolyte will gradually flow out of the
ceramic diaphragm and prevent fouling, particularly
from proteins in the fermentation broth precipitating
on the membrane after contact with the electrolyte
(Gary et al., 1988).

Readers should consult Halling (1990) for more in
formation on calibration and checking, sterilization,
routine maintenance and problems in use.

Control units, to be discussed later in this chapter,
may be simple ON/OFF or more complex. In the case
of the ON/OFF controller, the controller is set to a
predetermined pH value. When a signal actuates a
relay, a pinch valve is opened or a pump started, and
acid or alkali is pumped into the fermenter for a short
time which is governed by a process timer (0 to 5
seconds). The addition cycle is followed by a mixing
cycle which is governed by another process timer (0 to
60 seconds) during which time no further acid or alkali
can be added. At the end of the mixing cycle another
pH reading will indicate whether or not there has been
adequate correction of the pH drift. In small volumes
the likelihood of overshoot is minimal. A recording
unit may be wired to the pH meter to monitor the pH
pattern throughout a process cycle.

Shinskey (1973) has discussed pH control of batch
processes using proportional and proportional plus
derivative control (see later section) when overshoot of
the set point is to be avoided. In the case of proportio
nal action, the controller must be adjusted so that a
valve on an acid feed-line is shut when the error is
zero. However, overshoot is possible as there may be a
delay in closing the valve once the set point is achieved.
In some cases the overshoot cannot be corrected be
cause of lack of alkali nor may it be desirable. There
fore to preclude an overshoot, the valve must be closed
before the controlled variable reaches the set point.
This may be done using proportional plus derivative
control. The derivative action will need careful adjust
ment. Too little derivative action will cause some over
shoot while too much will lead to the premature clo
sure of the valve. This premature closure may be only
for a short time before the valve opens again to give a
response pattern as shown in Fig. 8.11.

Redox

Aspects of redox potential have been reviewed by
Jacob (1970), Kjaergaard (1977) and Halling (1990). It
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Carbon dioxide electrodes

The measurement of dissolved carbon dioxide is
possible with an electrode, since a pH or voltage change



can be detected as the gas goes into solution. The first
available electrode consisted of a combined pH elec
trode with a bicarbonate buffer (pH 5) surrounding the
bulb and ceramic plug, with the solution being retained
by a PTFE membrane held by an a-ring. Unfortu
nately, this electrode was not steam sterilizable. This
basic design has been modified so that dissolved COz
from the sample permeates a stainless-steel reinforced
silicone bi-layer membrane and dissolves in the inter
nal bicarbonate electrolyte of the electrode. The subse
quent pH shift is determined by an internal pH ele
ment. This system is extremely sensitive to shifts in the
pH element as one pH unit change represents a tenfold
increase in pCOz, but precautions have been taken in
the design to ensure minimal drift of the sensor. It is
possible to calibrate the electrode on-line using spe
cially formulated buffer solutions. This new version can
be steam sterilized (Gary et al., 1988).

ON-LINE ANALYSIS OF OTHER CHEMICAL
FACTORS

If good control of a fermentatation is to be obtained,
then all chemical factors which can influence growth
and product formation ought to be continuously moni
tored. This ideal situation has not yet been achieved
but a number of techniques are currently being devel
oped.

Ion-specific sensors

Ion-specific sensors have been developed by Orion
Research and Radiometer to measure NHT, Caz+, K+,
Mgz+, P03 -, SOz-, etc. (Orion Research Inc., 11
Blackstone Street, Cambridge, MA, U.S.A.; Radiome
ter - Aagard Nielson and Schroder, Emdrupvej 72,
Copenhagen-NY, Denmark). The response time of
these electrodes varies from 10 seconds to several
minutes depending on the concentration of the ion
species, the composition of the sample, etc. However,
none of these probes is steam sterilizable.

Enzyme and microbial electrodes

Enzyme or microbial cell electrodes can be used in
some analyses. A suitable enzyme or microbial cell
which produces a change in pH or forms oxygen in the
enzyme reaction is chosen and immobilized on a mem
brane held in close contact to a pH or oxygen elec-
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trode. Unfortunately, the oxygen demand of an enzyme
may restrict the maximum substrate concentration
which might be detected in a medium. Enfors (1981)
overcame this problem for glucose determination by
co-immobilizing glucose oxidase and catalase. More
recently, it has been possible to use a ferrocene deriva
tive as an artificial redox carrier to shuttle electrons
from glucose oxidase to a carbon electrode, thus mak
ing the device largely independent of oxygen concen
trations (Higgins and Boldot, 1992). Enzyme electrodes
are also commercially available to monitor cholesterol,
triglycerides, lactate, acetate, oxalate, methanol,
ethanol, creatine, ammonia, urea, amino acids, car
bohydrates and penicillin (Higgins et al., 1987; Luong
et al., 1988; Higgins and Boldot, 1992).

Ideally, an electrode that can be inserted into a
fermenter and steam sterilized is required, but none is
yet available which can be used in this manner, even
when using enzymes which are stable at high tempera
tures which can be obtained from thermophilic micro
organisms. Hewetson et at. (1979) prepared sterilized
penicillinase electrodes by assembling sterile compo
nents or by standing assembled components in chloro
form before placing in a fermenter.

Near infra-red spectroscopy

Hammond and Brookes (1992) have described the
development of near infra-red spectroscopy (NIR;
460-1200 nm) for rapid, continuous and batch analysis
of components of fermentation broths. In samples from
an antibiotic fermentation, they used NIR absorbance
bands to simultaneously estimate fat (in the medium),
techoic acid (biomass) and antibiotic (the product). Fat
analysis has been made possible with a fibre optic
sensor placed in situ through a port in the fermenter
wall. The assay time for an antibiotic has been reduced
from 2 hours to 2 minutes. A method has also been
developed to measure alkaline protease production in
broths. Vaccari et al. (1994) have used this technique to
measure glucose, lactic acid and biomass in a lactic
acid fermentation.

Mass spectrometers

The mass spectrometer can be used for on-line anal
ysis since it is very versatile and has a response time of
less than 5 seconds for full-scale response and taking
about 12 seconds for a sample stream. It allows for
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FIG. 8.12. A feedback control loop (Rolf and Lim, 1985).
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ture changes from the set point on the th(~rnlO1neter,

the operative will take appropriate action and adjust
the steam valve to correct the temperature de'vlatIon.
Should the temperature not return to the set point
within a reasonable time, further action may be neces
sary. Much depends on the skill of individual operatives
in knowing when and how much adjustment to make.
This approach with manual control may be very costly
in terms of labour and should always be kept to a strict
minimum when automatic control could be used in
stead. A justifiable use of manual control may be in the
adjustment of minor infrequent deviations.

When an automatic control loop is used, certain
modifications are necessary. The measuring element
must generate an output signal which can be monitored
by an instrument. In the case of temperature control,
the thermometer is replaced by a thermocouple, which
is connected to a controller which in turn will produce
a signal to operate the steam valve (Fig. 8.14).

Automatic control systems can be classified into four
main types:

FIG. 8.13. Simple manual-control loop for temperature control.

CONTROL SYSTEMS

The process parameters which are measured using
probes described in the previous sections may be con
trolled using control loops.

A control loop consists of four basic components:

Manual control

monitoring of gas partial pressures (02' CO2, CH 4,
etc.), dissolved gases (02' CO2, CH 4, etc.) and volatiles
(methanol, ethanol, acetone, simple organic acids, etc)
Heinzle et al. (1981) combined a data processor with a
mass spectrometer equipped with a capillary gas inlet
to measure gas partial pressures and a membrane inlet
to detect dissolved gases and volatiles. It is therefore
possible to multiplex this type of system to analyse
several fermenters sequentially. Merck and Company
Inc. have installed an integrated gas- and liquid-phase
analysis system incorporating a mass spectrometer to
sample a number of fermenters (Omstead and
Greasham, 1989). The availability of low cost mass
spectrometers at approximately $15,000 does make their
use in a laboratory or pilot plant financially feasible as
an alternative to oxygen and carbon dioxide analysers,
as well as analysing for a range of other gaseous and
volatile compounds.

1. A measuring element.
2. A controller.
3. A final control element.
4. The process to be controlled.
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In the simplest type of control loop, known as feedback
control (Fig. 8.12), the measuring element senses a
process property such as flow, pressure, temperature,
etc., and generates a corresponding output signal. The
controller compares the measurement signal with a
predetermined desired value (set point) and produces
an output signal to counteract any differences between
the two. The final control element receives the control
signal and adjusts the process by changing a valve
opening or pump speed and causing the controlled
process property to return to the set point.

A simple example of control is manual control of a
steam valve to regulate the temperature of water
flowing through a pipe (Fig. 8.13). Throughout the time
of operation a plant operative is instructed to monitor
the temperature in the pipe. Immediately the tempera-
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FIG. 8.14. Simple automatic control loop for temperature control.
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PROPORTIONAL CONTROL

Proportional control can be explained as follows: the
change in output of the controller is proportional to
the input signal produced by the environmental change
(commonly referred to as error) which has been de
tected by a sensor.

Instrumentation and Control

Minimum

FIG. 8.16. Oscillatory pattern of the temperature of a domestic
water tank (no water being drawn off) using ON/OFF control of
the heating element.

Output without control
........... Proportional action
---- Intcgral action
--------- Proportional + integral action
-.-.-. Proportional + derivative action
--------- Proportional + integral + derivative action

Maximum

Time

mum and minimum values are acceptable for the speci
fic process, and to ensure that the oscillation cycle time
does not cause excessive use of valves or switches.

ON/OFF control is not satisfactory for controlling
any process parameter where there are likely to be
large sudden changes from the equilibrium. In these
cases alternative forms of automatic control must be
used.

In more complex automatic control systems three
different methods are commonly used in making error
corrections. They are: proportional, integral and
derivative. These control methods may be used singly
or in combinations in applying automatic control to a
process, depending upon the complexity of the process
and the extent of control required. Since many of the
controllers used in the chemical industries are pneu
matic, the response to an error by the controller will be
represented by a change in output pressure. Pneumatic
controllers are still widely used because they are robust
and reliable. In other cases, when the controller is
electronic, the response to an error will be represented
as a change in output current or voltage.
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FIG. 8.15. Oscillatory pattern of a simplc two·position valve or
switch.

100% open
(on)

TWO-POSITION CONTROLLERS (ON / OFF)

The two-position controller, which is the simplest
automatic controller, has a final control unit (valve,
switch, etc.) which is either fully open (ON) or fully
closed (OFF). The response pattern to such a change
will be oscillatory. If there is instant response then the
pattern will be as shown in Fig. 8.15.

If one considers the example of the heating of a
simple domestic water tank controlled by a thermostat
operating with ON/OFF, then there will be a delay in
response when the temperature reaches the set point
and the temperature will continue rising above this
point before the heating source is switched off. At the
other extreme, the water will continue cooling after the
heating source has been switched on. With this mode
of operation an oscillatory pattern will be obtained
with a repeating pattern of maximum and minimum
temperature oscillating about the set point, provided
that all the other process conditions are maintained at
a steady level (Fig. 8.16).

If this type of controller is to be used in process
control then it is important to establish that the maxi-
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Mathematically it can be expressed by the following
equation:

no

where M
Mo

error,
K c = controller gain or sensitivity,
2., = the error signal.

Hence, the greater the error (environmental change) ~~:er
the larger is the initial corrective action which will be
applied. The response to proportional control is shown
in Fig. 8.17, from which it may be observed that there is
a time of oscillation which is reduced fairly quickly. It
should also be noted that the controlled variable at
tains a new equilibrium value. The difference between
the original and the new equilibrium value is termed
the offset.

The term K c (controller gain) is the multiplying
factor (which may be dimensioned) which relates a
change in input to the change in output.

Then

K c may contain conversion units if there is an electri
cal input and a pressure output or vice versa.

Controlled
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FIG. 8.17. Typical controlled plant responses.

This quantity PB is defined as the error required to
move the final control element over the whole of its
range (e.g. from fully open to fully shut) and is ex
pressed as a percentage of the total range of the
measured variable (e.g. two extremes of temperature).

A fermenter with a heating jacket will be used as an
example (Fig. 8.18). A thermocouple is connected to a
temperature controller which has a span of 10° cover
ing the range 25° to 35°, with a set point at 30°. The
controller valve which is controlled by a pressure regu
lator, is fully open at 5 psig (46 kN m- Z) and fully
closed at 15 psig (138 kN m- Z), while the set point of
30° corresponds to a control pressure on the valve of 10
psig (92 kN m-Z). When the controller gain is 1, a
change of 10° will cause a pressure change of 10 psig
when the valve will be fully open at 25° and fully closed
at 35°. Thus, the proportional band is 100%. If the
controller gain is 2, a 5° change will cause the valve to
go from fully open to fully closed, i.e. 27.5" to 32.5". In
this case the proportional band width will be:
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so
= 100 x 100 = 50%.

Actual band width

Total band range

Either side of this band the pressure will be constant.
In the case of a controller gain of 4, a 2.5° change will
cause a pressure change of 10 psig (92 kN m-2), which
will cause the control valve to go from fully open to
fully closed (28.75° to 31.25°). In this case the propor
tional band will be

2.so
= 100 x 100 = 25%.

These results are summarized in Table 8.2 for con
troller gains of 1, 2 and 4.

When the proportional band is very small (the con
troller gain is high) the control mode can be likened to
simple ON/OFF, with a high degree of oscillation but
no offset. As the proportional band is increased (Jow
controller gain) the oscillations are reduced but the
offset is increased. Settings for proportional band width
are normally a compromise between degree of oscilla
tion and offset. If the offset is not desirable it can be
eliminated by the use of proportional control in associ
ation with integral control (see Fig. 8.17 and later
section).

INTEGRAL CONTROL

The output signal of an integral controller is de
termined by the integral of the error input over the
time of operation. Thus:

M = M o + ~ fI: dt
I:

where T, = integral time.
It is important to remember that the controller
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output signal changes relatively slowly at first as time is
required for the controller action to integrate the er
ror. It is evident from Fig. 8.17 that the maximum
deviation from the set point is significant when com
pared with the use of proportional control for control
of the chosen parameter, and the system takes longer
to settle down. There is, however, no offset which is
advantageous in many control processes.

DERIVATIVE CONTROL

When derivative control is applied the controller
senses the rate of change of the error signal and
contributes a component of the output signal that is
proportional to a derivative of the error signal. Thus:

dI:
M=Mo + Td 

dt

where Td is a time rate constant.
It is important to remember that if the error is

constant there is no corrective action with derivative
control. In practice, derivative control is never used on
its own. The response curve has therefore been deliber
ately omitted from Fig. 8.17.

Figure 8.19 demonstrates the response of derivative
control to sinusoidal error inputs. The output is always
in a direction to oppose changes in error, both away
from and towards the set point, which in this example
results in a 90° phase shift. This opposition to a change
has a fast damping effect and this property is very
useful in combination with other modes of control
which will be discussed later.

TABLE 8.2. The effect of controller gain (K e ) on band width of a proportional temperature controller

Measured Pressure output (psig) at Pressure output (psig) at Pressure output (psig) at
temperature K c = 1 psig/1° K c = 2 psigj1° K c = 4 psig/1°

35° 15 15 15
34° 14 15 15
33° 13 15 15
32.5" 12.5 15 15
32° 12 14 15
31.25° 11.25 12.5 IS}31° 11 12 14

Set ...., 30° 10 Prop. band 100% 10 Prop. band 50% 10 Prop. band 25%
point 29° 9 8 6

28.75° 8.75 7.5 5
28° 8 6 5
27.5" 7.5 5 5
27° 7 5 5
26° 6 5 5
25° 5 5 5
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FIG. 8.19. Response of a derivative controller to sinusoidal error
inputs.

Combinations of methods of control

Three combinations of control systems are used in
practice:

(a) Proportional plus integral.
(b) Proportional plus derivative.
(c) Proportional plus integral plus derivative.

PROPORTIONAL PLUS INTEGRAL CONTROL

When proportional plus integral control is used, the
output response to an error gives rise to a slightly
higher initial deviation in the output signal compared
with that which would be obtained with proportional
control on its own (Fig. 8.17). This is due to a contribu
tion in the signal from integral control. However, the
oscillations are soon reduced and there is finally no
offset. This mode of control finds wide applications
since the proportional component is ideal in a process
where there are moderate changes, whereas the inte
gral component will allow for large load changes and
eliminate the offset that would have occurred.

PROPORTIONAL PLUS DERIVATIVE CONTROL

If proportional plus derivative control is used, the
output response to an error will lead to reduced devia
tions, faster stabilization and a reduced offset (Fig.
8.17) compared with proportional control alone. Be
cause the derivative component has a rapid stabilizing
influence, the controller can cope with rapid load
changes.
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PROPORTIONAL PLUS INTEGRAL PLUS
CONTROL

The combination of proportional plus integral
derivative normally provides the best control pV;'MllllF

ties (Fig. 8.17). The advantages of each
retained. The maximum deviation and settling
similar to those for a proportional plus derivative
troller whilst the integral action ensures that
no offset. This method of control finds the
applications because of its ability to cope with
variations of patterns of changes which might be
countered in different processes.

The first primary automatic controllers were
tronic control units which were adjusted manually
set up desired PID response patterns to a dlstur'baJnce
in a control loop. These controllers are relatively ex
pensive and some knowledge of control engineering is
necessary to make the correct adjustments to obtain
the required control responses.

The availability of cheap computers and suitable
computer programs to mimic PID control and handle a
number of control loops simultaneously has made it
possible to use some very complex control techniques
for process optimization. Some aspects of this work on
computer applications will be discussed later in this
chapter.

More complex control systems

In certain situations PID control is not adequate to
control a disturbance. Control may be difficult when
there is a long time lag between a change in a manipu
lated variable and its effect on the measured variable.
Consider the example of a heat exchanger where the
water temperature is regulated by the flow rate of
steam from a steam valve (Hall et al., 1974). By the
time the effects of a change in steam flow influence the
hot water temperature, a considerable energy change
has occurred in the heat exchanger which will continue
to drive the hot water temperature away from the
set-point after a correction has been made to the
steam-flow valve. This lag will lead to cycling of the
measured variable about the set point. Cascade control
can solve this problem. When cascade control is used
(Fig. 8.20), the output of one controller is the set-point
for another. Each controller has its own measured
variable with only the primary controller having an
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FIG. 8.20. A cascade feedback control loop (Rolf and Lim, 1985).

Disturbances

FIG. 8.22. A feedforward control loop (Rolf and Lim, 1985).
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FIG. 8.23. Feedforward control of a heat-exchange process (Hall
et al., 1974).
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FIG. 8.21. Cascade control of a heat-exchange process (Hall et al.,
1974).

individual set-point and only the secondary controller
providing an output to the process. In more complex
cascade systems more loops may be included.

When cascade control is used to control water tem
perature in a heat exchanger process (Fig. 8.21) there is
the primary loop (slow or outer loop), consisting of the
temperature sensor and the primary temperature con
troller of the process water temperature, and the sec
ondary loop (fast or inner loop) consisting of the steam
flow sensor, the steam flow controller, its process vari
able (steam flow), the control valve and the process.
The addition of the secondary controller, whose mea
sured variable is steam flow, allows steam flow varia
tions to be corrected immediately before they can
affect the hot water temperature. This extra control
loop should help to minimize temperature cycling.

Feed-forward control (Fig. 8.22) makes it possible to
utilize other disturbances besides the measured values
of the process that have to be controlled and enable
fast control of a process. The cascade control system
(Fig. 8.21) which has just been discussed would be
adequate provided that the water inlet pressure and
temperature do not fluctuate. When fluctuations occur,
feed-forward control may be used, but this will require
the measurement of both inlet water temperature and
flow rate with both variables combined to control the

steam flow rate (Fig. 8.23). In the example shown (Hall
et ai., 1974) a computer is programmed to determine
the heat energy required to be added to the cool inlet
water to bring it to the appropriate temperature at the
outlet and allow the correct amount of steam to enter
the heating coils. Inputs for temperature and flow are
made from the inlet pipe to the computer. Calculations
can then be made to determine the required heat input
to raise the water temperature in the heat exchanger.
The output control signal to the valve A is computed to
allow the correct amount of steam to enter the heating
coils.

When one or more of the process variables or char
acteristics is not known and cannot be measured di
rectly, then adaptive control should be considered. The
on-line identification of process characteristics and the
subsequent use of this information to improve the
process constitute adaptive control (Hall et ai., 1974).
The sequences and the interactions in the adaptive
control loop are outlined in Fig. 8.24. Adaptive control
is useful in circumstances where the process dynamics
are not well defined or change with time. This may be
most useful in controlling a batch fermentation where
considerable and often complex changes may occur
(Bull, 1985; Dusseljee and Feijen, 1990). Adaptive con
trol strategies have been used in fed-batch yeast culti
vation (Montague et ai., 1988), amino acid production
(Radjai et ai., 1984) and penicillin production (Lorenz
et ai., 1985).
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Disturbances

FIG, 8.24. Adaptive control (Rolf and Lim, 1985).

It is also possible to prepare sequential programs
using a computer based control system. Consider con
trol of the dissolved oxygen concentration in a fermen
tation broth. This may be changed by altering the
agitation rate, the air or gas flow rate, the partial
pressure of oxygen in the inlet gas or the total fer
menter pressure. In practice, combinations of these
variables may be used either sequentially or simultane
ously using suitable computer programs. Initially the
agitation rate can be increased to respond to decreases
in dissolved oxygen concentration. When a prede
termined maximum agitation rate is reached, the air
flow can be steadily increased to a preset maximum,
followed by the third and subsequent stages.

COMPUTER APPLICATIONS IN FERMENTATION
TECHNOLOGY

Since the initial use of computers in the 1960s for
modelling fermentation processes (Yamashita and Mu
rao, 1978) and in process control for production of
glutamic acid (Yamashita et al., 1969) and penicillin
(Grayson, 1969), there have been numerous publica
tions on computer applications in fermentation tech
nology (Rolf and Lim, 1985; Bushell, 1988; Whiteside
and Morgan, 1989; Fish et al., 1990). Initially, the use
of large computers was restricted because of their cost
but reductions in costs and the availability of cheaper
small computers has widened interest in their possible
applications. The availability of efficient small comput
ers has led to their use for pilot plants and laboratory
systems since the financial investment for the on-line
computer amounts to a relatively insignificant part of
the whole system.

Three distinct areas of computer function were
recognized by Nyiri (1972):

1. Logging of process data. Data logging is per
formed by the data acquisition system which has
both hardware and software components. There
is an interface between the sensors and the
computer. The software should include the com-
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puter program for sequential
sensor signals and the procedure of data

2. Data analysis (Reduction of logged
reduction is performed by the data-anillv,:io
tem, which is a computer program
series of selected mathematical eQ!uationls.
analysed information may then be put on
out, fed into a data bank or utilized for
control.

3. Process control. Process control is also perform,~tl

using a computer program. Signals from
computer are fed to pumps, valves or
via the interface. In addition the computer
gram may contain instructions to display
or teletypes, to indicate alarms, etc.

At this point it is necessary to be aware that
are two distinct fundamental approaches to co]mplutt~r

control of fermenters. The first is when the termE:nt(~r

is under the direct control of the computer sof'tw,tre.
This is termed Direct Digital Control (DDC) and
be discussed in the next section. The second aptJro,ach
involves the use of independent controllers to
all control functions of a fermenter and the computer
communicates with the controller only to exchange
information. This is termed Supervisory Set-Point Con
trol (SSC) and will be discussed in more detail in the
Process Control section.

It is possible to analyse data, compare it with model
systems in a data store, and use control programs
which will lead to process optimization. However,
process optimization by this method is not a widely
used procedure in the fermentation industries at pre
sent. It is important to be aware of these different
applications, since this will influence the size and type
of computer system which will be appropriate for the
precise role that it is intended to perform, whether in a
laboratory, a pilot plant, or manufacturing plant, or a
combination of these three.

Components of a computer-linked system

When a computer is linked to a fermenter to oper
ate as a control and recording system, a number of
factors must be considered to ensure that all the com
ponents interact and function satisfactorily for control
and data logging. A DDC system will be used as an
example to explain computer controlled addition of a
liquid from a reservoir to a fermenter. A simple outline
of the main components is given in Fig. 8.25. A sensor
S in the fermenter produces a signal which may need to



anlPltne:a and conditioned in the correct analogue
At this stage it is necessary to convert the signal

digital form which can be subsequently transmitted
computer. An interface is placed in the circuit at

point. This interface serves as the junction point
the inputs from the fermenter sensors to the com

and the output signals from the computer to the
controls such as a pump T attached to an

additive reservoir. Digital to analogue conversion is
necessary between the interface and the pump T.

A sensor will generate a small voltage proportional
to the parameter it is measuring. For example, a tem
perature probe might generate 1 V at 10°C and 5 V at
50°C. Unfortunately, the signal cannot be understood
by the computer and must be converted by an analogue
to digital converter (ADC) into a digital form.

The accuracy of an ADC will depend on the number
of bits (the unit of binary information) it sends to the

Instrumentation and Control

computer. An 8-bit converter will work in the range
0-255 and it is therefore able to divide a signal voltage
into 256 steps.This will give a maximum accuracy of
100/256, which is approximately 0.4%. However, a
lO-bit converter can give 1024 steps with an accuracy of
100/1024, which is approximately 0.1%. Therefore
when a parameter is to be monitored very accurately a
converter of the appropriate degree of accuracy will be
required. The time taken for an ADC to convert volt
age signals to a digital output will vary with accuracy,
but improved accuracy leads to slower conversion and
hence slower control responses. However, cycle times
of about 1 second may be adequate in many fermenta
tion systems. It is also important to ensure that the
voltage ranges of the sensors are matched to the ADC
input range. More detailed discussion is given by
Whiteside and Morgan (1989).

A digital to analogue converter (DAC) converts a

Mainframe
computer

Interface

Analogue
to digital
convertor

IGraphic unit I

~
t....--/ Alarms I

Dedicated
mini

computer

Addition
reservoir

Digital
to analogue
convertor

Meter

Sensor S/

FIG. 8.25. Simplified layout of computer-controlled fermenter with only one control loop shown.
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TABLE 8.3. Gateway sensors (Aiba et 01.,1973)

Data amUYSlS

Information that may be
determined from the sensor

signal

Respiratory quotient

Yield and cell density

Acid product formation
Oxygen-transferrate

Oxygen-uptake rate

Carbon dioxide evolution rate

rately may be logged into the data store for
known times. Carleysmith (1989) has described a
handling system being used by Smith Kline tle,echam
the United Kingdom.

Thus, it is now possible to record data COIJ.tu1UClUS]lv
for a range of parameters from a number of teI'ml~nters

simultaneously using minimal manpower, provided
the capital outlay is made for fermenters with
instrumentation coupled with adequate computer
ities.

Sensor

Because a computer can undertake so many calcula
tions very rapidly, it is possible to design programs to
analyse fermentation data in a number of ways.
linked main-frame computer may be used for part of
this analysis as well as the dedicated small computer.

A number of the monitoring systems were described
as 'Gateway Sensors' by Aiba et al. (1973) and are
given in Table 8.3. Gateway sensors are so called
because the information they yield can be processed to
give further information about the fermentation. More
details of analysis of direct measurements, indirect
measurements and estimated variables have been dis
cussed by Zabriskie (1985) and Royce (1993).

The respiratory quotient of a culture may be calcu
lated from the metered gas-flow rates and analyses for
oxygen and carbon dioxide leaving a known volume of
culture in the fermenter. This procedure was used to
monitor growth of Candida utilis in a 250-dm3 fer
menter, to follow or forecast events during operation
(Nyiri et al., 1975).

If one defines the fraction of substrate which is
converted to product then it is possible to write mass

pH
Dissolved oxygen
Oxygen in exit gas}
Gas-flow rate
Carbon dioxide in exit gas}
Gas-flow rate
Oxygen-uptake rate }
Carbon dioxide evolution rate
Sugar-level and feed rate }
Carbon dioxide evolution rate

digital signal from the computer into an electrical
voltage which can be used to drive electrical equip
ment, e.g. a stirrer motor. Like the ADC, the accuracy
of the DAC will be determined by whether it is 8-bit,
10-bit, 12-bit, etc., and will for example determine the
size of steps in the control of rpm of a stirrer motor.

The small computer itself is dedicated solely to one
or more fermenters. This computer is coupled to a
real-time clock, which determines how frequently read
ings from the sensor(s) should be taken and possibly
recorded. The other ancillary equipment linked directly
to the computer might include a visual display unit, a
data store, a teletype, a graphic display unit, a print
out, alarms and a barometer.

The small computer is often connected to a large
main frame computer for random access, not on a
real-time scale, but for long-term data storage and
retrieval and for complex data analysis which will not
be utilized subsequently in real-time control.

It is also possible to develop programs so that on-line
instruments can be checked regularly and recalibrated
when necessary. Swartz and Cooney (1979) were able to
routinely recalibrate a paramagnetic oxygen analyser
and an infrared carbon dioxide analyser every 12 hours
utilizing a program which connected a gas of known
composition to the analysers and subsequently moni
tored the analyser outputs.

The simplest task for a computer is data logging.
Parameters such as those listed in Table 8.1 can be
measured by sensors which produce a signal which is
compatible with the computer system.

Programs have been developed so that by reference
to the real-time clock, the signals from the appropriate
sensors will be scanned sequentially in a predetermined
pattern and logged in a data store. Typically, this may
be 2- to 60-second intervals, and the data is printed out
on a visual display unit. In preliminary scanning cycles
the values are compared with predefined limit values,
and deviations from these values result in an error
print out, or if more extreme then an alarm may be
activated. In the final cycle of a sequence, say every 5
to 60 minutes, the program instructs that the sensor
readings are permanently recorded on a print out or in
a data store.

At the same time as on-line data is being recorded
from sensors, analytical data for broth viscosity, mi
crobial growth, substrate and precursor utilization and
product formation, which have to be determined sepa-
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where a, b, c, d, e and f are moles of the respective
reactants and products. CxHyOZ is the molecular for
mula of the substrate where x, y and z are the specific
carbon, hydrogen and oxygen atom numbers. Biomass
is represented by CrHsOtNll where r, s, t and u are the
corresponding numbers of each element in the cell.
This technique was developed to use with bakers' yeast
fermentations (Cooney et ai., 1977; Wang et ai., 1977).

Arminger and Moran (1979) recognized three levels
of process control that might be incorporated into a
system. Each higher level involves more complex pro
grams and needs a greater overall understanding of the

I Stir~:; I
mOrr;::======:::;--,Acid

~
ump lJ

Alkali ........
pump

Actions

C, H, ° and N with the measurement of
quantities (Oz, cOz, NH 3 , etc.). All the

can be calculated, including biomass
if the biomass elemental composition is

2). This procedure was used for the
bakers' yeast fermentation (Cooney et aI.,

Bi()mass production can be regarded as a stoi
chioilletnc relationship in which substrate is converted,

of oxygen and ammonia to biomass,
and water:

source-energy + oxygen + ammonium ->

+ water + carbon dioxide.
the equation can be written in the form:

aCXHyOz + bOz + cNH 3 -> dCrHsOtNll

+HzO + fCOz

~---I----iMulti-loop 1-------'
process

controller

Serial link

User/data archive Supervisory
computer

FIG. 8.26. Diagrammatic representation of a supervisory setpoint control (SSe) system for fermenters. This example illustrates a system
controJling temperature by means of heating only, dissolved oxygen tension by stirrer speed and pH by the addition of acid and alkali. All
control functions are performed by the intelligent process controller and the computer only communicates with this in order to log data
and send new setpoints when instructed to do so by the user (Whiteside and Morgan, 1989).
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FIG. 8.27. Two-layer neural network (not all the possible intercon
nections are shown).

Output
layer

Hidden
layer

Input
layer

troscopy) and some metabolites (mass SPl~Ct:roscor)'J

near infra-red spectroscopy). All these
been discussed earlier in this chapter. ~ecorldlv.

important to develop a mathematical model
quately describes the dynamic behaviour of a
Shimizu (1993) has stressed the vital role
models play in optimization and reviewed
this approach in batch, fed-batch and
processes for biomass and metabolites. This
with appropriate on-line sensors and suitable
programs has been used to optimize bakers'
duction (Ramirez et at., 1981; Shi et at.,
industrial antibiotic process and lactic acid pn)dllcti,
(Shi et at., 1989).

Although much progress has been made in
ity to control a process, few sensors are yet aV<l1labJe
monitor on-line for many metabolites or other
ters in a fermentation broth thus delaying or
fast response difficult for on-line control action.
is possible that not all the important parameters
process have been identified and the
model derived to describe a process may be
quate. Because of these limitations, an artificial
network may be used to achieve better control
and Rivera, 1992). These are highly
networks of non-linear processing units arranged
layers with adjustable connecting strengths

process. The first level of control, which is already
routinely used in the chemical industries, involves se
quencing operations, such as manipulating valves or
starting or stopping pumps, instrument recalibration,
on-line maintenance and fail-safe shut-down proce
dures. In most of these operations the time base is at
least in the order of minutes, so that high-speed manip
ulations are not vital. Two applications in fermentation
processes are sterilization cycles and medium batching.

The next level of computer control involves process
control of temperature, pH, foam control, etc. where
the sensors are directly interfaced to a computer (Di
rect Digital Control (DDC); Fig. 8.25). When this is
done separate controller units are not needed. The
computer program determines the set point values and
the control algorithms, such as PID, are part of the
computer software package. Better control is possible
as the control algorithms are mathematically stored
functions rather than electrical functions. This proce
dure allows for greater flexibility and more precise
representation of a process control policy. The system
is not very expensive as separate electronic controllers
are no longer needed, but computer failure can cause
major problems unless there is some manual back-up
facility.

The alternative approach is to use a computer in a
purely supervisory role. All control functions are per
formed by an electronic controller using a system illus
trated in Fig. 8.26 where the linked computer only logs
data from sensors and sends signals to alter set points
when instructed by a computer program or manually.
This system is known as Supervisory Set-Point Control
(SSC) or Digital Set-Point Control (DSC). When SSC is
used, the modes of control are limited to proportional,
integral and derivative because the direct control of the
fermenter is by an electronic controller. However, in
the event of computer failure the process controller
can be operated independently.

Whiteside and Morgan (1989) have discussed some
of the relative merits of DDC and SSC systems and
given case histories of the installation and operation of
both systems.

The most advanced level of control is concerned
with process optimization. This will involve understand
ing a process, being able to monitor what is happening
and being able to control it to achieve and maintain
optimum conditions. Firstly, there is a need for suitable
on-line sensors to monitor the process continuously. A
number are now available for dissolved oxygen, dis
solved carbon dioxide, pH, temperature, biomass (the
bug meter, NADH fluorescence, near infra-red spec-

Principles of Fermentation Technology, 2nd Edn.

238



neural networks there is one input layer,
layer and one output layer (Fig. 8.27).

recognized knowledge-based systems, neural
rietworKS do not need information in the form of a

of rules, but learn from process examples from
they derive their own rules. This makes it possi
deal with non-linear systems and approximate or
data.

training a neural network the aim is to adjust
stn~ng;ths of the interconnections (neurons) so that

of inputs produces a desired set of outputs. The
may be process variables such as temperature,

flow rates, pressure and other direct or indirect
ll1t~asurt~mlenlts which give information about the state

process. The process outputs obtained (biomass,
pf{)QLICL, etc.) produce the teacher signal(s) which trains

network. The difference between the desired out
and the value predicted by the network is the

error. Adjustments are made to minimize
total prediction error by modifying the interconnec-

strengths until no further decrease in error is
achieved. Commercial computer packages are now
available to help to determine which of the input
variables to use for training and to determine the
optimum number of interconnections and hidden lay
ers (Glassey et al., 1994). Readers requiring more detail
of the theory of neural networks should consult Karim
and Rivera (1992).

This method of control is still at an early stage of
development, but it has already been used in a case
study on ethanol production by Zymomonas mobilis
(Karim and Rivera, 1992), in real-time variable estima
tion and control of a glucoamylase fermentation (Linko
and Zhu, 1992) and recombinant Escherichia coli fer
mentations (Glassey et al., 1994).

In industrial systems where a significant amount of
on-line and off-line process data may be available, but
there are tight time restraints imposed on process
optimization, the potential for developing a relatively
accurate neural network model within short time scales
becomes very attractive (Glassey et al., 1994).
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CHAPTER 9

Aeration and Agitation

INTRODUCTION

THE MAJORITY of fermentation processes are aerobic
and, therefore, require the provision of oxygen. If the
stoichiometry of respiration is considered, then the
oxidation of glucose may be represented as:

C6H 120 6 + 60z = 6H zO + 6COz
Thus, 192 grams of oxygen are required for the com
plete oxidation of 180 grams of glucose. However, both
components must be in solution before they are avail
able to a micro-organism and oxygen is approximately
6000 times less soluble in water than is glucose (a
fermentation medium saturated with oxygen contains
approximately 7.6 mg dm- 3 of oxygen at 30°C). Thus, it
is not possible to provide a microbial culture with all
the oxygen it will need for the complete oxidation of
the glucose (or any other carbon source) in one addi
tion. Therefore, a microbial culture must be supplied
with oxygen during growth at a rate sufficient to satisfy
the organisms' demand.

The oxygen demand of an industrial fermentation
process is normally satisfied by aerating and agitating
the fermentation broth. However, the productivity of
many fermentations is limited by oxygen availability
and, therefore, it is important to consider the factors
which affect a fermenter's efficiency in supplying mi
crobial cells with oxygen. This chapter considers the
requirement for oxygen in fermentation processes, the
quantification of oxygen transfer and the factors which
will influence the rate of oxygen transfer into solution.

THE OXYGEN REQUIREMENTS OF INDUSTRIAL
FERMENTATIONS

Although a consideration of the stoichiometry of

respiration gives an appreCIatIOn of the problem of
oxygen supply, it gives no indication of an organism's
true oxygen demand as it does not take into account
the carbon that is converted into biomass and products.
A number of workers have considered the overall stoi
chiometry of the conversion of oxygen, a source of
carbon and a source of nitrogen into biomass and have
used such relationships to predict the oxygen demand
of a fermentation. A selection of such equations is
shown in Table 9.1. From these determinations it may
be seen that a culture's demand for oxygen is very
much dependent on the source of carbon in the
medium. Thus, the more reduced the carbon source
the greater will be the oxygen demand. From Darling~
ton's and Johnson's equations (Table 9.1) it may be
seen that the production of 100 grams of biomass from
hydrocarbon requires approximately three times the
amount of oxygen to produce the same amount of
biomass from carbohydrate. This point is also illus
trated in Table 9.2. However, it must be remembered
that the high carbon content of hydrocarbon substrates
means that high yield factors (g biomass g-1 substrate
consumed) are obtained and the decision to use such
substrates is based on the balance between the advan
tage of high biomass yield and the disadvantage of high
oxygen demand and heat generation. These points are
discussed in more detail in Chapter 4.

Darlington's, Johnson's and Mateles' equations only
include biomass production and do not consider product
formation, whereas Cooney's and Righelato's equations
consider product formation. Ryu and Hospodka (1980)
used Righelato's approach to calculate that the produc
tion of 1 g penicillin consumes 2.2 g of oxygen.

However, it is inadequate to base the provision of
oxygen for a fermentation simply on an estimation of
overall demand, because the metabolism of the culture
is affected by the concentration of dissolved oxygen in
the broth. The effect of dissolved oxygen concentration
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TABLE 9.1. Stoichiometric equations describing oxygen demand in a fermentation

Equation

6.67CH zO + 2.10 2 = C3.92H6.S°l.94
+2.75CO z + 3.42H zO

7.14CH z + 6.1350z = C3.92H6.s°l.94
+3.22CO z + 3.89H zO

(A/Y)-B=C

(dx/dt)/Y + mx + p = (dCOz/dt) =

- (d0 2/dt)RQ

YOIP = (0.53/Yp IG) - (O.6X/P) - 0.43

Yo = {02C + 8H - 160)/YM} - 1.58

Terms used

C3.92H6.s0l.94 is 100 g (dry weight) of
yeast cells; CH zO is carbohydrate

CH z is hydrocarbon

A = Amount of oxygen for combustion of
1 g of substrate to ca"~ H 20 and NH 3, if
nitrogen is present in the substrate

B = Amount of oxygen required for the
combustion of 1 g cells to CO 2 , HzO and NH 3

Y = Cell yield (g cells g-l substrate)
C = g oxygen consumed for the production of 1 g

of cells

x = biomass concentration
t= time
Y = g biomass g-l carbon substrate
m = maintenance
p = allowance for antibiotic production

YOIP = g oxygen consumed g-l glucose
Yp I G g sodium penicillin G produced g- I glucose
X g cells (dry weight) produced
P = g sodium penicillin G produced

Yo = g oxygen consumed g-l cells produced
y ~ Cell yield (g cells g-l substrate)
M = Molecular weight of the carbon source
C, Hand ° = Number of atoms of carbon,

hydrogen and oxygen per molecule of carbon
source

Reference

Darlington (1964)

Darlington (1964)

Johnson (1964)

Righelato et al. (1968)

Cooney (1979)

Mateles (1971)

on the specific oxygen uptake rate (Qoz' mmoles of
oxygen consumed per gram dry weight of cells per
hour) has been shown to be of the Michaelis-Menten
type, as shown in Fig. 9.1.

From Fig. 9.1 it may be seen that the specific oxygen
uptake rate increases with increase in the dissolved
oxygen concentration up to a certain point (referred to
as Ccrit ) above which no further increase in oxygen
uptake rate occurs. Some examples of the critical oxy
gen levels for a range of micro-organisms are given in

Table 9.3. Thus, maximum biomass production may be
achieved by satisfying the organism's maximum specific
oxygen demand by maintaining the dissolved oxygen
concentration greater than the critical level. If the
dissolved oxygen concentration were to fall below the
critical level then the cells may be metabolically dis
turbed. However, it must be remembered that it is
frequently the objective of the fermentation tech
nologist to produce a product of the micro-organism
rather than the organism itself and that metabolic

TABLE 9.2. O:tygen requirements of a range of micro-organisms grown on a range of
substrates (After Mateles, 1979)
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Substrate

Glucose
Methanol
Octane

Organism

Escherichia coli
Pseudomonas C
Pseudomonas sp.

Oxygen requirement
(g 0z g-l dry wt.)

0.4
1.2
1.7

Reference

Schulze and Lipe (J 964)
Goldberg et al. (1976)
Wodzinski and Johnson (1968)



TABLE 9.3. Critical dissolved oxygen concentrations for a range of micro-organisms
(Riviere, 1977)

Temperature
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0.018
0.008
0.004
0.022

Critical dissolved
oxygen concentration

(mmoles dm -3)

oxygen satisfaction on the production of a range of
amino acids is shown in Fig. 9.2. From Fig. 9.2 it may
be seen that the production of members of the gluta
mate and aspartate families of amino acids was af
fected detrimentally by levels of oxygen satisfaction
below 1.0, whereas optimum production of phenylala
nine, valine and leucine occurred at oxygen satisfaction
levels of 0.55, 0.60 and 0.85, respectively. The biosyn
thetic routes of the amino acids are shown in Fig. 9.3,
from which it may be seen that the glutamate and
aspartate families are all produced from tricarboxylic
acid (TCA) cycle intermediates, whereas phenylalanine,
valine and leucine are produced from the glycolysis
intermediates, pyruvate and phosphoenol pyruvate.
Oxygen excess should give rise to abundant TCA cycle
intermediates, whereas oxygen limitation should result
in less glucose being oxidized via the TCA cycle, al
lowing more intermediates to be available for phenyl
alanine, valine and leucine biosynthesis. Thus, some
degree of metabolic disruption results in greater pro
duction of pyruvate derived amino acids.

An example of the effect of dissolved oxygen on
secondary metabolism is provided by Zhou et al. 's
(1992) work on cephalosporin C synthesis by Cephalo
sporium acremonium. These workers demonstrated that
the critical oxygen concentration for cephalosporin C
synthesis during the production phase was 20% satura
tion. At dissolved oxygen concentrations below 20%
cephalosporin C concentration declined and penicillin
N increased. The biosynthetic pathway to cephalo
sporin C is shown in Fig. 9.4, from which it may be seen
that there are three oxygen-consuming steps in the
pathway:

(i) Cyclization of the tripeptide, a-amino-adipyl
cysteinyl-valine into isopenicillin N.

(ii) The ring expansion of penicillin N into deace
toxycephalosporin C (DAOC).

(iii) The hydroxylation of DAOC to give deacetyl
cephalosporin C.
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30
37
30
24

Ccritical

Azotobacter sp.
Escherichia coli
Saccharomyces sp.
Penicillium chrysogenum

Organism

dissolved oxygen concentration on the Q02

the cell by oxygen starvation may be
to the formation of certain products.

pnJVlSlon of a dissolved oxygen concentration
the critical level may have no influence

prc)ductl1on, but may stimulate product for
the aeration conditions necessary for the

of a product may be different
favouring biomass production.

and Shibai's (1980) investigations of amino
bic)synttlesls by Brevibactelium flavum provide an

eXclmlole of the effects of the dissolved oxygen
:¢l1ttation on the production of a range of closely

These workers demonstrated the
dis:50hled oxygen concentration for B. flavum to

dm- 3 and considered the extent of oxygen
culture in terms of the degree of 'oxygen

, that is the respiratory rate of the culture
as a fraction of the maximum respiratory
a value of oxygen satisfaction below unity

the dissolved oxygen concentration was
critical level. The effect of the degree of
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FIG. 9.4. The biosynthesis of cephalosporin C, indicating the oxy
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(iii) deacetyl cephalosporin C synthase (commonly called hydroxy
lase).
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FIG. 9.2. The effect of dissolved oxygen on the production of
amino acids by Breuibacterium ftauum (Hirose and Shibai, 1980).
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DAOC did not accumulate at low oxygen concentra
tions and, thus, it appears that the most oxygen sensi
tive step in the pathway is the ring expansion enzyme
(expandase) resulting in the accumulation of penicillin
N under oxygen limitation.

FIG. 9.3. The biosynthetic routes to the amino acids phenylala
nine, valine, leucine, lysine, threonine, I-leucine, glutamic acid,
proline, glutamine and arginine in B. ftauum.

Oxaloaceticac~
___ \ Citric acid

,artic\id )

Lysine Threonine

l
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The method for provision of a culture with a
of air varies with the scale of the process:

Laboratory-scale cultures may be aerated by
means of the shake-flask technique where the
culture (50 to 100 cm3) is grown in a conical
flask (250 to 500 cm3) shaken on a platform
contained in a controlled environment cham
ber.
Pilot- and industrial-scale fermentations are
normally carried out in stirred, aerated vessels,
termed fermenters, of the type described in
Chapter 7. However, it is often advantageous to
culture relatively small volumes (1 dm3) in a
stirred, aerated vessel as this enables the cul
tural conditions to be better monitored and
controlled, and facilitates the addition of sup
plements and the removal of samples. Some
fermenters are so designed that adequate oxy
gen transfer is obtained without agitation and
the design of these systems (termed bubble
columns and air-lift fermenters) is also dis
cussed in Chapter 7.

Bartholomew et at. (1950) represented the transfer
of oxygen from air to the cell, during a fermentation, as
occurring in a number of steps:

(i) The transfer of oxygen from an air bubble into
solution.

(ii) The transfer of the dissolved oxygen through
the fermentation medium to the microbial cell.

(iii) The uptake of the dissolved oxygen by the cell.

These workers demonstrated that the limiting step in
the transfer of oxygen from air to the cell in a Strep
tomyces griseus fermentation was the transfer of oxygen
into solution. These findings have been shown to be
correct for non-viscous fermentations but it has been
demonstrated that transfer may be limited by either of
the other two stages in certain highly viscous fermenta
tions. The difficulties inherent in such fermentations
are discussed later in this chapter.

The rate of oxygen transfer from air bubble to the
liquid phase may be described by the equation:

Aerlltion llnd Agitlltion

dCL/dt is the change in oxygen concentration
over a time period, i.e. the oxygen
transfer rate (mmoles O 2 dm- 3 h- 1),

K L is the mass transfer coefficient (cm
h- 1),

a is the gas/liquid interface area per
liquid volume (cm2 cm- 3),

C* is the saturated dissolved oxygen con-
centration (mmoles dm- 3).

K L may be considered as the sum of the reciprocals of
the resistances to the transfer of oxygen from gas to
liquid and (C* - CL ) may be considered as the 'driv
ing force' across the resistances. It is extremely difficult
to measure both K L and 'a' in a fermentation and,
therefore, the two terms are generally combined in the
term KLa, the volumetric mass-transfer coefficient, the
units of which are reciprocal time (h -1). The volu
metric mass-transfer coefficient is used as a measure of
the aeration capacity of a fermenter. The larger the
KLa, the higher the aeration capacity of the system.
The KLa value will depend upon the design and oper
ating conditions of the fermenter and will be affected
by such variables as aeration rate, agitation rate and
impeller design. These variables affect 'KL ' by reduc
ing the resistances to transfer and affect 'a' by chang
ing the number, size and residence time of air bubbles.
It is convenient to use KLa as a yardstick of fermenter
performance because, unlike the oxygen-transfer rate,
it is unaffected by dissolved oxygen concentration.
However, the oxygen transfer rate is the critical crite
rion in a fermentation and, as may be seen from
equation 9.1, it is affected by both KLa and dissolved
oxygen concentration. The dissolved oxygen concentra
tion reflects the balance between the supply of dis
solved oxygen by the fermenter and the oxygen demand
of the organism. If the KLa of the fermenter is such
that the oxygen demand of the organism cannot be
met, the dissolved oxygen concentration will decrease
below the critical level (Cerit ). If the KLa is such that
the oxygen demand of the organism can be easily met
the dissolved oxygen concentration will be greater than
Cerit and may be as high as 70 to 80% of the saturation
level. Thus, the KLa of the fermenter must be such
that the optimum oxygen concentration for product
formation can be maintained in solution throughout
the fermentation.

where CL is the concentration of dissolved oxy
gen in the fermentation broth (mmoles
dm- 3),

is time (hours),

DETERMINATION OF KLa VALUES

The determination of the KLa of a fermenter is
essential in order to establish its aeration efficiency
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and to quantify the effects of operating variables on
the provision of oxygen. This section considers the
merits and limitations of the methods available for the
determination of KLa values. It is important to
remember at this stage that dissolved oxygen is usually
monitored using a dissolved oxygen electrode (see
Chapter 8) which records dissolved oxygen activity or
dissolved oxygen tension (DOT) whilst the equations
describing oxygen transfer are based on dissolved oxy
gen concentration. The solubility of oxygen is affected
by dissolved solutes so that pure water and a fermenta
tion medium saturated with oxygen would have differ
ent dissolved oxygen concentrations yet have the same
DOT, i.e. an oxygen electrode would record 100% for
both. Thus, to translate DOT into concentration the
solubility of oxygen in the fermentation medium must
be known and this can present difficulties.

The sulphite oxidation technique

Cooper et at. (1944) were the first to describe the
determination of oxygen-transfer rates in aerated ves
sels by the oxidation of sodium sulphite solution. This
technique does not require the measurement of dis
solved oxygen concentrations but relies on the rate of
conversion of a 0.5 M solution of sodium sulphite to
sodium sulphate in the presence of a copper or cobalt
catalyst:

Na ZS03 + 0.50z = Na ZS04

The rate of reaction is such that as oxygen enters
solution it is immediately consumed in the oxidation of
sulphite, so that the sulphite oxidation rate is equiva
lent to the oxygen-transfer rate. The dissolved oxygen
concentration, for all practical purposes, will be zero
and the KLa may then be calculated from the equa
tion:

OTR = KLa . C* (9.2)

(where OTR is the oxygen transfer rate).

The procedure is carried out as follows: the fermenter
is batched with a 0.5 M solution of sodium sulphite
containing 10-3 M Cuz+ ions and aerated and agitated
at fixed rates; samples are removed at set time intervals
(depending on the aeration and agitation rates) and
added to excess iodine solution which reacts with the
unconsumed sulphite, the level of which may be de
termined by a back titration with standard sodium
thiosulphate solution. The volumes of the thiosulphate
titrations are plotted against sample time and the oxy
gen transfer rate may be calculated from the slope of
the graph.
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The sulphite oxidation method has the ao'varltalre
simplicity and, also, the technique involves sarnpllI1li
the bulk liquid in the fermenter and, therefore,
moves some of the problems of conditions
through the volume of the vessel. However, the
is time consuming (one determination taking up
hours, depending on the aeration and agitation
and is notoriously inaccurate. Bell and Gallo
demonstrated that minor amounts of
contaminants (such as amino acids, proteins, fatty
esters, lipids, etc.) could have a major effect on
accuracy of the technique and apparent differences
aeration efficiency between vessels could be due
differences in the degree of contamination. Also,
rheology of a sodium sulphite solution is co]rnp'!etelv
different from that of a fermentation broth, especially
a mycelial one so that it is impossible to relate the
results of sodium sulphite determinations to real fer
mentations. To quote Van't Riet and Tramper (1991)
"It can safely be said that the application of this
method should be strongly discouraged".

Gassing-out techniques

The estimation of the KLa of a fermentation system
by gassing-out techniques depends upon monitoring
the increase in dissolved oxygen concentration of a
solution during aeration and agitation. The oxygen
transfer rate will decrease during the period of aera
tion as CL approaches C* due to the decline in the
driving force (C* - CL ). The oxygen transfer rate, at
anyone time, will be equal to the slope of the tangent
to the curve of values of dissolved oxygen concentra
tion against time of aeration, as shown in Fig. 9.5.

To monitor the increase in dissolved oxygen over an
adequate range it is necessary first to decrease the
oxygen level to a low value. Two methods have been
employed to achieve this lowering of the dissolved
oxygen concentration - the static method and the
dynamic method.

THE STATIC METHOD OF GASSING OUT

In this technique, first described by Wise (1951), the
oxygen concentration of the solution is lowered by
gassing the liquid out with nitrogen gas, so that the
solution is 'scrubbed' free of oxygen. The deoxygenated
liquid is then aerated and agitated and the increase in
dissolved oxygen monitored using some form of dis
solved oxygen probe. The increase in dissolved oxygen



Time

The increase in dissolved oxygen concentration of a
over a period of aeration. The oxygen transfer rate at
equal to the slope of the tangent at point Y.

lric~mtratlon has already been described by equation

dCddt = KLa(C* - Cd
deloiciteCl in Fig. 9.5. Integration of equation (9.1)

In(C* - CL) = -KLat. (9.3)

us, a plot of In (C* - CL) against time will yield a
aight line of slope KLa, as shown in Fig 9.6. This
hnique has the advantage over the sulphite oxida

in that it is very rapid (normally taking up
15 minutes) and may utilize the fermentation

J1leCllllm, to which may be added dead cells or mycelium
concentration equal to that produced during the

However, employing the fermentation
J1le~Cllllm with, or without, killed biomass necessitates

use of a membrane-type electrode, the response
of which may be inadequate to reflect the true

in the rate of oxygenation over a short period
The probe response time (Tp ) is defined as the

needed to record 63% of a stepwise change and
should be much smaller than the mass transfer

respOllse time of the system (I/KLa). According to
Riet (1979), the use of commercially available

electrodes, with a response time of 2 to 3 seconds,
enable a K L a of up to 360 h -1 to be measured

little loss of accuracy. However, for estimations of
KLa values it would be necessary to incorporate

cOITe(;ticon factor into the calculation, as discussed by
and Humphrey (1966), Heineken (1970, 1971)

Aeration and Agitation

Time

FIG. 9.6. A plot of the In(C* - CL) against time of aeration, the
slope of which equals -KLa.

and Wernau and Wilke (1973). It is not necessary to
know the oxygen solubility in the medium because
DOT values may be used directly in order to calculate
the rates, i.e. C* is taken as 100%.

Whilst the method is acceptable for small scale
vessels, there are severe limitations to its use on large
scale fermenters which have high gas residence times.
When the air supply to such a vessel is resumed after
deoxygenation with nitrogen, the oxygen concentration
in the gas phase may change with time as the nitrogen
is replaced with air. Thus, C* will no longer be con
stant. Although correction factors have been derived to
compensate for this phenomenon, Van't Riet and
Tramper (1991) concluded that the method should not
be used for vessels over I-metre high.

THE DYNAMIC METHOD OF GASSING OUT

Taguchi and Humphrey (1966) utilized the respira
tory activity of a growing culture in the fermenter to
lower the oxygen level prior to aeration. Therefore, the
estimation has the advantage of being carried out dur
ing a fermentation which should give a more realistic
assessment of the fermenter's efficiency. Because of
the complex nature of fermentation broths the probe
used to monitor the change in dissolved oxygen concen
tration must be of the membrane-covered type which
may necessitate the use of the response-correction
factors referred to previously. The procedure involves
stopping the supply of air to the fermentation which
results in a linear decline in the dissolved oxygen
concentration due to the respiration of the culture, as
shown in Fig. 9.7. The slope of the line AB in Fig. 9.7 is
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a measure of the respiration rate of the culture. At
point B the aeration is resumed and the dissolved
oxygen concentration increases until it reaches concen
tration X. Over the period, Be, the observed increase
in dissolved oxygen concentration is the difference
between the transfer of oxygen into solution and the
uptake of oxygen by the respiring culture as expressed
by the equation:

dCddt = KLa(C* - C1J xQoz (9.4)

concentration may be measured. It is Important
allow the oxygen concentration to drop
during the deoxygenation step as the specific
uptake rate will then be limited and the term
would not be constant on resumption of aelration.
occurrence of oxygen-limited conditions during
genation may be detected by the deviation of
decline in oxygen concentration from a linear lClanton.
ship with time, as shown in Fig. 9.9.

When the oxygen demand of a culture is very
may be difficult to maintain the dissolved oxygen
centration significantly above Ceril during the
tation so that the range of measurements which
be used in the KLa determination would be very
Thus, it may be difficult to apply the technique
a fermentation which has an oxygen demand close
the supply capacity of the fermenter.

Although the difficulty presented by nitrogen de
gassing does not arise with the dynamic method it, also,
is not suitable for use with vessels in excess of one
metre high. Van't Riet and Tramper (1991) pointed out
that in such vessels the time taken to establish an
equilibrium population of air bubbles would be signifi
cant and the gas-liquid interface area would change
over the aeration period resulting in a considerable
underestimate of the KLa value achievable under nor
mal operating conditions. Both the dynamic and static
methods are also unsuitable for measuring KLa values
in viscous systems. This is due to the very small bubbles
« 1 mm diameter) formed in a viscous system which
have an extended residence time compared with 'nor-

C Dissolved
oxygen
concentration

Time

A

+x

where x is the concentration of biomass and
Qoz is the specific respiration rate (mmoles of

oxygen g-l biomass h- I).
The term xQoz is given by the slope of the line AB in
Fig. 9.7. Equation (9.4) may be rearranged as:

CL = -l/KLa {(dCddt) +xQoJ + C* (9.5)

Thus, from equation (9.5), a plot of CL versus dCL/dt
+ xQoz will yield a straight line, the slope of which will
equal -l/KLa, as shown in Fig. 9.8. This technique is
convenient in that the equations may be applied using
DOT rather than concentration because it is the rates
of transfer and uptake that are being monitored so that
the percentage saturation readings generated by the
electrode may be used directly.

The dynamic gassing-out method has the advantage
over the previous methods of determining the KLa
during an actual fermentation and may be used to
determine K L a values at different stages in the process.
The technique is also rapid and only requires the use
of a dissolved-oxygen probe, of the membrane type. A
major limitation in the operation of the technique is
the range over which the increase in dissolved oxygen

Dissolved
oxygen
concentration

FIG. 9.7. Dynamic gassing out for the determination of KLa val
ues. Aeration was terminated at point A and recommenced at
point B.

FIG. 9.8. The dynamic method for determination of KLa values.
The information is gleaned from Fig. 9.7. by taking tangents of the
curve, Be, at various values of CL'
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FIG. 9.9. The occurrence of oxygen limitation during the dynamic
gassing out of a fermentation.

mal' sized bubbles. Thus, the gassing out techniques
are only useful on a smalI scale with non-viscous sys
tems.

The oxygen-balance technique

The KLa of a fermenter may be measured during a
fermentation by the oxygen balance technique which
determines, directly, the amount of oxygen transferred
into solution in a set time interval. The procedure
involves measuring the folIowing parameters:

(i) The volume of the broth contained in the ves
sel, VL (dm3).

(ij) The volumetric air flow rates measured at the
air inlet and outlet, Qi and Qo' respectively
(dm3 min ~ 1).

(iii) The total pressure measured at the fermenter
air inlet and outlet, Pi and Po, respectively
(atm. absolute).

(iv) The temperature of the gases at the inlet and
outlet, 1; and To, respectively (K).

(v) The mole fraction of oxygen measured at the
inlet and outlet, Yi and Yo' respectively.

The oxygen transfer rate may then be determined from
the folIowing equation (Wang et al., 1979):

OTR = (7.32 X 1Q5/VL ) (QiPiYi/Ti - QoPoYo/To)

(9.6)

Aeration and Agitation

where 7.32 X 105 is the conversion factor equalIing (60
min h ~l) [mole/22.4 dm3 (STP)] (273 K/l atm).

These measurements require accurate flow meters,
pressure gauges and temperature-sensing devices as
welI as gaseous oxygen analysers (see Chapter 8). The
ideal gaseous oxygen analyser is a mass spectrometer
analyser which is sufficiently accurate to detect changes
of 1 to 2%.

The KLa may be determined, provided that CL and
C* are known, from equation (9.1):

CL may be determined using a membrane-type dis
solved-oxgen electrode and in this case the slow re
sponse time is not an important factor because a rate
of change is not being measured, simply the steady-state
oxygen concentration. However, it should be remem
bered that an electrode simply measures the oxygen
tension at one point and it is, therefore, advisable to
monitor the oxygen tension at a number of points in
the vessel with a number of electrodes and to use an
average value. Also, the DOT reading must be con
verted to concentration, which necessitates knowing
the oxygen solubility in the fermentation medium. The
value of C* is frequently taken as that value which is
in equilibrium with the oxygen concentration of the gas
outlet. Wang et at. (1979) claimed that this approach
was adequate for small-scale fermenters but on a large
scale there may be a considerable difference between
the dissolved oxygen concentration in equilibrium with
the inlet and outlet gases. Therefore, these workers
suggested that the behaviour of the gas in transit in the
fermenter would approximate to plug flow conditions
and a logarithmic mean value for the dissolved oxygen
concentration should be used.

The oxygen-balance technique appears to be the
simplest method for the assessment of KLa and has
the advantage of measuring aeration efficiency during a
fermentation. The sulphite oxidation and static gassing
out techniques have the disadvantage of being carried
out using either a salt solution or an uninoculated,
sterile fermentation medium. Although, as Banks (1977)
suggests, these techniques are adequate for the com
parison of equipment or operating variables, it should
not be assumed that the values obtained are those
actually operating during a fermentation. This may be
the case for bacterial or yeast fermentations where the
rheology of the suspended cells in the broth is similar
to that in a sterile medium or a salt solution, but it is
certainly not true for fungal and streptomycete
processes where the rheology is quite different.
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(9.9)

(9.7)F = JLA(du/dx)

KLa of a fermenter it is necessary to COinsi,ael'
behaviour of fluids in agitated systems.

T = WY (9.8)

Equation (9.8) conforms to the general relationship:

FLUID ftfll~\J'LU'(~'

where K is the consistency coefficient and
n is the flow behaviour index or power law

index.
For a Newtonian fluid n is 1 and the consistency

coefficient is the viscosity which is the ratio of shear
stress to shear rate. Thus, a plot of shear stress against

Fluids may be described as Newtonian or non-]\J",.l1l
tonian depending on whether their rheology
characteristics obey Newton's law of viscous flow.
sider a fluid contained between two parallel
area A and distance x apart. If the lower
moved in one direction at a constant velocity, the
adjacent to the moving plate will move in the
direction and impart some of its momentum to
'layer' of liquid directly above it causing it, also,
move in the same direction at a slightly lower
Newton's law of viscous flow states that the
force, F, opposing motion at the interface between
two liquid layers, flowing with a velocity gradient
du/dx, is given by the equation:

where JL is the fluid viscosity, which may be considered
as the resistance of the fluid to flow.

Equation (9.7) may be written as:

F/A = JL(du/dx)

F / A is termed the shear stress (T) and is the applied
force per unit area, du/dx is termed the shear rate (y)
and is the velocity gradient. Thus:
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Tuffile and Pinho (1970) compared a number of
methods for the determination of KLa values in vis
cous streptomycete fermentations. The techniques used
were static gassing-out, dynamic gassing-out and the
oxygen-balance method. Tuffile and Pinho did not make
it clear whether non-respiring mycelium was present
during their static gassing-out procedure, but from
their results it would appear that it was present in the
vessel. Thus, the rheology of the fermenter contents
would appear to have been similar for the different
determinations. The KLa values, determined by the
different techniques, for a 300-dm3 fermenter contain
ing a 90-hour culture of Streptomyces aureofaciens are
shown in Table 9.4.

From Table 9.4 it may be seen that the KLa values
for the two gassing-out techniques were very similar
but there was a considerable difference between the
oxygen-uptake rates and the KLas determined by the
dynamic method and the balance method. Tuffile and
Pinho (1970) claimed that the low oxygen-uptake rate
determined by the dynamic method was due to air
bubbles remaining in suspension in the mash during
the dynamic gassing-out period. Thus, the decline in
oxygen concentration after the cessation of aeration
was not a measure of the oxygen-uptake rate but the
difference between oxygen uptake and the transfer of
oxygen from entrapped bubbles. It was demonstrated
that a large number of bubbles remained suspended in
the medium 15 minutes after aeration had been
stopped. The use of the low oxygen-uptake rate in the
calculation of the KLa would result in an artificially
low KLa being determined. Heijnen et al. (1980) also
observed anomalies in determining KLa values in vis
cous systems due to the presence of very small bubbles
having a much longer residence time than the more
abundant large bubbles in the vessel.

Overall, it would appear that the balance method is
the most desirable technique to use and the extra cost
of the monitoring equipment involved should be a
worthwhile investment.

Before considering the factors which may affect the

TABLE 9.4. KLa values for a 300-dm 3 fermenter containing a 90-h culture of S.
aureofaciens (Tuffile and Pinho, 1970)

Method of KLa
determination

Measured oxygen
uptake rate

(mmoles dm- 3h- 1)

Static gassing out
Dynamic gassing out
Oxygen balance

6.6
20.1

58.2
58.2

108.0
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FIG. 9.10. A rheogram of a Newtonian fluid.

shear rate, for a Newtonian fluid, would produce a
straight line, the slope of which would equal the vis
cosity. Such a plot is termed a rheogram (as shown in
Fig. 9.10).

Thus, a Newtonian liquid has a constant viscosity
regardless of shear, so that the viscosity of a Newtonian
fermentation broth will not vary with agitation rate.
However, a non-Newtonian liquid does not obey New
ton's law of viscous flow and does not have a constant
viscosity. The value for n (equation (9.9» of such a
fluid deviates from 1 and its behaviour is said to follow
a power law model. Thus, the viscosity of a non-Newto
nian fermentation broth will vary with agitation rate
and is described as an apparent viscosity (Il-a)' A plot
of shear stress against shear rate for a non-Newtonian
liquid will deviate from the relationship depicted in Fig.
9.10, depending on the nature of the liquid. Several
types of non-Newtonian liquids are recognized and
typical rheograms of types important in the study of
culture fluids are given in Fig. 9.11, and their character
istics are discussed below.

Bingham plastic rheology

Aeration and Agitation

Bingham plastic

Casson body

Newtonian fluid

Shear
stress
(r)

Shear rate (-y)

FIG. 9.11. Rheogram of fluids of different properties.

where n is the coefficient of rigidity and
TO is the yield stress.

There have been some claims of mycelial fermenta
tion broths displaying Bingham plastic characteristics
(Table 9.5). Everyday examples of these fluids include
toothpaste and clay.

Pseudoplastic rheology

The apparent viscosity of a pseudoplastic liquid de
creases with increasing shear rate. Most polymer solu
tions behave as pseudoplastics. The decrease in appar
ent viscosity is explained by the long chain molecules
tending to align with each other at high shear rates
r.es~lting in easier flow. The flow of a pseudoplastic
lIqUId may be described by the power law model, equa
tion (9.9), i.e.:

Thus, a plot of log shear stress against log shear rate
will produce a straight line, the slope of which will

K has the same units as viscosity and may be taken as
the apparent viscosity. The flow-behaviour index is less
than unity for a pseudoplastic liquid, the smaller the
value of n, the greater the flow characteristics of the
liquid deviate from those of a Newtonian fluid. Equa
tion (9.9) may be converted to the logarithmic form as:

Bingham plastics are similar to Newtonian liquids
apart from the fact that shear rate will not increase
until a threshold shear stress is exceeded. The thresh
old shear stress is termed the yield stress or yield value
TO' A linear relationship of shear stress to shear rate i~
given once the yield stress is exceeded and the slope of
this line is termed the coefficient of rigidity or the
plastic viscosity. Thus, the flow of a Bingham plastic is
described by the equation:

T = TO + ny

10gT = 10gK + nlogy (9.10)
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TABLE 9.5. Some examples of the rheological nature offermentation broths

Dilatant rheology

equal the flow-behaviour index and the intercept on
the shear stress axis will be equal to the logarithm of
the consistency coefficient.

Many workers have demonstrated that mycelial fer
mentation broths display pseudoplastic properties as
shown in Table 9.5.

Reference

Deindoerfer and
Gaden (1955)
Sato (1961)
Deindoerfer and
West (1960)
Taguchi et al.
(1968)
Roels et af.
(1974)

fluid it is necessary to construct a rheogram
requires the use of a viscometer which is accurate
a wide range of shear rates. Furthermore, the testing
mycelial suspensions may present special difficulties.
These problems have been considered in detail by
Van't Riet and Tramper (1991), whose book should be
consulted for methods of assessing the rheological
properties of mycelial fluids.

Pseudoplastic

Bingham plastic

Bingham plastic
Pseudoplastic

Casson body

Rheological typeOrganism

Penicillium chrysogenum

Penicillium chrysogenum

Endomyces sp.

Streptomyces kanamyceticus
Penicillium chrysogenum
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The apparent viscosity of a dilatant liquid increases
with increasing shear rate. The flow of a dilatant liquid
may also be described by equation (9.9) but in this case
the value of the flow-behaviour index is greater than 1,
the greater the value the greater the flow characteris
tics deviate from those of a Newtonian fluid. Thus, the
values of K and n may be obtained from a plot of log
shear stress against log shear rate. Fortunately this type
of behaviour is not exhibited by fermentation broths 
an everyday example is liquid cement slurry.

Casson body rheology

Casson (1959) described a type of non-Newtonian
fluid, termed a Casson body, which behaved as a pseu
doplastic in that the apparent viscosity decreased with
increasing shear rate but displayed a yield stress and,
therefore, also resembled a Bingham plastic. The flow
characteristics of a Casson body may be described by
the following equation:

Jr = Jro + K c ,fy (9.11)

where K c is the Casson viscosity.
A plot of Jr against ,fy will give a straight line, the

slope of which will equal the Casson viscosity and the
intercept of the Jr axis will equal Jro.

Roels et al. (1974) claimed that the rheology of a
penicillin broth could be best described in terms of a
Casson body.

Therefore, to determine the rheological nature of a

FACTORS AFFECTING KLa VALUES IN
FERMENTATION VESSELS

A number of factors have been demonstrated to
affect the KLa value achieved in a fermentation vessel.
Such factors include the air-flow rate employed, the
degree of agitation, the rheological properties of the
culture broth and the presence of antifoam agents. If
the scale of operation of a fermentation is increased
(so-called 'scale-up') it is important that the optimum
K L a found on the small scale is employed in the larger
scale fermentation. The same KLa value may be
achieved in different sized vessels by adjusting the
operational conditions on the larger scale and measur
ing the KLa obtained. However, quantification of the
relationship between operating variables and KLa
should enable the prediction of conditions necessary to
achieve a particular KLa value. Thus, such relation
ships should be of considerable value in scaling-up a
fermentation and in fermenter design.

The effect of air-flow rate on K La

MECHANICALLY AGITATED REACTORS

The effect of air flow rate on KLa values in conven
tional agitated systems is illustrated in Fig. 9.12. The
quantitative relationships between aeration and KLa
for agitated vessels are considered in the subsequent
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9.13 D to F) until finally the air flow rate is such that
the air escapes without being distributed by the agita
tor (Fig. 9.13 F). Different workers have used different
criteria to define the onset of flooding with Nienow et
al. (1977) claiming it to be represented by Fig. 9.13 D
whereas Biesecker (1972) suggested Fig. 9.13 F. How
ever, the desired pattern is represented by Fig. 9.13 C.

Several workers have produced empirical quantita
tive descriptions of flooding systems which may assist in
avoiding the phenomenon:

Volumetric air flow rate
(volume of air volume- 1 medium min- 1 )

FIG. 9.12. The effect of air-flow rate on the K La of an agitated,
aerated vesseL

section on power consumption. The air-flow rate em
ployed rarely falls outside the range of 0.5-1.5 volumes
of air per volume of medium per minute and this tends
to be maintained constant on scale-up. If the impeller
is unable to disperse the incoming air then extremely
low oxygen transfer rates may be achieved due to the
impeller becoming 'flooded'. Flooding is the pheno
menon where the air-flow dominates the flow pattern
and is due to an inappropriate combination of air flow
rate and speed of agitation (see also Chapter 7). Nienow
et al. (1977) categorized the different flow patterns
produced by a disc turbine that occur under a range of
aeration and agitation conditions (Fig. 9.13) and these
have been discussed further by Van't Riet and Tram
per (1991). Figure 9.13 A shows the flow profile of a
non-aerated vessel and Figs 9.13 B to F the profiles
with increasing air flow rate. As air-flow rate increases
the flow profile changes from one dominated by agita
tion (Fig. 9.13 B) to one dominated by air flow (Figs

(i) Westerterp et al. (1963) calculated that the
minimum impeller tip speed to avoid flooding
should be between 1.5 and 2.5 m second -1.

(ii) Biesecker (1972) claimed that flooding occurs
when the energy dissipated by the air flow is
greater than that dissipated by the agitator.
Van't Riet and Tramper (1991) modified this
approach to consider the balance between the
two energy dissipating systems in the lower
compartment of the vessel because the energy
dissipated by the agitator in the upper com
partment of a large vessel is not related to gas
dispersion.

(iii) Feijen et al. (1987) claimed that flooding could
be avoided if:

(9.12)

where Fs is the volumetric air flow rate at the pressure
conditions of the lower stirrer (m3 second - 1),

N is the stirrer speed (second -1),
D is the stirrer diameter (m),
g is the gravitational acceleration (m second -2).

p f'6~;;:~ y;,-r~ -r· ;;'1, --
~ 4 \\

lf~), .(~':\ .r>b' 'A KP~~ ~q

d' • I I • 'b g 6\ 16 9 1 P• r '\ . \ ,\_9' '9_P 1 bq~ • rnP
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FIG. 9.13. The effect of air flow rate on the flow pattern in stirred vessels (After Nienow el aI., 1977).
A. Non-aerated;
B to F, increasing air flow rates.
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NON-MECHANICALLY AGITATED REACTORS

Bubble columns and air-lift reactors are not mechan
ically agitated and, therefore, rely on the passage of air
to both mix and aerate.

(j) Bubble columns
The flow pattern of bubbles through a bubble column

reactor is dependent on the gas superficial velocity (cm
second -I). At gas velocities of below 1-4 cm second-I
the bubbles will rise uniformly through the medium
(Van't Riet and Tramper, 1991) and the only mixing
will be that created in the bubble wake. This type of
flow is referrred to as homogeneous. At higher gas
velocities bubbles are produced unevenly at the base of
the vessel and bubbles coalesce resulting in local dif
ferences in fluid density. The differences in fluid den
sity create circulatory currents and flow under these
conditions is described as heterogeneous as shown in
Fig. 9.14.

Flooding in a bubble column is the situation when
the air flow is such that it blows the medium out of the
vessel. This requires superficial gas velocities approach
ing 1 m second-I which are not attainable on commer
cial scales (Van't Riet and Tramper, 1991).

The volumetric mass transfer coefficient (KLa) in a
bubble column is essentially dependent on the superfi
cial gas velocity. Heijnen and Van't Riet (1984) re
viewed the subject and demonstrated that the precise
mathematical relationship between KLa and superfi
cial gas velocity is dependent on the coalescent proper
ties of the medium, the type of flow and the bubble
size. Unfortunately these characteristics are rarely
known for a commercial process which makes the ap-

u
u
n

FIG. 9.14. Schematic representation of a heterogeneous flow
regime in a bubble column.
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plication of these equations problematical.
Van't Riet and Tramper (1991) claimed that
tionship derived for non-coalescing, non-viscous
bubbles (6 mm diameter) will give a reasonabl;
rate estimation for most non-viscous situations:

where v,c is the superficial air velocity corrected
local pressure.

However, viscosity has an overwhelming mtluellce
KLa in a bubble column which Deckwer et al.
expressed as:

where 1T is the liquid dynamic viscosity (N s m- 2 ).

The practical implication of this equation is
bubble columns cannot be used with highly
fluids. Van't Riet and Tramper (1991) suggested
the upper viscosity limit for a bubble column was
X 10-3 N s m- 2 at which point the KLa would
decreased 50 fold compared with a reactor
with water.

(ij) Air-lift reactors
The structure of air-lift reactors is discussed in

Chapter 7. The difference between a bubble column
and an air-lift reactor is that liquid circulation is
achieved in the air-lift in addition to that caused by the
bubble flow. The reactor consists of a vertical loop of
two connected compartments, the riser and down
comer. Air is introduced into the base of the riser and
escapes at the top. The degassed liquid is more dense
than the gassed liquid in the riser and flows down the
downcomer. Thus, a circulatory pattern is established
in the vessel - gassed liquid going up in the riser and
degassed liquid coming down the downcomer.

For a given air-lift reactor and medium KLa varies
linearly with superficial air velocity on a log-log scale
over the normal range of velocities (Chen, 1990). How
ever, it should be remembered that the circulation in
an air-lift results in the bubbles being in contact with
the liquid for a shorter time than in a corresponding
bubble column. Thus, the KLa obtained in an air-lift
will be less than that obtained in a bubble column at
the same superficial air velocity, i.e. less than 0.32
(v,c)fJ.7. The advantage of the air-lift lies in the circula
tion achieved, but this is at the cost of a lower KLa
value.

As for a bubble column flooding will not occur
within the normal operating superficial air velocities
and should not be a problem on a large scale.



The effect of the degree of agitation on K L a exponent on the term Pg/V varied with scale as fol
lows:

where Pg

v
V,
k, x
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0.95
0.67

0.5

Value of exponent on Pg/V

Laboratory
Pilot plant
Production plant

Scale

Bartholomew's vessels contained more than one im
peller, whereas those of Cooper et al. contained only
one. It is probable that the upper impellers would
consume more power relative to their contribution to
oxygen transfer than would the lowest impeller, thus
affecting the value of the exponent term. Thus, it is
important to appreciate that such relationships are
scale-dependent when using them in scale-up calcula
tions.

Many workers have produced similar correlations
and these have been reviewed by Van't Riet (1983) and
Winkler (1990). Van't Riet (1983) summarized the vari
ous correlations for coalescing air-water dispersion
systems as falling within 20-40% of:

k = 0.026,

x = 0.4,

y = 0.5.

The common feature of these relationships is that the
values of x and yare less than unity. Winkler (1990)
pointed out that this means that increasing power input
or air flow becomes progressively less efficient as the
inputs rise. Thus, high oxygen-transfer rates are
achieved at considerable expense.

From this discussion it is evident that the KLa of an
aerated, agitated vessel is affected significantly by the
consumption of power during stirring and, hence, the
degree of agitation. Although it is not possible to
derive a relationship between KLa and power con
sumption which is applicable to all situations it is
possible to derive a relationship between the two which
is operable within certain limits and should be a useful
guide in practical design problems. If it is accepted that
such relationships between power consumption and
KLa are of some practical significance, it is of consider
able importance to relate power consumption to oper
ating variables which may affect it. Quantitative rela
tionships between power consumption and operating
variables may be useful in:

(i) Estimating the amount of power that an agita-

(i) Agitation increases the area available for oxy
gen transfer by dispersing the air in the culture
fluid in the form of small bubbles.

(ij) Agitation delays the escape of air bubbles from
the liquid.

(iij) Agitation prevents coalescence of air bubbles.
(iv) Agitation decreases the thickness of the liquid

film at the gas-liquid interface by creating tur
bulence in the culture fluid.

A large number of empirical relationships have been
developed between KLa, power consumption and su
perficial air velocity which take the form of:

KLa = k( Pg/V( v?
is the power absorption in an aerated
system
is the liquid volume in the vessel
is the superficial air velocity

The degree of agitation may be measured by the
amount of power consumed in stirring the vessel con
tents. The power consumption may be assessed by
using a dynamometer, by using strain gauges attached
to the agitator shaft and by measuring the electrical
power consumption of the agitator motor (see Chapter
8). The assessment of electrical consumption is suitable
only for use with large-scale vessels.

the degree of agitation has been demonstrated to
a profound effect on the oxygen-transfer effi
of an agitated fermenter. Banks (1977) claimed

agitation assisted oxygen transfer in the following

THE RELATIONSHIP BETWEEN KLa AND POWER
CONSUMPTION

and y are empirical factors specific to the sys-
tem under investigation.

Cooper et al. (1944) measured the KLas of a number of
agitated and aerated vessels (up to a volume of 66 dm3

)

containing one impeller, using the sulphite oxidation
technique, and derived the following expression:

KLa = k(Pg/V)O.95 v,0.67. (9.15)

Thus, it may be seen from equation (9.15) that the KLa
value was claimed to be almost directly proportional to
the gassed power consumption per unit volume. How
ever, Bartholomew (1960) demonstrated that the rela
tionship depended on the size of the vessel and the
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THE RELATIONSHIP BETWEEN POWER CONSUMP
TION AND OPERATING VARIABLES

Rushton et at. (1950) investigated the relationship
between power consumption and operating variables in
baffled, agitated vessels using the technique of dimen
sional analysis. They demonstrated that power absorp
tion during agitation of non-gassed Newtonian liquids
could be represented by a dimensionless group termed
the power number, defined by the expression:

~) = p I( pN3D 5
) (9.16)

where Np is the power number,
P is the external power from the agitator,
p is the liquid density,
N is the impeller rotational speed,
D is the impeller diameter.

Thus, the power number is the ratio of external force
exerted (P) to the inertial force imparted (pN3 D 5

) to
the liquid. The motion of liquids in an agitated vessel
may be described by another dimensionless number
known as the Reynolds number which is a ratio of
inertial to viscous forces:

NRc = (pD 2N)/p, (9.17)

where NRc is the Reynolds number and
p, is the liquid viscosity.

Yet another dimensionless number, termed the Froude
number, relates inertial force to gravitational force and
is given the term:

N Fr = ( pND 2 )/g (9.18)

where N Fr is the Froude number and
g is the gravitational force.

Rushton et at. (1950) demonstrated that the power
number was related to the Reynolds and Froude num
bers by the general expression:

Np = c(NRc)x (NFrf (9.19)

where c is a constant dependent on vessel geometry
but independent of vessel size,

x and yare exponents.
Examples of the values of c, x and yare considered
later.

However, in a fully baffled agitated vessel the effect
of gravity is minimal so that the relationship between
the power number and the other dimensionless num-
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(i) The laminar or viscous flow zone where
logarithm of the power number decreases
early with an increase in the logarithm of
Reynolds number. The slope of the graph
equal to x, the exponent in equation (9.21)
is obviously equal to -1. The power ab~;orl)ed

in this region is a function of the viscosity
the liquid and the Reynolds number is
than 10.

(ii) The transient or transition zone, where there is
no consistent relationship between the power
and Reynolds numbers. The value of x (that is,
the slope of the plot) is variable and the value
of the Reynolds number is between 10 and 104

•

(iii) The turbulent flow zone, where the power
number is a constant, independent of the

-1.0L---......L---:-'-----7'::----:-';:----;::-:o

bers becomes:

Np = c(NRef

Therefore substituting from equations (9.16)

PI( pN 3D 5
) = c( pD 2Nlp,(

Values for P at various values of N, D, p, and
be determined experimentally and the
power numbers for each experimental
then be calculated. A plot of the logarithm
power number against the logarithm of the
number yields a graph termed the power
typical power curve for a baffled vessel agitated
flat-blade turbine is illustrated in Fig. 9.15 and
curve would apply to geometrically similar
gardless of size.

From Fig. 9.15 it may be seen that a power
divisible into three clearly defined zones depicting
ferent types of fluid flow:

FiG. 9.15. A typical power curve for a baffled vessel agitated by a
flat-blade turbine.

"z
'"..2

tion system will consume under certain circum
stances, which could assist in fermenter design.
In providing similar degrees of power consump
tion (and, hence, agitation and, therefore, KLas)
in vessels of different size.

(ii)
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Aeration and Agitation

where Q is the volumetric air flow rate,
g is the acceleration due to gravity,

and W is the impeller blade width.
Using dimensional analysis:

Pg/P = 0.0312' Fr-1.6 . ReO.064Na- 0.38. (T/D)0.8

where Q is the volumetric air flow rate.
However, more recent correlations have been eluci

dated which are applicable over a wider range of oper
ating conditions than that of Michel and Miller. Hugh
mark (1980) produced the following correlation from
248 sets of published data:

Pg/P = O.l(Q/NV) -0.2\ N2D4/gWV067) -0.2

where Na is the aeration number and equals Q/ND
and T is the vessel diameter.

Provided it is remembered that these expressions are
not particularly accurate they may be used to predict
power consumption in gassed systems where turbulent
flow is known to be operating. However, it should be
remembered that in non-mycelial fermentations the
greatest power demands often occur during agitation
when the system is not gassed, that is during the
sterilization of the medium in situ or if the air supply
were to fail. Thus, in designing the system care must be
taken to ensure that the agitator motor is sufficiently
powerful to agitate the ungassed system and for fixed
speed motors the operating speed should be specified
with respect to the ungassed power draw (Gbewonyo et
ai., 1986).

From the foregoing account it may be seen that
reasonable techniques exist to relate operating vari-
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If transient flow conditions occur in a fermentation
then it is necessary to construct a complete power
curve for such predictions and this is discussed later in
the chapter.

The work of Rushton et ai. (1950) was carried out
using ungassed liquids whereas the vast majority of
fermentations are aerated. It is widely accepted that
aeration of a liquid decreases the power consumption
during agitation because an aerated liquid, containing
suspended air bubbles, is less dense than an unaerated
one and large gas-filled cavities generated behind the
agitator blades decrease the hydrodynamic resistance
of the blades. A number of workers have produced
correlations of gassed power consumption, ungassed
power consumption and operating variables, that of
Michel and Miller (1962) being widely used:

P
g

= k( P 2ND 3/Q0.56) 0.45

(9.27)

(9.26)

(9.25)

(9.24)

(9.22)

(9.23)

( cpNlpi)

numt)er so that the value of x is zero
of the Reynolds number is in

l:1Ar"iio('()llsflow P = cp,N 2D 3
•

turlbulent flow P = cpN3D 5
•

exponent, x are substituted into
the zones of viscous and turbulent

follO\~ll1lg terms are given:

large scale as:

PL = cpNl'pi

subscripts sm and L refer to the small and
respectively. Maintaining the same power

unit volume:

Psm/PL = V,m/VL = (cpNs~n D;m)/

is the volume.
the vessels to be geometrically similar

will be the same regardless of scale and as the
would be employed p would remain the

both systems

equal:iOJls it may be seen that power con
only on the viscosity of the

of viscous flow and that increased
or an increase in the impeller di

in a proportionally greater increase in
translnissio,n to a liquid in turbulent flow than to

flow. Conditions of viscous flow are rare
processes, the majority of fermenta

eXllibltlrlg flow characteristics in either the turbu
zones. If turbulent flow is demon

in a fermentation then equation (9.23)
to its power requirements and to

openltirlg conditions of different sized ves
the same agitation conditions, as out

(1979). Power consumption on the small
be represented as:
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The effect of medium and culture rheology on

power consumption per unit volume. Metzner
Otto's approach has not been widely applied but
are some recent examples of its adoption. Nienow
Elson (1988) suggested that a repetition of their
would be very valuable using the more SOIJhi:stic:att:cl
instrumentation now available. An example of
of the technique is considered in a later section
sidering the operation of viscous polysaccharide
mentations.

As can be seen from the previous section, the
ology of a fermentation broth has a marked mtlluellce
on the relationship between K L a and the degree
agitation. The objective of this section is to discuss
effects of medium and culture rheology on
transfer during a fermentation. A fermentation broth
consists of the liquid medium in which the organism
grows, the microbial biomass and any product which is
secreted by the organism. Thus, the rheology of the
broth is affected by the composition of the original
medium and its modification by the growing culture,
the concentration and morphology of the biomass and
the concentration and rheological properties of the
microbial products. Therefore, it should be apparent
that fermentation broths vary widely in their rheologi
cal properties and significant changes in broth rheology
may occur during a fermentation.

MEDIUM RHEOLOGY

Fermentation media frequently contain starch as a
carbon source which may render the medium non-New
tonian and relatively viscous. However, as the organism
grows it will degrade the starch and thus modify the
rheology of the medium and reduce its viscosity. Such a
situation was described by Tuffile and Pinho (1970) in
their study of the growth of Streptomyces aureofaciens
on a starch-containing medium. Before inoculation, the
medium displayed Bingham plastic characteristics with
a well-defined yield stress and an apparent viscosity of
approximately 18 pseudopoise; after 22 hours the or
ganism's activity had decreased the medium viscosity to
a few pseudopoise and modified its behaviour to that of
a Newtonian liquid; from 22 hours onwards the appar
ent viscosity of the broth gradually increased, due to
the development of the mycelium, up to a maximum of
approximately 90 pseudopoise and the rheology of the
broth became increasingly pseudoplastic in nature.
Thus, this example suggests that the rheological prob-

(9.28)Y =kN

abies to power consumption and, hence, to the degree
of agitation which may be shown to have a proportional
effect on KLa. However, these techniques apply to
Newtonian fluids and are not directly applicable to the
study of non-Newtonian systems. Non-Newtonian fluids
do not have constant viscosities, which creates dif
ficulties in utilizing relationships which rely on being
able to determine the fluid viscosity. These difficulties
may be avoided if the agitation system is capable of
maintaining turbulent-flow conditions during the fer
mentation, because under such conditions power con
sumption is independent of the Reynolds number and,
hence, of viscosity. However the high viscosities of the
majority of mycelial fermentation broths make fully
turbulent flow conditions impossible, or extremely dif
ficult, to achieve. Such fermentations tend to exhibit
transient zone flow conditions which necessitate the
construction of complete power curves to correlate
power consumption with operating variables. The fact
that the viscosity of a non-Newtonian liquid is affected
by shear rate means that the viscosity of a non-Newto
nian fermentation broth will not be uniform through
out the fermenter because the shear rate will be higher
near the agitator than elsewhere in the vessel. Thus,
the determination of the impeller Reynolds number is
made difficult by not knowing the viscosity of the
ferment'lticm broth. Metzner and Otto (1957) proposed

solution to this paradox by introducing the concept of
shear rate (y) related to the agitator shaft

in the vessel, by the equation:

k is a proportionality constant.
Mt~tzller and Otto determined the value of the pro

po:rticmality constant to be 13 for pseudoplastic fluids
baffled reactors agitated by single,

turbines. Several groups of workers have
geltennirled values of k under a wide range of operat

vmnalbles; the values range from approximately 10
Metzner et al. (1961) suggested that a com

ppJrtlise value of 11 could be used for calculation
pUrp(Jses, with relatively little loss of accuracy, which

obviate the necessity to determine k for each
qItl:,unlst,mce. Therefore, provided that the rheological
pr()Jjerti(~s of a fermentation broth are known, an ap

viscosity of the fluid may be calculated
average shear rate which would enable the

of the impeller Reynolds number for each
impeller rotational speed, thus enabling a
to be constructed. Such a power curve may

predict the power requirements of a fermen
to scale up a fermentation on the basis of
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9.16. The effect of oxygen limitation on the culture oxygen uptake rate: (a) A typical bacterial fermentation. (b) A typical fungal
(Banks, 1977).
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in oxygen provISIOn, the productivities of many such
fermentations being limited by oxygen availability.
Banks (1977) stressed the difference in the pattern of
oxygen uptake between unicellular and mycelial fer
mentations as illustrated in Fig. 9.16. In both unicellu
lar and mycelial fermentations the pattern of total
oxygen uptake is very similar during the exponential
growth phase, up to the point of oxygen limitation.
However, during oxygen limitation, when arithmetic
growth occurs, the oxygen uptake rate remains con
stant in a unicellular system whereas it decreases in a
mycelial one. Banks claimed that the only possible
explanation for such a decrease is the increasing vis
cosity of the culture caused by the increasing mycelial
concentration.

Several groups of workers have demonstrated the
detrimental effect of the presence of mycelium on
oxygen transfer. Figure 9.17 represents some of the
data of Deindoerfer and Gaden (1955) illustrating the
effect of Penicillium ch,ysogenum mycelium on KLa.
Buckland et at. (1988), using different agitator systems,
reported that the K L a decreased approximately in pro
portion with the square root of the broth viscosity, i.e:

KLa a l/Jviscosity.

Aeration and Agitation

Steel and Maxon (1966) investigated the problem of
oxygen provision to mycelial clumps in the Streptomyces

I

:-Oxygen
I limitation
I
I

I
I
I
I
I
I
I
I
I
I
I
I

\ I
\ I
\ I
II'l. _

(a)

Time-
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--Culture oxygen uptake rate

OF MICROBIAL BIOMASS ON KLa

by the medium are minor compared
presented by a high mycelial biomass, espe

it is considered that the total oxygen de
relatively low in the early stages of a fermenta-

J.JclWtWer, it is worth remembering that in non
unicellular fermentations the highest power

occur when the medium is sterilized in situ
vessel is not being aerated and this will
with the time when a starch-based medium

most viscous.
,,,hnarl-VIK et at. (1992) observed that the medium

,t10SltJon could affect the rheological properties of
suspensions by affecting the interactions

the hyphae.

design for non-Newtonian fermentations
biomass concentration and its morphological

a fermentation has been shown to have a
on oxygen transfer. Most bacterial and

fermt~nt;ati()ns tend to give rise to relatively non-
Newtonian broths in which conditions of turbu

may be achieved. Such fermentations present
felati~'ely few oxygen-transfer problems. However, the

viscous non-Newtonian broths of fungal and
gttj~ptorrlYCl~te fermentations present major difficulties
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ter). Thus, the ratio of impeller turbulent shear stress
to impeller pumping is proportional to:

FIG. 9.1 8. The effect of shear to flow ratio on the observed critical
oxygen concentration of S, niveus (Wang and Fewkes, 1977).

Shear to flow ratio, N/D (cm sec)-1

It was demonstrated that the observed critical dis
solved-oxygen concentration decreased exponentially as
the shear stress to pumping ratio increased, over the
range 0.2 to 1.0 (cm sec)-l, as shown in Fig. 9.18. Thus,
an increase in the ratio of impeller shear stress to
impeller pumping decreases the transport resistance of
oxygen to the cell surface resulting in a lower dissolved
oxygen concentration maintaining a higher respiration
rate. Wang and Fewkes' analysis quantifies Steel and
Maxon's observation that smaller impellers gave better
oxygen transfer to the cells of S. niveus, in that the
smaller impeller would have a larger shear stress to
impeller pumping power ratio.

Wang and Fewkes' correlations are particularly rele
vant when it is considered that many mycelial broths
are pseudoplastic. The viscosity of a pseudoplastic broth
will decrease with increasing shear stress so that vis
cosity increases with increasing distance from the agita
tor. Air introduced into the fermenter tends to rise
through the vessel by the route of least resistance, that
is, through the well-stirred, less viscous central zone.
Thus, stagnant zones, receiving little oxygen, may occur
in the vessel. Therefore, it is essential that the agitation
regime employed creates the correct balance of turbu-
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FIG. 9.17. The effect of Penicillium chrysogenum mycelium on
KLa in a stirred fermenter (Deindoerfer and Gaden, 1955).

o

niveus novobiocin fermentation and demonstrated that
high dissolved oxygen levels (60-80%) occurred in oxy
gen-limited cultures. It was concluded that, although
oxygen was being transferred into solution, the dis
solved gas was not reaching a large proportion of the
biomass. Thus, as well as K L a being affected adversely
by a high viscocity broth, efficient mixing also becomes
extremely important in these systems. These workers
also demonstrated that, at constant power input, small
impellers were superior to large impellers in transfer
ring oxygen from the gas phase to the microbial cells.
Wang and Fewkes (1977) confirmed Steel and Maxon's
work by demonstrating that the critical dissolved oxy
gen concentration (Cerit ) for S. niveUs in a fermenta
tion varied depending on the degree of agitation and
the size of the impeller. Remember that Cerit is the
dissolved oxygen concentration below which oxygen
uptake is limited, i.e. it is a physiological characteristic
of the organism. It was concluded that the limiting
factor was the diffusion of oxygen to the cell surface
through a dense mycelial mass. At higher agitation
rates biomass within clumps would be receiving oxygen
and would thus contribute to the measured respiration
rate whereas at low agitation rates such mycelium
would be oxygen limited, i.e the heterogeneity of the
system increased at low agitation rates. Wang and
Fewkes examined their results in terms of the impeller's
ability to produce turbulent shear stress (oxygen trans
fer into solution) and pumping power (mixing). Turbu
lent shear stress is proportional to N 2D 2 and impeller
pumping power is proportional to ND 3 (where N is the
impeller rotational speed and D is the impeller diame-
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vessel before it became oxygen limited. Cooke et ai.
(1988) extended Legrys and Solomon's approach using
a combination of radial flow and axial flow agitators in
a 60-dm3 fermenter intended for non-Newtonian fer
mentations. The radial flow agitator was an ICI Gasfoil
which is similar to the Scaba SRGT illustrated in Fig.
9.19, being a disc turbine with concave blades. How
ever, in this case the combination was not successful
due to minimal fluid movement at the vessel walls
which would have created significant cooling problems.

Gbewonyo et ai. (1986) evaluated the performance
of a hydrofoil impeller, the Prochem Maxflo (Fig. 9.19)
in the avermectin fermentation employing Streptomyces

FIG. 9.19. Agitators used in filamentous fermentations;
(a) Scaba agitator;
(b) Lightnin' A315;
(c) Prochem Maxfto;
(Nienow, 1990).

where tero is the time for oxygen to be exhausted,
CL(ag) is the dissolved oxygen concentration in

the zone of the agitator,
OUR is the oxygen uptake rate.

If the circulation time for the vessel exceeds teTO then
oxygen starvation will occur in the aliquot before it
returns to the agitator. To prevent this occurring the
dissolved oxygen concentration at the agitator should
be high, but this would reduce the driving force of
oxygen into solution and the oxygen transfer rate would
decrease. The alternative approach is to achieve the
balance of mass transfer and pumping power (broth
circulation) already discussed.

As discussed in Chapter 7 the most widely used
fermenter agitator is a disc turbine (Rushton turbine).
Van't Riet (1979) and Chapman et ai. (1983) demon
strated that for non-viscous broths the KLa is depen
dent only on the power dissipated in the vessel and is
independent of impeller type (at least those impellers
included in the study). However, it is obvious from the
foregoing discussion that impeller type is particularly
relevant for viscous, non-Newtonian fermentations and
this realization has resulted in the development of a
range of agitators which address the dual problems of
oxygen transfer and mixing in viscous fermentations.

Legrys and Solomons (1977) approached the problem
of combining adequate pumping power and mass trans
fer in mycelial fermentations by using two impellers, a
bottom-mounted disc turbine and a top-mounted
curled-blade (hydrofoil) impeller. The bottom turbine
produced a high degree of turbulence and radial mixing
while the top-mounted impeller produced axial mixing
with a high flow velocity, resulting in the circulation of
one tank volume in 20-30 seconds. Thus, the mycelium
was re-circulated through the oxygenation zone of the

(and hence the transfer of oxygen into solution)
pUlnping power (mixing) to circulate the broth

rnlllU"" the region of high shear.
quantification of the problem of oxygen transfer

mixing is also considered by Van't Riet and Van
SOllsberg (1992) in the context of the critical time for

transfer. It is assumed that oxygen transfer into
solutiOn in a stirred, aerated reactor takes place only in

stirrer region. If one considers an aliquot of aer
ated broth leaving the agitator zone, it will be circu
lated through the vessel and eventually return to the
agitator. The dissolved oxygen imparted to the broth
should sustain the respiration of the organisms in that
aliquot during the circulation. The time it takes for the
oxygen in the aliquot to be exhausted will be:

teTO = CL(ag)/OUR
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avermitilis in a 600-dm3 working volume vessel. The
avermectin process is challenging because the broth is
extremely viscous, the fermentation requires fairly high
oxygen-transfer rates and the situation is complicated
by the shear sensitivity of the mycelium. The results of.
this investigation may be summarized as follows:

(i) The impeller pumped the broth axially, that is
from the top to the bottom of the fermenter,
which is very different from the Rushton tur
bine which pumped radially, outwards from the
agitator.

(ii) The Prochem agitator supported a significantly
higher oxygen uptake rate than did the Rush
ton turbine.

(iii) The power number of the Prochem was 1.1
compared with 6.5 for the Rushton turbine.
The equation (9.16) for power number was
given previously as:

where Np is the power number,
P is the external power from the

agitator,
p is the liquid density,
N is the impeller rotational speed,
D is the impeller diameter.

Thus, a low power number indicates a low
power draw and, hence, the Prochem agitator
drew significantly less power than did the
Rushton turbine, making the former far more
economical to operate. This observation is
strengthened by Nienow's work on a similar
hydrofoil impeller, the Lightnin' A315, which
gave a power number of 0.75 compared with
5.2 for a Rushton turbine.

(iv) The relationships between KLa and power con
sumption per unit volume at a viscosity of 700
cp were as follows:

Rushton KLa = 51(PjV)058,
Prochem KLa = 129(PjV)O.59.

These figures reinforce the previous point, de
monstrating that the power requirement for the
Prochem agitator is approximately 50% of that
for the Rushton.

(v) Raising the power of the Prochem had a greater
effect on oxygen transfer at high viscosity than
it did at low viscosity. This points to the key
role that bulk mixing plays in a viscous fermen
tation and suggests that it is at least as impor-
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tant as bubble breakup (at which the ....r',~h,~~.
is mediocre).

(vi) Unlike a Rushton turbine, the Prochem
tor did not generate high shear forces, which
advantageous for a shear sensitive organism.

(vii) The avermectin yields were slightly better
the Prochem fermenter, but these
achieved with approximately 40% less
consumption.

The same group (Buckland et al., 1988, 1989)
formed similar experiments on viscous fungal
tations in 800-dm3 and 19-m3 vesssels and came to
same basic conclusions that bulk mixing is eXltremelv
important in viscous fermentations and that an
flow hydrofoil impeller results in lower power costs.
Data generated from non-Newtonian
fermentations using hydrofoil impellers are cOll1si,de]~ed

in a subsequent section of this chapter.

(ij) The manipulation of mycelial morphology
The previous section considered engineering

tions to the problem of oxygen transfer in mycelial
fermentations. However, this is not the only approach
to improve oxygen transfer in such processes; it is
possible to modify the morphology of the process or
ganism. As discussed in Chapter 6, the biomass of
mycelial organisms grown in submerged culture may
vary from the filamentous type, in which the hyphae
form a homogeneous suspension dispersed through the
medium, to the 'pellet' type consisting of compact,
discrete masses of hyphae. The filamentous form tends
to give rise to a highly viscous, non-Newtonian broth
whereas the pellet form tends to produce an essentially
Newtonian system with a much lower viscosity making
oxygen transfer much easier. Buckland (1993) reported
that the KLa attained in the lovastatin AspergillUS
terreus fermentation was 20 h -) with a filamentous
culture and 80 h-] with a pelleted one at the same
power input. Not all pelleted cultures are Newtonian:
Metz et al. (1979) demonstrated that pellet suspensions
could be non-Newtonian but confirmed that they did
give rise to low viscosity broths. Also, it should be
appreciated that the terms 'filamentous' and 'pelleted'
each describe a range of morphology and the form of
filamentous or pelleted growth may be affected by both
the genetic makeup of the organism and the environ
ment. Thus, the morphological form of a mycelial or
ganism in submerged culture has a major effect on the
broth rheology and may, therefore, be expected to
influence aeration efficiency.

CariIIi et al.'s work (1961) provides a good example



are at least 1 cm in diameter. Pellet size
influenced by the inoculum, the medium and the cul
tural conditions. As discussed in Chapter 6, pellet size
is reduced at high spore inoculum concentrations, but
it is unlikely that this alone would produce pellets of
less than 400 ,um in diameter. Schugerl et at. (1988)
controlled the pellet size of the inoculum by physical
means by either incorporating glass beads in inoculum
shake flasks or using high agitator speeds in seed
fermenters. Metz and Kossen (1977) also claimed that,
once pellets are formed, strong agitation tends to give
rise to smaller, more compact pellets. Buckland (1993)
reported that the conditions of the lovastatin fermenta
tion are carefully controlled to maintain the optimum
pellet size but the cultural conditions used to achieve
this end were not revealed.

Righelato (1979) discussed the effects of mycelium
morphology on culture rheology and oxygen transfer
and came to the conclusion that the most desirable way
for a mycelium to grow in submerged culture is in the
form of short, hyphal fragments which would produce a
broth less susceptible to diffusion limitation than a
pelleted one, and less viscous than one containing long
filaments. However, attempts to encourage the forma
tion of the desirable short hyphal fragment morphology
(as compared with the long filaments) by increasing the
shear stress on the mycelium has met with only limited
success. Even if a less viscous broth is obtained the
damage done to the mycelium may well be counter
productive. Dion et at. (1954) showed that the mor
phology of P. chrysogenum was influenced by the de
gree of agitation in that short, branched mycelium was
produced at high agitation rates compared with long
hyphae produced at low agitation rates. Lilly et at.
(1992) extended this observation at 10 dm3 and 100
dm3 scales and related the mean main hyphal length
and the penicillin specific production rate (qp) to the
term PjDf te , where P is the agitator power, Di is the
impeller diameter and te is the calculated circulation
time. This term is a measure of the maximum shear
stress due to agitator power dissipation and the fre
quency with which mycelia pass through the high shear
region. Both mean hyphal length and qp decreased
with increasing PjDf te , implying that increased shear
is disadvantageous at this scale. At 1000 dm3 it was not
possible to introduce enough power into the fermenter
to decrease qp' which suggests that it is very difficult to
disrupt the mycelium at this scale, thus confirming Van
Suijdam and Metz's (1981) observation that an enor
mous amount of energy is required to reduce the
hyphal length of P. chrysogenum. Righelato (1979) also
claimed that it is unlikely that shear forces could ac-
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both the effect of different filamentous form on
performance and the behaviour of filamentous

and pelleted cultures in 3000-dm3 fermenters. Two
strains of P. chrysogenum were employed, one which
grew as short, highly branched hyphae and the other as
long, relatively unbranched hyphae. The short,
branched hyphae gave rise to a relatively low viscosity
broth in which the oxygen transfer rate was approxi
mately twice that achieved with the more viscous broth
of the unbranched form. By manipulating the cultural
conditions of A. niger, Carilli et at. were able to pro
duce the fungus in either filamentous or pellet form
and demonstrated that the pellet form gave rise to a
broth exhibiting half the viscosity of the filamentous
broth. Also, oxygen limitation occurred far earlier in
the fermentation when the organism grew in the fila
mentous form.

Although the pellet type of growth tends to produce
a low viscosity Newtonian broth in which turbulent flow
conditions may be achieved, it may also give rise to
problems of oxygen availability if the pellets become
too large. A large pellet may be so compact that its
centre may be unaffected by the turbulent forces oc
curring in the bulk of the fermentation broth so that
the passage of oxygen within the pellet is dependent on
simple diffusion; this may result in the centre of the
pellet being oxygen limited. Thus, to maintain the
intra-pellet oxygen concentration at an adequate level
it would be necessary to maintain a high dissolved
oxygen concentration to ensure an effective diffusion
gradient. A similar situation was described by Steel and
Maxon (1966) and Wang and Fewkes (1977). Kobayashi
et al. (1973) demonstrated this phenomenon in pellets
of A. niger where large pellets required a higher dis
solved oxygen concentration to maintain the same spe
cific oxygen-uptake rate as smaller pellets. If oxygen
limitation does occur within a pellet then only its outer
layer would contribute to its growth and the centre may
autolyse. The diffusion of oxygen into the centre of a
pellet will be influenced by the size of the pellet, and
thus it is important to control pellet size.

Schugerl et al. (1988) monitored the dissolved oxy
gen concentration within pellets of P. chrysogenum and
demonstrated that, provided they were smaller than
400 ,um in diameter, the oxygen concentration in the
centre of the pellet was not limiting. Similarly, Buck
land (1993) reported that pellets of Aspergillus temus
in the lovastatin fermentation had to be smaller than
180 ,um in diameter to avoid oxygen limitation in the
centre of the pellet. It should be appreciated that the
pellet sizes recommended by both groups are very
small and it is possible to obtain fungal pellets which
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count for the break up of mycelia and that autolysis
and lysis of some hyphal compartments may be more
important controlling factors, perhaps implying that the
phenomenon may be more under genetic, rather than
physical, control. This leads us on to strain improve
ment of morphologically favourable strains, as dis
cussed in more detail in Chapter 3. However, Belmar
Beiny and Thomas (1990) demonstrated in 9-dm3 fer
menters that increased stirrer speed did result in the
production of shorter, less branched hyphal fragments
of Streptomyces clavuligerus and clavulanic acid synthe
sis was unaffected. This suggests that this approach
may be used to influence rheological properties in
clavulanic acid fermentations.

Other cultural conditions which have been claimed
to influence mycelial morphology include medium com
position (see Chapter 5), growth rate, dissolved oxygen
concentration, polymer additives and temperature.
Kuenzi (1978) reported that the viscosity of a Cephalo
sporium broth was considerably reduced by growing the
organism at 27° rather than 25°C. Olsvik and Kristian
sen (1992) investigated the influence of specific growth
rate and dissolved oxygen concentration on the vis
cosity of Aspergillus niger in continuous culture. K, the
consistency index {indicative of apparent viscosity, see
equation (9.9» was measured over a range of condi
tions. At dissolved oxygen (DO) concentrations above
10% saturation, K increased with increasing dilution
rate whereas at DO concentrations below 10% satura
tion, K decreased with increasing dilution rate. The
effect of DO on K was particularly evident at low DO
values and at low growth rates where a 2% change in
the DO could give a 25% change in K. These observa
tions may be particularly relevant in the late stages of
batch or fed-batch processes where low growth rates,
nutrient limitation, high biomass levels and low oxygen
concentrations occur, all contributing to complex
changes in morphology, viscosity and oxygen transfer
rate.

Dispersed growth can be encouraged in certain or
ganisms by incorporating polymeric compounds into
the medium. Such anionic polymers include Junlon
PW110 and Junlon 111 (cross-linked polyacrylic acids)
and Carbopol-934 (carboxypolymethylene). It is claimed
that these polymers modify the electrical charges on
the spore surface and thus prevent the aggregation of
spores into clumps, thus preventing the initiation of
pellet formation. These agents have been used to in
cease the homogeneity of both fungal (Trinci, 1983)
and streptomycete (Hobbs et al., 1989) broths. Al
though these agents would not be practical to use on a
large scale they may be useful in the early stages of an
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inoculum development programme if a dispersed
phology is desirable.

Several workers have discussed the possible
tages of reducing the viscosity of a mycelial IermenHr.
tion, in its later stages, by diluting the broth with
water or fresh medium. Sato (1961) increased the
of a kanamycin fermentation, displaying Bingham
tic rheology, by 20% by diluting the broth
volume with sterile water. Taguchi (1971) aCIlle'ved
50% reduction in the viscosity of an Endomyces
by diluting 10% with water or fresh medium. A
has been put forward for the control of viscosity
dissolved oxygen concentration in a hypothetical
mentation. These workers proposed that, as the
dissolved oxygen concentration is approached, a
volume of broth could be removed from the tenmellter
and replaced with fresh medium. The process could
repeated in a step-wise manner as the system
oxygen limited, which could be determined by dlSsol'ved
oxygen concentration or viscosity measurements.
by using such techniques the viscosity may be
trolled and maintained below the level which
cause oxygen limitation. Kuenzi (1978) reported
instance where the very slow feeding of medium to
CephalospOlium culture resulted in the
growing in the form of long filaments which prc)duced
highly viscous culture which could not be
aerated. The design of fed-batch processes such
efficient control may be achieved over the process
discussed in a subsequent section of this chapter
Chapter 2.

The production of Fusarium graminae biomass
human food in the ICI-RHM mycoprotein
fermentation (see Chapter 1) presents a very differ,ent
problem from those of most other fungal
tions. It is essential that the organism grows as
hyphae so that the biomass can be processed into
textured food product. Long hyphae are susceptible
shear forces, so to maintain the morphological form
the organism an air-lift reactor is used, despite the
that the viscous broth severely limits the
oxygen transfer rate. This limitation of the air-lift
menter means that only a relatively low biomass
centration may be maintained in the vessel cOlmpan:d
with that in a stirred system, but this is an acc:epltable
penalty to pay for the correct morphological form.

THE EFFECT OF MICROBIAL PRODUCTS ON AERA
TION

Generally speaking, the product of a fermentation
contributes relatively little to the viscosity of the cul-



The effect of foam and antifoams on oxygen transfer

THE BALANCE BETWEEN OXYGEN SUPPLY AND
DEMAND

recirculating foam, resulting in high bubble residence
times and, therefore, oxygen-depleted bubbles. The
presence of foam in a conventional agitated, baffled
fermenter may also increase the residence time of
bubbles and therefore result in their being depleted of
oxygen. Furthermore, the presence of foam in the
region of the impeller may prevent adequate mixing of
the fermentation broth. Thus, it is desirable to break
down a foam before it causes any process difficulties
and, as discussed in Chapter 7, this may be achieved by
the use of mechanical foam breakers or chemical anti
foams. However, mechanical foam control consumes
considerable energy and is not completely reliable so
that chemical antifoams are preferred (Van't Riet and
Van Sonsberg, 1992).

All antifoams are surfactants and may, themselves,
be expected to have some effect on oxygen transfer.
The predominant effect observed by most workers is
that antifoams tend to decrease the oxygen-transfer
rate, as discussed by Aiba et at. (1973) and Hall et at.
(1973). Antifoams cause the collapse of bubbles in
foam but they may favour the coalescence of bubbles
within the liquid phase, resulting in larger bubbles with
reduced surface area to volume ratios and hence a
reduced rate of oxygen transfer (Van't Riet and Van
Sonsberg, 1992). Thus, a balance must be struck
between the necessity for foam control and the delete
rious effects of the controlling agent. Foam formation
has a particular influence on the liquid height in the
fermenter at which it is practical to operate. If inade
quate space is provided above the liquid level for foam
control, then copious amounts of antifoam must be
used to prevent loss of broth from the vessel. Van't
Riet and Van Sonsberg (1992) observed that, above a
critical liquid height, the KLa value decreases dramati
cally due to the excessive use of antifoams. Thus, it
may be more productive to operate a vessel at a lower
working volume.

Methods for foam control are considered in Chapter
8 and antifoams are discussed in Chapter 4.

Both the demand for oxygen by a micro-organism
and the supply to the organism by the fermenter have
been considered in this chapter. This section attempts
to bring these two aspects together and considers how
processes may be designed such that the oxygen uptake
rate of the culture does not exceed the oxygen transfer
rate of the fermenter.

broth. However, the exception is the production of
ba(;teJnaJ polysaccharides, where the broths tend to be

viscous (30,000 cp, Sutherland and Ellwood, 1979)
non-Newtonian. Charles (1978) demonstrated that
bacterial cells in a polysaccharide fermentation

a minimal contribution to the high culture vis
which was due primarily to the polysaccharide

product. Normally, microbial polysaccharides tend to
behave as pseudoplastic fluids, although some have
also been shown to exhibit a yield stress. The yield
stress of a polysaccharide can make the fermentation
particularly difficult because, beyond a certain distance
from the impeller, the broth will be stagnant and
productivity in these regions will be practically zero
(Gallindo and Nienow, 1992). Thus, bacterial polysac
charide fermentations present problems of oxygen
transfer and bulk mixing similar to those presented by
mycelial fermentations. Thus, similar stirrer configura
tions to those discussed in the previous section have
been used in polysaccharide fermentations. Gallindo
and Nienow (1992) investigated the behaviour of a
hydrofoil impeller, the Lightnin' A315, in a simulated
xanthan fermentation. These workers adopted Metzner
and Otto's approach to construct power curves. Better
agitator performance was achieved when its pumping
direction was upwards rather than downwards resulting
in lower power loss on aeration and less torque fluctu
ations. It was concluded that such agitators may give
improved mixing in a xanthan fermentation provided
that the polysaccharide concentration is below 25 kg
m~3.

A novel solution to the problem was proposed by
Oosterhuis and Koerts (1987). These workers designed
an air-lift loop reactor incorporating a pump to circu
late the highly viscous broth. The system was operated
on a 4-m3 scale and proved to be much more efficient
than a stirred tank reactor.

The high degree of aeration and agitation required
in a fermentation frequently gives rise to the undesir
able phenomenon of foam formation. In extreme cir
cumstances the foam may overflow from the fermenter
via the air outlet or sample line resulting in the loss of
medium and product, as well as increasing the risk of
contamination. The presence of foam may also have an
adverse effect on the oxygen-transfer rate. Hall et at.
(1973) pointed out that Waldhof and vortex-type fer
menters (see Chapter 7) were particularly affected due
to the bubbles becoming entrapped in the continuously
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FIG. 9.20. (a) The relationship between dissolved oxygen concen
tration and the oxygen transfer rate attainable in 3 fermenters
with increasing KLa values. (b) The relationship between biomass
concentration and oxygen uptake rate of a process organism. The
same scales are used for deLI dt and Q02X allowing xerit to be
determined (Mavituna and Sinclair, 1985).
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Equation (9.29) may be used to calculate
fermenter with a particular KLa value:

xerit = KLa(C* - Ccrit )/0.99 Qo,max

Equation (9.30) may also be modified to calculate
biomass concentration which may be maintained
fixed dissolved oxygen concentration above Ccrit :

X = KLa(C* Cd/Qo,max.

Mavituna and Sinclair presented this model gnlphlicaHv>
as shown in Fig. 9.20. The upper graph represents
relationship between the dissolved oxygen C011centra.
tion and the volumetric oxygen transfer rate acllie1/able
in three fermenters (plots 1, 2 and 3 represent
menters of increasing KLa values) whilst the
graph represents the relationship between biomass
the volumetric oxygen uptake rate of the culture.
axes of both graphs are drawn to the same scale.
construction is drawn on the upper graph linking
to the oxygen-transfer rates attainable in each of
three fermenters. This construction is extended to
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Controlling biomass concentration

(i) Controlling biomass concentration.
(ii) Controlling the specific oxygen uptake rate.

(iii) A combination of (i) and (ii).

The volumetric oxygen uptake rate of a culture is
described by the term, Qo,x, where Qo, is the specific
oxygen uptake rate (mmoles O2 g-I biomass h- I) and
x is biomass concentration (g dm- 3

). Thus, the units of
Qo x are mmoles oxygen dm - 3 h-I., .

The volumetnc oxygen transfer rate (also measured
as mmoles 02 dm - 3 h-]) of a fermenter is given by
equation (9.1), i.e.:

dCddt = KLa(C* - CL)·

It will also be recalled that the dissolved oxygen con
centration during the fermentation should not fall
below the critical dissolved oxygen concentration (Cerit)
or the dissolved oxygen concentration which gives opti
mum product formation. Thus, it is necessary that the
oxygen-transfer rate of the fermenter matches the oxy
gen uptake rate of the culture whilst maintaining the
dissolved oxygen above a particular concentration. A
fermenter will have a maximum KLa dictated by the
operating conditions of the fermentation and thus, to
balance supply and demand it must be the demand that
is adjusted to match the supply. This may be achieved
by:

Mavituna and Sinclair (l985a) developed a method
to predict the highest biomass concentration (termed
the critical biomass or Xerit ) which can be maintained
under fully aerobic conditions in a fermenter of known
KLa. Thus, xcrit is the biomass concentration which
gives a volumetric uptake rate (QO,Xerit) equal to the
maximum transfer rate of the fermenter, i.e. KLa (C*
- Cerit ). If Ccrit is defined as the dissolved oxygen
concentration when:

Qo, = 0.99Qo,max

then the volumetric oxygen uptake rate when the dis
solved oxygen concentation is Ccrit will be:

0.99Qo,max 'xcrit '

If the oxygen transfer rate were equal to the uptake
rate when the dissolved oxygen concentration equals
CeriP then:
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indicating the oxygen uptake rates equal to
frilmS:rer rates attainable at Ccrit ' Finally, from the

the biomass concentrations (Xcrit) which
rise to the uptake rates equal to the transfer

may be determined. Again, this figure may be
to predict the maximum biomass concentration

b may be maintained at any dissolved oxygen con
llldUVH above Ccrit '

should be appreciated that these authors intended
to be used only as a method for preliminary

(Mavituna and Sinclair, 1985b). Thus, Xcrit is
il1t,en:,re1tect as a target which cannot be exceeded and,

OTclctlce, oxygen limitation will probably occur below
The mechanism for limiting the biomass

COllcemtratlon will be the concentration of the limiting
s1.llJstral:e in the medium which, for batch culture, may

determined from the equation:

SR = xcrit/Y

SR is the initial limiting substrate concentration
Y is the yield factor and it is assumed that the

"~';';;nrr substrate is exhausted on entry into the statio
phase.

The technique may also be applied to continuous
fed-batch culture but it must be appreciated that

Q02 is affected by specific growth rate and the relevant
Qo

z
value for the growth rate employed would have to

be utilized in the calculations. The method should be
very useful for the initial design of unicellular bacterial
or yeast fermentations where biomass has no effect on
KLa. However, in viscous fermentations the biomass
concentration influences the KLa considerably, as dis
cussed in a previous section. Thus, the KLa will decline
with increasing biomass concentration which makes the
application of the technique more problematical.

Controlling the specific oxygen uptake rate

Specific oxygen-uptake rate is directly proportional
to specific growth rate so that, as JL increases, so does
Q02' Thus, Q02 may be controlled by the dilution rate
in continuous culture. Although very few commercial
fermentations are operated in continuous culture, fed
batch culture is widely used in industrial fermentations
and provides an excellent tool for the control of oxygen
demand. The kinetics and applications of fed-batch
culture are discussed in Chapter 2. The most common
way in which the technique is applied to control oxygen
demand is to link the nutrient addition system to a
feed-back control loop using a dissolved oxygen elec
trode as the sensing element (see Chapter 8). If the
dissolved oxygen concentration declines below the set

point then the feed rate is reduced and when the
dissolved oxygen concentration rises above the set point
the feed rate may be increased. A pH electrode may
also be used as a sensing unit in a fed-batch control
loop for the control of oxygen demand - oxygen
limitation being detected by the development of acidic
conditions. These techniques are particularly important
in the growth-stage of a secondary metabolite mycelial
fermentation prior to product production when the
highest growth rate commensurate with the oxygen
transfer rate of the fermenter is required. A full discus
sion of the operation of fed-batch systems is given in
Chapter 2.

SCALE-UP AND SCALE·DOWN

Scale-up means increasing the scale of a fermenta
tion, for example from the laboratory scale to the pilot
plant scale or from the pilot plant scale to the produc
tion scale. Increase in scale means an increase in
volume and the problems of process scale-up are due
to the different ways in which process parameters are
affected by the size of the unit. It is the task of the
fermentation technologist to increase the scale of a
fermentation without a decrease in yield or, if a yield
reduction occurs, to identify the factor which gives rise
to the decrease and to rectify it. The major factors
involved in scale-up are:

(i) Inoculum development. An increase in scale
may mean that extra stages have to be incor
porated into the inoculum development pro
gramme. This aspect is considered in Chapter
6.

(ii) Sterilization. Sterilization is a scale dependent
factor because the number of contaminating
micro-organisms in a fermenter must be re
duced to the same absolute number regardless
of scale. Thus, when the scale of a process is
increased the sterilization regime must be ad
justed accordingly, which may result in a change
in the quality of the medium after sterilization.
This aspect is considered in detail in Chapter
5.

(iii) Environmentalparameters. The increase in scale
may result in a changed environment for the
organism. These environmental parameters
may be summarized as follows:

(a) nutrient availability,
(b) pH,
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(c) tenrrperature,
(d) dissolved oxygen concentration,
(e) shear conditions,
(f) dissolved carbon dioxide concentra

tion,
(g) foanrr production. i

t:
o

Bulk mixing

Aeration-

FIG. 9.21. The 'scale-up' window defining the operating
daries for aeration and agitation in the scale-up of a fenUeIltation.
After Fox (1978) reproduced from Lilly (1983).

...
'"...
01«

(i) The identification of the principal environmen
tal donrrain affected by aeration and agitation
in the fernrrentation, e.g. oxygen concentration,
shear, bulk nrrixing.

(ii) The identification of a process variable (or
variables) which affects the identified environ
nrrental donrrain.

(iii) The calculation of the value of the process
variable to be used on the large scale which
will result in the replication of the same envi
ronnrrental conditions on both scales.

pIe, the supply of oxygen would be irrelevant in an
anaerobic fernrrentation, whereas the linrritation due to
shear would be of nrrajor inrrportance in the scale-up of
aninrral cell fernrrentations.

The solution of the scale-up problenrr is three-fold:

The process variables which affect nrrixing and mass
transfer are sunrrnrrarized in Table 9.6 (Oldshue, 1985;
Scragg, 1991). Thus, if dissolved oxygen concentration
is perceived as the over-riding environnrrental condition
then power consunrrption per unit volunrre and volumet
ric air flow rate per unit volunrre should be nrraintained
constant on scale-up. However, as a result, the other
paranrreters will not be the sanrre in the larger scale and,
therefore, neither will the environnrrental factors which
they influence. This phenonrrenon is well illustrated by
Oldshue's exanrrple sunrrnrrarized in Table 9.7 where a
125 fold increase in scale is represented. If power

Scale-up of aeration/agitation reginrres in stirred tank
reactors

All the above paranrreters are affected by agitation and
aeration, either in ternrrs of bulk nrrixing or the provi
sion of oxygen. Points a, b, c and e are related to bulk
nrrixing whilst d, e, f and g are related to air flow and
oxygen transfer. Thus, agitation and aeration tends to
donrrinate the scale-up literature. However, it should
always be renrrenrrbered that inoculunrr developnrrent and
sterilization difficulties nrray be the reason for a de
crease in yield when a process is scaled up and that
achieving the correct aeration/agitation reginrre is not
the only problenrr to be addressed.

Fronrr the list of environnrrental paranrreters affected
by aeration and agitation it will be appreciated that it is
extrenrrely unlikely that the conditions of the snrrall-scale
fernrrentation will be replicated precisely on the large
scale. Thus, the nrrost inrrportant criteria for a particular
fernrrentation nrrust be established and the scale-up
based on reproducing those characteristics. The prob
lenrr of aeration/agitation scale-up has been extrenrrely
well illustrated by Fox (1978) in his description of the
'scale-up window'. The scale-up window represents the
boundaries inrrposed by the environnrrental paranrreters
and cost on the aeration/agitation reginrre and is shown
in Fig. 9.21. Suitable conditions of nrrixing and oxygen
transfer can be obtained with a range of aeration/agi
tation conrrbinations. The two axes of Fig. 9.21 are
agitation and aeration and the zone within the hexagon
represents suitable aeration/agitation reginrres. The
boundary of the hexagon is defined by the linrrits of
oxygen supply, carbon dioxide accunrrulation, shear da
nrrage to the cells, cost, foanrr fornrration and bulk nrrix
ing. For exanrrple, the agitation rate nrrust fall between a
nrrininrrunrr and nrraxinrrunrr value - nrrixing is inadequate
below the nrrininrrunrr level and shear danrrage to the cells
is too great above the nrraxinrrunrr value. The linrrits for
aeration are deternrrined at the nrrininrrunrr end by oxy
gen linrritation and carbon dioxide accunrrulation and at
the nrraxinrrunrr end by foanrr fornrration. The shape of the
window will depend on the fernrrentation for exanrr-
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TABLE 9.6. The effect ofprocess variables on mass transfer or mixing characteristics

Criterion used in scale-up Effect on the operating conditions on the large scale
(Large scale value/Small scale value)

Aeration and Agitation

Oxygen-transfer rate
Shear rate
Mixing time
Heat transfer

(i) Determine the volumetric air flow rate (Q) on
the large scale based on maintaining Q/V con
stant (V = working volume of the fermented.

(ij) Calculate the agitator speed that will give the
same KLa on the large scale; this is achieved
using the correlations between power consump
tion and N and between KLa and power con
sumption.

(i) Calculate the agitator speed keeping the im
peller tip speed constant, 7TNDi .

(ij) Calculate Q from power correlations and KLa
correlations.

Mass transfer or mixing
characteristic affected

Oxygen-transfer rate

The accuracy of these scale-up techniques is only as
good as the power and KLa correlations, so it is worth
expending some considerable time to test the validity
of potential correlations for the fermentation in ques
tion.

Hubbard (1987) and Hubbard et at. (1988) summa
rized the procedure for scaling up both Newtonian and
non-Newtonian fermentations and proposed two meth
ods to determine the large scale conditions:

Method 2

Method 1

Process variable

P P/V Flow NDi

P/V 125.0 1.0 0.34 1.7
Flow min -1 vol·- 1 3125.0 25.0 1.0 5.0
ND i (Impeller tip speed) 25.0 0.2 0.2 1.0
Reynolds number 0.2 0.0016 0.04 0.2

Power consumption per
unit volume

Volumetric air flow rate
Impeller tip speed
pumping rate
Reynolds number

(see previous section)

TABLE 9.7. The effect of the choice of scale-up criteria on operating conditions in the
scaled-up vessel. Based on scale-up from 80 dm 3 to ]04 dm 3 (Based on Oldshue, 1985)

unit volume is kept constant then
(i.e. shear) increases and flow min- 1

decreases. If mixing is kept constant,
totally uneconomic) increase in

and shear increases 5 fold. If im
(shear) is kept constant then power

(hence, KLa) and mixing decrease. This
inclic:ate:s that it is economically impossible to
the same degree of mixing on scale-up and,

a decrease in yield may be due to mixing

important environmental domains affected
and agitation for the majority of fermenta

oxygen concentration and shear. Thus, the
used scale-up criteria are the maintenance

KLa or constant shear conditions. Con
may be achieved by scaling up on the basis

C()ltlstant impeller tip speed. Constant KLa may be
on the basis of constant power consumption

volume and constant volumetric air-flow rate.
oplerating variable dictating constant power con

$4n1PtJion in geometrically similar vessels is the agitator
The agitator speed on the large scale is then

i;*J,culated from the correlations between K L a and
consumption and between power consumption

op,eratin,g variables. An example of this approach is
the previous section describing the effects of

9pl~rating variables on power consumption.
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The scale-up of air-lift reactors

Bubble columns and air-lift vessels tend to be
scaled-up on the basis of geometric similarity and con
stant gas velocity (Scragg, 1991). Under these condi
tions the KLa and shear rate in the two scales will be
similar. The major difference will be the height of the
vessels resulting in increased pressure at the base of
the larger vessel. This would result in higher oxygen
and carbon dioxide solubility which would give a higher
KLa but might result in carbon dioxide inhibition. The
other problem in the scale-up of air-lift systems is that
the organism is exposed to extremes of oxygen levels in
the riser and downcomer and the effects of these
conditions should be investigated on the laboratory
scale.

Scale-down methods

Scale-down is the situation where laboratory- or
pilot-scale experiments are conducted under conditions
which mimic the industrial-scale conditions. This ap
proach is important in both the development of a new
product and the improvement of an existing full-scale
fermentation. The procedure has been reviewed by
Jem (1989). Frequently, conditions achievable on a
laboratory scale are impractical on an industrial scale,
which means that if inappropriate conditions have been
used in the laboratory unrealistic yield objectives may
be set for the scaled-up process. The aspects to con
sider in the design of laboratory- or pilot-plant experi
ments in the context of scale-down may be summarized
as follows:

(j) Medium design. Media relevant to the indus
trial situation should be used in development
experiments.

(ij) Medium sterilization. If the medium is to be
batch sterilized on the large scale its exposure
time at a high temperature will be much greater
than that experienced in the laboratory or pilot
plant. Thus, the sterilization times on the
smaller scales should be increased to mimic
the industrial situation. Alternatively, medium
sterilized in the production fermenter may be
used in the laboratory and pilot plant. This
highlights the advantage of continuous steril
ization where little loss of medium quality oc
curs. Furthermore, the same continuous steril
izer may be used for both full-scale and pilot
scale vessels.
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(iii) Inoculation procedures. Due to a
cumstances, it may not always be
inoculate every production fermf~nt;lti(m

inoculum in optimum condition. The
down approach can be used to
consequences of such events by
these situations in the laboratory, for ""'1In1"''''
by storing inoculum or using inocula of
ent ages.

(iv) Number of generations. An industrial scale
mentation requires a greater number of
ations than does a laboratory one; this
place more severe stability criteria on
process strain than may have been aPlJreciated
on the small scale. The industrial situation
be modelled in the laboratory by using
sub-culture to ensure that the strain is
ciently stable. This approach is
pertinent in the development of rec:oillibiulant
fermentations.

(v) Mixing. As indicated in the previous section
is almost inevitable that the degree of
will decrease with an increase in scale. Thus,
is possible to model inadequate mixing in the
laboratory by subjecting the organism to pulse
medium feeds or fluctuating process conditions
such as oxygen concentration, pH and temper
ature. Such scaled-down experiments then al
low predictions to be made about the suitabil
ity of new strains for industrial exploitation.

(vi) Oxygen transfer rate. Far higher oxygen transfer
rates can be achieved in laboratory fermenters
than in industrial-scale ones. Thus, unrealistic
demands may be made of a fermentation plant
if the development work has been done at very
high oxygen-transfer rates. Therefore, the
laboratory and pilot fermenters should reflect
the oxygen transfer rates achievable in the
full-scale fermenters.

The adoption of these simple approaches to small
scale experimentation can prevent many scale-up prob
lems before they even occur!
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The Recovery and Purification of
Fermentation Products

INTRODUCTION

EXTRACTION and purification of fermentation
pTc)ducts may be difficult and costly. Ideally, one is

to obtain a high-quality product as quickly as
hn«llhle at an efficient recovery rate using minimum

investment operated at minimal costs. Unfortu
recovery costs of microbial products may vary

as low as 15% to as high as 70% of the total
costs (Aiba et aI., 1973; Swartz, 1979;

and Smith, 1981; Atkinson and Sainter, 1982;
1986). Obviously, the chosen process, and there

its relative cost, will depend on the specific product.
Atldn~mn and Mavituna (1991) indicate percentage of

costs being 15% for industrial ethanol, 20-30%
bulk penicillin G and up to 70% for enzymes. The

(and sometimes dominant) cost of downstream
will affect the overall objective in some

If a fermentation broth is analysed at the time of
hal'Ve~;tinl! it will be discovered that the specific product

be present at a low concentration in an aqueous
solution that contains intact micro-organisms, cell frag

soluble and insoluble medium components and
metabolic products. The product may also be

mtracell1lllar, heat labile and easily broken down by
co:nt2lmiinatinlg micro-organisms. All these factors tend
to increase the difficulties of product recovery. To
ensure good recovery or purification, speed of opera
tion may be the overriding factor because of the labile
nature of a product. The processing equipment must
therefore be of the correct type and also the correct
size to ensure that the harvested broth can be processed
within a satisfactory time limit.

CHAPTER 10

The choice of recovery process IS based on the
following criteria:

1. The intracellular or extracellular location of the
product.

2. The concentration of the product in the fermen
tation broth.

3. The physical and chemical properties of the de
sired product (as an aid to selecting separation
procedures).

4. The intended use of the product.
5. The minimal acceptable standard of purity.
6. The magnitude of bio-hazard of the product or

broth.
7. The impurities in the fermenter broth.
8. The marketable price for the product.

The main objective of the first stage for the recovery
of an extracellular product is the removal of large solid
particles and microbial cells usually by centrifugation
or filtration (Fig. 10.1). In the next stage, the broth is
fractionated or extracted into major fractions using
ultrafiltration, reverse osmosis, adsorption/ion-ex
change/ gel filtration or affinity chromatography, liq
uid-liquid extraction, two phase aqueous extraction or
precipitation. Afterwards, the product-containing frac
tion is purified by fractional precipitation, further more
precise chromatographic techniques and crystallization
to obtain a product which is highly concentrated and
essentially free from impurities. Other products are
isolated using modifications of this flow-stream.

Attempts to simplify this outline extraction proce
dure for antibiotic recovery using 'whole broth' pro
cessing have met with limited success. The technique of
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Fermentation Broth

Removal of solids

Cell disruption

/
Primary isolation of product

t
Purification and concentration

t
Final product isolation

FIG. 10.1. Stages in the recovery of product from a harvested
fermentation broth.

I . Harvest broth from fermenter

f
2. Chill to 5-lOoC

•3. Filter off P. chrysogenum mycelium using rotary vacuum
filter

f
4. Acidify filtrate to pH 2.0-2.5 with H2S04

f
5. Extract penicillin from aqueous filtrate into butyl acetate in a

centrifugal counter-current extractor (treat/dispose aqueous
phase)

f
6. Extract penicillin from butyl acetate into aqueous buffer (pH

7.0) in a centrifugal counter-current extractor (recover and
recycle butyl acetate)

f
7. Acidify the aqueous fraction to pH 2.0-2.5 with H2S04 and re

extract penicillin into butyl acetate as in stage 5

f
8. Add potassium acetate to the organic extract in a

crystallization tank to crystallize the penicillin as the
potassium salt

f
9. Recover crystals in a filter centrifuge (recover and recycle

butyl acetate)

f
10. Further processing of penicillin salt

FIG. 10.2. Recovery and partial purification of penicillin G.

'whole broth' processing involves initial removal of
large particles, which is then followed by passage of the
broth (including cells) through, for example, well mixed
ion-exchange columns or counter-current liquid-liquid
extraction units to extract the product directly. This
topic will be discussed in more detail in a later section
of this chapter.

It may be possible to modify the handling character-
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istics of the broth so that it can be handled
simpler equipment making use of a number
niques:

1. Selection of a micro-organism which
produce pigments or undesirable metatlolites.

2. Modification of the fermentation
reduce the production of
metabolites.

3. Precise timing of harvesting.
4. pH control after harvesting.
5. Temperature treatment after harvesting.
6. Addition of flocculating agents.
7. Use of enzymes to attack cell walls.

It must be remembered that the fermentation
product recovery are integral parts of an overall
Because of the interactions between the two,
stage should be developed independently, as this
result in problems and unnecessary expense.
byshire (1981) has considered this problem with refer
ence to enzyme recovery. The parameters to COllSHler
included time of harvest, pigment production, ionic
strength and culture medium constituents. Large
volumes of supernatants containing extracellular en
zymes need immediate processing while harvesting
times and enzyme yields might not be predictable. This
can make recovery programmes difficult to plan. Pig
ment production might make some recovery proce
dures difficult, when the pigment binds to the same
resin as the enzyme. Changes in fermentation condi
tions may reduce pigment formation. Certain antifoams
remain in the supernatant and affect ultrafiltration or
ion-exchange resins used in recovery stages. Trials may
be needed to find the most suitable antifoam (see also
Chapter 4). The ionic strength of the production
medium may be too high, resulting in the harvested
supernatant needing dilution with demineralized water
before it can be processed. Such a negative procedure
should be avoided if possible by unified research and
development programmes. Media formulation is domi
nated by production requirements, but the protein con
tent of complex media should be critically examined in
view of subsequent enzyme recovery. This view is also
shared by Topiwala and Khosrovi (1978), when con
sidering water recycle in biomass production. They
stated that the interaction between the different unit
operations in a recycle process made it imperative that
commercial plant design and operation should be
viewed in an integrated fashion.

Flow sheets for recovery of penicillin, cephamycin C,



I. Fermenter broth containing cephamycin C

f
2. Adjust pH to 2.5

f
3. Conventional filtration

f Waste filter cake

4. Cation exchange (sulfonic acid resin)

f
5. Pyridine elution

f
6. Concentration by evaporation (remove pyridine)

f
7. Adjust pH to 5 7

f
8. Anion exchange (tertiary amine)

f
9. Alkanoic acid wash

f
10. Pyridine or phosphate buffer solution

FIG. 10.3. Purification of cephamycin C: sequential ion exchange
process (Omstead et al., 1985).

citric acid and micrococcal nuclease are given in Figs
10.2, 10.3, 10.4 and 10.5, to illustrate the range of
techniques used in microbiological recovery processes.
A series of comprehensive flow sheets for alcohols,
organic acids, antibiotics, carotenoids, polysaccharides,
intra- and extra-cellular enzymes, single-cell proteins
and vitamins have been produced by Atkinson and
Mavituna (1991). Other reviews on separation and pu
rification are available for penicillin (Swartz, 1979),
amino acids (Samejima, 1972), enzymes (Aunstrup,
1979; Darbyshire, 1981), single-cell protein (Hamer,
1979) and polysaccharides (Pace and Righelato, 1980;
Smith and Pace, 1982). In the selection of processes for
the recovery of biological products it should always be
understood that recovery and production are inter
linked, and that good recovery starts in the fermenta
tion by the selection of, amongst other factors, the
correct media and time of harvesting.

The recovery and purification of many compounds
may be achieved by a number of alternative routes.
The decision to follow a particular route involves com
paring the following factors to determine the most
appropriate under a given set of circumstances:

Capital costs.
Processing costs.
Throughput requirements.
Yield potential.
Product quality.
Technical expertise available.

The Recovery and Purification of Fermentation Products

I . Harvested broth

~
2. Filter off A. niger mycelium using a rotary vacuum filter

~
3. Add Ca(OH12 to filtrate until pH 5 8

~ .
4. Calcium citrate

f
5. Add H2S04 while at 60°C

f
6. Filter on rotary vacuum filter to recover CaS0 4

f
7. Activated charcoal to decolourise

~
8. Cation and anion exchange resins

f
9. Evaporate to point of crystallization at 360C

f
10. Crystals of citric monohydrate separated in continuous

centrifuges

f
II . Driers at 50-60°C

FIG. 10.4. Recovery and purification of citric acid (Sodesk et al.,
1981).

I . Supernatant; 400 dm3 pH 8.8

f
2. Dilute; with 400 dm3 demineralised water

~
3. Acidify; with glacial acetic acid to pH 5.2

f
4. Adsorption; add SP-sephadex C25 (-750g). stir Ihr, settling

2hrs

f
5. Collect resin; pack into an adjustable column, remove

unadsorbed protein by passing O.3M ammonium acetate pH
6.0

~
6. Elution; nuclease eluted with 2M ammonium sulphate

f
7. Dialysis; overnight against demineralised water

~
8. Concentration; CH3 hollow fibre unit (Amicon) mol. wI. cut off

10,000

f
9. Centrifugation; IO,OOOg for 30 minutes

~
10. Gel filtration; Sephadex G75, 0.01% acetic acid plus O.IN

ammonium acetate

f
II. Freeze drying

FIG. 10.5. Purification of micrococcal nuclease (Darbyshire, 1981).

Conformance to regulatory requirements.
Waste treatment needs.
Continuous or batch processing.
Automation.
Personnel health and safety (Wildfeuer, 1985).
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Overflow

FIG. 10.6. Schematic flow diagram for foam fra,ctio,nation
and Sinskey, 1970).

parger

Liquid

Gas

Foam

of surfactants such as long-chain fatty acids,
and quaternary ammonium compounds. Materials
surface active and collected are termed
whereas the surfactants are termed collectors.
developing this method of separation, the
variables which may need experimental imresltig,ltic)rl
are pH, air-flow rates, surfactants and collig,en,d-(;oll.ec
tor ratios.

Rubin et al. (1966) investigated foam separation
E. coli starting with an initial cell concentration of
X 108 cells cm -3. Using lauric acid, stearyl amine
t-octyl amine as surfactants, it was shown that up
90% of the cells were removed in 1 minute and 99%
10 minutes. The technique also proved successful
Chiarella sp. and Chlamydomonas sp. In other
with E. coli, Grieves and Wang (1966) were able
achieve cell enrichment ratios of between 10 and 1 X

10 6 using ethyl-hexadecyl-dimethyl ammonium
bromide.

REMOVAL OF MICROBIAL CELLS
AND OTHER SOLID MATTER

Principles of Fermentation Technology, 2nd Edn.

The major problem currently faced in product recov
ery is the large-scale purification of biologically active
molecules. For a process to be economically viable
large-scale production is required, and therefore large
scale separation, recovery, and purification. This then
requires the transfer of small-scale preparative/ana
lytical technologies (e.g. chromatographic techniques)
to the production scale whilst maintaining efficiency of
the process, bio-activity of the product and purity of
the product so that it conforms with safety legislation
and regulatory requirements. Developments in this
field, and remaining areas for development are docu
mented by Pyle (1990).

Microbial cells and other insoluble materials are
normally separated from the harvested broth by filtra
tion or centrifugation. Because of the small size of
many microbial cells it will be necessary to consider the
use of filter aids to improve filtration rates, while heat
and flocculation treatments are employed as tech
niques for increasing sedimentation rates in centrifuga
tion. The methods of cell and cell debris separation
described in the following sections have been practised
for many years. Bowden et al. (1987) review some
potential developments in cell recovery. These include
the use of electrophoresis and dielectrophoresis to
exploit the charged properties of microbial cells, ultra
sonic treatment to improve flocculation characteristics
and magnetic separations. All these techniques suffer
from high cost and scale-up difficulties and currently
are not appropriate technologies. Of more current in
terest is the use of two-phase liquid extraction. Though
still most appropriately used for separation of selected
soluble components, it is easy to scale up and uses
conditions which are gentle on the product.

PRECIPITATION
FOAM SEPARATION

Foam separation depends on using methods which
exploit differences in surface activity of materials. The
material may be whole cells or molecular such as a
protein or colloidal, and is selectively adsorbed or
attached to the surface of gas bubbles rising through a
liquid, to be concentrated or separated and finally
removed by skimming (Fig. 10.6). It may be possible to
make some materials surface active by the application

Precipitation may be conducted at various stages of
the product recovery process. It is a particularly useful
process in that it allows enrichment and concentration
in one step, thereby reducing the volume of material
for further processing.

It is possible to obtain some products (or to remove
certain impurities) directly from the broth by precipita
tion, or to use the technique after a crude cell lysate
has been obtained.
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agents used in precipitation render the com
of interest insoluble, and these include:

Acids and bases to change the pH of a solution
until the isoelectric point of the compound is
reached and pH equals pI, when there is then
no overall charge on the molecule and its solu
bility is decreased.
Salts such as ammonium and sodium sUlphate
are used for the recovery and fractionation of
proteins. The salt removes water from the sur
face of the protein revealing hydrophobic
patches which come together causing the pro
tein to precipitate. The most hydrophobic pro
teins will precipitate first, thus allowing fractio
nation to take place.

(c) Organic solvents. Dextrans can be precipitated
out of a broth by the addition of methanol.
Chilled ethanol and acetone can be used in the
precipitation of proteins mainly due to changes
in the dielectric properties of the solution.

(d) Non-ionic polymers such as polyethylene gylcol
(PEG) can be used in the precipitation of pro
teins and are similar in behaviour to organic
solvents.

(e) Polyelectrolytes can be used in the precipitation
of a range of compounds, in addition to their
use in cell aggregation.

(f) Protein binding dyes (triazine dyes) bind to and
precipitate certain classes of protein (Lowe and
Stead, 1985).

(g) Affinity precipitants are an area of much cur
rent interest in that they are able to bind to,
and precipitate, compounds selectively
(Niederauer and Glatz, 1992).

FILTRATION

Filtration is one of the most common processes used
at all scales of operation to separate suspended parti
cles from a liquid or gas, using a porous medium which
retains the particles but allows the liquid or gas to pass
through. Gas filtration has been discussed in detail
elsewhere (Chapters 5 and 7). It is possible to carry out
filtration under a variety of conditions, but a number of
factors will obviously influence the choice of the most
suitable type of equipment to meet the specified re
quirements at minimum overall cost, including:
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2. The nature of the solid particles, particularly
their size and shape, the size distribution and
packing characteristics.

3. The solids: liquid ratio.
4. The need for recovery of the solid or liquid

fraction or both.
5. The scale of operation.
6. The need for batch or continuous operation.
7. The need for aseptic conditions.
8. The need for pressure or vacuum suction to

ensure an adequate flow rate of the liquid.

Theory of filtration

A simple filtration apparatus is illustrated in Fig.
10.7, which consists of a support covered with a porous
filter cloth. A filter cake gradually builds up as filtrate
passes through the filter cloth. As the filter cake in
creases in thickness the resistance to flow will gradually
increase. Thus, if the pressure applied to the surface of
the slurry is kept constant the rate of flow will gradu
ally diminish. Alternatively, if the flow rate is to be
kept constant the pressure will gradually have to be
increased. The flow rate may also be reduced by block
ing of holes in the filter cloth and closure of voids
between particles, if the particles are soft and com
pressible. When particles are compressible it may not
be feasible to apply increased pressure.

Flow through a uniform and constant depth porous
bed can be represented by the Darcy equation:

Slurry

Filter cake

Filter cloth

Support to
filter cloth

Filtrate

1. The properties of the filtrate, particularly its
viscosity and density. FIG. 10.7. Diagram of a simple filtration apparatus.
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I 2

K = ------,,-
5(1 I)2s 2.

Unfortunately, s and I are not easily determined.
In most practical cases L is not readily measured

but can be defined in terms of:
V = volume of filtrate passed in time t and
v = volume of cake deposited per unit volume of

filtrate.
vV

Then L =-
A.

Substituting in equation (10.1):

dV KA 2/1P
- = -- (10.2)
dt /-Lv V

This is a general equation relating rate of filtration to
pressure drop, cross-sectional area of the filter and
filtrate retained. Equation 10.2 can be integrated for
filtration at constant pressure.

KA 2/1P dt

where /-L = liquid viscosity,
L = depth of the filter bed,
/1P = pressure differential across the filter

bed,
A = area of the filter exposed to the liquid,
K = constant for the system.

K itself is a term which depends on the specific surface
area s (surface area/unit volume) of the particles
making up the filter bed and the voidage I when they
are packed together. The voidage is the amount of
filter-bed area which is free for the filtrate to pass
through. It is normally 0.3 to 0.6 of the cross-sectional
area of the filter bed. Thus K (Kozeny's constant) can
be expressed as

1. A thin layer of kieselguhr is applied to the filter
to form a precoat prior to broth filtration.

2, The appropriate quantity of filter aid is mixed
with the harvested broth. Filtration is started, to
build up a satisfactory filter bed. The initial
raffinate is returned to the remaining broth prior
to starting the true filtration.

3. When vacuum drum filters are to be used which
are fitted with advancing knife blades, a thick
precoat filter is initially built up on the drum
Oater section in this chapter).

The use of filter

for the pressure necessary to maintain a cOlnstant
tration rate, it has little practical application. The
sure is made up of two components. Firstly the
sure needed to pass the constant volume through
filter resistance and, secondly, an increasing [Jn~SSlllt"

component which is proportional to the resistance
the increasing cake depth. This filtration
would be complex to perform practically, and
methods of filtration are used to achieve constant
rates, e.g. vacuum drum filters.

It is common practice to use filter aids when
bacteria or other fine or gelatinous suspensions
prove slow to filter or partially block a filter. !'.H:selguJlt
(diatr maceous earth) is the most widely used maLter'iaI.
It has a voidage of approximately 0.85, and, when it is
mixed with the initial cell suspension, improves the
porosity of a resulting filter cake leading to a
flow rate. Alternatively, it may be used as an initial
bridging agent in the wider pores of a filter to prevent
or reduce blinding. The term 'blinding' means the
wedging of particles which are not quite large enough
to pass through the pores, so that an appreciable
fraction of the filter surface becomes inactive.

The minimum quantity of filter aid to be used in
filtration of a broth should be established experimen
tally. Kieselguhr is not cheap, and it will also absorb
some of the filtrate, which will be lost when the filter
cake is disposed. The main methods of using the filter
aid are:

In some processes such as microbial biomass produc
tion, filter aids cannot be used and cell pretreatment by
flocculation or heating must be considered (see later
section in this chapter). In addition it is not normally
practical to use filter aids when the product is intracel
lular and its removal would present a further stage of
purification.

(10.1 )

(10.3)

KA/1P

pL

VdV= ---

dV
Rate of flow = - =

dt
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Integrating equation (10.3):

2KA2/1 Pt
V 2

= (10.4)
/-LV

Now in equation (10.4), /1P is constant, /-L is generally
equal to 1, v can be determined by laboratory investi
gation and A 2 remains approximately constant. Thus
there is a linear relationship between V 2 and t. By
carrying out small-scale filtration trials it is therefore
possible to obtain a value for K. It is then possible to
reapply the equation for large-scale filtration calcula
tions.

Although it is also possible to derive the equation
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Batch filters

PLATE AND FRAME FILTERS

A plate and frame filter is a pressure filter in which
the simplest form consists of plates and frames ar
ranged alternately. The plates are covered with filter
cloths (Fig. 10.8) or filter pads. The plates and frames
are assembled on a horizontal framework and held
together by means of a hand screw or hydraulic ram so
that there is no leakage between the plates and frames
which form a series of liquid-tight compartments. The
slurry is fed to the filter frame through the continuous
channel formed by the holes in the corners of the
plates and frames. The filtrate passes through the filter
cloth or pad, runs down grooves in the filter plates and
is then discharged through outlet taps to a channel.
Sometimes, if aseptic conditions are required, the out
lets may lead directly into a pipe. The solids are re
tained within the frame and filtration is stopped when
the frames are completely filled or when the flow of
filtrate becomes uneconomically low.

On an industrial scale the plate and frame filter is
one of the cheapest filters per unit of filtering space
and requires the least floor space, but it is intermittent
in operation (a batch process) and there may be con
siderable wear of filter cloths as a result of frequent
dismantling. This type of filter is most suitable for
fermentation broths with a low solids content and low
resistance to filtration. It is widely used as a 'polishing'
device in breweries to filter out residual yeast cells

Mixture
inlet

Head

Filtrate outlets

FIG. 10.8. Flush plate and frame filter assembly. The cloth is
shown away from the plates to indicate flow of filtrate in the
grooves between pyramids (Purchas, 1971).
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following initial clarification by centrifugation or rotary
vacuum filtration. It may also be used for collecting
high value solids that would not justify the use of a
continuous filter. Because of high labour costs and the
time involved in dismantling, cleaning and reassembly,
these filters should not be used when removing large
quantities of worthless solids from a broth.

PRESSURE LEAF FILTERS

There are a number of intermittent batch filters
usually called by their trade names. These filters incor
porate a number of leaves, each consisting of a metal
framework of grooved plates which is covered with a
fine wire mesh, or occasionally a filter cloth and often
precoated with a layer of cellulose fibres. The process
slurry is fed into the filter which is operated under
pressure or by suction with a vacuum pump. Because
the filters are totally enclosed it is possible to sterilize
them with steam. This type of filter is particularly
suitable for 'polishing' large volumes of liquids with
low solids content or small batch filtrations of valuable
solids.

(i) Vertical metal-leaffilter
This filter consists of a number of vertical porous

metal leaves mounted on a hollow shaft in a cylindrical
pressure vessel. The solids from the slurry gradually
build up on the surface of the leaves and the filtrate is
removed from the plates via the horizontal hollow
shaft. In some designs the hollow shaft can be slowly
rotated during filtration. Solids are normally removed
at the end of a cycle by blowing air through the shaft
and into the filter leaves.

(ii) Horizontal metal-leaffilter
In this filter the metal leaves are mounted on a

vertical hollow shaft within a pressure vessel. Often,
only the upper surfaces of the leaves are porous. Filtra
tion is continued until the cake fills the space between
the disc-shaped leaves or when the operational pres
sure has become excessive. At the end of a process
cycle, the solid cake can be discharged by releasing the
pressure and spinning the shaft with a drive motor.

(iii) Stacked-disc filter
One kind of filter of this type is the Metafilter. This

is a very robust device and because there is no filter
cloth and the bed is easily replaced, labour costs are
low. It consists of a number of precision-made rings
which are stacked on a fluted rod (Fig. 10.9). The rings
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FIG. 10.9a. Metafilter pack (Coulson and Richardson, 1991).

ROTARY VACUUM FILTERS

Large rotary vacuum filters are commonly used
industries which produce large volumes of liquid
need continuous processing. The filter consists
rotating, hollow, segmented drum covered with a
or metal filter which is partially immersed in a
containing the broth to be filtered (Fig. 10.10).
slurry is fed on to the outside of the revolving drum
and vacuum pressure is applied internally so that the
filtrate is drawn through the filter, into the drum and
finally to a collecting vessel. The interior of the drum is
divided into a series of compartments, to which the
vacuum pressure is normally applied for most of each
revolution as the drum slowly revolves (~ 1 rpm). How
ever, just before discharge of the filter cake, air pres
sure may be applied internally to help ease the filter
cake off the drum. A number of spray jets may be
carefully positioned so that water can be applied to
rinse the cake. This washing is carefully controlled so
that dilution of the filtrate is minimal.

It should be noted that the driving force for filtration
(pressure differential across the filter) is limited to one
atmosphere (l00 kN m- Z) and in practice it is signifi
cantly less than this. In contrast, pressure filters can be
operated at many atmospheres pressure. A number of
rotary vacuum drum filters are manufactured, which
differ in the mechanism of cake discharge from the
drum:

are assembled on the rods. The assembled
placed in a pressure vessel which can be sten\l;~ed

necessary. The packs are normally coated with
layer of kieselguhr which is used as a filter aid.
use, the filtrate passes between the discs and
moved through the grooves of the fluted rods,
solids are deposited on the filter coating. uI=,eriltlclU
continued until the resistance becomes too high
the solids are removed from the rings by applying
pressure via the fluted rods. Metafilters are pnmarilv
used for 'polishing' liquids such as beer.

(i) String discharge.
(ii) Scraper discharge.

(iii) Scraper discharge with precoating of the drum.

Grooved rod
shown broken

Filter rings

Projections on rings
which give the
requ ired spacing
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FIG. 10.9b. Rings for metafilter (Coulson and Richardson, 199]).

(22 mm external diameter, 16 mm internal diameter
and 0.8 mm thick) are normally made from stainless
steel and precision stamped so that there are a number
of shoulders on one side. This ensures that there will
be clearances of 0.025 mm to 0.25 mm when the rings

(i) String discharge
Fungal mycelia produce a fibrous filter cake which

can easily be separated from the drum by string dis
charge (Fig. 10.11). Long lengths of string 1.5 em apart
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FIG. 10.12. Cake discharge on a drum using a scraper (Talcott et
a/., 1980).

lem is overcome by precoating the drum with a layer of
filter-aid 2 to 10 em thick. The cake which builds up on
the drum during operation is cut away by the knife
blade (Fig. 10.13) which mechanically advances towards
the drum at a controlled slow rate. Alternatively, the
blade may be operated manually when there is an
indication of 'blinding' which may be apparent from a
reduction in the filtration rate. In either case the cake
is removed together with a very thin layer of precoat. A
study of precoat drum filtration has been made by Bell
and Hutto (1958). The operating variables studied in
cluded drum speed, extent of drum submergence, knife
advance speed and applied vacuum. The work indicated
that optimization for a new process might require pro
longed trials. Although primarily used for the separa
tion of micro-organisms from broth, studies have indi
cated (Gray et aI., 1973) that rotary vacuum filters can
be effective in the processing of disrupted cells.

/~~~;!!":"~-' Outlet
Stationary automatic
valve ring

Filtered cake

Vent to
atmosphere

are threaded over the drum and round two rollers. The
cake is lifted free from the upper part of the drum
when the vacuum pressure is released and carried to
the small rollers where it falls free.

FIG. 10.10. Diagram of string-discharge filter operation. Sections 1
to 4 are filtering; sections 5 to 12 are dewatering; and section 13 is
discharging the cake with the string discharge. Sections 14, 15 and
16 are ready to start a new cycle. A, Band C represent dividing
members in the annular ring (Miller et al., 1973).

(ii) Scraper discharge
Yeast cells can be collected on a filter drum with a

knife blade for scraper discharge (Fig. 10.12). The filter
cake which builds up on the drum is removed by an
accurately positioned knife blade. Because the knife is
close to the drum, there may be gradual wearing of the
filter cloth on the drum.

(iii) Scraper discharge with precoating of the drum
The filter cloth on the drum can be blocked by

bacterial cells or mycelia of actinomycetes. This prob-

Cross-flow filtration (tangential filtration)

In the filtration processes previously described, the
flow of broth was perpendicular to the filtration mem-

FIG. HU1. Cake discharge on a drum filter using strings (Talcott
et al., 1980)

FIG. 10.13. Cake discharge on a precoated drum filter (Talcott et
a/., 1980).
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FIG. 10.14a. Schematic diagram of cross-flow filtration.

Principles of Fermentation Technology, 2nd Edn.

The major components of a cross-flow filtration sys
tem are a media storage tank (or the fermenter), a
pump and a membrane pack (Fig. 10.14(b)). The mem
brane is usually in a cassette pack of hollow fibres or
flat sheets in a plate and frame type stack or a spiral
cartridge (Strathmann, 1985). In this way, and by the

introduction of a much convoluted surface,
tion areas can be attained in compact
types of membrane may be used; ml1cro,porOlIS
branes with a specific pore size (0.45, 0.22
an ultrafiltration membrane (see later ~\O'~lIlm I

specified molecular weight cut-off (MWCO).
of membrane chosen is carefully matched to
being harvested, with microporous and 100,000
membranes being used in cell separations.

The output from the pump is forced
membrane surface; most of this flow sweeps the
brane, returning retained species back to the
tank and generally less than 10% of the flow
through the membrane (permeate). As this
continued the cells, or other retained species are
centrated to between 5 and 10% of their initial
More complex variants of the process can allow
washing of the retentate and enclosed systems
containment and sterilization (Mourot et ai., 1989).

Many factors influence filtration rate.
pressure drop will, up to a point increase flow
the membrane, but it should be remembered that
system is based on a swept clean membrane. Tblen~fore,

if the pressure drop is too great the membrane
become blocked. The filtration rate is therefore
enced by the rate of tangential flow across the
brane; by increasing the shear forces at the membrane's
surface retained species are more effectively removed,
thereby increasing filtration rate. Higher temperatures
will increase filtration rate by lowering the viscosity of
the media, though this is clearly of limited application
in biological systems. Filtration rate is inversely propor
tional to concentration, and media constituents can
influence filtration rate in three ways. Low molecular
weight compounds increase media viscosity and high
molecular weight compounds decrease shear at the
membrane surface, both leading to a reduction in fil
tration rate. Finally, broth constituents can 'foul' the

Retentate

, I , , , I , I I , , I I I I Filtration
I membrane

~ Filtrate or Permeate

Flow tangential
to membrane surface-- -- --

(a)
Slurry to be
filtered

'--...

(a) Efficient separation, > 99.9% cell retention.
(b) Closed system; for the containment of organ

isms with no aerosol formation (see also Chap
ter 7).

(c) Separation is independent of cell and media
densities, in contrast to centrifugation.

(d) No addition of filter aid (Zahka and Leahy,
1985).

brane. Consequently, blockage of the membrane led to
lower rates of productivity and/or the need for filter
aids to be added, and these were serious disadvantages.

In contrast, an alternative which is rapidly gaining
prominence both in the processing of whole fermenta
tion broths (Tanny et al., 1980; Brown and Kavanagh,
1987; Warren et ai., 1991) and celllysates (Gabler and
Ryan, 1985; Le and Atkinson, 1985) is cross-flow filtra
tion. Here, the flow of medium to be filtered is tangen
tial to the membrane (Fig. 10.14(a)), and no filter cake
builds up on the membrane.

The benefits of cross-flow filtration are:

(b)

Media storage
tank (or fermenter)

~

/ Retentate

./ Filtration
./ membrane

pack

Filtrate

FiG. 1O.14b. Major components of a cross-flow filtration system.
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(10.5)

membrane, primarily by adsorption onto the mem
brane's surface, causing a rapid loss in efficiency. This
can be controlled by modification of the membrane or
media formulation in particular by reducing the use of
antifoaming agents. Lee et at. (1993) have shown that
the pulses of air injected into the flow to a cross-flow
filter increase the shear rate at the membrane surface
reducing the effects of membrane fouling.

CENTRIFUGATION

Micro-organisms and other similar sized particles
can be removed from a broth by using a centrifuge
when filtration is not a satisfactory separation method.
Although a centrifuge may be expensive when com
pared with a filter it may be essential when:

1. Filtration is slow and difficult.
2. The cells or other suspended matter must be

obtained free of filter aids.
3. Continuous separation to a high standard of

hygiene is required.

Non-continuous centrifuges are of extremely limited
capacity and therefore not suitable for large-scale sepa
ration. The centrifuges used in harvesting fermentation
broths are all operated on a continuous or semi-con
tinuous basis. Some centrifuges can be used for sepa
rating two immiscible liquids yielding a heavy phase
and light phase liquid, as well as a solids fraction. They
may also be used for the breaking of emulsions.

According to Stoke's law, the rate of sedimentation
of spherical particles suspended in a fluid of Newtonian
viscosity characteristics is proportional to the square of
the diameter of the particles, thus the rate of sedimen
tation of a particle under gravitational force is:

d 2g (pp - prJ
V=------

g 18p,

where Vg = rate of sedimentation (m s-I)
d = particle diameter (m)
g = gravitational constant (m s- 2)

PP = particle density (kg m -3)
PL = liquid density (kg m-3)
p, = viscosity (kg m-I S-I)

This equation can then be modified for sedimentation
in a centrifuge:

(10.6)
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where v;, = rate of sedimentation in the centrifuge
(m S-I),

w = angular velocity of the rotor (s -I),
r = radial position of the particle (m).

Dividing equation 00.6) by equation (10.5) yields

g

This is a measure of the separating power of a cen
trifuge compared with gravity settling. It is often re
ferred to as the relative centrifugal force and given the
symbol '2'.

It is evident from this formula that factors influenc
ing the rate of sedimentation over which one has little
or no control are the difference in density between the
cells and the liquid (increased temperature would lower
media density but is of little practical use with fermen
tation broths), the diameter of the cells (could be
increased by coagulation/flocculation) and the vis
cosity of the liquid. Ideally, the cells should have a
large diameter, there should be a large density differ
ence between cell and liquid and the liquid should have
a low viscosity. In practice, the cells are usually very
small, of low density and are often suspended in vis
cous media. Thus it can be seen that the angular
velocity and diameter of the centrifuge are the major
factors to be considered when attempting to maximize
the rate of sedimentation (and therefore throughput)
of fermentation broths.

Cell aggregation and flocculation

Following an industrial fermentation it is quite com
mon to add flocculating agents to the broth to aid
de-watering (Wang, 1987). The use of flocculating
agents is widely practised in the effluent-treatment
industries for the removal of microbial cells and sus
pended colloidal matter (Delaine, 1983).

It is well known that aggregates of microbial cells,
although they have the same density as the individual
cells, will sediment faster because of the increased
diameter of the particles (Stokes law). This sedimenta
tion process may be achieved naturally with selected
strains of brewing yeasts, particularly if the wort is
chilled at the end of fermentation, and leads to a
natural clearing of the beer.

Micro-organisms in solution are usually held as dis
crete units in three ways. Firstly, their surfaces are
negatively charged and therefore repulse each other.
Secondly, because of their generally hydrophilic cell
walls a shell of bound water is associated with the cell
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which acts as a thermodynamic barrier to aggregation.
Finally, due to the irregular shapes of cell walls (at the
macromolecular level) steric hindrance will also playa
part.

During flocculation one or more mechanisms be
sides temperature can induce cell flocculation:

(a) Neutralization of anionic charges, primarily car
boxyl and phosphate groups, on the surfaces of
the microbial cells, thus allowing the cells to
aggregate. These include changes in the pH and
the presence of a range of compounds which
alter the ionic environment.

(b) Reduction in surface hydrophilicity.
(c) The use of high molecular weight polymer

bridges. Anionic, non-ionic and cationic po
lymers can be used, though the former two also
require the addition of a multivalent cation.

Flocculation usually involves the mixing of a process
fluid with the flocculating agent under conditions of
high shear in a stirred tank, although more compact
and efficient devices have been proposed (Ashley, 1990).
This stage is known as coagulation, and is usually
followed by a period of gentle agitation when flocs
developed initially are allowed to grow in size. The
underlying theoretical principles of cell flocculation
have been discussed by Atkinson and Daoud (1976).

Nakamura (1961) described the use of various com
pounds for flocculating bacteria, yeasts and algae, in
cluding alum, calcium salts and ferric salts. Other agents
which are now used include tannic acid, titanium tetra
chloride and cationic agents such as quaternary am
monium compounds, alkyl amines and alkyl pyridinium
salts. Gasner and Wang (1970) reported a many hun
dred-fold increase in the sedimentation rate of Can
dida intennedia when recoveries of over 99% were
readily obtained. They found that flocculation was very
dependent on the choice of additive, dosage and condi
tions of floc formation, with the most effective agents
being mineral colloids and polyelectrolytes. Nucleic
acids, polysaccharides and proteins released from partly
lysed cells may also bring about agglomeration. In SCP
processes, phosphoric acid has been used as a floccu
lating agent since it can be used as a nutrient in
medium recycle with considerable savings in water us
age (Hamer, 1979).

The majority of flocculating agents currently in use
are polyelectrolytes, which act by charge neutralization
and hydrophobic interactions to link cells to each other.
In processes where the addition of some toxic chemi
cals is to be avoided, alternative techniques have been
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adopted. One method is to coagulate microbial
which has been released from the cells by
short periods. Kurane (1990) reports the
bioflocculants obtained from Rhodococcus erytflr,op()/k
They are suggested as being safer alternatives to
ventional flocculants. Warne and Bowden (1987)
gest the use of genetic manipulation to alter cell
face properties to aid aggregation. Flocculating
such as cross-linked cationic polymers may also be
in the processing of cell lysates and extracts
further downstream processing (Fletcher et aI.,
Bentham et al. (1990) utilized borax as a tloccullating
agent for yeast cell debris prior to decanter cell1trifuga_
tion.

The range of cel1ltrill'u~les

A number of centrifuges will be described
vary in their manner of liquid and solid discharge,
unloading speed and their relative maximum ca~>acitie:s.

When choosing a centrifuge for a specific process it
important to ensure that the centrifuge will be able
perform the separation at the planned production
and operate reliably with minimum manpower. Large
scale tests may therefore be necessary with fermenta"
tion broths or other materials to check that the correct
centrifuge is chosen.

THE BASKET CENTRIFUGE (PERFORATED-BOWL
BASKET CENTRIFUGE)

Basket centrifuges are useful for separating mould
mycelia or crystalline compounds. The centrifuge is
most commonly used with a perforated bowl lined with
a filter bag of nylon, cotton, etc. (Fig. 10.15). A continu
ous feed is used, and when the basket is filled with the
filter cake it is possible to wash the cake before remov
ing it. The bowl may suffer from blinding with soft
biological materials so that high centrifugal forces can
not be used. These centrifuges are normally operated
at speeds of up to 4000 rpm for feed rates of 50 to 300
dm3 min -1 and have a solids holding capacity of 30 to
500 dm3

. The basket centrifuge may be considered to
be a centrifugal filter.

THE TUBULAR-BOWL CENTRIFUGE

This is a centrifuge to consider using for particle size
ranges of 0.1 to 200 p.m and up to 10% solids in the
in-going slurry. Figure 1O.16a shows an arrangement
used in a Sharples Super-Centrifuge. The main compo
nent of the centrifuge is a cylindrical bowl (or rotor) (A
in Fig. 10.16), which may be of a variable design de-



high centrifugal force, good dewatering and ease of
cleaning. The disadvantages are limited solids capacity,
difficulties in the recovery of collected solids, gradual
loss in efficiency as the bowl fills, solids being dislodged
from the walls as the bowl is slowing down and foaming.
Plastic liners can be used in the bowls to help improve
batch cycle time. Alternatively a spare bowl can be
changed over in about 5 minutes.

THE SOLID-BOWL SCROLL CENTRIFUGE (DE
CANTER CENTRIFUGE)

This type of centrifuge is used for continuous han
dling of fermentation broths, cell lysates and coarse
materials such as sewage sludge (Fig. 10.17). The slurry
is fed through the spindle of an archimedean screw
within the horizontal rotating solids bowl. Typically the
speed differential between the bowl and the screw is in
the range 0.5 to 100 rpm (Coulson and Richardson,
1991). The solids settling on the walls of the bowl are
scraped to the conical end of the bowl. The slope of the
cone helps to remove excess liquid from the solids
before discharge. The liquid phase is discharged from
the opposite end of the bowl. The speed of this type of
centrifuge is limited to around 5000 rpm in larger
models because of the lack of balance within the bowl,
with smaller models having bowl speeds of up to 10000
rpm. Bowl diameters are normally between 0.2 and 1.5
metres, with the length being up to five times the
diameter. Feed rates range from around 200 dm3 h- 1

to 200 m3 h -1 depending on scale of operation and
material being processed. A number of variants on the
basic design are available:
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(a) Cake washing facilities (screen bowl decanters).
(b) Vertical bowl decanters.
(c) Facility for in-place cleaning.
(d) Bio-hazard containment features; steam steril

ization in-situ, two or three stage mechanical
seals, control of aerosols, containment casings
and the use of high pressure sterile gas in seals
to prevent the release of micro-organisms.

1=
1

~I-

r=---- Perforated
1- wall
I-
I
1--

"-'++----Porous
1- lining-"-"++------ Filter

cake

Feed

pending on application, suspended by a flexible shaft
(B), driven by an overhead motor or air turbine (C).
The inlet to the bowl is via a nozzle attached to the
bottom bearing (D). The feed which may consist of
solids and light and heavy liquid phases is introduced
by the nozzle (E). During operation solids sediment on
the bowl wall while the liquids separate into the heavy
phase in zone (0) and the light phase in the central
zone (H). The two liquid phases are kept separate in
their exit from the bowl by an adjustable ring, with the
heavy phase flowing over the lip of the ring. Rings of
various sizes may be fitted for the separation of liquids
of various relative densities. Thus the centrifuge may
be altered to use for:

(a) Light-phase/heavy-phase liquid separation.
(b) Solids/light-liquid phase/heavy-liquid phase

separation.
(c) Solids/liquid separation (using a different ro

tor, Fig. 1O.16b).

FIG. 10.15. Diagram of basket centrifuge.

The Sharples laboratory centrifuge with a bowl ra
dius of approximately 2.25 cm can be operated with an
air turbine at 50,000 rpm to produce a centrifugal force
of approximately 62,000 g, but has a bowl capacity of
only 200 cm3 with a throughput of 6 to 25 dm3 h-1.

The largest size rotor is the Sharples AS 26, which has
a bowl radius of 5.5 cm and a capacity of 9 dm3

, a solids
capacity of 5 dm3 and a throughput of 390 to 2400 dm3

h- 1.

The advantages of this design of centrifuge are the

THE MULTICHAMBER CENTRIFUGE

Ideally, this is a centrifuge for a slurry of up to 5%
solids of particle size 0.1 to 200 /-tm diameter. In the
multichamber centrifuge (Fig. 10.18), a series of con
centric chambers are mounted within the rotor cham
ber. The broth enters via the central spindle and then
takes a circuitous route through the chambers. Solids
collect on the outer faces of each chamber. The smaller
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particles collect in the outer chambers where they are
subjected to greater centrifugal forces (the greater the
radial position of a particle, the greater the rate of
sedimentation).

Although these vessels can have a greater solids
capacity than tubular bowls and there is no loss of
efficiency as the chamber fills with solids, their mechan
ical strength and design limits their speed to a maxi
mum of 6500 rpm for a rotor 46-cm diameter with a
holding capacity of up to 76 dm3

. Because of the time
needed to dismantle and recover the solids fraction,
the size and number of vessels must be of the correct
volume for the solids of a batch run.

THE DISC-BOWL CENTRIFUGE

This centrifuge relies for its efficiency on the pres-

c
/

/

Heavy
phase
out

Light
phase
out

FIG. 10.16b. A Sharplcs Super-Centrifuge assembled for discharge
of onc liquid pbasc (Alfa Laval Sharples, Camberley, U.K.).

H

G

A

--,------'=\---FJ Feed
in

FIG. 10.16a. Scction of a Sharples Sllper-Centrifugc (Alfa Laval
Sharples, Camberley, U.K.).
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ence of discs in the rotor or bowl (Fig. 10.19). A central
inlet pipe is surrounded by a stack of stainless-steel
conical discs. Each disc has spacers so that a stack can
be built up. The broth to be separated flows outwards
from the central feed pipe, then upwards and inwards
beween the discs at an angle of 45° to the axis of
rotation. The close packing of the discs assists rapid
sedimentation and the solids then slide to the edge of
the bowl, provided that there are no gums or fats in the
slurry, and eventually accumulate on the inner wall of
the bowl. Ideally, the sediment should form a sludge
which flows, rather than a hard particulate or lumpy
sediment. The main advantages of these centrifuges are
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Diagram of a solid-bowl scroll centrifuge (Alfa Laval Sharples Ltd, Camberley, U .K.),

Torque
Control

FIG. 10.17b. Cutaway view of a Sharples Super-D-Canter continuous solid-bowl centrifuge, Model P-5400 (Alfa Laval Sharples Ltd,
Camberley, U.K.).

their small size compared with a bowl without discs for
a given throughput. Some designs also have the facility
for continuous solids removal through a series of noz
zles in the circumference of the bowl or intermittent
solids removal by automatic opening of the solids col
lection bowl. The arrangement of the discs makes this
type of centrifuge laborious to clean. However, recent
models such as the Alfa Laval BTUX 510 (Alfa Laval
Sharples Ltd, Camberley, Surrey, U.K.) system (Fig.

10.20) are designed to allow for cleaning in-situ. In
addition this and similar plant have the facility for
in-situ steam sterilization and total containment, incor
porating double seals to comply with containment regu
lations (see also Chapter 7). Feed rates range from 45
to 1800 dm3 min - 1, with rotational speeds typically
between 5000 and 10,000 rpm. The Westfalia CSA
19-47-476 is also steam sterilizable and has been used
for the sterile collection of organisms (Walker et aI.,
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FIG. 10.18. L.S. of a multichamber centrifuge.

1987). Similarly, the Westfalia CSA 8 can be modified
for contained operation and steam sterilization (Frude
and Simpson, 1993).

CELL DISRUPTION

Micro-organisms are protected by extremely tough
cell walls. In order to release their cellular contents a
number of methods for cell disintegration have been
developed (Wimpenny, 1967; Hughes et al., 1971). Any
potential method of disruption must ensure that labile
materials are not denatured by the process or hydrol
ysed by enzymes present in the cell. Huang et al. (1991)
report the use of a combination of different techniques
to release products from specific locations within yeast
cells. In this way the desired product can be obtained
with minimum contamination. Although many tech
niques are available which are satisfactory at labora
tory scale, only a limited number have been proved to
be suitable for large-scale applications, particularly for
intracellular enzyme extraction (Wang et al., 1979;
Darbyshire, 1981). Containment of cells can be difficult
or costly to achieve in many of the methods described
below and thus containment requirements will strongly
influence process choice. Methods available fall into
two major categories:

Physico-mechanical methods

(a) Liquid shear.
(b) Solid shear.
(c) Agitation with abrasives.
(d) Freeze-thawing.
(e) Ultrasonication.
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Chemical methods

(a) Detergents.
(b) Osmotic shock.
(c) Alkali treatment.
(d) Enzyme treatment.

Physical-mechanical UU'tDl()(1s

LIQUID SHEAR

Liquid shear is the method which has been
widely used in large scale enzyme purification
dures (Scawen et al., 1980). High-pressure homo,geJliz.
ers used in the processing of milk and other products
the food industry have proved to be very effective
microbial cell disruption. One machine, the
ton Gaulin-homogenizer (The APV Co. Ltd, ~"'""cY.

Surrey, u.K.), which is a high-pressure positive
placement pump, incorporates an adjustable valve
a restricted orifice (Fig. 10.21). The smallest model
one plunger, while there are several in larger models.
During use, the microbial slurry passes through a non
return valve and impinges against the operative valve
set at the selected operating pressure. The cells then
pass through a narrow channel between the valve and
an impact ring followed by a sudden pressure drop at
the exit to the narrow orifice. The large pressure drop
across the valve is believed to cause cavitation in the
slurry and the shock waves so produced disrupt the
cells. Brookman (1974) considered the size of the pres
sure drop to be very important in achieving effective
disruption, and as with all mechanical methods, cell
size and shape influence ease of disruption (Wase and
Patel, 1985). The working pressures are extremely high.
Hetherington et al. (1971) used a pressure of 550 kg
em -2 for a 60% yeast suspension. A throughput of 6.4
kg soluble protein h -1 with 90% disruption could be
achieved with a small industrial machine. In larger
models, flow rates of up to 600 dm3 h-1 are now
possible and operating pressures of 1200 bar are uti
lized in some processes (Asenjo, 1990). Darbyshire
(1981) has stressed the need for cooling the slurry to
between 0 and 4°C to minimize loss in enzyme activity
because of heat generation during the process. The
increase in slurry temperature is approximately propor
tional to the pressure drop across the valve. Because of
problems caused by heat generation and because cell
suspensions can be surprisingly abrasive, it is common
practice to operate such homogenizers in a multi-pass



-+-+--Feed

Effluent

The Recovery and Purification of Fermentation Products

SOLID SHEAR

Pressure extrusion of frozen micro-organisms at
around - 2ye through a small orifice is a well es
tablished technique at a laboratory scale using a Hughes
press or an X-press to obtain small samples of enzymes
or microbial cell walls. Disruption is due to a combina
tion of liquid shear through a narrow orifice and the
presence of ice crystals. Magnusson and Edebo (1976)
developed a semi-continuous X-press operating with a
sample temperature of - 35°e and an X-press temper
ature of - 20°e. It was possible to obtain 90% disrup
tion with a single passage of S. cerevisiae using a
throughput of 10 kg yeast cell paste h -1. This tech
nique might be ideal for microbial products which are
very temperature labile.

Effluent

++--Feed

AGITATION WITH ABRASIVES

Mechanical cell disruption can also be achieved in a
disintegrator containing a series of rotating discs and a
charge of small beads. The beads are made of mechani
cally resistant materials such as glass, alumina ceramics
and some titanium compounds (Fig. 10.22). In a small
disintegrator, the Dyno-Muhle KD5 (Wiley A. Ba
chofen, Basle, Switzerland), using a flow rate of 180
dm3 h- 1

, 85% disintegration of an 11% wjv suspen
sion of S. cerevisiae was achieved with a single pass
(Mogren et a!., 1974). Although temperatures of up to
35°e were recorded in the disintegrator, the specific
enzyme activities were not considered to be very dif
ferent from values obtained by other techniques. Dissi
pation of heat generated in the mill is one of the major
problems in scale up, though this can generally be
overcome with the provision of a cooling jacket. In
another disintegrator, the Netsch LM20 mill (Netzsch
GmbH, Selb, Germany), the agitator blades were alter
nately mounted vertically and obliquely on the horizon
tal shaft (Fig. 10.23). A flow rate of up to 400 dm3 h - 1

was claimed for a vessel with a nominal capacity of 20
dm3 (Rehacek and Schaefer, 1977).
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FREEZING-THAWING

Freezing and thawing of a microbial cell paste will
inevitably cause ice crystals to form and their expan
sion followed by thawing will lead to some subsequent
disruption of cells. It is slow, with limited release of
cellular materials, and has not often been used as a
technique on its own, although it is often used in
combination with other techniques. f3-Glucosidase has
been obtained from S. cerevisiae by this method (Honig
and Kula, 1976). A sample of 360 g of frozen yeast

c,
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Nozzle for
discharge
of solids

FIG. 10.19a. L.S. of disc-bowl centrifuge with nozzle discharge.

FiG. 10.19b. L.S. of disc-bowl centrifuge with intermillent dis
charge. (Solids discharged when rotor opens intermillently along
the section C-C1J

mode but at a lower pressure. The degree of disruption
and consequently the amount of protein released will
influence the ease of subsequent separation of the
product from the cell debris in high-pressure homoge
nizers and bead mills (Agerkvist and Enfors, 1990). A
careful balance must therefore be made between per
centage release of product and the difficulty and cost of
further product purification.



FIG. 10.20. Alfa Laval BTUX 510 disc stack centrifuge (Alfa Laval Sharples Ltd, Camberley, U.K.).

paste was thawed at 50 for 10 hours. This cycle was
repeated twice before further processing.

ULTRASONICATION

High frequency vibration (- 20 kHz) at the tip of an
ultrasonication probe leads to cavitation, and shock
waves thus produced cause cell disruption. The method
can be very effective on a small scale, but a number of
serious drawbacks make it unsuitable for large-scale
operations. Power requirements are high, there is a
large heating effect so cooling is needed, the probes
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have a short working life and are only effective over a
short range. Continuous laboratory sonicators with
hold-up volumes of around 10 cm3 have been shown to
be effective (James et ai., 1972).

Chemical methods

DETERGENTS

A number of detergents will damage the lipoproteins
of the microbial cell membrane and lead to release of
intracellular components. The compounds which can
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ALKALI TREATMENT

Alkali treatment might be used for hydrolysis of
microbial cell wall material provided that the desired
enzyme will tolerate a pH of 11.5 to 12.5 for 20 to 30
minutes. Darbyshire (1981) has reported the use of this
technique in the extraction of L-asparaginase.

FIG. 10.22. Simplified drawing of the Dyno-Muhle KD5 (Mogren
et al., 1974). (1) Inlet of suspension; (2) manometer; (3) rotating
disc; (4) slit for separation of glass beads from the suspension; (5)
outlet of suspension; (6) thermometer; (7) cooling water, inlet and
outlet; (8) bearings; (9) variable V-belt drive; (IO) drive motor.
Cylinder dimensions: inside length 33 em; inside diameter 14 em.

CAB

15 to 30 minutes. A second extraction gave a small
additional yield of enzyme. Only low levels of soluble
protein were released using this technique.

ENZYME TREATMENT

There are a number of enzymes which hydrolyse

FIG. 10.23. Simplified drawing of the Netzsch model LM-20 mill
(Rehacek and Schafer, 1977): A, cylidrical grinding vessel with
cooling jacket; B, agitator with cooled shaft and discs; C, annular
vibrating slot operator; D, variable-speed-drive motor; 1 and 2,
product inlet and outlet; 3 and 4, agitator cooling inlet and outlet;
5 and 6, vessel-cooling inlet and outlet.

Stellite valve mechanism

Stainless steel

FIG. 10.21. Details of homogonizer valve assembly (Brookman,
1974). (A) 0-50,000 psi pressure transducer; (B) pressure-coutrol
handwheel; (C) linear variable displacement transformer; ( .... )
direction of flow.

OSMOTIC SHOCK

Osmotic shock caused by a sudden change in salt
concentration will cause disruption of a number of cell
types. However, the effect on microbial cells is nor
mally minimal. It has proved to be a successful tech
nique for the extraction of luciferase from Photobac
terium fischeri (Hastings et al., 1965). A batch of 120
dm3 of broth was harvested and the cells collected as a
cell paste in a Sharples centrifuge. Enzyme extraction
was achieved by osmotic lysis using a ratio of 1 g of cell
paste to 4 cm3 of cold distilled water with stirring for

A

be used for this purpose include quaternary ammonium
compounds, sodium lauryl sulphate, sodium dodecyl
sulphate (SDS) and Triton X-lOO. Unfortunately, the
detergents may cause some protein denaturation and
may need to be removed before further purification
stages can be undertaken. Pullulanase is an enzyme
which is bound to the outer membrane of Klebsiella
pneumoniae. The cells were suspended in pH 7.8 buffer
and 1% sodium cholate was added. The mixture was
stirred for 1 hour to solubilize most of the enzyme
(Kroner et al., 1978). The use of Triton X-100 in
combination with guanidine-Hel is widely and effec
tively used for the release of cellular protein (Naglak
and Wang, 1992; Hettwer and Wang, 1989), Hettwer
and Wang obtaining greater than 75% protein release
in less than one hour from Escherichia coli under
fermentation conditions.
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TABLE 10.1. Dielectric constants of solvents at 25'C (arranged in
order of increasing polarity )

1.90 (least polar)
2.02
2.24
2.28
4.34
4.87
6.02

15.8
17.8
20.1
20.7
24.3
32.6
78.5 (most polar)

Dielectric constant

Hexane
Cyclohexane
Carbon tetrachloride
Benzene
Di-ethyl ether
Chloroform
Ethyl acetate
Butan-2-01
Butan-1-ol
Propan-1-01
Acetone
Ethanol
Methanol
Water

Solvent

Experimentally, dielectric constants are
comparing the capacity of the condenser
with a given liquid with the capacity of
condenser containing a standard liquid whose
constant is known very accurately. If D 1
the dielectric constants of the experimental
dard liquids and C1 and Cz are the electrostatic
ties of a condenser when filled with each of the
then

The value of K defines the ease of extraction.
there is a relatively high K value, good stability
product and good separation of the aqueous and
vent phases, then it may be possible to use a Smgle-stilge
extraction system (Fig. 10.24). A value of 50 indJicatles
that the extraction should be straightforward whereas
value of 0.1 shows that the extraction will be
and that a multistage process will be necessary.
tunately, in a number of systems the value of K is
and co-current or counter-current multistage

The value of D 1 can be calculated since C1 and
be measured and D z is known. The dielectric corlstalnts
for a number of solvents are given in Table 10.1.

The final choice of solvent will be influenced
distribution or partition coefficient K where

Concentration of solute in extract
K=-------------

Concentration of solute in raffinate .
LIQUID-LIQUID EXTRACTION
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specific bonds in cell walls of a limited number of
micro-organisms. Enzymes shown to have this activity
include lysozyme and enzyme extracts from leucocytes,
Streptomyces spp., Micromonospora spp. Penicillium
spp., Trichoderma spp., and snails. Although this is
probably one of the most gentle methods available,
unfortunately it is relatively expensive and the presence
of the enzyme(s) may complicate futher downstream
purification processes. The use of immobilized lysozyme
has been investigated by a number of workers and may
provide the solution to such problems (Crapisi et at.,
1993). Chemical and enzymic methods for the release
of intracellular products have not been used widely on
a large scale, with the exception of lysozyme. However,
their potential for the selective release of product and
that they often yield a cleaner lysate mean that they
are potentially invaluable tools in the recovery of fer
mentation products (Andrews and Asenjo, 1987; An
drews et at., 1990). Enzymes may also be used as a
pretreatment to partially hydrolyse cell walls prior to
cell disruption by mechanical methods.

The separation of a component from a liquid mix
ture by treatment with a solvent in which the desired
component is preferentially soluble is known as
liquid-liquid extraction. The specific requirement is
that a high percentage extraction of product must be
obtained but concentrated in a smaller volume of sol
vent.

Prior to starting a large-scale extraction, it is impor
tant to find out on a small scale the solubility charac
teristics of the product using a wide range of solvents.
A simple rule to remember is that 'like dissolves like'.
The important 'likeness' as far as solubility relations
are concerned is in the polarities of molecules. Polar
liquids mix with each other and dissolve salts and other
polar solids. The solvents for non-polar compounds are
liquids of low or nil polarity.

The dielectric constant is a measure of the degree of
molar polarization of a compound. If this value is
known it is then possible to predict whether a com
pound will be polar or non-polar, with a high value
indicating a highly polar compound. The dielectric con
stant D of a substance can be measured by determin
ing the electrostatic capacity C of a condenser contain
ing the substance between the plates. If Co is the value
for the same condenser when completely evacuated
then
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are special reasons the counter-current system should
be used. In practice, the series of counter-current ex
tractions are conducted in a single continuous extractor
using centrifugal forces to separate the two liquid
phases. The two liquid streams are forced to flow
counter-current to each other through a long spiral of
channels within the rotor.

The Podbielniak centrifugal extractor (Fig. 10.27)
consists of a horizontal cylindrical drum revolving at up
to 5000 rpm about a shaft passing through its axis. The
liquids to be run counter-current are introduced into
the shaft, with the heavy liquid entering the drum at
the shaft while the light liquid is led by an internal
route to the periphery of the drum. As the drum
rotates, the heavy liquid is forced to the periphery of
the drum by centrifugal action where it contacts the
light liquid. The solute is transferred between the liq
uids and the light liquid is displaced back towards the
axis of the drum. The heavy liquid is returned to the
drum's axis via internal channels. The two liquid
streams are then discharged via the shaft. Flow rates in
excess of 100,000 dm3 h - t are possible in the largest
models. Probably the most useful property of this type
of extractor is the low hold-up volume of liquid in the
machine compared with the throughput.

Penicillin G is an antibiotic which is recovered from
fermentation broths by centrifugal counter-current sol
vent extraction. At neutral pHs in water penicillin is
ionized:

ExtractExtract

• Mixer Raffinate Mixer Raffi
separator separator

1 2nt-

/! 1Solvent Salven

Solve

FIG. 10.24. Diagram of a single-stage extraction unit.

Solvent --,

Aqueous-----------,
broth .---I--I--t------,

Drain

Feed

FIG. 10.25. Diagram of a co-current flow extraction system.

have to be utilized. The co-current system is illustrated
in Fig. 10.25. There are n mixer/separator vessels in
line and the raffinate goes from vessel 1 to vessel n.
Fresh solvent is added to each stage, the feed and
extracting solvent pass through the cascade in the same
direction. Extract is recovered from each stage. Al
though a relatively large amount of solvent is used, a
high degree of extraction is achieved.

A counter-current system is illustrated in Fig. 10.26.
There. are a number of mixer/separators connected in
series. The extracted raffinate passes from vessel 1 to
vessel n while the product-enriched solvent is flowing
from vessel n to vessel 1. The feed and extracting
solvent pass through the cascade in opposite directions.
The most efficient system for solvent utilization is
counter-current operation, showing a considerable ad
vantage over batch and co-current systems. Unless there



Solvent enriched
with product

Depleted

2. Extraction from the organic solvent into
aqueous buffer.

3. Extraction from aqueous buffer into organic sol
vent.

4. Extraction of the solvent to obtain the penicillin
salt.

At each extraction stage progressively smaller volumes
of extractant are used to achieve concentration of the
penicillin (see also Fig. 10.2). Unfortunately, penicillin
G has a half-life of 15 minutes at pH 2.0 at 20°. The
harvested broth is therefore initially cooled to 0° to 3°.
The cooled broth is then acidified to pH 2 to 3 with
sulphuric or phosphoric acid immediately before ex
traction. This acidified broth is quickly passed through

Raffinate Raffinate raffinate

Mixer Mixer ~ Mixer
separator separator separator

1 2 \\ n -Solvent
\\

/

(RCOOH)org
K=--,------,-----,-----,----,---

(RCOOH)aq + (RCOO )aq'

1. Extraction of the penicillin G from the filtered
broth into an organic solvent (amyl or butyl
acetate or methyl iso-butyl ketone).
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Feed-

FIG. 10.26. Diagram of a counter-current extraction system.

penicillin is more soluble in organic solvents. At pH 2
to 3 the distribution ratio of total acid will be

For penicillin this value may be as high as 40 in a
suitable solvent (Podbielniak et al., 1970). The peni
cillin extraction process may involve the four following
stages:

Feed tubes

FIG. 10.27. Diagram of the Podbielniak extractor (Queener and Swartz, 1979). HLI, LLI, HLO and LLO indicate heavy and light liquid
in and out.
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range of evaporators is available. Some are operated
on a batch basis and others continuously. Most indus
trial evaporators employ tubular heating surfaces. Cir
culation of the liquid past the heating surfaces may be
induced by boiling or by mechanical agitation. In batch
distillation (Fig. 10.28) the vapour from the boiler passes
up the column and is condensed. Part of the conden
sate will be returned as the reflux for counter-current
contact with the rising vapour in the column. The
distillation is continued until a satisfactory recovery of
the lower-boiling (more volatile) component(s) has been
accomplished. The ratio of condensate returned to the
column as reflux to that withdrawn as product is, along
with the number of plates or stages in the column, the
major method of controlling the product purity. A
continuous distillation (Fig. 10.29) is initially begun in a
similar way as with a batch distillation, but no conden
sate is withdrawn initially. There is total reflux of the
condensate until ideal operating conditions have been
established throughout the column. At this stage the
liquid feed is fed into the column at an intermediate
level. The more volatile components move upwards as
vapour and are condensed, followed by partial reflux of

FIG. 10.28. Diagram of a batch distillation plant with a tray or
perforated-plate column.

A major item of equipment in an extraction process
is the solvent-recovery plant which is usually a distilla
tion unit. It is not normally essential to remove all the
raffinate from the solvent as this will be recycled
through the system. In some processes the more dif
ficult problem will be to remove all the solvent from
the raffinate because of the value of the solvent and
problems which might arise from contamination of the
product.

Distillation may be achieved in three stages:

podbielniak centrifugal counter-current extractor us
about 20% by volume of the solvent in the counter

flow. Ideally, the hold-up time should be about 60 to 90
seconds. The penicillin-rich solvent then passes through

second Podbielniak extractor counter-current to an
aqueous NaOH or KOH solution (again about 20% by
volume) so that the penicillin is removed to the aque
ous phase (pH 7.0 to 8.0) as the salt.

RCOOH(org) + NaOH(aq) -> RCOO-Na++ H 20.

1. Evaporation, the removal of solvent as a vapour
from a solution.

2. Vapour-liquid separation in a column, to sepa
rate the lower boiling more volatile component
from other less volatile components.

3. Condensation of the vapour, to recover the more
volatile solvent fraction.

These two stages may be sufficient to concentrate the
penicillin adequately from a broth with a high titre.
Penicillin will crystallize out of aqueous solution at a
concentration of approximately 1.5 X 106 units cm- 3.

If the broth harvested initially contains 60,000 units
cm - 3, and two five-fold concentrations are achieved in
the two extraction stages, then the penicillin liquor
should crystallize. If the initial broth titre is lower than
60,000 units cm- 3 or the extractions are not so effec
tive, the solvent and buffer extractions will have to be
repeated. At each stage the spent liquids should be
checked for residual penicillin and solvent usage care
fully monitored. Since the solvents are expensive and
their disposal is environmentally sensitive they are re
covered for recirculation through the extraction process.
The success of a process may depend on efficient
solvent recovery and reuse.

SOLVENT RECOVERY

Evaporation is the removal of solvent from a solu
tion by the application of heat to the solution. A wide
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G) Non-ionic polymer/non-ionic polymer/water,
e.g. polyethylene glycoljdextran.

Gj) Polyelectrolyte/non-ionic polymer/water, e.g.
sodium carboxymethyl cellulose/polyethylene
glycol.

(iii) Polyelectrolyte/polyelectrolyte/water, e.g.
sodium dextran sulphate/sodium carboxy
methyl cellulose

Since it is beyond the scope of this text to consider
the distillation process more fully the reader is there
fore directed to Coulson and Richardson (1991).

to one-fiftieth of the diameter of the column and
designed to provide a large surface area
liquid-vapour contacting and high voidage to
high throughput of liquid and vapour.

The heat input to a distillation column can be
siderable. The simplest ways of conserving heat are
preheat the initial feed by a heat exchanger using
from:

Liquid-liquid extraction is a well established tech
nology in chemical processing and in certain sectors of
biochemical processing. However, the use of organic
solvents has limited application in the processing of
sensitive biologicals. Aqueous two-phase systems, on
the other hand, have a high water content and low
interfacial surface tension and are regarded as being
biocompatible (Mattiasson and Ling, 1987).

Two-phase aqueous systems have been known since
the late nineteenth century, and a large variety of
natural and synthetic hydrophilic polymers are used
today to create two (or more) aqueous phases. Phase
separation occurs when hydrophilic polymers are added
to an aqueous solution, and when the concentrations
exceed a certain value two immiscible aqueous phases
are formed. Settling time for the two phases can be
prolonged, depending on the components used and
vessel geometry. Phase separation can be improved by
using centrifugal separators (Huddlestone et aI., 1991),
or novel techniques such as magnetic separators
(Wikstrom et aI., 1987).

Many systems are available:

(a) the hot vapours at the top of the column,
(b) heat from the bottoms fraction when it is

removed in a continuous process,
(c) a combination of both.

TWO-PHASE AQUEOUS EXTRACTION

Bottoms
product

Distillate

Cooling water
inlet

Condenser
Cooling water
outlet

Reflux

Vapour

Condenser
Vapour

Evaporator (re-boiler)

Tray or
perforated
plate

Stripping
section

Rectifying
section

I-----j~Distillation
Inlet for-o-+---. column
mixture

(a) vapour to be dispersed in the liquid phase (plate
or tray column),

(b) liquid to be dispersed in a continuous vapour
phase (packed column).

The plate or tray column consists of a number of
distinct chambers separated by perforated plates or
trays. The rising vapour bubbles through the liquid
which is flowing across each plate, and is dispersed into
the liquid from perforations (sieve plates) or bubble
caps. The liquid flows across the plates and reaches the
reboiler by a series of overflow wiers and down pipes.

A packed tower is filled with a randomly packed
material such as rings, saddles, helices, spheres or
beads. Their dimensions are approximately one-tenth

FIG. 10.29. Diagram of a continuous distillation plant with a tray
or perforated-plate column.

the condensate. Meanwhile, the less volatile fractions
move down the column to the evaporator (reboiler). At
this stage part of the bottoms fraction is continuously
withdrawn and part is reboiled and returned to the
column.

Counter-current contacting of the vapour and liquid
streams is achieved by causing:
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molecular weight compo
e.g. dextran/propyl alcohol.

of a solute species between the
characterized by the partition coefficient, and

lm~nc:eu by a number of factors such as tempera
Dolynler (type and molecular weight), salt concen

ionic strength, pH and properties (e.g. molecu-
of the solute. As the goal of any extraction

is to selectively recover and concentrate a
affinity techniques such as those applied in

processes can be used to improve
Examples include the use of PEG-NADH
in the extraction of dehydrogenases, p

in the extraction of trypsin and
blue in the extraction of phosphofructokinase.

OOssllble to use different ligands in the two phases
to an increase in selectivity or the simultaneous

r¢c:ov,ery and separation of several species (Cabral and
AiIl~S-15an:os, 1993).

phase aqueous systems have found application
purification of many solutes; proteins, enzymes

et al., 1990; Guan et al., 1992), cells and
sutlcellular particles, and in extractive bioconversions.

aqueous two-phase systems for handling large-
protein separation have emerged, the majority of

use PEG as the upper phase forming polymer
either dextran, concentrated salt solution or hy

df()xypr,opyl starch as the lower phase forming material
and Kaul, 1986). Hustedt et al. (1988)

delllonsl:ralled the application of continuous cross-cur
extraction of enzymes (fumarase and penicillin

""l'W""! by aqueous two-phase systems at production

SUPERCRITICAL FLUID EXTRACTION

technique of supercritical fluid extraction uti
the dissolution power of supercritical fluids, i.e.
above their critical temperature and pressure. Its

ao'varltageS include the use of moderate temperatures,
that several cheap and non-toxic fluids are avail-

Supercritical fluids are used in the extraction of hop
caffeine, vanilla, vegetable oils and f3-carotene. It

also been shown experimentally that the extraction
certain steroids and chemotherapeutic drugs can be

actne\led using supercritical fluids. Other current and
pO,telltial uses include the removal of undesirable subs-

such as pesticide residues, removal of bacte
l'lostatic agents from fermentation broths, the recovery
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of organic solvents from aqueous solutions, cell disinte
gration, destruction and treatment of industrial wastes
and liposome preparation. There are, however, a num
ber of significant disadvantages in the utilization of this
technology:

(i) Phase equilibria of the solvent/solute system is
complex, making design of extraction condi
tions difficult.

(ii) The most popular solvent (carbon dioxide) is
non-polar and is therefore most useful in the
extraction of non-polar solutes. Though co
solvents can be added for the extraction of
polar compounds, they will complicate further
downstream processing.

(iii) The use of high pressures leads to capital costs
for plant, and operating costs may also be high.

Thus, the number of commercial processes utilizing
supercritical fluid extraction is relatively small, due
mainly to the existence of more economical processes.
However, its use is likely to increase in some sectors,
for example the recovery of high value biologicals,
when conventional extractions are inappropriate, and
in the treatment of toxic wastes (Bruno et al., 1993).

CHROMATOGRAPHY

In many fermentation processes, chromatographic
techniques are used to isolate and purify relatively low
concentrations of metabolic products. In this context,
chromatography will be concerned with the passage
and separation of different solutes as liquid is passed
through a column, i.e. liquid chromatography. Depend
ing on the mechanism by which the solutes may be
differentially held in a column, the techniques can be
grouped as follows:

(a) Adsorption chromatography.
(b) Ion-exchange chromatography.
(c) Gel permeation chromatography.
(d) Affinity chromatography.
(e) Reverse phase chromatography.
(f) High performance liquid chromatography.

Chromatographic techniques are also used in the final
stages of purification of a number of products. The
scale-up of chromatographic processes can prove dif
ficult, and there is much current interest in the use of
mathematical models and computer programmes to
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The resin can have a capacity of 1 g of streptomycin
g-l resin. Commercially, it is not economic to regener
ate the resin completely, therefore the capacity will be
reduced. In practice, the filtered broth is taken through
two columns in series while a third is being eluted and

Flow rates of between 10 and 30 bed volumes per hour
have been used. The resin bed is now rinsed with water
and eluted with dilute hydrochloric acid to release the
bound streptomycin.

RCOO- streptomycintesin) + HCl

---> RCOOH(rcsin) + streptomycin + Cl-

A slow flow is used to ensure the highest recovery of
streptomycin using the smallest volume of eluant. In
one step the antibiotic has been both purified and
concentrated, maybe more than 100-fold. The resin
column is regenerated to the sodium form by passing
an adequate volume of NaOH slowly through the
column and rinsing with distilled water to remove ex
cess sodium ions.

pending on the net charge of the solute at
the column feed. After deposition solutes are
tially washed off by the passage of buffers of mc:re,lsit
ionic strength or pH. Anionic ion-exchange
mally contain a secondary amine, quaternary
quaternary ammonium active group. A common
exchange resin, DEAE (diethylaminoethyl) cellulo:se
used in a similar manner to that described
the separation of negatively charged solutes.
functional groups may also be attached to the
skeleton to provide more selective behaviour
that of affinity chromatography. The appropriate
for a particular purpose will depend on various
such as bead size, pore size, diffusion rate, resin
ity, range of reactive groups and the life of the
before replacement is necessary. Weak-acid
ion-exchange resins can be used in the isolation
purification of streptomycin, neomycin and
antibiotics.

In the recovery of streptomycin, the harvested
trate is fed on to a column of a weak-acid cationic resin
such as Amberlite IRC 50 which is in the sodium form.
The streptomycin is adsorbed on to the column and the
sodium ions are displaced.

RCOO-Natcsin) + streptomycin

---> RCOO- streptomycintesin) + NaOH

Ion exchange
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Adsorption chromatography

translate data obtained from small-scale processes into
operating conditions for larger scale applications
(Cowan et af., 1986, 1987).

Adsorption chromatography involves binding of the
solute to the solid phase primarily by weak Van de
Waals forces. The materials used for this purpose to
pack columns include inorganic adsorbants (active car
bon, aluminium oxide, aluminium hydroxide, magne
sium oxide, silica gel) and organic macro-porous resins.
Adsorption and affinity chromatography are mechanis
tically identical, but are strategically different. In af
finity systems selectivity is designed rationally whilst in
adsorption selectivity must be determined empirically.

Di-hydro-streptomycin can be extracted from fil
trates using activated charcoal columns. It is then eluted
with methanolic hydrochloric acid and purified in fur
ther stages (Nakazawa et af., 1960). Some other appli
cations for small-scale antibiotic purification are quoted
by Weinstein and Wagman (1978). Active carbon may
be used to remove pigments to clarify broths. Peni
cillin-containing solvents may be treated with 0.25 to
0.5% active carbon to remove pigments and other
impurities (Sylvester and Coghill, 1954).

Macro-porous adsorbants have also been tested. The
first synthetic organic macro-porous adsorbants, the
Amberlite XAD resins, were produced by Rohm and
Haas in 1965. These resins have surface polarities
which vary from non-polar to highly polar and do not
possess any ionic functional groups. Voser (1982) con
siders their most interesting application to be in the
isolation of hydrophilic fermentation products. He
stated that these resins would be used at Ciba-Geigy in
recovery of cephalosporin C (acidic amino acid), cefo
tiam (basic amino acid), desferrioxamine B (basic hy
droxamic acid) and paramethasone (neutral steroid).

Ion exchange can be defined as the reversible ex
change of ions between a liquid phase and a solid
phase (ion-exchange resin) which is not accompanied
by any radical change in the solid structure. Cationic
ion-exchange resins normally contain a sulphonic acid,
carboxylic acid or phosphonic acid active group. Car
boxy-methyl cellulose is a common cation exchange
resin. Positively charged solutes (e.g. certain proteins)
will bind to the resin, the strength of attachment de-
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~Q:e:nerated. When the first column is saturated, it is
for elution and regeneration while the third

is brought into operation.
for isolation of some other antibiotics are

in Weinstein and Wagman (1978). Ion-exchange
~hl'on1atograj:)hy may be combined with HPLC in, for
eX3,mj:He, the purification of somatotropin using DEAE

columns and f3-urogastrone in multi-gram
(1U;ant:ItH~s using a cation exchange column (Brewer and

1987).

Gel permeation

This technique is also known as gel exclusion and gel
filtration. Gel permeation separates molecules on the
basis of their size. The smaller molecules diffuse into
the gel more rapidly than the larger ones, and pene
trate the pores of the gel to a greater degree. This
means that once elution is started, the larger molecules
which are still in the voids in the gel will be eluted first.
A wide range of gels are available, including cross-lin
ked dextrans (Sephadex and SephacryO and cross-lin
ked agarose (Sepharose) with various pore sizes de
pending on the fractionation range required.

One early industrial application, although on a rela
tively small scale, was the purification of vaccines
(Latham et a!., 1967). Tetanus and diphtheria broths
for batches of up to 100,000 human doses are passed
through a 13 dm3 column of G 100 followed by a 13
dm3 column of G 200. This technique yields a fairly
pure fraction which is then concentrated ten-fold by
pressure dialysis to remove the eluant buffer
(Na2 HP04 )·

Affinity chromatography

Affinity chromatography is a separation technique
with many applications since it is possible to use it for
separation and purification of most biological molecules
on the basis of their function or chemical structure.
This technique depends on the highly specific interac
tions between pairs of biological materials such as
enzyme-substrate, enzyme-inhibitor, antigen-anti
body, etc. The molecule to be purified is specifically
adsorbed from, for example, a cell lysate applied to the
affinity column by a binding substance (ligand) which is
immobilized on an insoluble support (matrix). Eluent is
then passed through the column to release the highly
purified and concentrated molecule. The ligand is at-
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tached to the matrix by physical absorption or chemi
cally by a covalent bond. The pore size and ligand
location must be carefully matched to the size of the
product for effective separation. The latter method is
preferred whenever possible. Porath (1974) and Yang
and Tsao (1982) have reviewed methods and coupling
procedures.

Coupling procedures have been developed using
cyanogen bromide, bisoxiranes, disaziridines and perio
dates, for matrixes of gels and beads. Four polymers
which are often used for matrix materials are agarose,
cellulose, dextrose and polyacrylamide. Agarose acti
vated with cyanogen bromide is one of the most com
monly used supports for the coupling of amino ligands.
Silica based solid phases have been shown to be an
effective alternative to gel supports in affinity chro
matography (Mohan and Lyddiatt, 1992).

Purification may be several thousand-fold with good
recovery of active material. The method can however
be quite costly and time consuming, and alternative
affinity methods such as affinity cross-flow filtration,
affinity precipitation and affinity partitioning may offer
some advantages (Janson, 1984; Luong et a!., 1987).
Affinity chromatography was used initially in protein
isolation and purification, particularly enzymes. Since
then many other large-scale applications have been
developed for enzyme inhibitors, antibodies, interferon
and recombinant proteins (Janson and Hedman, 1982;
Ostlund, 1986; Folena-Wasserman et a!., 1987; Nach
man et at., 1992), and on a smaller scale for nucleic
acids, cell organelles and whole cells (Yang and Tsao,
1982). In the scale-up of affinity chromatographic
processes (Katoh, 1987) bed height limits the superfi
cial velocity of the liquid, thus scale-up requires an
increase in bed diameter or adsorption capacity.

Reverse phase chromatography (RPC)

This chromatographic method utilizes a solid phase
(e.g. silica) which is modified so as to replace hy
drophilic groups with hydrophobic alkyl chains. This
allows the separation of proteins according to their
hydrophobicity. More-hydrophobic proteins bind most
strongly to the stationary phase and are therefore eluted
later than less-hydrophobic proteins. The alkyl group
ings are normally eight or eighteen carbons in length
(Cs and CiS)' RPC can also be combined with affinity
techniques in the separation of, for example, proteins
and peptides (Davankov et at., 1990).
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FIG. 10.30. The principle of continuous-partition chromatography.
---, faster-moving component; 0 0, slower-moving component
(Fox, 1969).

an applicator rotating at the same speed as the column,
thus allowing application at a fixed point, while the
eluent was fed evenly to the whole circumference of
the column. The components of a mixture separated as
a series of helical pathways, which varied with the
retention properties of the constituent components.
This method gave a satisfactory separation and recov
ery but the consumption of eluent and the unreliable
throughput rate were not considered to be satisfactory
for a large-scale method (Nicholas and Fox, 1969; Dun
nill and Lilly, 1972). However, the development of such
continuous separation equipment suitable for large
scale extraction would considerably simplify the use of
chromatographic separation.
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High performance liquid chromatography (HPLC)

HPLC is a high resolution column chromatographic
technique. Improvements in the nature of column
packing materials for a range of chromatographic tech
niques (e.g. gel permeation and ion-exchange) yield
smaller, more rigid and more uniform beads. This
allows packing in columns with minimum spaces
between the beads, thus minimizing peak broadening
of eluted species. It was originally known as high pres
sure liquid chromatography because of the high pres
sures required to drive solvents through silica based
packed beds. Improvements in performance led to the
name change and its widespread use in the separation
and purification of a wide range of solute species,
including bio-molecules. HPLC is distinguished from
liquid chromatography by the use of improved media
(in terms of their selectivity and physical properties) for
the solid (stationary) phase through which the mobile
(fluid) phase passes.

The stationary phase must have high surface
area/unit volume, even size and shape and be resistant
to mechanical and chemical damage. However, it is
factors such as these which lead to high pressure re
quirements and cost. This may be acceptable for ana
lytical work, but not for preparative separations. Thus,
in preparative HPLC some resolution is often sacri
ficed (by the usc of larger stationary-phase particles) to
reduce operating and capital costs. For very high value
products large-scale HPLC columns containing analyti
cal media have been used.

Affinity techniques can be merged with HPLC to
combine the selectivity of the former with the speed
and resolving power of the latter (Forstecher et aI.,
1986; Shojaosadaty and Lyddiatt, 1987).

Solution in

~
Rotation

I /g
~

Individual
solutes out

Continuous chromatography

Although the concept of continuous enzyme isola
tion is well established (Dunnill and Lilly, 1972), the
stage of least development is continuous chromatogra
phy. Fox et al. (1969) developed a continuous-fed
column for this purpose (Fig. 10.30). It consisted of two
concentric cylindrical sections clamped to a base plate.
The space (1 em wide) between the two sections was
packed with the appropriate resin or gel giving a total
column capacity of 2.58 dm3

• A series of orifices in the
circumference of the base plate below the column
space led to collecting vessels. The column assembly
was rotated in a slow-moving turntable (0.4-2.0 rpm).
The mixture for separation was fed to the apparatus by
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MEMBRANE PROCESSES

Ultrafiltration and reverse osmosis

Both processes utilize semi-permeable membranes
to separate molecules of different sizes and therefore
act in a similar manner to conventional filters.

Ultrafiltration

Ultrafiltration can be described as a process in which
solutes of high molecular weight are retained when the
solvent and low molecular weight solutes are forced
under hydraulic pressure (around 7 atmospheres)
through a membrane of a very fine pore size. It is



Reverse osmosis

Reverse osmosis is a separation process where the
solvent molecules are forced by an applied pressure to
flow through a semi-permeable membrane in the oppo
site direction to that dictated by osmotic forces, and
hence is termed reverse osmosis. It is used for the
concentration of smaller molecules than is possible by

(a) Large area for extraction.
(b) Separation and concentration are achieved III

one step.
(c) Scale-up is relatively easy.

(a) The cost of transport can be reduced.
(b) The material is easier to handle and package.
(c) The material can be stored more conveniently

in the dry state.
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ultrafiltration. Concentration polarization is again a
problem and must be controlled by increased turbu
lence at the membrane surface.

Liquid membranes

DRYING

Liquid membranes are insoluble liquids (e.g. an or
ganic solvent) which are selective for a given solute and
separate two other liquid phases. Extraction takes place
by the transport of solute from one liquid to the other.
They are of great interest in the extraction and purifi
cation of biologicals for the following reasons:

Their use has been reported in the extraction of
lactic acid (Chaudhuri and Pyle, 1990) and citric acid
using a supported liquid membrane (Sirman et al.,
1990). The utilization of selective carriers to transport
specific components across the liquid membrane at
relatively high rates has increased interest in recent
years (Strathmann, 1991). Liquid membranes may also
be used in cell and enzyme immobilization, and thus
provide the opportunity for combined production and
isolation/extraction in a single unit (Mohan and Li,
1974, 1975). The potential use of liquid membranes has
also been described for the production of alcohol re
duced beer as having little effect on flavour or the
physico-chemical properties of the product (Etuk and
Murray, 1990).

The drying of any product (including biological
products) is often the last stage of a manufacturing
process (McCabe et at., 1984; Coulson and Richardson,
1991). It involves the final removal of water from a
heat-sensitive material ensuring that there is minimum
loss in viability, activity or nutritional value. Drying is
undertaken because:

fht~retol'e used for product concentration and purifica
range of membranes made from a variety of

materials, with different molecular weight
(500 to 500,000), are available which makes
the separation of macro-molecules such as

tlr()tellns, enzymes, hormones and viruses. It is practical
to separate molecules whose molecular weights

a factor of ten different due to variability in pore
(Heath and Belfort, 1992). Because the flux through
a membrane is inversely proportional to its thick
asymmetric membranes are used where the mem
(- 0.3 /Lm thick) is supported by a mesh around

mm thick.
When considering the feasibility of ultrafiltration it
important to remember that factors other than the

weight of the solute affect the passage of
m()let~ul,es through the membranes (Melling and West

1972). There may be concentration polarization
by accumulation of solute at the membrane

surface which can be reduced by increasing the shear
forces at the membrane surface either by conventional
agitation or by the use of a cross-flow system (see
previous section). Secondly a slurry of protein may
accumulate on the membrane surface forming a gel
layer which is not easily removed by agitation. Forma
tion of the gel layer may be partially controlled by
careful choice of conditions such as pH (Bailey and
Ollis, 1986). Finally, equipment and energy costs may
be considerable because of the high pressures neces
sary; this also limits the life of ultrafiltration mem
branes.

There are numerous examples of the use of ultrafil
tration for the recovery of bio-molecules: viruses
(Weiss, 1980), enzymes (Atkinson and Mavituna, 1991),
antibiotics (Pandey et at., 1985). Details of large scale
applications are given by Lacey and Loeb (1972) and by
Ricketts et at. (1985). Affinity ultrafiltration (Luong et
al., 1987; Luong and Nguyen, 1992) is a novel separa
tion process developed to circumvent difficulties in
affinity chromatography. It offers high selectivity, yield
and concentration, but it is an expensive batch process
and scale up is difficult.
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...-1-------- Feed

Spray nozzle

so that the gas has the capacity to contain the
moisture content at the cool-air exhaust ternp(~raltu

(75° to 100°). In most processes the recovery of
small particles from the exit gas must be COlldllcte
using cyclones or filters. This is especially ImpOJrtallt
containment of biologically active compounds.
spray drier is particularly suited to handling heat
tive materials. Operating at a temperature of
350°, residence times are approximately 0.01
because of the very fine droplets produced
atomizing nozzle.

Spray driers are the most economical available
handling large volumes, and it is only at feed
below 6 kg min -I that drum driers become
economic.

Freeze drying is an important operation in the
duction of many biologicals and pharmaceuticals.
material is first frozen and then dried by sublimation
a high vacuum. The great benefit of this technique
that it does not harm heat sensitive materials.
process is often termed lyophilization when the
being evaporated is water.

Fluidized bed driers are used increasingly in

/Vapour
/ hoodr

A detailed review of the theory and practice of drying
can be found in Perry and Green (1984). It is important
that as much water as possible is removed initially by
centrifugation or in a filter press to minimize heating
costs in the drying process. Driers can be classified by
the method of heat transfer to the product and the
degree of agitation of the product. In contact driers the
product is contacted with a heated surface. An example
of this type is the drum drier (Fig. 10.31), which may be
used for more temperature stable bio-products. A slurry
is run onto a slowly rotating steam heated drum, evap
oration takes place and the dry product is removed by a
scraper blade in a similar manner as for rotary vacuum
filtration. The solid is in contact with the heating
surface for 6-15 seconds and heat transfer coefficients
are generally between 1 and 2 kW m- 2 K- 1. Vacuum
drum driers can be used to lower the temperature of
drying.

A spray drier (Fig. 10.32) is most widely used for
drying of biological materials when the starting mate
rial is in the form of a liquid or paste. The material to
be dried does not come into contact with the heating
surfaces, instead, it is atomized into small droplets
through for example a nozzle or by contact with a
rotating disc. The wide range of atomizers available is
described in Coulson and Richardson (1991). The
droplets then fall into a spiral stream of hot gas at 150°
to 250°. The high surface area:volume ratio of the
droplets results in a rapid rate of evaporation and
complete drying in a few seconds, with drying rate and
product size being directly related to droplet size pro
duced by the atomizer. The evaporative cooling effect
prevents the material from becoming overheated and
damaged. The gas-flow rate must be carefully regulated

I
I
I
I
I

\~I

,.....-.....,,,....:;.----Feed

-Scraper
blade

Steam
heated

I drum
Product I

\~I

----.:====:====,= Hot gas
inlet

I
Product

FIG. 10.31. Cross-section of a drum drier. FIG. 10.32. Counter-current spray drier.
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nac;eultlCal industry. Heated air is fed into a cham
flllidi:led solids, to which wet material is continu

and dry material continuously removed.
mass-transfer rates are achieved, giving rapid

and allowing the whole bed to be main
a dry condition.

CRYSTALLIZATION

Cf'{st,llli:wtion is an established method used in the
rec;ov,ef'{ of organic acids and amino acids, and

used for final purification of a diverse
compounds.

acid production, the filtered broth is treated
,-,d,\V"','? so that the relatively insoluble calcium

crystals will be precipitated from solution.
are made to ensure that the Ca(OH)2 has a low

content, since magnesium citrate is more
and would remain in solution. The calcium

is filtered off and treated with sulphuric acid to
the calcium as the insoluble sulphate and

the citric acid. After clarification with active
the aqueous citric acid is evaporated to the

of crystallization (Lockwood and Irwin, 1964;
et al., 1981; Atkinson and Mavituna, 1991).

is also used in the recovery of amino
Samejima (1972) has reviewed methods for glu
acid, lysine and other amino acids. The recovery

ceI)hallm;po,rin C as its sodium or potassium salt by
cry:stalliz'ltio1n has been described by Wildfeuer (1985).

WHOLE BROTH PROCESSING

concept of recovering a metabolite directly from
unfiltered fermentation broth is of considerable

because of its simplicity, the reduction in
stages and the potential cost savings. It may

be possible to remove the desired fermentation
continuously from a broth during fermentation

that inhibitory effects due to product formation and
degradation can be minimized throughout the

prc)ducti()U phase (Roffler et al., 1984; Diaz, 1988).
et al. (1958) developed a process for adsorp-

of streptomycin on to a series of cationic ion-ex
resin columns directly from the fermentation

which had only been screened to remove large
paJrtIc:!es so that the columns would not become
U1\,/"""cu. This procedure could only be used as a batch
J:'~"vvc,o. Belter et al. (1973) developed a similar process
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for the recovery of novobiocin. The harvested broth
was first filtered through a vibrating screen to remove
large particles. The broth was then fed into a continu
ous series of well-mixed resin columns fitted with
screens to retain the resin particles, plus the absorbed
novobiocin, but allow the streptomycete filaments plus
other small particulate matter to pass through. The
first resin column was removed from the extraction line
after a predetermined time and eluted with methanolic
ammonium chloride to recover the novobiocin.

Karr et al. (1980) developed a reciprocating plate
extraction column (Fig. 10.33) to use for whole broth
processing of a broth containing 1.4 g dm -3 of a
slightly soluble organic compound and 4% undissolved
solids provided that chloroform or methylene chloride
were used for extraction. Methyl-iso-butyl ketone, di
ethyl ketone and iso-propyl acetate were shown to be
more efficient solvents than chloroform for extracting
the active compound, but they presented problems
since they also extracted impurities from the mycelia,
making it necessary to filter the broth before beginning
the solvent extraction. Considerable economies were
claimed in a comparison with a process using a Pod
bielniak extractor, in investment, maintenance costs,
solvent usage and power costs but there was no signifi
cant difference in operating labour costs.

An alternative approach is to remove the metabolite
continuously from the broth during the fermentation.
Cycloheximide production by Streptomyces gn'seus has
been shown to be affected by its own feed-back regula
tion (Kominek, 1975). Wang et al. (1981) have tested
two techniques at laboratory scale for improving pro
duction of cycloheximide. In a dialysis method (Fig.
10.34), methylene chloride was circulated in a dialysis
tubing loop which passed through a 10 dm - 3 fer
menter. Cycloheximide in the fermentation broth was
extracted into the methylene chloride. It was shown
that the product yield could be almost doubled by this
dialysis-solvent extraction method to over 1200 JLg
cm -3 as compared with a control yield of approxi
mately 700 JLg cm - 3. In a resin method, sterile beads
of XAD-7, an acrylic resin, as dispersed beads or beads
wrapped in an ultrafiltration membrane, were put in
fermenters 48 hours after inoculation. Some of the
cycloheximide formed in the broth is absorbed by the
resin. Recovery of the antibiotic from the resin is
achieved by solvents or by changing the temperature or
pH. When assayed after harvesting, the control (without
resin) had a bioactivity of 750 JLg cm -3. Readings of
total bioactivity (from beads and broth) for the bead
treatment and the membrane-wrapped bead treatments
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A Fermenter
B Extractor
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1 Dialysis

~ 2 Pump
4 0 3 Aqueous

4 Solvent layer
b 5 Air inlet

A
B 6 Air outlet

(a) Vacuum and flash fermentations for the
recovery of ethanol from fermentation broths.

(b) Extractive fermentation (liquid-liquid and
phase aqueous) for the recovery of
organic acids and toxin produced by CI()st,idiium
tetani.

(c) Adsorption for the recovery of ethanol and cy
cloheximide.

(d) Ion-exchange in the extraction of salicylic acid
and antibiotics.

(e) Dialysis fermentation in the selective recovery
of lactic acid, salicylic acid and cycloheximide.

Hansson et al. (1994) have used an expanded adsorp
tion bed for the recovery of a recombinant protein
produced by E. coli directly from the fermentation
broth. The protein was produced in high yields (550 mg
dm- 3

) and> 90% recovery together with concentra
tion (volume reduction) and removal of cells was
achieved on the expanded bed. Affinity chromatogra
phy was used for further purification, and again an
overall yield of > 90% obtained.

2

FIG. 10.34. Dialysis-extraction fermentation system (Wang et
1981).
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INTRODUCTION

EVERY fermentation plant utilizes raw materials which
are converted to a variety of products. Depending on
the individual process, varying amounts of a range of
waste materials are produced. Typical wastes might
include unconsumed inorganic and organic media com
ponents, microbial cells and other suspended solids,
filter aids, waste wash water from cleansing operations,
cooling water, water containing traces of solvents, acids,
alkalis, human sewage, etc. Historically, it was possible
to dispose of wastes directly to a convenient area of
land or into a nearby watercourse. This cheap and
simple method of disposal is now very rarely possible,
nor is it environmentally desirable. With increasing
density of population and industrial expansion, together
with greater awareness of the damage caused by pollu
tion, the need for treatment and controlled disposal of
waste has, and will, continue to grow. Water authorities
and similar bodies have become more active in combat
ing pollution caused by domestic and industrial wastes.
Legislation in all developed countries now regulates
the discharge of wastes, be they gas, liquid or solid
(Fisher, 1977; Hill, 1980; Masters, 1991; Brown, 1992).
In the u.K., much of the legislation pertaining to waste
disposal and pollution is embraced by the Environmen
tal Pollution Act 1990 (HMSO, 1990, 1991). Futher
information on legislation and environmental policy
can be found in the following texts; Haigh (1990),
Tromans (1991) and Hughes (1992).

With liquid wastes, it may be possible to dispose of
untreated effluents to a municipal sewage treatment
works (STW). Obviously, much will depend on the
composition, strength and volumetric flow rate of the
effluent. STWs are planned to operate with an effluent

CHAPTER 11

Effluent Treatment

of a reasonably constant composition at a steady flow
rate. Thus, if the discharge from an industrial process
is large in volume and intermittently produced it may
be necessary to install storage tanks on site to regulate
the effluent flow. In some locations, municipal sewers
are not available or the effluent may be of such a
composition that the wastewater treatment company or
regulatory authority requires some form of pretreat
ment before discharge to its sewers. In these cases an
effluent-treatment plant will have to be installed at the
factory. Whatever the pollutant load of the liquid ef
fluent, its discharge to a sewer will be a cost centred
activity, and will incur charges from the treatment
company.

Normally, fermentation effluents do not contain toxic
materials which directly affect the aquatic flora or
fauna. Unfortunately, most of the effluents do contain
high levels of organic matter which are readily oxidized
by microbial attack and so drastically deplete the dis
solved oxygen concentration in the receiving water
unless there is a large dilution factor. This can be
shown by the oxygen sag curve in Fig. 11.1. Different
aquatic species have varying tolerances to depleted
oxygen levels, and as a consequence some species will
die off in specific stretches of the receiving water, and
in other regions a different population capable of
growth at lower oxygen levels will develop.

Effluents may be treated in a variety of ways, as will
be outlined later in this chapter. In a number of
processes it may be possible to recover waste organic
material as a solid and sell it as a by-product which
may be an animal feed supplement or a nutrient to use
in fermentation media (Chapter 4). The marketable
by-product helps to offset the cost of the treatment
process. It is now recognized that water is no longer a
cheap raw material (Chapters 4 and 12), hence there
are considerable advantages in reducing the quantities
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FIG. 11.1. The oxygen sag curve.
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SITE SURVEYS

is only an estimate of biodegradable material,
recalcitrant or inhibitory compounds might be
looked (SCA, 1989).

Because the BOD test takes 5 days it may be
sary to resort to the 'chemical oxygen demand'
a chemical test which only takes a few hours to
plete. The test is based on treating the sample
known amount of boiling acidic potassium c1lC:hn)mate
solution for 2.5 to 4 hours and then titrating the
dichromate with ferrous sulphate or ferrous
monium sulphate (HMSO, 1972). The oxidized
matter is taken as being proportional to the potas:siUim
dichromate utilized. Most compounds are oxidized
tually to completion in this test, including those
are not biodegradable. In circumstances where subs
tances are toxic to micro-organisms, the COD test
be the only suitable method available for assessing the
degree of treatment required. The BOD:COD ratios
for sewage are normally between 0.2:1 and 0.5:1. The
ratio values for domestic sewage may be fairly steady.
When industrial effluents of variable composition and
loading are discharged, the ratio may fluctuate con
siderably. Very low BOD:COD ratios will indicate high
concentrations of non biodegradable organic matter
and consequently biological effluent treatment
processes may be ineffective (Ballinger and Lishka,
1962; Davis, 1971). A number of alternative tests are
available to indicate the 'oxygen demand' of a wastewa
ter, including total organic carbon (TOC) and perman
ganate value (HMSO, 1972; American Public Health
Association, 1992).

A complete survey of industrial operations is essen
tial for any individual site before an economical waste
treatment programme can be planned. It is desirable to
divide the facility into as many units as possible, as
knowledge of the various material streams may show
unexpected losses of finished product, solvent wastage,
excessive use of water or unnecessary contamination of
water which might be recycled, recovered or reused
within the site. The factors, and concentrations where
appropriate, listed in Table 11.1 ought to be known at
all production rates under which an individual unit may
operate in a representative time period.

The survey may indicate a need for better control of
water usage and should identify sources of uncontami
nated and contaminated water that might be reused in
the factory. Concentrated waste streams should be kept
separate if they contain materials that can be profitably
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DISSOLVED OXYGEN CONCENTRATION AS AN
INDICATOR OF WATER QUALITY

used and in recycling whenever it is feasible (Ashley,
1982). Obviously the introduction of good 'housekeep
ing' will lead to reductions in the volume of water used
and the volume of effluent for treatment and final
discharge. Recycling and reuse of materials, waste
minimization, waste reduction at source and integrated
pollution control are now very important factors to
consider in the design and operation of any manufac
turing facility, and may be the subject of new legisla
tion in this field (Laing, 1992; Donaldson, 1993; McLeod
and O'Hara, 1993).

Since oxygen is essential for the survival of most
macro-organisms, it is important to ensure that there
are adequate levels of dissolved oxygen in rivers, lakes,
reservoirs, etc., if they are to be managed satisfactorily.
Ideally, the oxygen concentration should be at least
90% of the saturation concentration at the ambient
temperature and salinity of the water. It is therefore
important to know how effluents containing soluble
and particulate organic matter can influence the dis
solved oxygen concentration. One widely used method
of assessment is the 'biochemical oxygen demand'
(BOD), which is a measure of the quantity of oxygen
required for the oxidation of organic matter in water,
by micro-organisms present, in a given time interval at
a given temperature. The oxygen concentration of the
effluent, or a dilution of it, is determined before and
after incubation in the dark at 20° for 5 days. The
oxygen decrease can then be determined titrimetrically
and the results presented as mg of oxygen consumed
per dm3 of sample. Mineral nutrients and a suitable
bacterial inoculum are usually added to the initial
sample to ensure optimal growth conditions. This test
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TABLE 11.1. Factors to investigate in a site survey

Daily flow rate
Fluctuations in daily, weekly and seasonal flow
BOD/COD
Suspended solids
Turbidity
pH range
Temperature range
Odours and tastes
Colour
Hardness
Detergents
Radioactivity
Presence of specific toxins or inhibitors (e.g. heavy metals, phenolics etc.)

is also often more economical to treat a
rather than a large volume of a dilute

bel:allSe of the saving on pumps and settling
provided that concentrations do not

or inhibitory levels in biological treatment

wastes may be tested in a laboratory and
to assess the best potential methods of

biological treatment. Once the pHs of the
known, samples may be mixed to see if a

is reached. A variety of tests may be used to
ish methods for reducing salt concentrations, co-

lating suspended particles and colloidal materials,
!llifor breaking emulsions.
the commonly used biological tests include

irometry, aeration-flask tests (Otto et a!., 1962) and
6llltillllOI1S-<cUlIUlre experiments. Small flask respirome

or Gilson) and oxygen electrodes are
initially to establish the conditions to use in

IJio-oJi:id2ltion of the effluent, and to test for the pres
of toxic materials. Large respirometers (Simpson

Andel:sOJIl, 1967) are useful for predicting effluent
/tr,eat:ml~nt rates and oxygen requirements. The residues

flasks can be analysed to see if there are any
materials. The use of laboratory continu

OW,-Cllltllfe vessels fitted with sludge-return pumps and
tanks can provide detailed information

and Gaudy, 1969). Proposed large-scale
oper2ltinlg conditions for feed and aeration rates can be

and their effectiveness assessed. The results
all these experiments may help in the design of a

tUII-sc:ale plant.
the survey is comprehensive it should be possible

an overall treatment programme for a site and
establish:

Water sources which can be combined or reused.

Effluent Treatment

2. Concentrated waste streams which contain valu
able wastes to be recovered as food, animal feed,
fertilizer or fuel.

3. Toxic effluents needing special treatment, or
acids or alkalis needing neutralization.

4. The effluent loading expected under maximum
production conditions.

5. The effluent(s) which might be discharged di
rectly, without treatment, on to land or to a
watercourse and not cause any pollution.

6. The effluent(s) which might be discharged into
municipal sewers.

When all the relevant information has been ob
tained one can predict the size and type of effluent
treatment plant required, and thus its capital and oper
ational costs. This can then be compared with water
company charges to treat the waste at an STW with
and without on-site treatment. It should be remem
bered that the water company may insist on on-site
treatment before a waste is discharged to the sewer,
and will in most cases set consent limits for maximum
flow rates and concentrations of specific analytes.

THE STRENGTHS OF FERMENTATION
EFFLUENTS

It is already evident from earlier sections of this
chapter that the presence of high levels of particulate
or soluble organic matter in water will result in poten
tial high BODs. This is precisely what is being achieved
in all large-scale fermentation processes. An initial
medium rich in organic matter is converted to biomass
and primary and secondary metabolites. Unfortunately,
the product often represents a small proportion of the
initial raw material, even in an efficiently operated
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fermentation. The spent wastes remaining after the
distillation of whisky may account for 90% of the initial
raw organic materials, while in an antibiotic fermenta
tion the effluent may represent in excess of 95%.

Data for a variety of fermentation effluents are
summarized in Table 11.2. The BODs of many of these
samples are much higher than that of domestic sewage
and some may be comparable with strong effluents
such as sulphite paper mill liquor. It is evident from
these data that fermentation effluents may present
serious potential pollution problems and may be expen
sive to dispose of unless well planned processes are
used. A number of steps may be taken to reduce BODs
in a process. Some of these will be discussed in this
chapter. Careful selection of raw materials may have a
significant effect on the type and quantities of effluent
being produced. The cheapest raw material which meets
the nutrient requirements of the micro-organisms may
not be ideal if product yield, recovery cost, effluent
disposal cost and possible by-product value are con
sidered together. The high BOD value of fungal
mycelium (40,000 to 70,000 mg dm- 3

) would indicate
that any biomass should normally be kept separate
from the remainder of an effluent and some of it may
be sold as a by-product. It may also be worthwhile to

concentrate liquid fractions, for example, industrial
cohoI and distillery stillages 00,000 to 25,000 mg
will both produce dried solubles fractions which
sold.

Metabolites or components of some
effluents may be extremely toxic and polluting and
require complete destruction, for example by cn,emtcal
or thermal methods, before disposal. The need for
a treatment strategy will therefore make a significa:nt
contribution to the overall cost of the process.
such metabolite is avermectin produced by
tomyces avermitilis fermentations. Here all
streams from the process are captured and
avermectin present chemically degraded (Omstead
al., 1989).

TREATMENT AND DISPOSAL OF EFFLUENTS

The effluent disposal procedure which is finally
adopted by a particular manufacturer is obviously de
termined by a number of factors, of which the most
important is the control exercised by the relevant au
thorities in many countries on the quantity and quality
of the waste discharge and the way in which it might be
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Effluent

Domestic sewage
Sulphite liquor from paper
mill
Beer:

(a) spent grain press
(b) hop-press liquor
(c) yeast wash water
(d) spoil beer
(e) bottle washings

Maltings:
(a) suspended solids
(b) wastes
(c) grain washings

Breweryefftuent
Industrial alcohol stillage
Distillery stillage
Yeast production
Antibiotic waste
Penicillin:

(a) wet mycelium from filter
(b) filtrate
(c) wash water

Streptomycin spent liquor
Aureomycin spent liquor
Solvents

TABLE 11.2. BOD strengths of effluents (mg dm - 3)

BOD

350
20,000-40,000

15,000
7430
7400

up tol00,000
550

1240
20-204

1500
1,400-1,800

10,000-25,000
10,000-25,000
3,000-14,000
5,000-30,000

40,000-70,000
2,150-10,000

210-13,800
2,450-5,900
4,000-7,000

up to 2,000,000

Reference

Boruff (1953)

Abson and
Todhunter (1967)

Koziorowski and
Kucharski (1972)

Fang et al. (1990)
Blaine (1965)
Jackson (1960)
Boruff (1953)
Jackson (1960)

Boruff (1953)

Koziorowski and
Kucharski (1972)



1977). The range of effluent-disposal
can be considered is:

1. The effluent is discharged to land, river or sea in
an untreated state.
The effluent is removed and disposed of in a
landfill site or is incinerated.

3. The effluent is partially treated on site (e.g. by
lagooning) prior to further treatment or disposal
by one of the other routes indicated.

4. Part of the effluent is untreated and discharged
as in 1 or 2, the remainder is treated at a sewage
works or at the site before discharge.

5. All of the effluent is sent to the sewage works for
treatment, although there might be reluctance by
the sewage works to accept it, possibly resulting
in some preliminary on-site treatment being re
quired, and discharge rates and effluent compo
sition defined.

6. All the effluent is treated at the factory before
discharge.

DISPOSAL

Seas and rivers

The simplest way of disposal will be on a sea coast or
in a large estuary where the effluent is discharged
through a pipeline (installed by the factory or local
authorities) extending below the low-water mark. In
such a case there may be little preliminary treatment
and one relies solely on the degree of dilution in the
sea water.

If effluents are to be discharged into a river they
must meet the requirements of the local river or
drainage authorities. In Britain there is a Royal
Commission standard requiring a maximum BOD (5
days) of 20 mg dm - 3 and 30 mg dm- 3 of suspended
solid matter (the 20:30 standard). Stricter standards are
often applied, depending on the use of the receiving
water, such as a 10:10 standard; in addition, levels of
ammoniacal nitrogen may be stipulated. There are, as
well, often stringent upper limits for toxic metals and
chemicals which might kill the fauna (particularly fish)
and flora, e.g. sulphites, cyanides, phenols, copper, zinc,
cadmium, arsenic, etc. It is highly unlikely that one
would be able to discharge an industrial waste today
without some form of pretreatment.

Effluent Treatment

Lagoons (oxidation ponds)

Lagoons, holding ponds, oxidation ponds, etc., may
be used by a number of industries if land is available at
a reasonable cost. It is a method often used in seasonal
industries where capital investment in effluent plant is
difficult to justify. The lagoon normally consists of a
volume of shallow water enclosed by watertight em
bankments. Oxidation ponds are typically 1-2 m deep.
They can be designed to maintain aerobic conditions
throughout, but more commonly decomposition at the
surface is aerobic and that nearer the bottom is anaer
obic and they are then known as facultative ponds.
Oxygen for aerobic degradation is provided both from
the surface of the pond, and from algal photosynthesis.
Deeper ponds (known as lagoons) are mechanically
agitated to provide aeration. Lagoons are simple to
build and operate, but are expensive in terms of land
requirements. They may be used as the sole method of
treatment, incorporating both physical (sedimentation)
and biological processes, but the effluent produced may
not reach locally acceptable standards. Alternatively
they can provide an initial pretreatment or can be used
to 'polish' effluent from secondary treatment processes.

Spray irrigation

Liquid wastes can be applied directly to land as
irrigation water and fertilizer when they are claimed to
have a number of beneficial effects on the soil and
plants. If this method of disposal is to be used, then it
is necessary to have a large area of land near to a
manufacturing plant in an area of low to medium
rainfall. Pipeline costs will often restrict use of this
technique. Colovos and Tinklenberg (1962) described
the disposal of antibiotic and steroid wastes with BODs
of 5000 to 20,000 mg dm- 3• These wastes were initially
chlorinated to lower the BOD and reduce unpleasant
odours and then sprayed on to land until the equivalent
of 38 mm of rainfall was reached. This process was
repeated at monthly intervals and improved plant
growth.

When appropriate, solid wastes may be spread onto
land as a fertilizer and soil conditioner. This practice is
common with sewage sludges, and Mbagwu and Ek
wealor (1990) report the use of spent brewers grains to
improve the productivity of fragile soils. Irrespective of
whether the waste is liquid or solid, the concentration
of heavy metals and certain organic components will
require careful monitoring and control to safeguard the
environment and public health.
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Well disposal

Disused wells, boreholes or mine shafts may provide
an ideal, cheap method for disposal when the volume
of waste is limited, the underground strata are suitable
and the chances of contamination of water supplies
utilized by water authorities are negligible (Zajic, 1971).
Melcher (1962) has described the use of wells 500-m
deep for the daily disposal of:

Acetic acid 900 kg
Ammonium acetate 900 kg
Sodium acetate 760 kg
Sodium chloride 450 kg
Sodium and ammonium bromide 225 kg
Methanol, xylene, tars and organic compounds

This mixture had a pH of 4 to 5 and a COD of
40,000 to 60,000 mg dm -3 rising to 100,000 mg dm- 3

and was pumped into the wells at 50 to 100 dm3 min -1.

Careful hydrogeological surveys will be needed to
prove that waste disposal in wells will not cause pollu
tion of aquifers and threaten groundwater supplies.

Landfilling

Landfilling is a disposal method for municipal solid
waste (MSW) and industrial waste. It utilizes natural or
man made voids (e.g. disused clay pits) into which the
waste is deposited. Both solid and liquid wastes can be
deiJosited depending on restrictions imposed by the site
licence. Strict controls exist on the amount of liquid
and toxic materials which can be accepted because of
the threat of groundwater pollution if leachate (a liquid
having BOD levels up to 30,000 mg dm- 3) escapes
from the site. Leachate is generated from liquid de
posited in the site, water entering the site naturally via
precipitation or surface run-off and by anaerobic mi
crobial action as organic matter in the landfill is de
graded. Microbial action similar to that in anaerobic
digesters leads to the production of landfill gas (LFG)
which, being 50-60% methane can, if collected effi
ciently, provide a useful source of energy (Freestone et
al., 1994).

Incineration

A number of designs exist for the incineration of
solid and/or liquid wastes either on site or at a
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commercial incinerator, including rotary kilns,
beds and multiple hearth furnaces.
peratures need to be carefully controlled to
and prevent the formation of dioxins and
mation of which occurs at between 3000 and 8000

total destruction is effected at temperatures '
10000 with a retention time of 1 second. Flue
from the incinerator require cleaning to remove
ulates, acid vapours, etc. using electrostatic Pfl~CllDlt:i_

tors, cyclones and wet scrubbers to comply with
environmental protection standards. Waste U""fJV~dl

incineration is currently significantly more
than landfilling, with costs for the disposal of
being $37 tonne -1 for incineration compared with
tonne -1 for landfilling (Smith, 1993).

Disposal of effluents to

Municipal authorities and water treatment
nies which accept trade effluents into their sewage
systems will want to be sure that:

1. The sewage works has the capacity to cope with
the estimated volume of effluent.

2. The effluent will not interfere with the treatment
processes used at the sewage works.

3. There are no compounds present in the effluent
which will pass through the sewage works un
changed and then cause problems when dis
charged into a watercourse.

It is common practice for local authorities to de
mand preliminary on-site pretreatment before dis
charge into sewers to minimize the effects of industrial
wastes. The actual pretreatment required will depend
on the precise nature of the waste and may range from
simple sedimentation to complex chemical and biologi
cal processes.

TREATMENT PROCESSES

Fermentation wastes may be treated on-site or at an
STW by any or all of the three following methods:

1. Physical treatment.
2. Chemical treatment.
3. Biological treatment.

The final choice of treatment and disposal processes



in each individual factory will depend on local

Treatment processes may also be described in the
following manner:

1. Primary treatment; physical and chemical meth
ods, e.g. sedimentation, coagulation etc.

2. Secondary treatment; biological methods (e.g. ac
tivated sludge) conducted after primary treat
ment.

3. Tertiary treatment; physical, chemical or biologi
cal methods (e.g. microstrainers, sand filters and
grass plot irrigation) used to improve the quality
of liquor from previous stages (Forster, 1985).

4. Sludge conditioning and disposal; physical,
chemical and biological methods. Anaerobic di
gestion is often used to condition (make it more
amenable to dewatering) the sludge produced in
previous stages. Following dewatering (e.g. by
centrifugation using a decanter centrifuge) the
sludge can then be disposed of by incineration,
landfilling, etc.

Physical treatment

The removal of suspended solids by physical meth
ods before subsequent biological treatment will con
siderably reduce the BOD of the resulting effluent. In
nearly all fermentation processes the cells are sepa
rated from the liquid fraction in recovery processes
(Chapter 10). Obviously, biomass processes need not be
considered. Yeast cells from other processes may be a
marketable product, but microbial cells may not always
be marketable, particularly when contaminated with
filter aid. In these instances, when the cells and filter
aid are a waste, the recovered material may be dealt
with in two basic ways:

1. The waste is disposed of without any further
treatment.

2. The waste bulk is reduced by mechanical dewa
tering with a filter press, centrifuge, rotary vac
uum filter or belt press. The compressed waste is
then incinerated (Grieve, 1978) or disposed of in
a landfill site.

Solid wastes are produced in some processes before
inoculation. In breweries, where malted grain is still
used, coarse screens or 'whirlpool' centrifuges may be
used to remove spent grain from the wort after it is
mashed. About 5 kg (wet weight) of grain are produced

Effluent Treatment

per barrel (180 dm3
) of beer. If hops are used, rather

than hop extracts, they will also be recovered on screens
in a 'hop back'. This residue may amount to 250 g per
barrel. Both the spent grain and hop waste may then be
mechanically dewatered before being sold or dumped.

The stillage (after distillation) in whisky distilleries
may be passed through screens (1 mm openings). These
screenings are then removed, mechanically dewatered,
and dried in rotary driers to yield a potentially mar
ketable residue known as Distillers' grains. According
to a survey in Scotland, about half the whisky distil
leries were evaporating the spent waste to a syrup
containing 45% solids, mixing with spent grain, drying
and selling the final product, 'Distillers' Dark Grains',
as a low-grade cattle food (Mackel, 1976).

Physical processes installed for primary effluent
treatment may include the following stages:

1. Screens, to remove larger suspended and floating
matter.

2. Comminutors, to reduce particle size.
3. Constant velocity channels (~ 0.3 m s -1) for grit

removal to prevent damage to plant in later
processes.

4. Sedimentation tanks for the removal of finer
suspended matter. These are generally circular
or rectangular continuous flow tanks operating
at retention times of 6-15 hours (and designed
to have a minimum retention time of 2 hours),
with facility for the continuous removal of set
tled sludge. Sedimentation tanks can remove 70%
of the incoming suspended solids and, depending
on the nature of the waste, up to 40% of its
BOD load (Forster, 1985). They can be operated
with or without prior chemical coagul
ation/flocculation. Similar settlement processes
are also conducted after secondary (biological)
treatment.

Physical processes used in tertiary treatment to pro
duce an effluent of better quality than the 30:20 stan
dard include microstrainers, slow sand filters, upflow
sand filters and rapid gravity sand filters. Throughputs
vary between around 3 m3 m -2 day-I for slow sand
filters and 700 m3 m -2 day-I for microstrainers. Sus
pended solids removal is generally 50-70% and BOD
removal around 30-50%, depending on the technique
used. A detailed description of tertiary treatment is
given by Truesdale (1979) and Viessman and Hammer
(1993).
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Chemical treatment

Fine suspended particles in an effluent may be re
moved by coagulation and/or flocculation (Cooper,
1975; see also Chapter 10). Coagulation is essentially
instantaneous whereas flocculation requires some more
time and gentle agitation to achieve 'aggregation' of
the particles. Ferrous or ferric sulphate, aluminium
sulphate (alum), calcium hydroxide (lime) and polyelec
trolytes are often used as chemical coagulants. A solu
tion of coagulant of the appropriate strength for effec
tive treatment is added to the effluent in a vigorously
mixed tank, a precipitate or floc forms almost immedi
ately and carries down the suspended solids to form a
sludge. This sludge may be drawn off, mechanically
dewatered and subjected to further treatment. The
floes formed on coagulation may be small, and will
therefore require an extended period to settle, and as a
consequence, for a given throughput of effluent a large
sedimentation tank will be needed. Increasing the par
ticle diameter by encouraging small floes to coalesce
(flocculation) increases the rate of sedimentation and
thus, for a given throughput, a smaller vessel can be
operated. Polyelectrolytes are commonly used as floc
culants, and following addition the effluent is gently
mixed (turbulent mixing would break up the floes) by
passage through sinuous flocculation channels, hydro
dynamic flocculators or mechanically mixed floccula
tors (Smethurst, 1988).

Biological treatment

Most organic-waste materials may be degraded bio
logically. This process may be achieved aerobically or
anaerobically in a number of ways. The most widely
used aerobic processes are trickling filters, rotating disc
contactors, activated sludge processes and their modi
fications. The anaerobic processes (digestion, filtration
and sludge blankets) are used both in the treatment of
specific wastewaters and in sludge conditioning.

Aerobic processes

TRICKLING FILTERS

The term filter in this unit operation is a misnomer,
as the action of a trickling filter is not one of filtration,
but rather it is a fixed film bio-reactor. Settled effluent
to be treated is passed down through a packed bed
counter-current to a flow of air. Micro-organisms ad-
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hering to the packing matrix adsorb oxygen from
upflowing air and organic matter from the downtiowirlg
effluent; the latter is then metabolized and the
stream's BOD reduced.

A conventional trickling filter (Fig. 11.2) usually COn
sists of a cylindrical concrete tank 2 to 3 m in depth
and 8 to 16 m in diameter. Some filters are rectangular
in shape, but a rotary system allows more uniform
hydraulic loading (Bruce and Hawkes, 1983; Viessman
and Hammer, 1993). The tank is packed with a bed of
stone (usually granite) or special plastic packings, the
bed being underlaid with drains. The packing material
diameter should be 50 to 100 mm to give a specific
surface of around 100 m2 m~3, and the material should
be packed to give a voidage (% air space of total bed
volume) of 45 to 55%, which should minimize the risk
of the spaces between the packing material becoming
blocked by the microbial film. Synthetic packing mate
rial, although more expensive, has a higher surface
area and voidage, allowing higher treatment rates per
unit volume of bed and reducing the likelihood of
blockages. The trickling filter is always followed by a
secondary sedimentation tank or humus tank to re
move suspended matter (e.g. biofilm sloughed off the
packing) from the treated effluent. In conventionally
loaded or low-rate filters, the effluent from which the
suspended solids have been removed, is fed on to the
upper surface of the bed by spray nozzles or mechani
cal distributor arms (McKinney, 1962; Higgins, 1968).
The effluent trickles gradually through the bed and a
slime layer of biologically active material (bacteria,
fungi, algae, protozoa and nematodes) forms on the
surface of the support material. The large surface area
created in the bed permits close contact between air
flowing upwards through the bed, the descending ef
fluent and the biologically active growth. The bacteria
in the biological film remove the majority of the or
ganic loading. Complex organic materials are broken
down and utilized, nitrogenous matter and ammonia
are oxidized to nitrates and sulphides and other com
pounds are similarly oxidized. The higher organisms
(protozoa etc.) control the accumulation of the biologi
cal film (prevents the filter from blocking) and improve
the settling characteristics of the solids (humus) dis
charged with the filter effluent. In low-rate filters the
scouring action of the hydraulic load normally has a
minor role in removal of any loose microbial film. The
active slime takes time to develop and can be poisoned
by the addition of toxic chemicals. The simple filter is
inefficient when operated at abnormally high organic
loading rates. Initially, there is a very rapid build up of
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FIG. 11.2. Schematic diagram of a trickling filter.

bacteria, fungi and algae at the top of the filter which
cannot be controlled by the resident population of
worms and larvae. The voids, therefore, block up, re
sulting in ponding (untreated effluent accumulating on
the surface of the filter bed). Film growth can be
limited by reducing the dosing frequency, which gives
better liquid distribution deeper into the bed.

A trickling filter bed should remove 75 to 95% of the
BOD and 90 to 95% of the suspended solids at organic
loading rates of 0.06-0.12 kg BOD m- 3 day-l for
conventional trickling filtration. When part of the
treated effluent is being recirculated to dilute the feed
and increase the hydraulic load placed on the unit the
organic loading can be increased to 0.9-0.15 kg BOD
m- 3 day-I. The increase in hydraulic load thus applied
causes greater hydraulic scouring of the bed (prevent
ing blockage), but does not reduce treatment efficiency
due to improved wetting of the packing surface and,
thus, more efficient use of the biofilm (Forster, 1985).
To achieve the Royal Commission (20:30) Standard
together with a high degree of nitrification, filters being
supplied with domestic sewage should receive organic
loading rates of 0.07-0.1 kg BOD m- 3 day-l and
hydraulic loading rates of 0.12-0.6 m3 m- 3 day-l (Gray,
1989).

It is possible to modify the trickling filter to increase
the capacity for organic loading by the use of two sets
of filters and settling tanks in series; this is known as
alternating double filtration (ADF). Effluent is applied
to the first filter at a high hydraulic and organic loading
rate, it passes from this filter through the first settling
tank and then on to a second filter and settler. After a
period of one to two weeks the sequence of the filters
is reversed and the second filter receives the higher
loading. In this way heavy film growth is promoted in
the first filter to receive the effluent, but when the filter
sequence is reversed it becomes nutrient limited, en
couraging excess film removal. Loading rates of
0.32-0.47 kg BOD m-3 day-l have been claimed (For
ster, 1977), but recommended rates for design purposes
are 0.15-0.26 kg BOD m -3 day-l (Forster, 1985).
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Alternatively, enclosed deep beds of 3.5 to 5.5-m
depth may be used in which air is blown through the
beds by fans. Loading rates up to 12 times that of the
ordinary filter have been claimed (Abson and Tod
hunter, 1967).

Cook (1978) has stressed the need to consider the
possible intermittency of a factory wastewater treat
ment process. It was shown that starving of a labora
tory-scale trickling filter beyond 48 hours resulted in
near failure of the filter. This indicated the need to
supplement or artificially load the filter to maintain a
viable biomass in the system.

TOWERS

Because trickling filters do not have both a high
specific area and a high voidage, they are less suitable
for the treatment of large volumes of strong industrial
effluents (Table 11.2). Large areas of land would be
required for the expensive and extensive traditional
filter beds. Towers, 6-9 m in height, packed with light
weight (40-80 kg m -3) plastic multi-faced modules or
small random packing units have provided to be a
space saving and relatively inexpensive solution to the
problem. These packings have a relatively open struc
ture for oxygen transfer (specific surface of 100-300 m2

m -3) and high voidage (90-98%), but are expensive
compared with the conventional filter packings. They
are capable of coping with high BOD loadings. At a
loading of 3.2 kg BOD m- 3 day-I a 50% BOD re
moval may be achieved, and at 1.5 kg m- 3 day-l 70%
removal is possible (Ripley, 1979). The biological film is
similar to that formed on the conventional packing and
scouring is due to the hydraulic load applied rather
than the predation of higher organisms.

BIOLOGICALLY AERATED FILTERS (BAFS)

Biologically aerated filters are a relatively recent
development based on the trickling filter. They consist
of a packed bed which provides sites for microbial
growth through which air is passed but, unlike trickling
filters, the reactor volume is flooded with the effluent
to be treated which is passed upwardS or downwards
through the reactor (i.e. co- or counter-currently to the
air supply) depending on the design. The packing
matrix may be natural (e.g. pumice) or synthetic (e.g.
polyethylene), and may be either a fixed structure or
randomly packed.

The combination of aeration and filtration allows
high rates of BOD and ammonia removal together with
solids capture, so that sedimentation tanks may not be
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FIG. 11.3. Schematic diagram of a rotating biological WJllac:lOr.

ACTIVATED SLUDGE PROCESSES

The basic activated-sludge process (Fig. 11.4) con
sists of aerating and agitating the effluent in the pres
ence of a flocculated suspension of micro-organisms on
particulate organic matter - the activated sludge. This
process was first reported by Arden and Lockett (1914)
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Rotating

Further disks in--each stage

Biomass
support
disks

ROTATING DRUMS

Large rotating drums packed with random
packing materials or spheres have been m3mulfa(~tured

as a development of rotating discs. Loading rates
the random packing were similar to those of
discs, while plastic spheres used in partial tre:atlnent
could cope with loads of 6 kg BOD m- 2 day-I (Water
Pollution Research Centre, 1972).

FLUIDIZED-BED SYSTEMS

Fluidized-bed reactors in wastewater treatment are
relatively recent innovations. The support matrix (sand,
anthracite, reticulated foam) has a large surface area
on which the biofilm adheres and thus they are able to
operate at high biomass concentrations with high rates
of treatment. This allows strong wastewaters to be
treated in small reactors. They are also useful for the
treatment of industrial wastewaters when variable load
ings are encountered (Cooper and Wheeldon, 1980,
1982). The support matrix is fluidized by the upflow of
effluent through the reactor, and the degree of bed
expansion is controlled by the flow rate of wastewater.
The treated effluent can thus be decanted off without
loss of the support matrix and with careful operation a
secondary sedimentation tank may not be needed. The
support matrix is regularly withdrawn to remove excess
biomass. Fluidized-bed systems can be operated aerobi
cally, anaerobically (see later section) or anoxically for
denitrification.

required. However, regular backwashing is essential to
remove filtered solids and excess biomass. Organic
loading rates for 90% BOD removal are significantly
greater than those obtained for trickling filters, being
in the range 0.7-2.8 kg BOD m- 3 day-I (Stephenson
et at., 1993). They are versatile treatment systems, and
of those currently in operation, design capacities vary
between 600 and 70,000 m3 day-I. In addition to their
use as a secondary treatment process they can also be
utilized for tertiary treatment or modified to allow
denitrification in a manner similar to that of activated
sludge systems.

Principles of Fermentation Technology, 2nd Edn.

ROTATING BIOLOGICAL CONTACTORS (ROTATING
DISC CONTACTORS)

In this treatment method (Fig. 11.3) a unit composed
of closely spaced discs (2 to 3 m diameter with 1 to 2
cm spacing between discs), on a central drive shaft are
rotated slowly (0.5 to 15 rpm) through the effluent so
that 40 to 50% of the disc surfaces are submerged
(Borchardt, 1970; Pretorious, 1973). The discs, usually
made from synthetic material (e.g. polystyrene, PVC),
are arranged in stages or groups separated by baffles to
minimize short circuiting or surging (Forster, 1985) and
to enhance specific treatment requirements such as
nitrification. The discs may be flat or corrugated to
increase surface area. A microbial film forms on the
discs; this is aerated during the exposed part of the
cycle and absorbs nutrients during the submerged part.
Shear forces produced as the discs rotate through the
liquid control the thickness of the biofilm, with excess
biofilm being sloughed from the discs. A sedimentation
tank following the biological stage is therefore required
to remove biological solids. Loading rates of 13 g BOD
m-2 day-I for domestic sewage and partial treatment
of loads of 400 g BOD m- 2 day-I have been used. To
achieve the 20:30 standard the loading rate should not
exceed 6 g BOD m- 2 day-I. Rotating biological con
tactars are compact, easily covered for health and
aesthetic reasons, available as packaged units, simpler
to operate under varying loads than trickling filters (the
biofilm being wetted at all times) and are easily added
onto existing treatment processes. As such they can
provide a cost effective method of on-site treatment.

Ware and Pescod (1989) describe the use of full
scale anaerobic/aerobic rotating biological contactors
for treating brewery wastewaters. Greater than 85%
COD removal was obtained in the aerobic stage, but
difficulties were experienced in maintaining anaerobic
populations.

322



and is now the most widely used biological treatment
process for both domestic and industrial wastewaters.
The raw effluent enters a primary sedimentation tank
where coarse solids are removed. The partially clarified
effluent passes to a second vessel, which can be of a
variety of designs, into which air or oxygen is injected
by bubble diffusers, paddles, stirrers, surface aerators
etc. Vigorous agitation is used to ensure that the ef
fluent and oxygen are in contact with the activated
sludge. After a predetermined residence time of sev
eral hours, the effluent passes to a second sedimenta
tion tank to remove the flocculated solids. Part of the
sludge from the settlement tank is recycled to the
aeration tank to maintain the biological activity. The
overflow obtained from the settlement tank should be
of a 20:30 standard or better and be suitable for
discharge to inland waters. The excess sludge is dewa
tered and dried, to be sold as a fertilizer, incinerated or
landfilled. In conventional activated sludge processes,
organic loading rates are 0.5-1.5 kg BOD m- 3 day-l
with hydraulic retention times of 5-14 hours depending
on the nature of the wastewater, giving BOD reduc
tions of 90-95%. High-rate activated-sludge processes
can be used as a partial treatment for strong wastes
prior to further treatment or discharge to a sewer and
are widely used in the food processing and dairy indus
tries. The organic loading rate is 1.5-3.5 kg BOD m- 3

day-I, and with hydraulic retention times of only 1-2
hours, BOD reductions of 60-70% are possible (Gray,
1989).

A number of modifications of the basic process can
be used to improve treatment efficiency, or for a more
specific purpose such as denitrification (Winkler and
Thomas, 1978; Gray, 1989). Tapered aeration and
stepped feed aeration are used to balance oxygen de
mand (which is greatest at the point of wastewater
entry to the aeration basin) with the amount of oxygen
supplied. Contact stabilization exploits biosorption
processes and thereby allows considerable reduction in
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basin capacity (- 50%) for a given wastewater
throughput. Denitrification (the biological reduction of
nitrate to nitrite and on to nitrogen gas under anoxic
conditions) can be accomplished in an activated-sludge
plant when the first part of the basin is not aerated.

In advanced activated-sludge systems the amount of
dissolved oxygen available for biological activity is in
creased to improve treatment rate. One vessel of this
type is the 'Deep Shaft' (Hemming et al., 1977), which
is quite distinctive from the other aeration tanks and
has been developed from the ICI pIc SCP process
(Taylor and Senior, 1978; Chapter 7). The 'Deep Shaft'
(Fig. 11.5) consists of a shaft 50 to 150 m deep, sepa
rated into a down-flow section (down-comer) and an
up-flow section (riser). The shaft may be 0.5 to 10 m
diameter, depending on capacity. Fresh effluent is fed
in at the top of the 'Deep Shaft' and air is injected into
the down-flow section at a suffficient depth to make
the liquid circulate at 1 to 2 m s- I. The driving force
for circulation is created by the difference in density
(due to air bubble volume) between the riser and
down-flow sections. For starting up, circulation of liq
uid is stimulated by injecting air at the same depth in
the riser. Air injection is then gradually all transferred
to the air injection point in the down-comer. Because
of the pressure created in the down-comer, oxygen
transfer rates of 10 kg O2 m- 3 h- 1 can be achieved
and bubble contact times of 3 to 5 minutes are possible
instead of 15 seconds in diffused air systems. BOD
removal· rates of 90% are achievable at organic load
ings of 3.7-6.6 kg BOD m- 3 day-l at hydraulic reten
tion times of 1.17-1.75 hours (Gray, 1989). Sludge
production was found to be much less than that for
conventional sewage-treatment processes.

Two types of pure oxygen systems have also been
developed to increase the rate of oxygen transfer:

(i) closed systems which operate in oxygen-rich atmo
spheres and,

(ij) open systems employing fine bubble diffusers.
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FIG. 11.4. Simplified cross-section of an activated sludge process.
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Anaerobic treatment of waste organic materials origc

inated with the use of septic tanks and Imhoff tanks,
which have now been replaced by a variety of high-rate
digesters (Pohland and Ghosh, 1971). Loehr (1968) has
listed the following reasons for using anaerobic
processes for waste treatment:

Anaerobic trE~atlnel~t

or upgrade conventional aeration without the
replace or modify existing units.
achieved by pumping settled wastewater at high
sure through a venturi where oxygen is injected.
lence and high pressures thus created ensure
levels of oxygen dissolution. The flexibility of this
tern means that it is particularly useful for the
ment of high strength intermittently produced waste'wa_
ters such as those generated by food processing
tries (Gostick et al., 1990).
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FIG. 11.5. Deep-shaft effluent treatment plant (Hemming et al.,
1977),

An example of the closed system is the UNOX Process
developed by the Union Carbide Corporation in the
U.S.A, and marketed in the u.K. by Wimpey Unox
(Fig. 11.6). The enclosed oxygenation tank is compart
mentalized by baffles. Settled wastewater and returned
slu<ige are fed into the first stage and oxygen pumped
into the headspace. The oxygen and wastewater move
sequentially through the compartments, and the oxygen
concentration in the gas phase decreases in each stage
as it is consumed by the micro-organisms. As the
nutrient concentration also falls stage by stage, oxygen
supply and demand is balanced. Organic loading rates
(when treating municiple wastewater) are 3-4 times
higher than those of aerated systems at 2.5-4.0 kg
BOD m- 3 day-I. Pure oxygen systems also have shorter
residence times and produce less sludge with better
settling qualities than conventional systems. The UNOX
process has been successfully used for the treatment of
brewery wastewaters containing 2000 mg BOD dm- 3 at
flow rates of 2269 m3 day-I with a 6.6 hour retention
time (Brooking et al., 1990).

The VITOX aeration system (Fig. 11.7) developed by
the British Oxygen Company is an example of an open
tank oxygenation system. Its main advantage is that it
can be used in existing aeration tanks either to replace

1. Higher loading rates can be achieved than are
possible for aerobic treatment techniques.

2. Lower power requirements may be needed per
unit of BOD treated.

3. Useful end-products such as digested sludge
and/or combustible gases may be produced.

4. Organic matter is metabolized to a stable form.
5. There is an alteration of water-binding charac

teristics to permit rapid sludge dewatering.
6. The reduced amount of microbial biomass leads

to easier handling of sludge.
7. Low levels of microbial growth will decrease the

possible need for supplementary nutrients with
nutritionally unbalanced wastes.

ANAEROBIC DIGESTION

Large volumes of wet sludge which are produced in
primary and secondary sedimentation tanks may have
to be reduced in volume before disposal. This volume
of sludge can be reduced by anaerobic digestion. In
sludges containing 20,000-60,000 mg dm -3 solid mat
ter, 80% of the degradable matter may be digested,
which will reduce the solids content by 50%. During
anaerobic digestion acid fermenting bacteria degrade
the waste to free volatile fatty acids, mainly acetic and
propionic acid, which are then converted to methane
(~ 60%) and carbon dioxide (~ 40%). The gas pro
duced (biogas) is a very useful by-product, and can be
burnt as a heating fuel, fed to gas engines to generate
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11.6. Schematic diagram of a multistage UNOX system (Fuggle, 1983).
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include improved reliability, higher BODICOD reduc
tions and greater methane productivity.

ANAEROBIC DIGESTERS

The digester tanks used for this process may be up
to 12,000-m3 volume and equipped with heating coils
for accurate temperature control normally in the me
sophilic range (25"-38°, usually 28°-32° in anaerobic
digestion) to increase the rate of digestion, which is
also improved by mechanical agitation (Loll, 1977).
Some digesters are operated thermophilically (50°-70°,
usually 55°-63° in anaerobic digestion) to increase the
rate of degradation and biogas production, though much
of the extra gas produced will be consumed in main
taining the digester temperature. The use of ther
mophilic anaerobic digestion has been investigated for
the treatment of high strength (16-25 g COD dm- 3),

low pH (~ 3.8) and high temperature winery effluents
(Romero et al., 1988). Wiegant et al. (1985) reported
the successful application of thermophilic anaerobic
digestion of vinasse in completely mixed and UASB
reactors, although methane production was found to
decrease at high loading rates due to the presence of
inhibitory compounds. Retention times are generally
between 10 and 30 days, although with solids recycle
retention times may be as low as 0.5 day. Most di
gesters operate on a semi-continuous basis with the
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electricity or used as a vehicle fuel. As well as being
used in sludge digestion and conditioning, anaerobic
digesters are also used directly in the treatment of
many high strength wastewaters, for example from the
food and agricultural industries (Gray, 1989).

A number of anaerobic processes have been devel
oped; completely mixed reactors (often these are sim
ply described as anaerobic digesters) with or without
sludge recycle, anaerobic filters, up-flow anaerobic
sludge blankets (UASB) and anaerobic fluidized beds
are the most common. Two stage anaerobic treatment
systems utilizing a short retention time completely
mixed acidification reactor followed by a UASB
methanogenic reactor have been reported (Burgess and
Morris, 1984; Ghosh et al., 1985). Benefits claimed

FIG. 11.7. Simplified V1TOX sidestream aeration system.
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appropriate volume of digested material being removed
and replaced with 'fresh' material on a daily basis.

ANAEROBIC FILTERS

In anaerobic filters, as with the aerobic filters, there
is a microbial film growing on an inert support (Chian
and DeWalle, 1977). Anaerobic filters may be operated
in an upflow or downflow mode, and a wide variety of
packings are used; both natural and synthetic (Young,
1983). The first full-scale anaerobic filters were con
structed in the 1970s and in 1982 the Bacardi Corpora
tion brought into operation a lOO,000-m3 plant to treat
distillery effluents (Szendrey, 1983). Many other ef
fluents are found to be amenable to treatment using
anaerobic filter systems; antibiotic fermentation wastes,
citric acid fermentation wastes, yeast production
wastewater and brewery and winery wastewaters
(Szendrey, 1983), molasses distillery slops (Silvero et at.,
1986) and fermentation and pharmaceutical wastes
(Bonastre and Paris, 1989).

UP-FLOW ANAEROBIC SLUDGE BLANKETS (UASB)

In this system (originally developed in the Nether
lands) high levels of active biomass are retained in the
reactor by flocculation (Lettinga et at., 1980, 1983). No
support media is added to the reactor, instead the
flocculated sludge develops in the reactor and acts as a
fluidized bed. Feed is pumped through the bed (the
sludge blanket), above which fine particles flocculate
and settle back to the blanket as sludge, thus prevent
ing washout of organisms. Anaerobic sludge blankets
have been found to be effective in the treatment of
many wastewaters, including sugar-beet wastes, domes
tic sewage, slaughterhouse wastes, agricultural wastes
(Lettinga et at., 1983), brewery wastes (Fang et at.,
1989, 1990), winery wastes (Cheng et at., 1990) and
distillery wastes (Burgess and Morris, 1984; Ghosh et
at., 1985).

BY-PRODUCTS

The marketing of wastes from fermentation processes
has been established for at least 200 years. By the
1700s, brewers' grains, spent hops and surplus yeast
from larger breweries were accumulating in sufficient
quantities for specialized trades to develop (Mathias,
1959). Around London, cattle and pigs were fattened
on 'wash' and brewers' grains. Excess yeast was sup
plied to bakers and gin distillers.

In any fermentation recovery process there is a need
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to recognize whether there is a potential marketable
waste and, if necessary, to develop a market. Obviously
the marketability and cost of reclamation of by-prod
ucts will be very important in deciding upon a policy of
waste recovery. Under favourable market conditions it
has been claimed that the profit on animal feed by
products from a completely integrated distillery may
almost pay the cost of the grain (Blaine, 1965). This
claim would now be more difficult to substantiate, due
to fuel costs and capital outlay on plant (Quinn and
Marchant, 1980; Sheenan and Greenfield, 1980).

Some microbial processes yield residues which are
difficult or impossible to sell (Blaine, 1965). In these
processes it may be possible, and worth while, to change
to low residue raw materials such as refined sugars or
other pure compounds as sources of soluble nutrients.

Distilleries

In grain-based distilleries it has been common prac
tice to recover spent grain and stillage, the waste liquor
after the alcohol has been distilled off (Boruff, 1953;
Blaine, 1965). The stillage is first passed through screens
with l-mm openings. The screenings are then dewa
tered with mechanical filter presses and dried in rotary
driers (Chapter 10). This product is termed Distillers'
Dried Grains (light grains). The screened stillage is
concentrated in evaporators to give 25 to 35% solids in
a thick syrup. Stillages which have been prefiltered may
be concentrated to 35 to 50% solids. This syrup can
then be mixed with the pressed screenings and dried to
give Distillers' Dried Grains with Solubles (dark grains).
Alternatively the evaporated stillage may be dried com
pletely in drum driers to produce Distillers' Dried
Solubles. Dark and light grains and dried solubles have
all been used as animal-feed supplements. Flachowsky
et at. (1990) report their use following chemical treat
ment as a replacement feed for sheep. Dried solubles
have also been used as a medium adjunct in the prepa
ration of antibiotics (Chapter 4).

In distilleries using cane molasses as a feedstock,
evaporated spent wash has been used as a fuel for
boilers (Sheenan and Greenfield, 1980). It has proved
worth while to recover potassium salts from sugar-beet
stillage. The market for the evaporated product must
be considered within a range of 50 Ian of the evapora
tion plant (Lewicki, 1978).

Boruff (1953) cited an unpublished 1949 survey of
American distilleries which showed that 85% of the
stillage solids were being recovered as dried feeds, 14%
solids as wet grains and only 1% was waste. In recent



the traditional distillers' by-products from stillage
become increasingly uneconomic. A number of

processes to produce SCP from stillage using
Geotrichum candidum, Candida utilis or C. tropicalis
have been evaluated (Quinn and Marchant, 1980;
Sheenan and Greenfield, 1980).

Breweries

The three marketable wastes from breweries are
spent grain, spent hops and yeast. The spent grain is
recovered from the mash tun and is then sold as animal
feed either after pressing in a wet state or after drying
in rotary driers. Alternatively, the wet grain may be
used in the preparation of silage for cattle. The possi
ble markets for hops are restricted. Some are used as a
fertilizer or as a low-grade fuel.

Yeast can be separated from beer by filtration or
centrifuging. The yeast slurry is then dried in drum
driers. Some of the yeast may be mixed with brewers'
spent grains to produce a feed material with a slightly
higher protein content than normal brewers' grains.
The yeast may also be used directly as a source of
vitamins. If it is to be used as a human food it must be
debittered to remove the hop bitter substances absor
bed on to the yeast cells. The cells are then washed in
an alkaline solution, washed with water and drum dried.
Although bakers' yeast was originally obtained as a
brewery by-product, this market has diminished con
siderably. Most bakers' yeast is now produced directly
by a distinct production process. Dewatered sludge
from brewery wastewater treatment operations has been
reported to increase agricultural yields when used as
fertilizer (Naylor and Severson, 1984). Lyons (1983)
reports on the potential use of brewery effluents as a
feedstock for fuel and industrial ethanol production.

Amino acid wastes

The main wastes from glutamic acid or lysine fer
mentations are cells, a liquor with a high amino-acid
content which can be used as an animal-feed supple
ment, and the salts removed from the liquor by crystal
lization, which is a good fertilizer (Renaud, 1980).

Fuel alcohol wastes

The stillage from ethanol production and wastes
from starchy fermentations are, following concentra
tion, saleable as an animal-feed supplement. Wastes
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from sugar fermentations and distillation can be di
gested anaerobically and the methane generated used
as an energy source (Essien and Pyle, 1983; Faust et at.,
1983; Singh et al., 1983). Faust et al. (1983) also suggest
the use of CO2 rich off gases in the food and beverage
industries.
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Fermentation Economics

INTRODUCTION

A FERMENTATION process is to yield a product at a
competitive price, the chosen micro-organism or ani
mal cell culture should give the desired end-product in
predictable, and economically adequate, quantities. A
number of basic objectives are commonly used in de
veloping a successful process which will be economi
cally viable.

1. The capital investment in the fermenter and
ancillary equipment should be confined to a
minimum, provided that the equipment is reli
able and may be used in a range of fermenta
tion processes.

2. Raw materials should be as cheap as possible
and utilized efficiently. A search for possible
alternative materials might be made, even when
a process is operational.

3. The highest-yielding strain of micro-organism
or animal cell culture should be used.

4. There should be a saving in labour whenever
possible and automation should be used where
it is feasible.

5. When a batch process is operated, the growth
cycle should be as short as possible to obtain
the highest yield of product and allow for maxi
mum utilization of equipment. To achieve this
objective it may be possible to use fed-batch
culture (Chapters 2 and 4).

6. Recovery and purification procedures should be
as simple and rapid as possible.

7. The effluent discharge should be kept to a
minimum.

8. Heat and power should be used efficiently.

CHAPTER 12

9. Space requirements should be kept to a mini
mum, but there should be some allowance for
potential expansion in production capacity.

10. All the above must comply with safety guide
lines and regulations.

The consideration of so many criteria means that
there may have to be a compromise for the particular
set of circumstances relating to an individual process.
Winkler (1991) identified three key economic objectives
in the fermentation stage: maximum product yield,
process productivity and substrate utilization. However,
these criteria may be overridden by the demands of
subsequent purification stages for high product concen
tration and high product purity which may in turn be
overridden by safety considerations.

In any process it is important to know the cost
breakdown (Table 12.1), so that it may be seen where
the biggest potential savings may be achieved. In a
review of a number of processes, Nyiri and Charles
(1977) concluded that four basic components con
tributed to the process cost in the following decreasing
order: raw materials, fixed costs, utilities, labour. When
raw materials are a major part of the total cost it is
obvious that media and microbial strain-improvement
research should form a major part of a development
programme. Development work on components con
tributing little to the cost of the product could not be
justified.

Costs quoted in this chapter have been taken from
the source of information and are applicable only at
the time of that publication. Atkinson and Mavituna
(1991) have discussed the use of cost indices to update
historical data. _

Caution is necessary when examining some examples
of potential fermentation processes, since the capital
and operating costs normally have been estimated us-
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TABLE 12.1. Production costs breakdown expressed as percentages of total cost

Item

Raw materials
Utilities
Labour and

supervision
Fixed charges
Maintenance
Operating

supplies
Waste
Materials
recovery
Other

Note * Included in 29.9% for maintenance and operating supplies.
tlncluded in 9% for labour and supervision. :1:0.2% for laboratory costs included.

ing chemical engineering costing principles. Accurate
detailed costing of industrial fermentations are rarely
published.

Government aid or taxation can determine the vi
ability of many fermentation processes. Support in con
struction of plant, development and production pro
grammes of acetone-butanol and penicillin during
wartime led to production of compounds at an earlier
stage than might normally be regarded as economically
feasible (Hastings, 1971, 1978). Agricultural-aid pro
grammes in the United States of America made avail
able low-cost supplies of grain and potatoes and en
abled fermentations to be operated when they would
not have been economically viable in a free market
(Perlman, 1970). In 1980 carbohydrates as molasses or
cane juice could be obtained in sugar-producing coun
tries at half the price of molasses in the European
Economic Community (Meers, 1980) and differences in
starch prices between the EEC and the U.S.A. were
about 40% (Gray, 1987). This price differential of car
bon substrates discouraged investment and further re
search in the EEC. Policy changes were made to allow
fermentation companies within the EEC to buy sugar
and starch based substrates at a lower price to enable
them to compete on a world-wide scale.

Some very useful reviews of process economics have
been produced for penicillin G (Swartz, 1979), gibberel
lic acid (Vass and Jefferys, 1979), biomass from natural
gas (Hamer, 1979), biomass from whey (Meyrath and
Beyer, 1979), biomass from waste carbohydrates
(Mateles, 1975), biomass from cane and coffee process-
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ing by-products (Rolz, 1975), 6-aminopenicillanic acid
(Harrison and Gibson, 1984), evaluation of 11 alterna
tive ethanol fermentation processes (Maiorella et al.,
1984), tissue plasminogen activator (Datar et at., 1993),
primary separation steps (Datar, 1986) and chromatog
raphy (Sofer and Nystrom, 1989). A number of general
reviews of fermentation economics are also available
(Whitaker, 1973; Nyiri and Charles, 1977; Bartholomew
and Reisman, 1979; Stowell and Bateson, 1984; Bailey
and Ollis, 1986; Hacking, 1986; Kalk and Langlykke,
1986; Reisman, 1988; Atkinson and Mavituna, 1991).

ISOLATION OF MICRO·ORGANISMS OF
POTENTL\L INDUSTRIAL INTEREST

The most appropriate micro-organism for a potential
process is usually found by isolation from a variety of
sources, most commonly soil. The classical method of
screening to obtain a suitable organism tended to be
very time consuming, expensive and often without a
very clear objective. Eli Lilly and Company Ltd. discov
ered three new antibiotics in 10 years while screening
400,000 micro-organisms (Nelson, 1961). More recently
Berdy (1989) has speculated that the screening of
100,000 soil micro-organisms may lead to the isolation
of 5 to 50 new compounds, but there is no guarantee
after evaluation that a useful new drug or other product
will be found.

If a desired characteristic, which gives the organism
a selective advantage, has already been recognized, a



screen might be designed incorporating this character
istic as a selective factor (Chapter 3). The isolation may
begin with pretreatment of samples which favour the
survival of the preferred organism. This is followed by
growth on selective or non-selective media and often
associated with batch or continuous enrichment. Im
portant factors which will be of economic significance
which might be selected in a well planned screen could
include:

1. Growth on a simple cheap medium.
2. Growth at a higher temperature (to reduce

cooling costs).
3. Better resistance to contamination.

However, the synthesis of other microbial products
(e.g. antibiotics) does not give the producing organism
any selective advantage which might be used in an
isolation procedure (Chapter 3). Therefore a collection
of these organisms must be made before testing for the
desired characteristic. Because many isolation proce
dures will lead to the rediscovery of known organisms
with known activities it is important to use well planned,
efficient isolation procedures which can prove very
productive.

A number of approaches are currently being used to
improve isolation procedures (see also Chapter 3).
Numerical taxonomic data bases are being exploited to
design selective media for certain microbial taxa. Using
these data bases it has been possible to design media to
encourage the growth of uncummon streptomycetes or
discourage the growth of common species (Vickers et
al., 1984; Williams and Vickers, 1988). Knowledge of
antibiotic sensitivity gained from taxonomic data bases
has led to the design of other selective media which
will select for resistant groups of organisms (Goodfel
low and O'Donnell, 1989; Bull, 1992; Bull et al., 1992).
The selection of antibiotic producing soil isolates has
also been achieved using media designed by a stepwise
discrimination analysis technique (Huck et al., 1991).

These 'designed' isolation media are now being used
extensively for the isolation of novel and rare micro
organisms. For example, within the actinomycetes,
Streptomyces spp. have been extensively screened since
the 1940s for antibiotic production with subsequent
notable commercial success. More interest has now
been shown in isolation of strains of the less common
genera such as Actinomadura, Actinoplanes, Ki
tosatosporia, Streptoalloteichus, etc. which are producing
other novel bioactive compounds (Goodfellow and
O'Donnell, 1989; Bull, 1992).

Fermentation Economics

It has become a common practice to obtain isolates
from unusual habitats, which may include extreme en
vironments, to ensure that the greatest microbial diver
sity is being examined (Bull, 1992; Bull et al., 1992;
Chapter 3).

The screening tests which have been developed to
detect new useful compounds of potential industrial
interest have become much more selective and sensi
tive. Better knowledge of cell biochemistry has enabled
the design of screens which are much more precisely
targeted to detect the desired activity using specific
detector strains (Chapter 3). Many large companies
which undertake screening programmes have intro
duced some automation to enable high throughput
rates which are cost effective and less labour intensive.
In 1989, Nisbet and Porter considered that 105 tests
per year with up to 20 assay tests should be undertaken
in a worthwhile screening programme.

STRAIN IMPROVEMENT

Strain improvement using a mutation/selection pro
gramme (Chapter 3) for improving an organism being
used in an established process or a potential process
can be very cost effective. Historically, mutation/selec
tion programmes to improve strains of Penicillium
chrysogenum were time consuming, labour intensive
and very random because of the lack of knowledge
about penicillin biosynthesis. These mutation pro
grammes did, however, contribute significantly to in
creases in penicillin yields from less than 100 units
cm- 3 in the 1940s to over 51,000 units cm- 3 by 1976
(Queener and Swartz, 1979) and a four-fold increase in
yields between 1970 and 1985 at Gist Brocades (Royce,
1993). Improvements for streptomycin, chlortetracy
cline and erythromycin are reported in Table 3.8.

It is always very important to decide if a strain
improvement programme can be justified on financial
grounds to improve the overall economy of a process.
Lockwood and Streets (1966) quoted the example of a
fermentation process making 453,600 kg ycar- 1 of
product at 23.5 p kg- 1 in which a 1% increase in the
product would produce an increased return of only
£1070, which they considered insufficient to support a
worthwhile mutation programme. If the output had
been 10 times greater, a 1% increase would have
produced £10,700 which was thought to be just suffi
cient to meet the costs of research. If this output could
have been increased to 10%, the increased return
would have been £107,000, which would have been
much larger than the cost of a mutation programme at
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that time. Calam (1969) suggested that a graduate
worker with two assistants are capable of operating one
or two mutation research programmes and of making
effective progress.

A better understanding of cell metabolism and its
regulation has enabled the development of more logi
cal targeted methods to be introduced to select for
mutants with desirable 'blue prints' where there may
be a need to block undesirable enzyme activities or
eliminate negatively acting control mechanisms
(Chapter 3). This approach is much more efficient and
economic in terms of resources and time. It was first
employed extensively in the preparation of mutant
strains used in amino acid fermentations.

Although the main targets in strain improvement are
normally to increase the product yield or specific pro
duction rates, it is also important to consider strain
stability, resistance to phage infection, response to dis
solved oxygen, tolerance to medium components, pro
duction of foam and the morphological form of the
organism. Methods to achieve many of these changes
are discussed in Chapter 3. These are very important in
helping to achieve targets in a research and develop
ment programme as they can have a significant impact
on the process and/or product (Table 12.2). A study of
the range of targets given in this table, which might be
aided by strain improvement, has economic effects on
all aspects of a fermentation process.

There are a number of companies with special ex
pertise, such as Cetus Ltd and Panlabs Inc., who will
perform strain-development programmes or make cul
tures available for commercial clients. An example of
work by Panlabs Inc.'s improvements in yields of peni
cillin from cultures of P. chrysogenum during 1973 to
1976 is shown in Table 12.3 (Queener and Swartz,
1979). These data make it possible to compare yields
from the same culture cultured at various scales.

MARKET POTENTIAL

The fermentation technologist should be aware of
the problem of assessing market potential, although
he/she may not be primarily involved in collating or
assessing the necessary data. Some aspects have been
considered by MacLennan (1976), Hepner (1977), Law
son and Sutherland (1978) and Keim and Venkatasub
ramanian (1989).

Four categories of microbial product can be recog
nized economically and it is important to consider to
which category a compound belongs:
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1. Low price bulk chemicals, e.g. solvents,
high fructose syrups (US$10 2-10 3 tonne-I).

2. Mid price chemicals, e.g. organic acids,
acids, bipolymers ($10 3-105 tonne -I).

3. High price microbial and animal-cell prC)ducts.
e.g. enzymes, vitamins, antibiotics,
steroids, vaccines, etc. ($10 5-107 tonne -I).

4. Very high-price animal-cell products, e.g.
clonals, tissue plasminogen activator, etc.
($107-109 tonne-I~

The third and fourth groups can normally be produced
only by a microbial or animal-cell based process and
therefore do not have to compete with an alternative
chemical process which is usually much cheaper. This
includes compounds which have complicated struc
tures, are chemically or thermally unstable or for which
a multi-stage chemical synthesis would be expensive.
Many microbial products are not exploited because
cheaper synthetic processes are available.

Hepner (1977, 1978) has examined the factors that
determine the feasibility of large-scale ethanol produc
tion by fermentation. He considered that ethanol pro
duced by fermentation would only be competitive with
synthetic ethanol from crude oil if the fermentation
plant was in an area where cheap supplies of carbohy
drate were available. In an example based on 1977
costs, if crude oil cost $100 tonne -I, fermentation
produced ethanol would be financially viable only if
raw-sugar feedstock cost less than $109 tonne -lor
molasses cost less than $75 tonne -1(Hepner, 1978). In
Brazil in 1975, an ethanol production programme using
sugar-cane as a substrate was started so that the
petroleum imports could be reduced. During 1977, 7 X

108 dm3 of ethanol were produced and it was hoped to
have increased production to 1.5 X 109 dm3 during
1979. The ethanol, although subsidized by the Brazilian
government, was selling at $1 per 4.5 dm3, which was
more than the cost of petrol refined from imported oil
(Hammond, 1978). Other aspects of potential ethanol
production have been discussed by Bu'Lock (1979).

It is necessary to estimate the size of the present and
potential market and the increase in demand for a
compound. This type of exercise was undertaken for
single-cell protein (MacLennan, 1976; Taylor and Se
nior, 1978). Taylor and Senior (1978) gave summaries
of major single-cell protein plants which were operatio
nal or planned, estimates of single-cell protein produc
tion in 1980 and 1985 and predicted world supply and
demand for high-quality protein meal. It was estimated
that by 1985 there would be a market of 5 X 10 6
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TABLE 12.2. Criteria for strain improvement (Schwab, 1988)

Target

Improvement of titre
and/or specific pro
duction rate

Improvement of yield

Change in catabolic
capabilities

Improvement of tech
nological features of
micro-organisms (e.g.
flocculation be
haviour, structure of
mycelium, sporula
tion, foaming, strain
stability, etc.)

Improvement of
product quality

Modification of
products

Changing of the lo
cus of product accu
mulation (e.g. intra
cellular to extra-cel
lular)

Impact on process or product

General decrease of production
costs, improved exploitation of reac
tor capacity, lower investment costs,
increased efficiency in downstream
processing steps

Lower costs for substrates, de
creased production of heat and CO 2 ,

lower cooling costs, less waste and
pollution

Use of more favourable substrates
(less expensive, better availability,
etc.), omission of pretreatment steps
(e.g. enzymatic hydrolysis of polysac
charides).

Less energy costs for miXing and
oxygen transfer, improved separation
characteristics, fewer problems in in
oculum preparation or scale-up of
the process

Decreased production of specific
by-products (fewer impurities), pre
vention of product degradation (e.g.
pectinases)

Improvement of solubility in extrac
tion solvents (e.g. addition of specific
side chains), increased thermic
stability of altered enzymatic proper
ties of proteins

Improved product recovery (e.g.
omission of cell disruption), correct
products (e.g. fully processed pro
teins).

tonnes annum -1 for single-cell protein world wide,
whereas production would only be 2.9 X 106 tonnes
annum -1. Such predictions supported the establish
ment of a process by leI pic. Unfortunately the product
which was marketed as an animal protein feed during
the 1980s could not compete for price with soya beans
and the manufacturing plant was closed down (Sharp,
1989).

Ratafia (1987) estimated the world markets in 1991

for products that can be made by mammalian cell
culture to be as follows ($ X 106): diagnostics 6500,
vaccines 5200, hormones 4900, lymphokines 1750,
monoclonal antibodies 1700, other products 3040. The
largest market for a cell culture product was indentified
for tissue plasminogen activator (tPA) which was being
used in clinical trials and proving effective in dissolving
several forms of blood clots. Datar et ai. (1993) have
estimated the potential number of patients in the
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TABLE 12.3 Panlab's penicillin strain-development programme, P-hne, showing yields in units em - 3 from data supplied by Panlabs Inc.
(Queener and Swartz, 1979)

Shaker yield Time Pilot-plant yield Time Production yield Time

Year Culture Penicillin Min. Max. Av. (days) Min. Max. Av. (h) Min. Max. Av. (h)

1973 P-l V 6,100 7,500 7,100 5 14,500 17,600 15,900 140 11,700 14,400 13,560 130
P-3 V 11,000 13,100 12,000 8 13,900 20,700 18,000 180 14,200 19,100 16,500 180

V 17,400 21,300 19,800 9 15,400 21,800 18,200 182
G 17,600 17,900 17,700 132

P-4 V 23,300 25,400 24,400 10 22,100 182 29,700 20,700 20,120 182
G 15,800 20,600 17,900 182

1974 P-5 V 27,500 31,200 29,800 10 22,600 23,700 23,150 182 23,600 25,900 24,700 182
G 21,300 24,600 23,150 182

P-7 V 29,200 33,900 32,100 10 25,100 33,400 30,200 210 23,400 29,600 27,300 190
G 25,200 29,000 27,700 185 23,700 28,200 25,600 190

1975 P-8 V 34,700 36,900 36,000 10 31,500 33,000 32,250 185 29,200 34,800 32,400 203
G 27,900 30,800 29,600 203

P-10 V 36,800 42,600 38,700
1976 P-10 V 32,500 36,500 33,700 185

P-12 V 40,911 42,800 41,900 9 32,300 38,000 35,000 185
P-J3 V 33,700 39,000 37,200 7 41,500 185

G 42,250 185

U.S.A., Europe and Japan who would benefit from
treatment with tPA to be 2.8 X ]06 (about 0.58% of
the human population). The price of the FDA licensed
tPA is currently $2,200 per dose or $22,000 g- I.

At this stage it is worthwhile comparing actual sales
of recombinant products with those of some other
fermentation products. Since their introduction in the
1980s, the total sales of four new secondary metabolites,
cyclosporin (an immunoregulator), imipen (a broad
spectrum antibiotic), lovastatin (controller of choles
terol levels) and ivermectin (antiparasitic compound),
have been higher than those of all the recombinant
products (Buckland, 1992).

The life expectancy of a compound will have to be
predicted even when covered by a patent. This is
sometimes difficult, as has been demonstrated with the
industrial enzyme market (Aunstrup, 1977). In about
1965 detergent enzymes became widely used, which led
to a general increase in sales of microbial enzymes. In
1971 allergic symptoms were discovered in workers
handling enzymes in a detergent factory, resulting in
the removal of enzymes from most detergent powders
and a sudden drop in enzyme sales. Enzyme sales
recovered after the introduction of improved process
techniques.

SOME EFFECTS OF LEGISLATION ON
PRODUCTION OF ANTIBIOTICS AND

RECOMBINANT PROTEINS IN THE U.S.A.

There are a number of differences in regulatory
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requirements for production facilities for antibiotics
and recombinant proteins (Bader, 1992). In both cases,
the products must be licensed by the FDA before they
can be marketed.

The recombinant protein is produced by a precisely
specified process using high quality substrates and
processed and purified in an aseptic pharmaceutical
facility that has been inspected and licensed by the
CBER (Center of Biological Evaluation and Research)
of the FDA. Steps must also be taken to ensure that
there is no cross contamination if more than one
product is produced in the same facility. Any changes
in a process or facilities must be approved by the
CBER before implementation. It may take 7 years to
obtain approval by the CBER for a production plant.
In contrast, the requirements for an antibiotic produc
tion plant are less stringent and it may be operational
in 4 years. The delay in start up to produce the recom
binant protein will result in much higher costs.

It is important to remember that the detailed clinical
evaluation of a microbial compound as a drug, plus
FDA approval, may take 8-]0 yearsJrom initial discov
ery and cost up to $150 X 106.

PLANT AND EQUIPMENT

It is most logical to build equipment as large as
possible because of the economy of scale. There is an
empirical relationship between cost and size of an item



of equipment. According to this relationship, as facility
size increases, its cost increases thus:

TABLE 12.4. Estimate of relative costs of a fermentation process as a
function of scale (JOO m 3 I unit of volume / unit of time) (Van

Suydam, 1987).
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which it will not be possible to remove enough heat to
maintain constant temperature, unless the cooling ca
pacity is increased by incorporating internal cooling
coils or by using external heat exchangers. These modi
fications may prove costly or else interfere with mixing
in the vessels. There is possibly the alternative of using
micro-organisms with higher optimum temperatures.
The oxygen requirements of a process may limit the
size of vessel which can be operated successfully. In
acetic acid (vinegar) production, where very efficient
aeration is critical, because Acetobacter spp. are very
sensitive to oxygen depletion in the broth, the maxi
mum acetator capacity which could be used was about
50,000 dm3 (Pape, 1977).

There is an upper size limit for a custom-built fer
menter that can be transported to a site, while much
larger vessels may be built on site. Most countries limit
the maximum size of unit that can be transported on
the road. In 1979 the first ICI pic production vessel for
single-cell protein was installed; this had a volume of
1.5 x 106 dm3

, was 80-m tall and cost £6 x 106 (Sharp,
1989). It was constructed in France, floated on a barge
to the River Tees, and transported a very short dis
tance on land. At the time of erection it was the largest
fabricated fermenter ever to be transported.

Because of the capital investment and operational
costs there is now a trend to consider unconventional
fermenter designs of simple construction with very ef
ficient oxygen-transfer to be used for specific purposes,
particularly single-cell protein. In this context, Schugerl
et al. (1978) have considered the case of a single-cell
protein plant for 100,000 tonnes annum -1 using
methanol as the main substrate. The plant investment
was only 20% of the production cost. In this investment
cost only 20 to 25% was due to the fermenter. Of this,
the vessel accounted for 5 to 10%, the stirrer and
aerator 5 to 10% and cooling 10 to 15%. Energy, water,
aeration and auxiliaries were estimated to be a further
10% of the production costs. Since the fermenter in
vestment costs are approximately 4 to 5% and the
operating costs are 10%, it was concluded that the type
of vessel could influence only 15% of the total produc
tion costs. If a tower fermenter were used, the main
advantage would appear to be lower operating costs,
particularly reduced energy and cooling-water costs, as
the removal of mechanical stirring would diminish the
cooling water requirements.

A useful guide has been prepared by the Institution
of Chemical Engineers (1977) which outlined, in rea
sonably quantitative terms, many factors making up a
check list which must be incorporated into the final

0.3
0.6
1.0

10.0
30.0

Cost scale
factor

where n is an exponent or scale factor. Scale factors
have been estimated to be 0.6 for brewing (Pratten,
1971), 0.7 to 0.8 for a single cell protein plant
(Humphrey, 1975; MacLennan, 1976), 0.6 for antibody
production (Birch et a!., 1987), 0.75 for fermentation
processes (Bartholomew and Reisman, 1979) and 0.6
for waste water treatment (Eckenfelder, 1989).

In brewing, when eylindrico-conical vessels are used,
there would appear to be no economic advantage in
scaling up above 108,000-dm3 capacity (Hoggan, 1977),
although vessels of 360,000 dm3 have been installed. In
some breweries a number of smaller vessels have been
installed to allow for fluctuating demand of different
beers.

The operational vessel volume is a critical factor
when considering high volume-low cost products. In
processes carried out at volumes greater than 100 m3,
the use of an air-lift fermenter is more economical as
the relative investment costs per unit of output de
creased more rapidly than for a stirred type of fer
menter (Table 12.4).

However, a number of restraints have to be con
sidered before deciding on the scale of operation. Such
restrictions include cooling and aeration requirements
and the method of fermentation vessel construction.
The need for cooling provisions in many fermentations
has already been described (Chapter 7). At this stage it
is important to remember that the volume of a fer
menter is proportional to r3 (where r is the fermenter
radius), whereas the increase in surface area is propor
tional to r2• Therefore the scaling up of a vessel will
lead to a decrease in the surface area to volume ratio
and therefore a decrease in the effectiveness of a
cooling jacket. There may be a fermenter volume above

1000
200
100

10
1
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capital costing of a chemical-plant project. It is possible
from a knowledge of the proposed plant location, a
sketch of the chemical plant proccss flow sheet, the size
of the major items of equipment and the service re
quirements, to estimate capital and operating costs to
± 15% (Backhurst and Harker, 1973). Unfortunately,
comparable literature for fermentation plants is not
available.

Some details of the cost of equipment used in fer
mentation processes has been discussed by Whitaker
(1973), Humphrey (1975), Mateles (1975), Rolz (1975),
Nyiri and Charles (1977), Maiorella et al. (1984), Hack
ing (1986), Kalk and Langlykke (986), Reisman (1988)
and Atkinson and Mavituna (1991). It is essential to
remember that most of the data are estimates for
proposed processes. Some equipment-cost breakdowns
are quoted in Table 12.5.

Kalk and Landlykke (1986) quote 1985 costs of fer-

menters. In the unit size range of 1.0 to 45 m3, costs for
modular units with control and recording ranged from
$90,000 to $350,000. The cost of 70 to 250 m3 vessels
which needed site erection, ranged from $800,000 t~
$2,000,000.

If a vessel is to be used to produce genetically
engineered products, the costs will increase signifi
cantly because of the extra containment provisions
which must be incorporated during construction (see
also Chapter 7). It has been estimated that the basic
fermenter costs will increase by 10-30% for each in
crease in Containment level (Hambleton et al., 1991).
At level 2 or B3 (see Chapter 7 for definition) the
provision of containment of an instrumented 20-dm3

fermenter may increase the cost from £45,000 to
£100,000. The cheaper alternative might be to enclose
an ordinary fermenter in a suitable containment cab
inet. Hambleton et al. (1991) have reported the use of a
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TABLE 12.5. Capital cost breakdown for fermentation plant

Item

(a) Penicillin plant, estimated for five 225,000 dm 3 fermenters with
ancillary equipment (Swartz, 1979)

Process equipment
Installation
Insulation
Instruments
Piping
Electrical
Building
Utilities
Site
Laboratory equipment
Spare parts

(b) Norprotein plant (Mogren, 1979)

Raw materials storage
Media preparation and utilities
Fermentation
Cell recovery and drying
Product storage

(c) ICI pic. Single-cell protein plant (Smith, 1980)

Raw materials
Storage and packing
Off-site services
On-site services
Fermentation
Compression
Dewatering
Drying
Effluent treatment

% of total

23.6
5.2
1.9
2.7

11.8
15.8
11.3
21.3

2.4

3.8
0.5

10
17
41
22
10

3
12
16
11
14
9

19
12

4



Class 3 microbiological cabinet for fermenters of up to
50 dm3. Buckland (1992) has stated that it now costs as
much to build a 3 m3 facility for a recombinant protein
which will need extensive containment provisions as for
a 2000 m3 scale facility for an antibiotic. In a contain
ment facility only 30% may be usable space. The re
maining 70% of the building is needed to accommo
date and service the facility.

Reisman (1993) has stressed the need for the correct
level of containment. More stringent requirements may
exist in a laboratory than are strictly needed. The same
high level of containment in a production facility may
be onerous, costly and unnecessary. Containment needs
should be determined jointly by a group of appropri
ately trained staff.

The designing of vessels which can be converted for
multi-use (Reisman, 1993) may have economic advan
tages, but descriptions of such vessels except at pilot
scale are not common (Hambleton et aI., 1991).

The life of a proposed plant has to be predicted.
MacLennan (1976) has estimated the life of a single-cell
protein plant to be 10 years. This is probably the lower
limit. Hamer (1979) claimed that a planned SCP plant
life of 15 years is typical. Acetone and butanol have
been produced in 25-year-old vessels (Spivey, 1978),
while in long-established breweries in Great Britain,
equipment of 50 to 100 years old is still used.

Allowance must be made for the service provisions
for a fermentation process. In a moderate sized antibi
otic plant, there may be the need for the provision of 5
tonnes h -I of steam, 5000 kW h -I of electricity, 57,000
m3 h- I of compressed air and 200,000 dm3 h-1of
water (Hastings and Jackson, 1965). When producing 1
tonne of acetic acid, 480 m3 of cooling water, 10 m3 of
process water, 12 tonnes of steam and 570 kW of
electricity would be utilized (Pape, 1977).

MEDIA

The cost of the various components of a production
medium can have a profound effect on the overall cost
of a fermentation process, since these account for 38 to
73% of the total production cost (Table 12.n. The
organic-carbon source in microbial processes is usually
the most expensive component contributing to the cost
of the process. Ratledge (1977) has made a detailed
analysis of annual price and availability of major car
bon substrates. The price of a natural material may
fluctuate due to other competing demands and the
annual variation in the quantity harvested. Big capital
investment may be tied up in natural materials if they
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are seasonal and require storage. Hastings and Jackson
(1965) stated that up to 23 X 106 dm3 of molasses may
have to be stored for an industrial alcohol-production
process. A particular material may be selected because
it is cheap locally, rather than the best substrate (Calam,
1967).

In a cost study analysis for tissue plasminogen acti
vator by a mammalian-cell process, fermentation mate
rials accounted for 75% of the total raw materials cost
(Datar et ai., 1993). Of this cost, calf serum was esti
mated to contribute 73% or 55% of the total cost.
However, it has been possible to develop a serum-free
medium for economic production of antibodies from
hybridoma cells (MaioreIIa, 1992).

In the search for suitable nutrient components for
media, six criteria were considered in Chapter 4 which
ought to be satisfied whenever possible. Ratledge (1977)
has stressed the need to note the amount of carbon in
a carbon substrate when costing. Higher yields might
be achieved by changing from a carbohydrate to an
alternative carbon source, but increased aeration
and/or agitation rates may be necessary with the
change in substrate. The cost of this extra provision
must therefore be less than the savings from the change
of substrate if the process is to be feasible. When
cheapness is added as a further restraint the number of
potential major nutrients which could be used on an
industrial scale is limited. Carbohydrates from beet,
sugar cane or grain are the major carbon and energy
sources in most media and comply with the require
ments of economy and those stated in Chapter 4. In
1993, sugar and starch based fermentation substrates
were available within the EEC for approximately £200
tonne -I. However, these are commodities whose cost
fluctuates according to supply and demand. It is there
fore worthwhile to develop a series of cost optimized
media formulations so that the most cost effective
growth medium can always be used when necessary
(Winkler, 1991).

During the 1970s there was considerable interest in
using petrochemicals as substrates for SCP production
as protein animal feed by a number of major chemical
and petroleum companies (Sharp, 1989). A number of
processes were developed using methane or methanol
as the main carbon substrate. None are now being
operated. Major factors which contributed to making
these processes uncompetitive included the increased
cost of the substrate (see Chapter 4) and the availabil
ity of cheaper alternative animal feeds.

A variety of waste materials would seem to be poten
tial cheap carbon sources. Unfortunately, it has been
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shown that their use is very restricted because they
cannot compete economically with conventional subs
trates. This may be due to a number of possible rea
sons including variability of the material, impurities
which make downstream processing more difficult, high
water content making transport costly, geographical
location, quantities produced and limited seasonal
availability. The economics of biomass production from
whey have been reviewed by Meyrath and Bayer (1979).
The possible use of waste substrates may depend on
the cost of alternative methods of disposal or on the
availability of government grants to diminish pollution
(Perlman, 1970).

Mineral components normally constitute a smaller
part of the cost of media, e.g. they account for 4 to
14% of the manufacturing cost of single-cell protein
(Cooney and Makiguchi, 1977). Although feed grades
of phosphates are more expensive than fertilizer grades,
they do not contain impurities such as iron, arsenic and
fluoride. This is an important consideration in the
production of foods and drugs (Litchfield, 1977). The
hydroxides and sulphates of potassium, magnesium,
manganese, zinc and iron are preferred to the chlorides
to minimize corrosion of stainless steel. The source of
basic materials can cause considerable variation in
product yield. Corbett (1980) compared six samples of
calcium carbonate, and found that five of them reduced
the titre of penicillin G in a production medium.

Problems concerned with the storage, handling and
mixing of media should not be neglected. Powders must
be kept in dry conditions because of the possibility of
substances becoming rock-like or glutinous. Some bulk
liquids with a high solids content need to be kept warm
to prevent them solidifying, e.g. glucose and corn-steep
liquor. If storage temperatures are too high there could
be degradation. It is also vital for workers to follow
instructions for media preparation very carefully to
prevent 'lumpy' media, etc. (Corbett, 1980).

AIR STERILIZATION

The problems associated with producing large
volumes of sterile air for aerobic fermentations are
unique (see Chapter 5). Although sterilization by heat
ing is technically possible, it has generally been re
garded as too costly for full-scale operation (Cherry et
a!., 1963), although it might be used in the treatment of
exhaust gases (Walker et al., 1987).

Absolute fixed-pore membrane systems using pleated
membranes of PTFE are now widely used in the fer
mentation industry (Chapter 5) and have proved to be

340

very reliable. This is very important when COllSi(:!erinl!
the costs associated with loss of fermentation
due to contamination and production downtime due
filter failure. Banks (1979) has reported that a contami_
nation probability of 1 in 1000 is economically
able for microbial batch fermentations, while in large
scale animal-cell culture processes contamination
as low as 2% are now achievable (Spier, 1988).

Operating costs will be based on the estimated life
of the filters. Factors to consider include the cost of
replacement filters or filter materials, servicing and
labour. Even if the filters could be cleaned there must
be an allowance for depreciation due to normal wear
and tear. Savings may also be made by introducing
series filtration whereby the major part of the foreign
matter from the air stream is taken out by varying
degrees of coarse filtration, thus reducing renewals of
the more expensive high-efficiency filter media such as
membrane filters.

The treatment of fermenter exhaust gases to satisfy
containment requirements is also important (see also
Chapters 5 and 7). Treatment is normally by filtration
with 0.2-p,m hydrofilters, but in-line incinerators may
be an alternative approach. Filtration is usually cheaper
but it may be necessary to supplement filtration with
incineration depending on the process and scale
(Walker et ai., 1987).

HEATING AND COOLING

Ideally there should be no heating or cooling at any
stage in a fermentation process, but because this is
virtually impossible, heat should be conserved and
cooling minimized by careful process design. A fermen
tation may include the following heating or cooling
stages:

1. Sterilization or boiling of the medium to 100° or
above followed by cooling to 35° or below.

2. Heating the fermenter and ancillary equipment
to sterilize it, followed by cooling.

3. Heat may be generated during the fermentation.
This heat output has to be removed by cooling to
maintain the growth temperature of the micro
organism within prescribed limits.

4. After harvesting, heat may be required to re
move water from the product.

Cooling requirements will be influenced by the size and
type of an individual process (Chapter 7). British



Ltd. estimated that the cooling require
for a 100,000 tonnes annum- 1 single-cell protein
to be 110 X 106 kcal h -1 using n-alkanes or

as the primary substrate (Litchfield, 1977). To
cooling requirements, the specific energy input

be minimized through the use of air-lift fer
menters (Schugerl et al., 1978). Cooling equipment has

estimated at 10 to 15% of the investment cost for
protein (Moo-Young, 1977; Schugerl et al.,

Another way to minimize cooling costs is to use
microl-01rgani~;ms with higher optimum growth tempera

if it is feasible. The selection and use of ther
and thermotolerant organisms would have

advantages to reduce cooling demands (Chapter

AERATION AND AGITATION

Nearly all fermentations require some form of mix
ing to maintain a constant environment, and many also
need aerating (see also Chapter 9). Fermentations may
be broadly classified into:

1. Fermentations which are anaerobic where oxy
gen is undesirable, e.g. acetone-butanol.

2. Fermentations which have a minimal oxygen de
mand, e.g. ethanol.

3. Fermentations which have a high oxygen de
mand, e.g. antibiotics, acetic acid, single-cell pro
tein.

In categories 1 and 2, aeration is not generally re
garded as a major economic consideration. During an
acetone-butanol fermentation carbon dioxide and hy
drogen are evolved. Once this gas production starts it
will help to maintain anaerobic conditions and stir the
mass of broth without the need for mechanical agita
tion. Anaerobic conditions are achieved initially in a
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production fermenter by maintaining a positive pres
sure of filtered carbon dioxide and hydrogen obtained
from another established fermentation (Beesch, 1952).

For ethanol production, the yeast inoculum in the
vessel is initially dispersed in the medium by com
pressed air or by mechanical stirring. Aeration or agita
tion is stopped once the biomass concentration reaches
a predetermined level. A vigorous anaerobic fermenta
tion commences, and the evolution of carbon dioxide
bubbles stirs the contents of the vessel and disperses
the cells in the medium so that mechanical agitation is
unnecessary. In this process aeration and agitation are
considered to be a minor component of the total pro
duction costs.

Fermentations having a high oxygen demand must
be agitated with sufficient power to maintain a uniform
environment and to disperse the stream of air intro
duced by aeration. In an early reference it was stated
that the cost of energy necessary to compress air for
yeast production proved that a considerable amount
(10 to 20%) of the total production expenses was due
to aeration (de Becze and Liebmann, 1944). Swartz
(1979) has reported that the mixing costs in a penicillin
fermentation are > 15% of the total production costs.
Energy consumption for a stirred aerobic fermentation
to provide agitation, air compression and chilled water
is approximately 8.2 kW m -3 (Curran and Smith, 1989).
Assuming an electricity cost of $0.07 kW-\ a 6-day
antibiotic fermentation in a 100-m3 fermenter with a
I-day turnaround would use $8,000 of power (Royce,
1993).

In single-cell protein processes, the carbon substrate
yield coefficient is the most critical physiological factor
(Hamer, 1979). It is also well documented that much
higher carbon-substrate yield coefficients are obtained
with methane or n-alkanes instead of carbohydrates
(see Table 12.6). Unfortunately, cells grown on hydro
carbons have greater oxygen requirements. The oxygen
requirements of a hydrocarbon yeast fermentation is

TABLE 12.6. Effect of substrate and yield coefficients on SCP operating costs (Abbott and Clamen, 1973)

Substrate costs O 2 transfer costs Heat removal costs Combined costs

(q Ib- 1 (q lb- l (q lb- l (q Ib- 1 (q lb- l

Substrate substrate) cells) cells) cells) cells)

Maleate (waste) 0 0 0.46 0.75 1.2
Glucose (molasses) 2.0 3.9 0.23 0.54 4.7
n-Paraffins 4.0 4.0 0.97 1.4 6.4
Methanol 2.0 5.0 1.2 1.9 8.1
Ethanol 6.0 8.8 0.75 1.3 10.9

Acetate 6.0 16.7 0.62 1.1 18.4
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FiG. 12.1. Fed-batch process-effect of running time on prodUC
tivity and product cost (Stowell and Bateson, 1984). Fermentation
should be terminated at I for maximum productivity, II for mini
mum cost. Productivity is defined as the units of product gener
ated per unit of fermenter volume in a given time.

Xf = final cell concentration,
tT = turn-around time (washing, sterilizin!t.

filling with media),
tD = delay time until inoculation,
tL = lag time after inoculation.

The overall productivity P is given by:

Cost
(£ kg"')

II A

/ B

"" Productivity,
, A,,

, B

Running time (days) _

Higher level of raw materials and energy

Lower level of raw materials and energy

Productivity
tonnes/vol.
Installed
capacity/
week

It will be possible from this equation to determine
effects of process changes on the overall pn)dllctiivitv.
A larger initial inoculum would increase X o and
the process time. Actively growing inocula would
duce the lag time tL- Aspects of this problem
been discussed in Chapter 6. It is also worthwhile
isolate faster-groWing organisms and/or higher yield
ing strains (Chapter 3). In many processes the
phase and/or the production phase has been extended
by the use of fed-batch or continuous feed (Chapter 2)
with improved productivity.

Richards (1968a,b), Geysen and Gray (1972) and
Stowell and Bateson (1984) have given details for de
termining maximum production at minimum cost and
the optimum time for harvesting (Fig. 12.n.

In fermentations with short growth cycles such as
bakers' yeast (14 to 24 hours), the turnaround time will
be as important as the time between inoculation and

In a batch process productivity must be determined
for the complete process cycle. Here productivity is
defined as grams of product dm - 3 h - 1. This productiv
ity is based on a combination of the time for the actual
fermentation and the time to prepare the fermenter
ready for the next run. Heijnen et al. (1992) estimated
this to take 15-25 h. Thus the total time for a fermen
tation may be calculated (Wang et aI., 1979) as:

1 Xft = - . In - + t + t + t
/-L

m
X o T L D

where /-Lm = maximum specific growth rate,
X o = initial cell concentration,
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BATCH-PROCESS CYCLE TIMES

almost triple that of a yeast fermentation grown on a
carbohydrate substrate and producing an equal quan
tity of cells (Darlington, 1964; Chapter 4). Therefore, if
there is to be effective utilization of a hydrocarbon
substrate, which can account for over 50% of total
production costs (Litchfield, 1977), the production fer
menter must have a high oxygen-transfer capacity. The
demands on fermenter design are further complicated
by the hydrocarbon fermentation being highly ex
othermic, which necessitates the provision of good
cooling facilities if a constant temperature is to be
maintained in the fermenter.

A few companies developed SCP processes using
mechanically stirred fermenters with sparged air. BP
Ltd. constructed vessels of up to 1000 m3 capacity for
their n-alkane process in their Sardinian Ital protein
project (Levi et al., 1979). In the Swedish Norprotein
process it has been estimated that the total utilities
costs, which included aeration and agitation (1978
prices) for 100,000 tons year- 1 of SCP would only be
16% of total production costs (Mogren, 1979).

A number of companies, including ICI plc (Taylor
and Senior, 1978) and Hoechst (Knecht et al., 1977),
decided to develop fermenters based on the air-lift
principle (Chapter 7; Hamer, 1979; Levi et aI., 1979;
Sharp, 1989). The main advantages of these fermenters
are simpler design and reduced energy and cooling
water costs. Since the energy supplied to an air-lift
fermenter is only supplied with the air, it is crucial to
obtain a fermenter design which minimizes the energy
requirement for biomass production yet creates high
oxygen-transfer facilities to ensure efficient substrate
utilization. In the ICI plc process, the estimated manu
facturing costs for all utilities were 14%, with aeration
accounting for 70% of fermentation utilities costs
(Moo-Young, 1977).

342



h3.lrvestIJl1g. When the production cycle is long, as with
to 7 days), a few extra hours for turnaround

have little influence on overall productivity.

CONTINUOUS CULTURE

At the present time, very few large-scale
cOlltil1U()US'-Cllltlue processes are being operated. These

primarily for the production of microbial biomass,
isomerase, buttermilk souring and yoghurt

(He:ijm:n et aI., 1992).
It is appropriate at this stage to compare batch-cul

productivity and continuous culture productivity.
Wang et al. (1979) derived an equation to quantify this
relationship:

Continuous-culture productivity

Batch-culture productivity

In (Xm/XO) + /LmtL
_--':'---"'::"::'-=::=--:-~~=-DcY

(Xm -XO)jXm

where /Lm = maximum specific-growth rate,
X o = initial cell density,
X m = maximum cell density,
tL = turn-around time,
Dc = critical dilution rate,
Y = cellular yield coefficient for the limiting

nutrient.
In an example they used an inoculum size of 5%
(XO/Xm = 0.05), a process turn-around time of 10
hours, a cellular yield of 0.5 g cells per g of substrate
and a final cell concentration of 30 g dm~ 3. Productiv
ity was then calculated for a series of maximum specific
growth rates (Table 12.7). It is clear from these data
that the faster the growth of the organism, the more
favourable is a continuous process over a batch process.

When assessing feasibility of a continuous process
for product formation it is necessary to know: volumet
ric productivity, conversion yield of product from the
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most expensive substrate in the medium and the
product concentration (Wang et aI., 1979). In processes
for cell biomass, some alcohols and organic acids where
the major production cost is at the fermentation stage,
volumetric productivity and conversion yield will be
most important. A continuous process may be more
economic than a batch process if higher productivities
at higher efficiencies can be achieved. Unfortunately,
in some processes, the final product concentration in
the effluent broth from a continuous culture will be
less than that obtained in a batch process, which will
create a need for greater concentration at the recovery
stage.

Heijnen et al. (1992) argue that low dilution rates
are favoured if high product concentrations are to be
obtained as recovery cost may be 50-80% of total
costs. However, the concentration preference is not
valid in processes which can start with a simple concen
tration step (SCP or intracellular glucose isomerase) or
with products that need no concentrating (beer, yo
ghurt and buttermilk).

In a production plant, continuous culture offers the
advantages of constant flow, product quality and simple
automation and control. Disadvantages are due to spe
cific production facilities that cannot be used for other
purposes, lack of continuous recovery techniques and
lack of constant market demand (Heijnen et at., 1992).

The continued increase in efficiency of fed-batch
culture processes for antibiotics and other non
growth-associated products makes manufacturers re
luctant to make radical alterations to established
processes such as the introduction of continuous cul
ture (see also Chapter 2).

RECOVERY COSTS

The costs of product recovery and purification are
rarely quoted, though in some processes they are obvi
ously considerable. It is now accepted that cost analy-

TABLE 12.7. Comparison of productivity in batch and continuous culture (Wang et al.,
1979)

Maximum specific growth rate
in batch culture (h ~ 1)

0.05
0.10
0.20
0.40
0.80
1.0
1.2

Continuous productivity

Batch productivity

0.09
0.21
0.53
1.5
4.6
6.8
9.5
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ses of 'older' fermentation processes split approxi
mately 1:1 between fermentation costs and
isolation/purification costs (Reisman, 1993). However,
the change in the last 10 years to use recombinant
organisms to produce exotic compounds at extremely
low tilres has meant that the fermentation/
isolation-purification split may be 1:8 or 1:10. This
means that the fermentation may only be 10% of the
costs, while the recovery accounts for 90%. In this case
the correct choice of the recovery-purification proce
dure can be crucial to the success of a process and
early evaluation of alternative techniques may be very
important.

Stowell and Bateson (1984) identified a number of
factors contributing to these costs:

1. Yield losses, even if only modest, are certain to
occur at each stage of the recovery process.

2. High energy and maintenance costs associated
with running filtration and centrifugation equip
ment.

3. High costs of solvents and other raw materials
used in recovery and refining of products.

Atkinson and Mavituna (1991) reported losses of 8%
for citric acid and 4% for penicillin G in the recovery
and purification stages before conversion to the potas
sium salt in production processes. They also stressed
the importance of trying to reduce the number of
downstream stages as much as possible to reduce capi
tal and operating costs.

It is thought that depreciation, return on capital and
maintenance can account for over 80% of the overall
cost for a large-scale rotary filtration or centrifugation
plant (Atkinson and Mavituna, 1983). However, it is
considered that removing cells by filtration is less en
ergy consuming than by centrifuging. If filter aids are
to be used, in the most economical way, this will still
add £9 tonne -1 for a product at a 10% concentration
in the broth.

One of the main factors affecting centrifuge
economics is the size of the particle to be separated
(Asenjo, 1990). Filtration costs are less dependent on
particle size. At a particle size greater than 1 to 2 !-tm,
centrifugation is more economical. Below this size
ultrafiltration becomes more economical.

Taksen (1986) has given a case study for a moderate
value product (£1.50 to 3.00 per kg) requiring the
processing of 200,000 dm3 of broth per day by rotary
vacuum filtration or centrifugation. Capital investment
for the rotary filter would be £500,000 with an operat
ing cost of 1.15 p per dm3 of broth. A three-stage
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centrifuge would cost £667,000 and broth could
processed at 0.62p per dm3

. Because rotary filters
already available, it was decided that the new
investment could not be justified, although the
would cost more to process. In another case study
ultrafiltration vs. evaporation to pre-concentrate
moderately high-molecular-weight product, the cost of
water removal by membrane techniques was estimated
to be 40% lower than by evaporation.

Maiorella et al. (1984) have compared extraction
processes in 11 alternative ethanol fermentation
processes. Selective ethanol removal by flash distilla
tion was thought to be the most economic technique.

When a product may be made by a microbial process
or obtained from an alternative source there are cost
limits on product recovery to be considered. Atkinson
and Mavituna (1991) estimated:

1. A limit of about £40 tonne -1 for ethanol selling
at £220 tonne -1 produced at 7% w/v in broth
from a local source of carbohydrate.

2. A limit of about £100 tonne -1 for SCP selling at
£300 tonne -1 produced from a petroleum-based
substrate to give a 3% w /v yield.

3. A limit of about £300 tonne -1 for organic acids
or glycol selling at £700 tonne -1, produced at
10% concentration in a carbohydrate medium.

When high-value end-products have been produced it
has been acceptable to use relatively large weights of
filter aid to achieve initial clarification to remove small
amounts of solids. The solvents used in subsequent
extraction have then been recovered in a high energy
consuming distillation plant (Atkinson and Sainter,
1982). In this case, the manufacturer has only to make
his product as economically as those of other fermenta
tion companies.

Before certain products may be marketed the extrac
tion/purification procedure will have to be validated
(approved) by the FDA (U.S.A.) or similar regulatory
bodies. Any changes in extraction procedures will have
to be checked for revalidation, which will incur further
costs (Reisman, 1993). Therefore, if validation is to
become an issue in processing it may be worthwhile
having alternative procedures validated at an early
stage in development.

WATER USAGE AND RECYCLING

Many fermentations have a high daily water usage
(Table 12.8). As charges for water increase, many of



TABLE 12.8. Daily water usage in fermentation processes

EFFLUENT TREATMENT

waste is incinerated, dumped on waste land, or dis
charged to sewers, rivers or tidal waters, some expendi
ture will be necessary for treatment that ensures that
minimal harm is done to the environment.

Since the 1980s the European Community has
adopted a number of Directives to reinforce earlier
legislation for the protection and improvement of in
land and marine water quality. The standards of these
Directives and consent for discharge are implemented
in the United Kingdom through the monitoring of the
National Rivers Authority and the water companies in
England and Wales, the River Purification Boards in
Scotland and the Department of the Environment in
Northern Ireland (Brown, 1992). Costs to meet the
requirements of these Directives will need to be in
cluded in process costings.

The various alternative disposal procedures may be
compared using economic considerations. Pape (1977)
claimed that the cheapest treatment method was con
trolled dumping, followed by waste incineration or
dumping in salt mines. The most expensive method was
biological degradation in a waste-water-treatment plant.
The last method has often to be used because the
effluents usually contain only a few percent of organic
matter which would be costly to separate, concentrate
and incinerate.

The possibility of direct disposal of pharmaceutical
waste into the sea is now very restricted, especially if
the waste is untreated, even though many of the large
fermentation plants in the United Kingdom are in
coastal locations. In 1972, Jackson and Lines stated
that a pipeline of over 2.8 km overland and 2.8 km on
the sea bed at a cost of £350,000 would be needed to
dispose of 3000 dm3 day-l of untreated antibiotic
waste. The other options are to discharge the effluent
direct to the sewers and pay a charge, to treat the
waste in the plant, or to operate a combination of the
two. Sewage works' charges for treating effluents have
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Reference

Hastings and Jackson (1965)
Pape (1977)
Taylor and Senior (1978)
Ratledge (1975)

Askew (1975)230
10,000

320
245

5,200
700

4,000 to 12,000
J8,200
45,500
J8,200

m 3 of water used day-lIndustry

Maltings
Brewing
Distilling
Antibiotics
Antibiotics
Acetic acid
Single cell protein (methanol substrate)
Yeast (alkane substrate)
Bacteria (methanol substrate)
Bacteria (methane substrate)

processes will become vulnerable to cost escala
because of the relatively large volumes of water

reOIUll'ea per unit volume of product.
There is now a widespread interest in reducing over

all consumption. In a bacitracin plant described by
Inskeep et at. (1951), the water from the mash cooler
was collected and reused to charge the mashing vessels
and wash the fermenters. Water from the cooler coils
was used to wash down the discharge cake from the
filter presses. Bernstein et at. (1977) designed a
'closed-loop' system for fermenting cheese whey in
which effluents were completely recycled.

Recycling of water was an integral stage of large
scale SCP processes developed during the 1970s to
minimize water consumption, reduce effluent treat
ment costs and reduce media costs by recycling of
spent media (Sharp, 1989). When ICI pic's SCP Pru
teen plant was operating, it was designed to recycle
most of the fermenter medium water (Ashley and
Rodgers, 1986). Under optimum conditions they
claimed that the water loss could be reduced to 3% of
the flow through the fermenter using water recovery
systems.

Before deciding on the most economic form of treat
ment for wastes it is important to make a factory
survey. The information should include the water
volume, the organic and solids loading, range of pH
variation, nutrient level, temperature fluctuation, and
the presence of any toxic compounds. It will also be
necessary to consider company finance policies, the site
location and government legislation for waste disposal
(see also Chapter 11).

In the majority of fermentation processes it is impos
sible to dispose of effluents at zero cost. Whether the
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increased 1000% in less than 5 years in some instances
(Forage, 1978). Those plants which treat all or part of
their effluents have discovered that energy costs have
risen and sludge disposal is more costly and difficult.
Ripley (1979) estimated the costs for a treatment plant
for a whisky distillery producing 4,500,000 dm3 year~1

of proof whisky to have a capital cost of £75,000 and
operating costs of £9000 year~l. Power was calculated
at 0.9 kW kg~1 of BOD removed while dosage of
nutrients was £0.03 kg ~ I of effluent BOD.

Avermectin is an antihelmintic compound produced
by Streptomyces avetmitilis (Omstead et aI., 1989). Dur
ing development of this compound it was recognized
that it was very potent and could have a potential
impact on aquatic fauna. All possible exit streams from
the process at the factory, both fermentation and
downstream purification, are therefore captured and
chemically degraded. In this case, environmentally safe
waste treatment is a major component in production
costs. An alternative method for disposing of wastes of
this type would be to absorb all waste streams in a
suitable material and incinerate this and solid wastes at
an appropriate temperature (see also Chapter 11).
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